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Preface

Dear reader,
In this book the reader is shown the design aspects which must be considered

when designing distillation columns in practice. The influencing parameters are
presented, well explained and the equations governing them given. Several
numerical examples are given. This book is written with a focus on both experi-
enced designers as well as those who are new to the subject.

In spite of the multitude of available literature on distillation, a void still exists.
Most of the existing works are academic. Hence there is a need for a book which
covers the comprehensive information necessary to practically design distillation
columns in a compact, clear and concise way. This book is written to fill this gap.

Today, computer programmes are used for column design. However, before the
1960s, in the pre-computer era, diverse distillation processes were also designed
and operated including azeotropic distillation.

In those days the required number of trays and the reflux ratio were graphically
determined with the McCabe–Thiele diagram or with Fenske–Underwood–
Gilliland short cut methods.

While working with the McCabe–Thiele diagram on graph paper one appreciates
the difficulty of separation.

Nowadays, you get computer output with all the data. The calculation results are
generated very quickly. If the user does not have a thorough understanding of what
the computer is asked to do, the user can easily misinterpret the output as an
accurate design even if this is not the case. Some process simulators facilitate the
trace of the calculation steps performed by the computer to a desired level. It is
therefore possible to generate a very large output containing all the calculation
steps. If desired, the user can then check each step by written calculation. However,
this is very impractical due to the enormous effort involved. Following the guide
given in this book, the designer will be able to develop the required skills needed
for practical column design and will therefore be in a position to make a better
judgement of the calculation results presented by the computer.

A very good understanding of the principles involved is inevitable. Starting with
the selection of the appropriate equilibrium correlation, there is a great number of
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measured equilibrium data for the same material system. For instance, there are
more than 100 for ethanol/water. Besides, different computer models also exist for
the calculation of equilibrium. If another method for the calculation of the equi-
librium is chosen, for instance, direct input of vapor pressure data or if different
models are used for the equilibrium calculation, such as NRTL, Wilson, Uniquac or
UNIFAC, the resulting required number of trays and reflux ratios will be different.
Further inaccuracies occur in the determination of the efficiency of cross-flow trays
or the HTU and HETP values in random and structure packed columns.

In Chap. 1 it is shown right from the start how small inaccuracies in equilibrium
and in tray efficiency influence the calculated results. Often, an additional pilot plant
distillation is required for the design, for instance if an odour or colour specification
has to be met or if a potassium permanganate test has to be performed for methanol
or if the water content specification is required in ppm.

A pilot plant distillation is recommended for extractive and azeotropic distilla-
tion in order to avoid product impurities by entrained or washing agents. A good
fractionation can only be achieved at a uniform hydraulic loading. With pulsating
reflux, an intermittent evaporation or a fluctuating vacuum in the column good
fractionation is not achievable. In addition, proper functioning of the evaporator and
the condenser without a pulsating stream is the prerequisite for a properly func-
tioning distillation plant. An adequate process control system is very important for
the given separation task, for instance the control of the pressure, the heating, the
loading and the levels. With potentially explosive materials expolosions can occur
(own experience) if the maximum allowable temperature is exceeded for a long
period of time. All these important aspects of distillation column practical design,
along with many more, are covered in this book.

Hamburg, Germany M. Nitsche
2016 R. Gbadamosi
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Chapter 1
Planning of Distillation and Absorption
Columns

1.1 Planning Information

The basis for each plan of a distillation or absorption plant is the determination of
the required number of trays and the required reflux ratio for fractionating, the
required absorption fluid flow rate for absorption or the stripping gas flow rate.

These calculations are mostly performed with computers. However, care must be
taken in the unchecked acceptance of a computer generated result.

There are several measured physical properties and measured vapour–liquid
equilibrium data showing comparably deviating results. Small inaccuracies in
vapour pressure or different equilibrium data or the choice of the calculation model
for the equilibrium can result in substantial deviations in the design.

Figure 1.1 shows how the required number of trays and the reflux ratio change if
the equilibrium is better or worse, by the order of 0.2%, than that assumed. Since
the number of trays in an existing plant cannot be increased distillation has to be
achieved with a higher reflux ratio, for instance, with R = 20 instead of R = 15, if
the vapour–liquid equilibrium is worse.

Figure 1.2 shows the influence of tray efficiency on the required reflux ratio.
If the tray efficiency is poor the reflux ratio has to be increased, for instance from

R = 16 to R = 18.5 for 60 trays, if the tray efficiency is only 75% rather than 80%.
The additional vapour and liquid loadings at a higher reflux ratio, due to poorer

vapour–liquid equilibrium or poorer tray efficiency, must be considered while
designing column internals. Sufficient reserve capacities must be available in the
column.

Reboilers and condensers must be dimensioned for higher heat loads at higher
reflux ratios.

© Springer International Publishing AG 2017
M. Nitsche and R. Gbadamosi, Practical Column Design Guide,
DOI 10.1007/978-3-319-51688-2_1

1



Rules for a trouble-free operation

The flow chart in Fig. 1.3 shows the required accessories for a distillation plant.
Each individual piece of equipment, each pump, each control valve, each vessel and
each component of piping must be accurately designed and its control system must
function properly:

Fig. 1.1 Required theoretical trays as a function of the reflux ratio for different relative volatilities

Fig. 1.2 Actual trays
required for different tray
efficiencies
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• A sufficient feed height must be present for top condensers in order to avoid
reflux variations [2].

• Where there is condensation in tubes, for instance in air coolers, the maximal
vapour flow capacity of the condenser must be determined with an adiabatic
flow factor [1, 2].

• The outlet pipe from the condenser to the accumulator should be self-venting [1].
• Vibrations in the U-tube formed by the column and thermosiphon reboiler can

be a problem. The frequency of the vibrations depend on the tube length. These
vibrations can be removed by applying a greater pressure drop, for instance by
using a larger circulation, or an orifice plate, in the downcomer.

• When drawing boiling liquids as side streams from the column, a sufficient
liquid height over the nozzle must be provided in order to avoid flash evapo-
ration in the withdrawal pipe [1].

• Measurement nozzles for temperature, pressure and level must be provided.
• The piping with flow meters and control valves must be accessible in the steel

framework for maintenance purposes.
• Depending on the mass and energy balance and the available utilities, for

instance 12-bar of steam and cooling water at 25 °C, the reboilers, condensers
and heat exchangers used for heating the feed and cooling the distillate and
bottoms streams must be appropriately dimensioned [2].

• When using the pumps the required Net Positive Suction Head (NPSH) value
must be kept in order to avoid cavitation [1].

• In practice the columns are installed on 3-m foundations in order to provide
sufficient liquid height.

• If the boiling point is higher than the temperature of the given heating medium
the vacuum distillation has to be adopted.

• In order to decide on the dimensions of the vacuum pump the required suction
pressure and the required suction capacity is needed [3]. There should be a
minimum pressure drop in the vacuum piping.

• The choice of the column internals should be determined using the allowable pressure
loss and the available construction height, for instance in a production hall.

• Demisters should be used in order to minimize the loss of valuable materials and
to protect the vacuum pumps and compressors.

• When deciding upon the dimensions of the piping for the product and utility
streams, high-pressure losses or cavitation on bottlenecks should be avoided [1].

• The control valves must be designed for a functional working pressure drop [1].
• If sharp reduction occurs in valves which are designed too large, choked flow

with cavitation may occur in the valve.

Construction notes

• The columns must be calculated based on the pressure or vacuum and wind
loads. The columns should not sway at high wind velocities.

• In construction, consideration must be given to how internals can be installed
into the column (manways) and what type of support is necessary in the column.
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• The support rings must have tight tolerances in order to allow an even instal-
lation of the trays or liquid distributors.

• The nozzles for the evaporator, condenser, feed and side streams or side strip-
pers must be properly arranged.

• Sufficient flexibility must be provided for thermal expansion of hot piping in
order to avoid large thermal stresses and protect the equipment and pump
nozzles. Leakages must be avoided especially in the vacuum columns.

• In order to avoid heat loss, and to provide surface protection, hot surfaces are
appropriately insulated, mostly with mineral wool mats [3].

What basic data are required for the design?

• Flow rates with physical properties and equilibrium data, compositions, tem-
peratures and pressures.

• Heating and cooling medium along with temperatures and pressures: steam,
organic heat transfer media, cooling water, cold water, and cooling brine.

• Required materials: steel, stainless steel, monel, plastic, and graphite.

1.2 Mass Balance for the Separation Task

The starting point for every separation calculation is a mass balance with the
required component distributions.

Example 1.2.1: Mass balance for a four-component mixture

Component Feed Distillate Bottoms

M kg/h kMol/h xE kg/h kMol/h xD kg/h kMol/h xB
Light comp. 78 1952 25 0.25 1952 25 0.48 0.0 0.0 0.0

LK 92.1 2303 25 0.25 2081 22.6 0.44 219 2.4 0.05

HK 106.1 2652 25 0.25 228 2.15 0.04 2425 22.85 0.48

Heavy
comp.

104.1 2602 25 0.25 239 2.3 0.04 2580 24.77 0.47

9508 100 4500 52.05 5008 47.95

Conversions:

kmol/h ¼ kg/h
M

M = mole weight
Average mole weight Mm =

P
xi * Mi

Feed: Mm = 95.075
Distillate: Mm = 86.37
Bottoms: Mm = 104.46
LK = light key component
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HK = heavy key component
xE = feed compositions (molfraction)
xD = distillate compositions (molfraction)
xB = bottoms compositions(molfraction)

Conversion of weight, volume, and mole percentages

Weight%A ¼ Vol%A � qA
Vol%A � qA þ Vol%B � qB

Vol%A ¼ Weight%A=qA
Weight%A=qA þ Weight%B=qB

Weight%A ¼ Mol%A �MA

Mol%A �MA þ Mol%B �MB
Mol%A ¼ Weight%A=MA

Weight%A=MA þ Weight%B=MB

Molfraction A ¼ Mol%
100 Weightfraction A ¼ Weight%

100

1.3 Separation Conditions

First, the pressure and temperature in the column have to be fixed for the given
problem definition.

• With a steam heated reboiler the boiling temperature in the bottom should be at
least 20 °C below the dew point temperature of the available heating steam.
A remedial measure for lowering the boiling temperature is vacuum distillation.

• Often the bottom temperature must not exceed a certain value in order to avoid
thermal cracking of the product. One supporting measure for lowering the
boiling temperature is vacuum distillation.

• A high pressure drop in the column, for instance from bubble cap trays with
large slot seals, increases the bottom pressure and therefore increases the boiling
temperature. One remedial measure is to have column internals demonstrating
low pressure losses, for instance random or structured packing.

• With low top temperatures, for instance those under 30 °C, chilled water must
be used to cause condensation. Alternatively, a higher pressure would also
increase the dew point.

The decision becomes difficult if in the bottom a high boiling material can only be
evaporated under vacuum and the separated low-boiling component on the top can
only be condensed under pressure (e.g., stripping of gasoline from gasoil in order to
improve its flash point). One remedial measure is steam-stripping distillation.

1.4 Vapour-Liquid Equilibrium [4]

The appropriate equilibrium- and physical property models must be chosen for the
given mixture.
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1.4.1 The Ideal Equilibrium According to Raoult–Dalton

1.4.2 Equations of State

The equation of states being: Benedict–Webb–Rubin for KWST C1 to C7 (BWR);
Soave–Redlich–Kwong (SRK) for hydrocarbons; Redlich-Kwong (RK); and Peng–
Robinson (PR) for small non-polar molecules

1.4.3 Equilibrium Models for Non-polar Materials
Considering the Non-ideal Behaviour in the Liquid
Phase Based on Pure Component Data

The models include: Chao–Seader (CS) for hydrocarbons from −20 to 260 °C and
Grayson–Streed (GS) | CS with corrected data for higher temperatures and pres-
sures, which is better suited to mixtures containing hydrogen.

1.4.4 Equilibrium Models for Polar Components with High
Non-ideal Behaviour in the Liquid Phase

Here is a list of models with interaction parameters from measured vapour–liquid
equilibria data for mixtures: Margules; van Laar; Wilson; NRTL; Uniquac; and
UNIFAC (which is a group contribution method for structural groups).

1.5 Energy and Mass Balance in the Column

These balances are required for the fluid dynamic design of stages or packings and
for the dimensioning of reboilers and condensers.

1.5.1 Mass Balance (Fig. 1.4)

In the rectification section—the section of the column above the feed stage—results
from the vapour and liquid loading from the distillate flow rate and the reflux ratio.
The loadings in kg/h or kMol/h are constant if the molar latent heat does not change
and if no side draws exist. If the reflux feedback to the column is subcooled the vapour
and liquid loadings increase. In the stripping section—the section of the column
under the feed stage—the heat loss of the column must be additionally considered as
must the thermal condition of the feed which is characterized by the q-value.

1.4 Vapour-Liquid Equilibrium [4] 7



Due to the fact that the feed rate is mostly fed into the column in a subcooled
condition the vapour and liquid flow rates in the stripping section increase
accordingly.

It has to be considered that, over the length of the column, the physical prop-
erties change as a function of pressure, temperature, and composition. In particular,
in vacuum distillation columns, the vapour volume changes greatly as pressure
changes due to the pressure loss at the stages.

Fig. 1.4 Mass balance of a
fractionation column
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Example 1.5.1
Here is a calculation of the vapour loading for 2500 kg/h vapour at different
pressures.

At column top 10 stages below

P = 6.65 mbar P = 26.6 mbar

T = 185 °C T= 220 °C

.D = 0.0473 kg/m3 .D = 0.178 kg/m3

V = 52,854 m3/h V = 14,045 m3/h

where T = temperature; P = pressure; V = vapour volume (m3/h); and .D = vapour
density (kg/m).

At the top of the column the vapour loading is greater than 10 stages below by a
factor of 3.7.

In a 3.5 m diameter column the vapour flow velocity at the top of the column is
1.52 m/s and 10 stages below it is only 0.4 m/s.

Checks must be completed to identify if the separation is hindered by droplet
entrainment at high vapour flow velocities or by weeping at low gas flow velocities.

Explanations for the mass and energy balances in Figs. 1.4 and 1.5

Rectification section:

D = distillate flow rate (kg/h)
E = feed flow rate (kg/h)
GK = vapour flow rate to the condenser = (RV + 1) * D (kg/h)
RV = reflux ratio
GV = vapour flow rate in the stripping section = GK + GR (kg/h)
GR = vapour flow rate for heating the reflux to top temperatures

GR ¼ R � c � ðtK � tRÞ
r

kg/hð Þ

R = reflux flow rate (kg/h)
c = specific heat capacity (Wh/kg K)
tK = column top temperature (°C)
tR = reflux temperature (°C)
LV = liquid flow rate in the stripping section = R + GR = RV * D + GR (kg/h).

Stripping section:

B = bottom draw flow rate (kg/h)
GA = vapour flow rate in the stripping section = GV + GE + GW (kg/h)
GE = vapour flow rate for heating the feed (E) from the feed temperature (tZ) to the
column temperature (tE) on the feed stage
E = feed flow rate (kg/h)

1.5 Energy and Mass Balance in the Column 9



GW = vapour flow rate for balancing the heat losses (kg/h)
r = latent heat (Wh/kg)
LA = liquid flow rate in the stripping section (kg/h).

Energy:

QC = condensation duty = GK * (r + c * (tK − tR)) (W)
r = latent heat (Wh/kg)
c = specific heat capacity (Wh/kgK)
tK = top temperature (°C)

Fig. 1.5 Energy balance for a fractionation column
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tR = reflux temperature (°C)
qR = heating load for the reflux (R)
qR = R * c * (tK − tR) (W)
qD = heat content of the distillate (D)
qD = D* c * tD (W)
D = distillate flow rate (kg/h)
tD = distillate temperature (°C)
qE = heat content of the feed
qE = E * c * tZ (W)
tZ = feed temperature (°C)
tB = bottom draw temperature (°C)
qB = heat content of the bottom draw (B)
qB = B * c * tB (W)
QR = reboiler duty = GA * r (W) = QC + qD + qB + qV − qE (W)
GA = vapour flow rate in the stripping section (kg/h)
qV = QW = heat loss of the column (W).

When determining the flow loadings in the rectification and stripping sections
the thermal condition q of the feed mixture must be considered. This q value also
has an influence on the required number of theoretical stages. The calculation of the
q value is covered in Chap. 3.

q = 1 for the liquid feed at bubble point temperature.
q = 0 for the vapour feed at dew point temperature.
q = 0.75 for a two-phase mixture with 75% liquid.
q < 0 for superheated vapour.
q > 1 for the liquid feed below the bubble point temperature.

Calculation formula for the loading in the column:

GV ¼ RV þ 1ð Þ � D ¼ GA þ 1� qð Þ � E ðkg/hÞ
LV ¼ RV � D ðkg/hÞ
GA ¼ GV � 1� qð Þ � E ¼ LA � B ðkg/hÞ
LA ¼ LV þ q � E ðkg/hÞ

GV � GA ¼ 1� qð Þ � E ðkg/hÞ
LA � LV ¼ 1� qð Þ � E ðkg/hÞ:

1.5.2 Energy Balance (Fig. 1.5)

The required heating energy is supplied by the reboiler with the necessary cooling
energy by the condenser. Within the column the heating energy is transported with
the vapour and the cooling energy with the liquid. For a subcooled reflux or a cold
feed more vapour is needed to heat the liquid. The condensed vapour for heating
increases the exiting liquid flow rate. The calculation equations listed in Figs. 1.4

1.5 Energy and Mass Balance in the Column 11



and 1.5 are used whilst preparing the energy and mass balances. The use of these
equations is shown in the following examples.

Example 1.5.2.: Flow and energy balance of a distillation column

Calculation data:

Feed flow rate, E = 2467 kg/h
Distillate flow rate, D = 740 kg/h
Bottom draw flow rate, B = 1727 kg/h
Feed temperature, tZ = 174 °C or 90 °C
Temperature at the feed stage, tE = 174 °C
Top temperature, tK = 160 °C
Bottom temperature, tB = 210 °C
Latent heat, r = 100 Wh/kg
Specific heat capacity, c = 0.4 Wh/kgK
Reflux ratio, RV = 12.5
Reflux temperature, tR = 160 °C or 153 °C.

Example 1.5.2.1: Mass and energy balance for liquid feed with a bubble point
temperature (q = 1) Without heat loss

tR ¼ tK ¼ 160 �C tZ ¼ tE ¼ 174 �C q ¼ 1 RV ¼ 12:5 qV ¼ QW ¼ 0W

Mass balance in the rectification section:

Vapour flow rate in the rectification section, GV = (RV + 1) * D = (12.5 + 1) *
740 = 9990 kg/h
Liquid flow rate in the rectification section, LV = RV * D = 12.5 *
740 = 9250 kg/h

Mass balance in the stripping section:

Vapour flow rate, GA = GV − (1 − q) * E = 9990 − (1 − 1) * 2467 = 9990 kg/h
Liquid flow rate, LA = LV + q * E = 9250 + 1 * 2,467 = 11,717 kg/h
Bottom draw flow rate B = LA − GA = 11,717–9990 = 1727 kg/h
Distillate flow rate D = E − B = 2467 − 1727 = 740 kg/h

Energy balance:

Condenser duty; QC ¼ GK � r ¼ 9990 � 100 ¼ 999;000W
Reboiler dutyQR ¼ QC þ qD þ qB þ qV � qE
Distillate heat qD = D * c * tD = 740 * 0.4 * 160 = 47,369 W
Bottom draw heat qB = B * c * tB = 1727 * 0.4 * 210 = 145,068 W
Feed heat qE = E * c * tE = 2467 * 0.4 * 174 = −171,703 W
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QR ¼ 999;000þ 47;369þ 145;068þ 0�171;703 ¼ 1;019;734W

Cross-check:

GA ¼ 1019734
100

¼ 10197 kg/h [ 9990 kg/h

LA ¼ GA þB ¼ 10;197þ 1727 ¼ 11;924 kg=h[ 11;717 kg=h

For energy balances, insignificant higher vapour and liquid loadings result in the
stripping section at q = 1.

Example 1.5.2.2: Mass and energy balance for vapour feed at dew point
temperature (q = 0) without heat losses

tR ¼ tK ¼ 160 �C tZ ¼ tE ¼ 174 �C q ¼ 0 RV ¼ 12:5 qV ¼ QW ¼ 0W

Mass balance in the rectification section:

Vapour flow rate, GV = (RV + 1) * D + (1 − q) * E
Vapour flow rate GV = (12.5 + 1) * 740 + (1 − 0) * 2467 = 12,457 kg/h
Liquid flow rate, LV = GV − D = 12,457 − 740 = 11,717 kg/h
Distillate flow rate, D = GV − LV = 12,457 − 11,717 = 740 kg/h

Mass balance in the stripping section:

Vapour flow rate, GA = GV − (1 − q) * E = 9990 − 0(1 − 0) * 2467 = 12,457 −
2467 = 9990 kg/h
Liquid flow rate, LA = LV + q * E = 11,717 + 0 * 2467 = 11,717 kg/h
Bottom draw flow rate, B = LA − GA = 11,717–9990 = 1727 kg/h

Energy balance:

Condenser duty; QC ¼ GK � r ¼ 12;457 � 100 ¼ 1;245;700W

Reboiler duty; QR ¼ QC þ qD þ qB þ qV � qE

Distillate heat qD = D * c * tD = 740 * 0.4 * 160 = 47,360 W
Bottom draw heat qB = B * c * tB = 1727 * 0.4 * 210 = 145,068 W
Feed heat qE = E * (c * tE + r) = 2467 * (0.4 * 174 + 100) = 418,403 W

QR ¼ 1;245;700þ 47;360þ 145;068þ 0� 418;403 ¼ 1;019;725W
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Cross-check:

GA ¼ 1;019;725
100

¼ 10;197 kg/h [ 9990 kg/h

LA ¼ GA þB ¼ 10;197þ 1727 ¼ 11;924 kg=h[ 11;717 kg=h

With the energy balance, insignificant higher vapour and liquid loadings result in
the stripping section.

Example 1.5.2.3: Mass and energy balance for q = 0.75 (25% vapour) and
QW = 0

tR ¼ tK ¼ 160 �C tZ ¼ tE ¼ 174 �C q ¼ 0:75 RV ¼ 12:5 qV ¼ QW ¼ 0W

Mass balance in the rectification section:

Vapourflow rate,GV = (RV + 1) *D + (1 − q) *E = (12.5 + 1) * 740 + (1 − 0.75) *
2467 = 10,607 kg/h

Liquid flow rate, LV = GV − D = 10,607 − 740 = 9867 kg/h
Distillate flow rate, D = GV − LV = 10,607 − 9867 = 740 kg/h

Mass balance in the stripping section:

GA = GV − (1 − q) * E = 10,607 − (1 − 0.75) * 2467 = 10,607 − 617 =
9990 kg/h vapour
LA = LV + q * E = 9867 + 0.75 * 2467 = 11,717 kg/h liquid in the striping
section
Bottom draw, B = LA − GA = 11,717–9990 = 1727 kg/h bottom draw flow rate

Energy balance:

Condenser duty; QC ¼ GK � r ¼ 10;607 � 100 ¼ 1;060;700W

Reboiler duty; QR ¼ QC þ qD þ qB þ qV � qE

Distillate heat qD = D * c * tD = 740 * 0.4 * 160 = 47,360 W
Bottom draw heat qB = B * c * tB = 1727 * 0.4 * 210 = 145,068 W
Feed heat qE = E * (c * tE + (1 − q) * r) = 2467 * (0.4 * 174 + 25)

= 233,378 W

QR ¼ 1; 060; 700þ 47; 360þ 145; 068þ 0� 233; 378 ¼ 1; 019; 750W
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Cross-check:

GA ¼ 1019750
100

¼ 10197 kg/h [ 9990 kg/h

LA ¼ GA þB ¼ 10;197þ 1727 ¼ 11;924 kg=h[ 11;717 kg=h

With the energy balance, insignificant higher vapour and liquid loadings result in
the stripping section.

Example 1.5.2.4: Mass and energy balance for q = 1 considering a heat loss of
QW = 60 kW in the column

tR ¼ tK ¼ 160 �C tZ ¼ tE ¼ 174 �C q ¼ 1 RV ¼ 12:5 qV ¼ QW ¼ 60 kW

Mass balance in the rectification section:

Vapour flow rate, GV = (RV + 1) * D + (1 − q) * E = (12.5 + 1) * 740 + (1 − 1)
* 2467 = 9990 kg/h

Liquid flow rate, LV = GV − D = 9990 − 740 = 9250 kg/h = RV * D = 12.5 *
740

Distillate flow rate, D = GV − LV = 9990–9250 = 740 kg/h

Mass balance in the stripping section with GW for the heat loss
QW = qV = 60 kW

GW ¼ QW

r
¼ 60000

100
¼ 600 kg/h

Vapour flow rate, GA = GV − (1 − q) * E + GW = 9990 − (1 − 1) *
2467 + 600 = 10,590 kg/h

Liquid flow rate, LA = LV + q * E + GW = 9250 + 1 * 2467 + 600 = 12,317 kg/h
Bottom draw flow rate, B = LA − GA = 12,317 − 10,590 = 1727 kg/h

Energy balance:

Condenser duty; QC ¼ GK � r ¼ 9990 � 100 ¼ 999;000W

Distillate heat qD = D * c * tR = 740 * 0.4 * 160 = 47,360 W
Bottom draw heat qB = B * c * tB = 1727 * 0.4 * 210 = 145,068 W
Feed heat qE = E * c * tZ = 2467 * 0.4 * 174 = 171,703 W
Heat loss QW = qV = 60,000 W

Reboiler duty; QR ¼ QC þ qD þ qB þQW � qE
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QR ¼ 999;000þ 47;360þ 145;068þ 60;000�171;703 ¼ 1;079;725W

Required vapour flow rate to bring the required heat from the bottom:

GA ¼ 1;079;725
100

¼ 10;797 kg/h [ 10;590 kg/h

LA ¼ GA þB ¼ 10;797þ 1727 ¼ 12;524 kg=h[ 12;317 kg=h

With this energy balance, rather higher vapour and liquid loadings result in the
stripping section due to heat losses.

Example 1.5.2.5: Mass and energy balance for real conditions with heat loss,
subcooled reflux, and subcooled feed

tZ ¼ 90 �C tR ¼ 153 �C q ¼ 1336 heat lossQW ¼ qV ¼ 60 kW

Mass balance in the rectification section considering the subcooled reflux:

Reflux rateR ¼ RV � D ¼ 12:5 � 740 ¼ 9250 kg=h

Calculation of the vapour flow rate, GR, for heating the subcooled reflux to the
top temperature:

GR ¼ R � c � ðtK � tRÞ
r

¼ 9250 � 0:4 � 160� 153ð Þ
100

¼ 259 kg/h

Vapourflow rate,GV = (RV + 1) *D + GR = (12.5 + 1) * 740 + 259 = 10,249 kg/h
Liquid flow rate, LV = R + GR = 9250 + 259 = 9509 kg/h
Distillate flow rate, D = GV − LV = 10,249 − 9509 = 740 kg/h.

Mass balance in the stripping section considering the heat loss of the column
and the subcooled feed:

Heat loss of the column; QW ¼ qV ¼ 60;000W

Required vapour flow rate, GW, to balance the heat loss

GW ¼ QW

r
¼ 60;000

100
¼ 600 kg/h

Calculation of the q value for the subcooled feed with 90 °C

q ¼ 1þ 0:4 � 174� 90ð Þ
100

¼ 1; 336
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Calculation of the vapour flow rate, GE, for heating the subcooled feed to the
bubble point temperature of the feed stage:

GE ¼ q� 1ð Þ � E ¼ 1:336� 1ð Þ � 2:467 ¼ 828:9 kg=h

Vapour flow rate, GA = GV + GE + GW = 10,249 + 828.9 + 600 = 11,677.9 kg/h
Vapour flow rate, GA = GV − (1 − q) * E + GW = 10,249 − (1 – 1.336) *

2467 + 600 = 11,677.9 kg/h
Liquid flow rate, LA = LV + (q * E) + GW = 9,509 + 1,336 * 2,467 +

600 = 13,404.9 kg/h
Bottom draw flow rate, B = LA − GA = 13,404.9 − 11,677.9 = 1727 kg/h

Energy balance:

Condenser duty; QC ¼ GK � rþ c � tK � tRð Þð Þ ¼ 9990 � ½100þ 0:4 � 160� 153ð Þ�
¼ 1;026;972W

Distillate heat qD = D * c * tR = 740 * 0.4 * 153 = 45,288 W
Draw stage heat qB = B * c * tB = 1727 * 0.4 * 210 = 145,068 W
Feed heat qE = E * c * tZ = 2467 * 0.4 * 90 = 88,812 W
Heat loss QW = qV = 60,000 W

Reboiler dutyQR ¼ QC þ qD þ qB þQW � qE

QR ¼ 1026;972þ 45;288þ 145;068þ 60;000�88;812 ¼ 1;188;516W

Required vapour flow rate to bring the required heat to the bottom:

GA ¼ 1;188;516
100

¼ 11;885 kg/h [ 11;677:9 kg/h

LA ¼ GA þB ¼ 11;885þ 1727 ¼ 13;612 kg=h[ 13; 404:9 kg=h

With this energy balance, slightly higher vapour and liquid loadings result for
the stripping section.

1.5.3 Required Column Diameter

The required flow cross section, A, in the column or the column diameter, D, for the
vapour flow rates, GV and GA, in the rectification and stripping section are deter-
mined with the F factor (see Chaps. 9 and 10)
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A ¼ Gðkg/hÞ
3600 � F � ffiffiffiffiffiffi

qV
p ¼ G

3600 � w � qV
ðm2Þ F ¼ w � ffiffiffiffiffiffi

qV
p

D ¼
ffiffiffiffiffiffiffiffiffiffi
4 � A
p

r
ðmÞ

where A = flow cross section (m2); D = column diameter (m); w = vapour flow
velocity (m/s); and qD = vapour density (kg/m3)

Example 1.5.3.1: Determination of the required column diameter

GV ¼ 5000 kg=h F ¼ 1:2 qV ¼ 1:45 kg=m3

w ¼ Fffiffiffiffiffiffi
qV

p ¼ 1:2ffiffiffiffiffiffiffiffiffi
1:45

p ¼ 1 m/s

A ¼ 5000=3600

1:2 � ffiffiffiffiffiffiffiffiffi
1:45

p ¼ 0:96 m2 ¼ 5000=3600
1 � 1:45 ¼ 0:96 m2

D ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:96 � 4

p

r
¼ 1:1 m

1.6 Selection of Column Internals

In selecting the column internals the following points have to be considered:
throughput capacity, pressure loss, number of separation stages, side draw facility,
fouling dangers (for instance, by residue or tar).

The internals determine the required height of the column. For instance you may
have a 13-m high column for 50 theoretical stages with gauze packing or 25-m high
column for 50 theoretical stages with cross flow stages.

Design criteria

Random packed and structured packed columns:

HTU value = packing height for a transfer unit (m packing)
HETP value = packing height for a theoretical stage (m packing)
Flooding factor and pressure drop
Minimum irrigation rate
Internals: support plates, liquid distributors, liquid collectors and redistributors, and
gas distributors

Design information:

Random packing: NT = 1.5–2 theoretical stages per metre of packing height
Sheet packing: NT = 2–3 theoretical stages per metre of packing height
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Gauze packing: NT = 4–5 theoretical stages per metre of packing height
Ratio of column diameter/packing diameter � 10: 1
Gas loading factor, F ¼ w � ffiffiffiffiffiffi

qG
p ¼ 2�2:5

Liquid loading � 4–80 m3/m2h
Pressure drop � 1–4 mbar/m
A good liquid distribution is very important for to the overall effectiveness of the
process.

Tray columns:

NT = 1.6 theoretical stages per metre of column height for valve, sieve, tunnel, or
bubble cap trays
Allowable vapour velocities in view of entrainment and pressure drop
Dimensioning of the downcomer area for the liquid

Design information:

Gas loading factor, F ¼ w � ffiffiffiffiffiffi
qG

p ¼ 1:5�2.
Gas velocity = 80% of wmax.
Determination of the column diameter assuming an 80% active area for the vapour
and a 20% active area for the liquid downcomer.
Free hole area � 8–10% of the cross sectional area.
Weir height � 30–60 mm.
Weir overflow height � 5–40 mm.
Tray spacing � 400–600 mm.

Cross-check calculations for weeping, entrainment, and flooding for all column
cross sections with different vapour and liquid loadings should be carried out. In
Chaps. 9 and 10 the fluid dynamic dimensioning is covered in detail.

1.7 Condensers [2]

The selection of an adequate condenser and the calculation of dew and bubble
points as well as the condensation lines and the determination of the heat transfer,
and overall heat transfer, coefficients for a given problem are dealt with in
numerous examples found in the “Heat Exchanger Design Guide” [2].

The different condenser construction types are shown in Fig. 1.6:

• Condensation horizontal in shells or in the tubes.
• Condensation vertical in shells or in the tubes.
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1.8 Reboiler [2]

The different evaporator types are shown in Figs. 1.7 and 1.8. The advantages and
disadvantages of the different construction types along with the designs with the
calculations of the overall heat transfer coefficients are covered in the “Heat
Exchanger Design Guide” [2]. Reboiler/evaporator types are:

Fig. 1.6 Condenser construction types

20 1 Planning of Distillation and Absorption Columns



• Thermosiphon circulation reboiler, vertical or horizontal.
• Thermosiphon once-through reboiler, vertical or horizontal.
• Forced circulation and flash evaporator.
• Shell-and-tube and internal evaporators (heating coils).
• Falling film reboiler.

1.9 Vacuum Pumps [3]

First the required suction capacity is determined for a given problem and then a
suitable vacuum pump, with a corresponding suction capacity at the required
operating pressure, is selected.

In addition to the leak rate from leakages, non-condensable gases from reactions
or degassings have also to be considered.

Fig. 1.7 Thermosiphon and forced circulation evaporators
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In the “Wärmetausch-Fibel II” [3] it is shown how required suction capacities for
different problem definitions is determined in addition to what has to be considered
in the selection of the different vacuum pumps, i.e.:

Required suction capacity for the evacuation.
Required suction capacity for inert gases and vapours.
Determination of the leak rate from the equipment.

Fig. 1.8 Reboiler types for
distillation plants
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Flow velocities and pressure drops in the vacuum lines.
Unloading of the vacuum pumps by condensation.
Optimal combination of different vacuum pumps.

Selection of vacuum pumps with advantages and disadvantages:

Oil lubricated rotary disk pumps (problem: vapor condensation).
Liquid ring pumps (problem: cavitation and suction capacity).
Dry running vacuum pumps (problem: high temperature and explosion protection).
Steam jet pumps (problem: waste water contamination).

1.10 Control Facilities [5]

The required process conditions in a column are determined by the composition of
the feed mixture and the required specifications for the top and bottom product. In
order to achieve the desired separation the column must operate under equilibrium
conditions.

The evaporator must steadily supply the required heating energy.
The pressure in the column must be held constant.
The condensation of the vapour must be correctly controlled.
The flows must be fed and drawn steadily.

• Instruments for the following problem definitions are required:
• Feed flow control and control of product draws from the column: distillate, side

streams and bottom products.
• Level control and heat supply control from steam or hot oil.
• Cooling of the condenser and the after coolers for the products.
• Column pressure control.

Often a special control has to be installed for the special separation problem. In
the following text are some examples of the control facilities in distillation columns
(Figs. 1.9, 1.10, 1.11, 1.12, 1.13, 1.14, 1.15, 1.16, 1.17, 1.18, 1.19, 1.20, 1.21, 1.22,
1.23, 1.24, 1.25 and 1.26).
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Fig. 1.9 Conventional
column control according to
F.G. Shinskey (5)

Fig. 1.10 Suitable control for
small bottom rates according
to F.G. Shinskey (5)
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Fig. 1.11 Feed control from
tank

Fig. 1.12 Level control for
bottom product

Fig. 1.13 Distillate control
for constant feed

Fig. 1.14 Distillate control
for variable feed
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Fig. 1.15 Cascade control
for feed

Fig. 1.16 Heat supply on
level control

Fig. 1.17 Heat supply on
flow control
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Fig. 1.18 Heat supply on
temperature control

Fig. 1.19 Stable heat flow by
temperature and flow control

Fig. 1.20 Optimum
temperature point for
controlling heat supply
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Fig. 1.21 Temperature
controlled reflux

Fig. 1.22 Differential
pressure control for heat
supply

Fig. 1.23 Temperature
controlled cooling water

Fig. 1.24 Pressure control by
venting
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1.11 Heating Systems with Steam or Hot Oil [3]

The most important aspects in the selection of a heating system with steam- or
liquid-heating fluids are covered in [3] and what has to be considered in the design
and control of the heating system is also shown.

1.11.1 Heat Transfer Coefficients

Figure 1.27 shows that the heat transfer coefficients of condensing steam and hot
water are substantially better than the heat transfer coefficients of organic heat
transfer fluids.

1.11.2 Steam Heating [3]

Steam heating is preferentially used because it has great advantages:

• Extensive isothermal heating over the whole heating area.
• Very good heat transfer coefficients >6000 W/m2K.
• No large circulation rates as in heat transfer fluids.

Figure 1.28 shows the steam feed control, for fast control, whereas in Fig. 1.29
the control of the condensate drain is shown for a very wide working range [3].

Fig. 1.25 Pressure control
with cooling water

Fig. 1.26 Pressure control by
flooding condenser bundle
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Fig. 1.27 Heat transfer coefficients of condensing steam, hot water, and hot oil

Fig. 1.28 Steam feed control for steam heated equipment
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Fig. 1.29 Condensate drain control for steam heated equipment

Fig. 1.30 Primary heating
circuit for hot oil
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1.11.3 Heating with Hot Oil [3]

An organic heat transfer agent has the advantage that the heating system and the
heated equipment only needs to be designed for low pressures even at high tem-
peratures above 200 °C.
Disadvantages:

• Poor heat transfer coefficients in comparison to steam or hot water.
• No isothermal heating.
• Large heat exchange areas are required.
• Large heat transfer fluid rates must be moved by pumping.

The possible heating systems are shown in Figs. 1.30 and 1.31.
In the primary heating circulation, according to Fig. 1.30, all heat exchangers are

fed with the highest oil temperature exiting the oil pipe still. Therefore, thermal
damage of the product can occur.

The heating loads are influenced by the heating demands of other consumers and
by the variations in the heater. By throttling the hot oil rate the flow velocity is
reduced and hence so is the overall heat transfer coefficient.

Heating with secondary circulations is shown in Fig. 1.31 and is considered
much better.

Fig. 1.31 Hot oil heating
with secondary circulations

32 1 Planning of Distillation and Absorption Columns



Fig. 1.32 Cooling water systems

1.11 Heating Systems with Steam or Hot Oil [3] 33



1.12 Cooling Systems [3]

1.12.1 Cooling Water Circulation Systems

Figure 1.32 shows the different possible systems for cooling the water: river water
cooling, air cooling, as well as open and closed cooling towers.

1.12.2 Comparison Between a Cooling Tower and an Air
Cooler

Advantages of the cooling tower

• Lower cooling water temperatures than with air coolers because the wet-bulb
temperature and not the dry-air temperature determines the possible cooling.

• Due to the constant wet-bulb temperature there are only low variations in the
cooling water flow temperature.

• Lower investment costs.

Disadvantages of the cooling tower

• Treatment and fresh water costs leading to higher operating costs.
• Enrichment of salts and of air in the cooling water leading to corrosion and

precipitation.
• Salt precipitation makes this method unsuitable for higher temperatures >50 °C.
• Fog and ice formation at cold temperatures.

Advantages of the air cooler

• No problem with corrosion, salt precipitation, biological fouling, and freezing.
• No additional water and water treatment needed – inhibiting costs.
• No problems with product contamination.

Disadvantages of air coolers

• Strong dependence on the air temperature leading to high water exit tempera-
tures in the summer.

• Overdimensioned design for hot days in summer leading to overcooling in the
winter.

• Maldistribution by wind and fouling.
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The main problem with air coolers is their dependency on the ambient temper-
ature which can be in the range 35–40 °C for summer daytime. This can be
resolved by spraying water which leads to evaporation and thus a reduction in the
air temperature. For example, 35 °C hot air with a 40% relative humidity can be
cooled to 27 °C using this technique.

The following points must be considered thereby

• The danger of salt or calcium precipitation from salty water exists. It is rec-
ommended to use condensate during the hottest summer days.

• The indosed water droplets must vaporize before the heat exchanger in order to
affect air cooling. The residence time must therefore be sufficient.

• Salty droplets must not hit and evaporate on the finned tubes of the heat
exchanger.

1.12.3 Cooling Water by Evaporating a Refrigerant
or Adiabatic Evaporation

If very low water temperatures are required a refrigeration unit must be used. The
flow chart in Fig. 1.33 illustrates this mode of operation [3].

Another method is adiabatic water evaporation in the vacuum. In Fig. 1.34 the
cooling time at different suction capacities of the vacuum pump is shown.

Fig. 1.33 Chilled water
circulation cooled by a
refrigeration unit
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Fig. 1.34 Cooling times for 1 tonne of water at different suction capacities, S

Fig. 1.35 Cold wash for
solvent-rich exhaust air
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1.12.4 Direct Condensation in Columns [6]

If the vapour to be condensed contains a high melting point product, for instance
Naphthalene with a melting point of 80 °C, these products crystallize out in a
water-cooled condenser and create a blockage. In such cases it makes more sense to
bring the vapour into direct contact with a suitable lean oil, for instance tar oil, in a
packed column for direct condensation.

Another example is the direct condensation of solvents from exhaust air. The
heat transfer coefficient in the condensing solvent vapour, containing inert gas, is
poor and the undesired fog formation results in heavy cooling.

In such cases a cold wash is adopted. The exhaust air stream is washed with a
cold solvent. For instance exhaust air containing methanol is washed with −20 °C
cold liquid methanol or on the other hand exhaust air containing gasoline with
−30 °C cold liquid gasoline.

The flow sheet of a “cold wash with its own juice” is shown in Fig. 1.35.
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Chapter 2
Equilibria, Bubble Points, Dewpoints,
Flash Calculations, and Activity
Coefficients

2.1 Vapour Pressure Calculations

The basis for all phase equilibrium calculations are the vapour pressures of the
components. The vapour pressure is derived using the Antoine Equation and
Antoine Constants A, B, and C.

Antoine Equation : lg p0 ¼ A� B
Cþ tð�CÞ

Example 1.1: Calculation of the vapour pressures of benzene and toluene
(Fig. 2.1).

Benzene Toluene
A ¼ 7:00481 A ¼ 7:07581
B ¼ 1196:76 B ¼ 1342:31
C ¼ 219:161 C ¼ 219:187

Temperature Benzene vapour pressure Toluene vapour pressure
50

�
C p0B ¼ 362mbar p0T ¼ 123mbar

98
�
C p0B ¼ 1704mbar p0T ¼ 698mbar

103
�
C p0B ¼ 1950mbar p0T ¼ 812mbar

2.2 Phase Equilibrium of Ideal Binary Mixtures

The equilibrium between the liquid and the vapour phase is calculated according to
the laws of Dalton and Raoult.
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Dalton:

p1 ¼ y1 � Ptot Ptot ¼ p1 þ p2 þ p3 þ . . . pi

Raoult (Fig. 2.2):

p1 ¼ x1 � p01 p2 ¼ x2 � p02
Ptot ¼ x1 � p01 þ x2 � p02 þ x3 � p03 þ . . .: xi � p0i

Equilibrium equation: yi * Ptot = pi = xi * p0i

yi ¼ xi � p0i
Ptot

¼ pi
Ptot

yi = concentration of the component i in the vapour phase (mole fraction)
xi = concentration of the component i in the liquid phase (mole fraction)
Ptot = total pressure (mbar)
p0i = vapour pressure of the component i (mbar)
pi = partial pressure of the component i (mbar)

Example 2.2.1: Calculation of the partial pressures and the vapour compositions
for an ideal binary mixture.

x1 ¼ 0:6 p01 ¼ 800mbar
x2 ¼ 0:4 p02 ¼ 1300mbar

Fig. 2.1 Vapour pressure of
different components as a
function of temperature
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Calculation of the partial pressures according to Raoult:

p1 ¼ x1 � p01 ¼ 0:6 � 800 ¼ 480mbar

p2 ¼ x2 � p02 ¼ 0:4 � 1300 ¼ 520mbar

Ptot ¼ 1000mbar

Calculation of the vapour concentration according to Dalton:

y1 ¼ p1
Ptot

¼ 480
1000

¼ 0:48 molfr: ¼ 48 mol%

y2 ¼ p2
Ptot

¼ 520
1000

¼ 0:52 molfr: ¼ 52 mol%

In order to simplify the calculation of phase equilibria a separation factor a is
introduced, often also called the relative volatility a, defined as the ratio of the
vapour pressures of the two components, or the ratio of the equilibrium constants,
K, of the components of the ideal mixture.

a1=2 ¼ P01

P02
¼ K1

K2

Calculation with the relative volatility a assumes that both vapour pressure
curves are fairly parallel in the logarithmic representation (see Fig. 2.3).

In Fig. 2.4 it can be seen that the relative volatility becomes smaller with rising
temperatures. The separation becomes more difficult with increasing temperatures.

Due to the fact that the relative volatility in the rectification section, and in the
stripping section, is different, a geometrical average is formed from the separation
factor aV in the rectification section and the separation factor aA in the stripping
section.

Fig. 2.2 Graphical
representation of the laws of
Dalton and Raoult for an ideal
mixture
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aav ¼ ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
aV � aAp

Using the relative volatility a one gets a very simple equation for the calculation
of the phase equilibrium between the composition in the vapour and the compo-
sition in the liquid.

Fig. 2.3 Vapour pressure curves of benzene, toluene, and xylene

Fig. 2.4 Relative volatilities for the separation of benzene/toluene and benzene/xylene as a
function of temperature
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y ¼ a � x
1þ a� 1ð Þ � x ðmolfractionÞ x ¼ y

a� a� 1ð Þ � y ðmolfractionÞ

Example 2.2.2: Calculation of the vapour composition y1 for a liquid composition
of x1 = 0.2. p01 = 400 mbar p02 = 200 mbar x1 = 0.2 x2 = 0.8

a ¼ 400
200

¼ 2

y1 ¼ a � x1
1þ a� 1ð Þ � x1 ¼

2 � 0:2
1þ 2� 1ð Þ � 0:2 ¼ 0:33 molfr:

Ptot ¼ x1 � p01 þ x2 � p02 ¼ 0:2 � 400þ 0:8 � 200 ¼ 240 mbar

y1 ¼ x1 � p01
Ptot

¼ 0:2 � 400
240

¼ 0:33 molfr:

Cross-check calculation for x:

x1 ¼ y1
a� a� 1ð Þ � y1 ¼

0:33
2� 2� 1ð Þ � 0:33 ¼ 0:2 molfr:

x1 ¼ y1 � Ptot

p01
¼ 0:33 � 240

400
¼ 0:2 molfr:

In American literature the equilibrium constant K, which is defined as the ratio of
the compositions in vapour and liquid, is often used instead of the relative volatility a.

K ¼ yi
xi
¼ p0i

Pges

y1 ¼ K1 � x1 ¼ K1 � 1� K2

K1 � K2

x1 ¼ y1
K1

¼ 1� K2

K1 � K2

Example 2.2.3: Equilibrium calculation with the equilibrium constant K.

x1 ¼ 0:6 p01 ¼ 800mbar p1 ¼ 0:6 � 800 ¼ 480mbar
x2 ¼ 0:4 p02 ¼ 1300mbar p2 ¼ 0:4 � 1300 ¼ 520mbar Ptot ¼ 1000mbar

Calculation of the equilibrium factor K:

K1 ¼ y1
x1

¼ p01
Ptot

¼ 800
1000

¼ 0:8

K2 ¼ y2
x2

¼ p02
Ptot

¼ 1300
1000

¼ 1:3
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Calculation of the vapour composition y:

y1 ¼ K1 � x1 ¼ 0:8 � 0:6 ¼ 0:48 molfr:

y1 ¼ K1 � 1� K2

K1 � K2
¼ 0:8 � 1� 1:3

0:8� 1:3
¼ 0:48 molfr:

Cross-check calculation of x1:

x1 ¼ y1
K1

¼ 0:48
0:8

¼ 0:6 molfr:

x1 ¼ 1� K2

K1 � K2
¼ 1� 1:3

0:8� 1:3
¼ 0:6 molfr:

2.3 Bubble Point Calculation

The bubble point of a mixture is defined as follows:

Ryi ¼ RKi � xi ¼ 1

The bubble pressure Pboil can be calculated directly.

Pboil ¼ x1 � p01 þ x2 � p02
A simple method for calculating the bubble temperature of a mixture is the

calculation of the bubble pressure from the sum of the partial pressures.
At the bubble temperature the bubble point pressure must be equal to the system

pressure Ptot. The following example shows the procedure.

Example 3.1: Iterative bubble point calculation for a benzene-toluene mixture
30 mol% benzene in the liquid phase (x = 0.3)
70 mol% toluene in the liquid phase (x = 0.7)
Ptot = 1000 mbar p0B = vapor pressure of benzene
p0T = vapor pressure of toluene

First choice : t ¼ 95 �C p0B ¼ 1573mbar p0T ¼ 634:4mbar

Pboil ¼ 0:3 � 1573þ 0:7 � 634:4 ¼ 916mbar Pboil is too low!

Second choice : t ¼ 100 �C p0B ¼ 1807mbar p0T ¼ 740mbar
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Pboil ¼ 0:3 � 1807þ 0:7 � 740 ¼ 1060mbar Pboil is too high!

Third choice : t ¼ 98 �C p0B ¼ 1710mbar p0T ¼ 696mbar

Pboil ¼ 0:3 � 1710 þ 0:7 � 696 ¼ 1000mbar Pboil ¼ 1000mbar ¼ correct!

Figure 2.5 shows how the bubble point determination can be simplified by
graphical interpolation. The sum of the two partial pressures must be equal to the
system pressure.

Cross-check calculation of the bubble point at 98 °C:
Vapour pressure of benzene p0B = 1710 mbar
Vapour pressure of toluene p0T = 696 mbar

K1 ¼ p0B
Ptot

¼ 1710
1000

¼ 1:71

K2 ¼ p0T
Ptot

¼ 696
1000

¼ 0:696

X
Ki ¼ K1 � x1 þK2 � x2 ¼ 1:71 � 0:3 þ 0:696 � 0:7 ¼ 1

The bubble point specification is therefore fulfilled.

Fig. 2.5 Bubble point determination by graphical interpolation
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2.4 Dew Point Calculation

The dew point of a mixture is defined as follows:

Rxi ¼
X

yi=Ki ¼ 1

The dew point pressure Pdew can be calculated directly.

1
Pdew

¼ y1
p01

þ y2
p02

Pdew ¼
X yi

p0i

� ��1

The dew point temperature for a specific pressure is calculated iteratively until
the sum of the quotients yi/p0i is equal to the reciprocal value of the system pressure
Ptot. The following example shows the procedure.

Example 2.4.1: Iterative dew point calculation for a benzene-toluene mixture.
30 mol% benzene in the vapour phase (y = 0.3)
70 mol% toluene in the vapour phase (y = 0.7)
Ptot = 1000 mbar

First choice : t ¼ 100 �C p0B ¼ 1807mbar p0T ¼ 740mbar

1
Pdew

¼ y1
p01

þ y2
p02

¼ 0:3
1807

þ 0:7
740

¼ 0:0011 Pdew ¼ 899mbar is too low!

Second choice : t ¼ 104 �C p0B ¼ 2013mbar p0T ¼ 834:4mbar

1
Pdew

¼ y1
p01

þ y2
p02

¼ 0:3
2013

þ 0:7
834:4

¼ 0:00099 Pdew ¼ 1012mbar is too high!

Third choice : t ¼ 103:8 �C p0T ¼ 2002mbar p0T ¼ 829mbar

1
Pdew

¼ y1
p01

þ y2
p02

¼ 0:3
2002

þ 0:7
829

¼ 0:001 Pges ¼ 1000mbar is correct!

Cross-check calculation for the dew point at 103.8 °C:

K1 ¼ 2002
1006

¼ 1:99 K2 ¼ 829
1006

¼ 0:824X yi
Ki

¼ 0:3
1:99

þ 0:7
0:824

¼ 1

The condition for the dew point is fulfilled.
Figure 2.6 shows how the dew point can be determined by graphical

interpolation.
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2.5 Dew Point Calculation of Vapour
Containing Inert Gases

The dew point of a vapour mixture containing inert gas is reached if the sum of the
partial pressures of the vapours (

P
yi * Pges) reaches the vapour pressure of the

liquid phase by cooling.

X
yi � PD ¼

X
zi � Ptot ¼

X
xi � p0i

PD ¼ Ptot � PIN

PD = sum of the vapours partial pressures (mbar)
PIN = inert gas partial pressure (mbar)
Ptot = total pressure in the system with inert gas (mbar)
yi = vapour composition based on the vapour partial pressure PD

zi = vapour composition based on the total pressure Ptot with inert gas

Calculation of the dew point pressure without inert gas:

Pdew ¼
X yi

P0i

� ��1 X yi
Ki

¼ 1 Ki ¼ p0i
PD

Fig. 2.6 Dew point determination by graphical interpolation
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Calculation of the dew point pressure with inert gas:

Pdew ¼
X zi

P0i

� ��1 X zi
Ki

¼ 1 Ki ¼ p0i
Ptot

Example 2.5.1: Dew point pressure calculation without inert gas.

y1 ¼ 0:413 P01 ¼ 3009:3mbar at 102
�
C

y2 ¼ 0:587 P02 ¼ 830:8mbar

Pdew ¼
X yi

P0i

� ��1

¼ 0:413
3009:3

þ 0:587
830:8

� ��1

¼ 1185 mbar

K1 ¼ 3009:3
1185

¼ 2:54 K2 ¼ 830:8
1185

¼ 0:7

X
xi ¼ 0:413

2:54
þ 0:587

0:7
¼ 1

Example 2.5.2: Dew point pressure calculation with inert gas.

40Vol% vapour þ 60Vol% inert gas

y1 ¼ 0:413molfr: P01 ¼ 3009:3mbar at 102 �C
y2 ¼ 0:587molfr: P02 ¼ 830:8mbar

z1 ¼ 0:4 � y1 ¼ 0:4 � 0:413 ¼ 0:165molfr:

z2 ¼ 0:4 � y2 ¼ 0:4 � 0:587 ¼ 0:235molfr:

Vapour fraction :
X

z1 þ z2 ¼ 0:4

Inert gas fraction : zIN ¼ 0:6

Pdew ¼
X zi

p0i

� ��1

¼ 0:165
3009:3

þ 0:235
830:8

� ��1

¼ 2961:3 mbar

K1 ¼ 3009:3
2961:3

¼ 1:016 K2 ¼ 830:8
2961:3

¼ 0:28

X
xi ¼ 0:165

1:016
þ 0:235

0:28
¼ 1

With inert gas the dew point pressure is much higher and the dew point tem-
perature lies lower than it would without inert gas. In addition, with inert gas in the
vapour a much deeper cooling must take place in order to condense the vapour.
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2.6 Dew and Bubble Point Lines of Ideal Binary Mixtures

The bubble point of a liquid mixture is defined such that the sum of the partial
pressures of the mixture reaches the system pressure with the first droplet being
evaporated. Due to the preferred evaporation of light-boiling components,
high-boiling components increase in concentration and the bubble point rises. The
curve of the boiling temperature as a function of the composition of the
light-boiling components in the mixture is known as the boiling line.

Equation for the boiling point line:

x1 ¼ f ðtÞ ¼ Ptot � p02
p01 � p02

ðmolfraction light boilers in the liquidÞ

The boiling point temperature increases with decreasing composition of
light-boiling components.

The dew point of a vapour mixture is the temperature at which the first droplet is
condensed. Due to the preferred condensing of high-boiling components the vapour
mixture is enriched with light-boiling components and the dew point temperature
drops.

The representation of the dew point temperature as function of the vapour
composition is referred to as the dew point line.

Equation for the dew point line:

y1 ¼ f ðtÞ ¼ p01
Ptot

� Ptot � p02
p01 � p02

ðmolfraction light boilers in the vaporÞ

A diagram with bubble and dew point lines is called a phase diagram or tem-
perature–composition diagram.

Example 2.6.1: Construction of the temperature–composition diagram for
benzene [1]-toluene [2] at 1013 mbar

Procedure:

1. Calculation of the two boiling points with the Antoine Equation.
The two boiling points are the end points in the temperature–composition
diagram.
Bubble point of benzene: 80.1 °C
Bubble point of toluene: 110.6 °C

2. Calculation of vapour pressures at different temperatures with the Antoine
equation.

3. Determination of the liquid composition x and the vapour composition y at the
different temperatures using the equations for the bubble and dew pointo lines.
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Calculation results:

Temperature (°C) p01 (mbar) p02 (mbar) x1 (molfr.) y1 (molfr.)

80.1 1013 390 1.000 1.000

83 1107 430 0.861 0.941

86 1211 476 0.731 0.874

89 1322 525 0.612 0.799

92 1442 578 0.504 0.717

95 1569 636 0.404 0.626

98 1705 698 0.313 0.527

101 1850 765 0.229 0.418

104 2004 836 0.151 0.300

107 2168 913 0.080 0.170

110.6 2378 1013 0.0 0.0

Bubble point line : x1 ¼ f temperatureð Þ Dewpoint line : y1 ¼ f temperatureð Þ

p01 = vapour pressure of benzene p02 = vapour pressure of toluene
x1 = liquid composition of the lighter boiling component of benzene (molfraction)
y1 = vapour composition of the lighter boiling component benzene (molfraction)

Figure 2.7 depicts the temperature–composition diagram of the benzene–toluene
mixture.

The dew point of a vapour mixture with 30 mol% benzene and 70 mol% toluene
lies at 104 °C. The bubble point of the mixture lies at 98 °C. The first liquid droplet

Dew line

Boiling point

Dew point

Bubble line

Fig. 2.7 Temperature–composition diagram for the benzene–toluene mixture
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condenses at a 104 °C dew point. At the bubble point of 98 °C the total mixture is
liquid. In order to condense the total mixture the mixture has to be cooled down
from 104 to 98 °C. When evaporating, the mixture must on the contrary be heated
from the bubble point to the dew point.

2.7 The Bubble Point and Dew Point
of Immiscible Mixtures

One example of common mixtures of this type is the mixture of hydrocarbons and
water. In an immiscible mixture both liquid phases exert temperature dependent
vapour pressures.

Bubble point:
The bubble point pressure Pboil results from the sum of the hydrocarbon vapour
pressures Porg and the water vapour pressures PW.

Pboil = Porg + PW

This equation is the foundation for steam stripping.
By introducing water or steam the bubble point of hydrocarbons is reduced.

Example 2.7.1: Bubble point of a toluene–water mixture at 1010 mbar.
Temperature: 84 °C.
Toluene vapour pressure at 84 °C = 444 mbar.
Water vapour pressure at 84 °C = 566 mbar.
Pboil = 444 + 666 = 1010 mbar.

The bubble point for the toluene–water mixture is 84 °C at 1010 mbar.

Dew point:

In the dew point calculation the composition of the vapour is used as opposed to the
bubble point calculation. The dew point is defined as the point at which the partial
pressure equals the vapour pressure of the respective component. In a vapour
mixture the component that first condenses out is the component whose partial
pressure reaches the vapour pressure of the component. The higher the vapour
composition the higher the partial pressure and the earlier condensing out of the
component occurs.

Porg ¼ yorg � Ptot PW ¼ yW � Ptot

The dew point is reached when the vapour pressure of the component falls below
the partial pressure of the component.
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P0org < Porg The vapour pressure of the organic component is lower than the
partial pressure, leading to the dew point of the organic component.

P0W < PW The vapour pressure of water is lower than the partial pressure,
leading to the dew point of water.

Example 2.7.2: Determination of the dew point of a toluene–water mixture.

(a) Water condenses first:
Water vapour composition in the vapour yW = 0.63; Ptot = 1 bar.
Water vapour partial pressure PW = 0.63 * 1000 = 630 mbar.
Water has a vapour pressure of P0W = 630 mbar at 87.2 °C.
The dew point is 87.2 °C.
Water condenses first.

(b) Toluene condenses first:
Toluene composition in the vapour yorg = 0.578; Ptot = 1 bar.
Toluene partial pressure Porg = 0.578 * 1000 = 578 mbar.
Toluene has a vapour pressure of P0org = 578 mbar at 92 °C.
The dew point is 92 °C.
Toluene condenses first.

2.8 Flash Calculations for Ideal Binary Mixtures [1]

At the bubble point the total mixture is liquid.
At the dew point the total mixture is vapour.
The vapour and liquid rates change between bubble point and dew point.
When heated to t1 and vaporized at pressure P2 a part of the liquid will be

vaporized (Fig. 2.8).
When cooling the vapour mixture to the temperature t2 a part of the vapour

condenses (Fig. 2.8).
Using the flash calculation the vapour composition of the mixture at tempera-

tures between bubble point and dew point is calculated. The compositions in the
vapour and liquid phase when cooling or heating are also determined with the
equilibrium factors.

How much of the mixture is vapour at temperatures between bubble point and
dew point?

The calculation of the vapour fraction V of the feed F is accomplished with the
use of the equilibrium constants K1 and K2 for the vapour composition of the
light-boiling component z1 as follows:
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V
F
¼ z1 � K1�K2

1�K2
� 1

K1 � 1

What is the composition of the liquid and vapour fractions of the mixture?

x1 ¼ 1� K2

K1 � K2

y1 ¼ K1 � x1

V = vapour rate (kmol/h).
F = feed rate (kmol/h).
K1 = equilibrium constant of the lighter component 1.
K2 = equilibrium constant of the heavier component 2.
z1 = composition of the lighter component 1 in the feed (molfraction).
x1 = composition of the lighter component in the liquid phase (molfraction).
y1 = composition of the lighter component in the vapour (molfraction).

Fig. 2.8 Flash separation after heating liquid mixtures or cooling vapour mixtures
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Example 2.8.1: Flash calculations for a benzene–toluene mixture with
z1 = 0.3 = 30 mol% benzene in the vapour.
At the bubble point (98 °C) all is liquid.
At the dew point (104 °C) all is vapor.
Feed composition: 30 mol% benzene (z = 0.3 molfr.).

The vapour fraction at 100 °C has to be calculated:
t = 100 °C.
Ptot = 1000 mbar.
Vapour pressure of benzene p0B = 1807 mbar.
Vapour pressure of toluene p0T = 740 mbar.
Ptot = 1000 m:

Benzene K1 ¼ p0B
Ptot

¼ 1807
1000

¼ 1:807

Toluene K2 ¼ poT
Ptot

¼ 740
1000

¼ 0:74

V
F
¼ 0:3 � 1:807�0:74

1�0:74 � 1
1:807� 1

¼ 0:2864

Therefore, 28.64 mol% from the feed is vapour at 100 °C!

Calculation of the compositions in liquid and vapour at t = 100 °C:

x1 ¼ 1� 0:74
1:807� 0:74

¼ 0:2437

➔ 24.37 mol% benzene in the liquid.
y1 = 1.807 * 0.2437 = 0.44
➔ 44 mol% benzene in the vapour phase.
For the design of condensers and reboilers for mixtures the condensation curve

or the flash curve is required.
In these curves the vapour fraction V/F of the mixture based on the feed rate F is

plotted over the temperature of the mixture.

Example 2.8.2: Calculation of the condensation curve for the mixture ben-
zene–o–xylene.

Inlet composition: z = 0.576 = 57.6 mol% benzene with vapour mixture.

T (°C) K1 K2 V/F x1 y1
96 1.57 0.22 0 0.576 0.906

98.9 1.74 0.25 0.2 0.502 0.874

104 2 0.3 0.4 0.41 0.82

110.2 2.34 0.37 0.6 0.318 0.748

116.2 2.72 0.448 0.8 0.242 0.66

121 3.07 0.52 1 0.188 0.576
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Calculation at T = 96 °C:

V
F
¼ z1 � K1�K2

1�K2
� 1

K1 � 1
¼ 0:576 � 1:57�0:22

1�0:22

1:57� 1
¼ 0

x1 ¼ 1� K2

K1 � K2
¼ 1� 0:22

1:57� 0:22
¼ 0:576 y1 ¼ K1 � x1 ¼ 1:57 � 0:576 ¼ 0:906

Calculation at T = 98.9 °C:

V
F
¼ 0:576 � 1:74�0:25

1�0:25 � 1
1:74� 1

¼ 0:2

x1 ¼ 1� 0:25
1:74� 0:25

¼ 0:502 y1 ¼ 1:74 � 0:502 ¼ 0:874

Calculation at T = 116.2 °C:

V
F
¼ 0:576 � 2:72�0:448

1�0:448 � 1
2:72� 1

¼ 0:8

x1 ¼ 1� 0:448
2:72� 0:448

¼ 0:242 y1 ¼ 2:72 � 0:242 ¼ 0:66

Calculation at T = 121 °C:

V
F
¼ 0:576 � 3:07�0:52

1�0:52 � 1
3:07� 1

¼ 1

x1 ¼ 1� 0:52
3:07� 0:52

¼ 0:188 y1 ¼ 3:07 � 0:188 ¼ 0:576

The condensation curve for the benzene–o–xylene mixture is depicted in
Fig. 2.9. The molar vapour fraction V/F drops from V/F = 1 at dew point at 121 °C
to V/F = 0 at bubble point 96 °C. The concentration of the light components of
benzene in the vapour and liquid phase against temperature are plotted in Fig. 2.10.

The required heat loads for the condensation of the benzene–o–xylene mixture
result from the enthalpies for the cooling of the vapour mixture along with the con-
densing and the cooling of the condensate. Figure 2.11 gives the calculated heat loads
for condensing a mixture of 1000 kg/h benzene and 1000 kg/h o–xylene as function
of temperature. In condensing and cooling from the dew point (121 °C) to the bubble
point (96 °C) of the mixture the required heat load increases from 0 to 230 kW.
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Fig. 2.9 Condensation curve for the benzene–o–xylene mixture given in Example 2.8.2

Fig. 2.10 Benzene compositions in the vapour and liquid phase as function of temperature
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Example 2.8.3: Flash calculations for a mixture of 30 mol% butane and
70 mol% pentane.

Pressure (bar) Boiling point temperature (°C) Dew point temperature (°C)

xBut ¼ 0:3 xPen ¼ 0:7 yBut ¼ 0:3 yPen ¼ 0:7

1 19.5 28.9

2 41 50

3 55.3 64

4 66.3 74.7

Flash calculation at 4 bar:

Temperature (°C) Molar ratio V/F

66 0.0

67 0.061

68 0.149

69 0.242

70 0.341

71 0.448

72 0.567

73 0.703

74 0.861

75 1.0

Fig. 2.11 Heat load curve for the condensation of 2 tonnes/h of the benzene–o–xylene mixture as
a function of temperature
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V = vapour rate (kmol/h); F = feed rate (kmol/h)
Figure 2.12 depicts the bubble points and dew points of the mixture as a function

of pressure.
The flash curve of the mixture of 30 mol% butane and 70 mol% pentane at a

pressure of 4 bar is shown in Fig. 2.13.

Fig. 2.12 Bubble points and dew points of the butane–pentane mixture as function of pressure

Fig. 2.13 Flash curve for the V/F ratio of the butane–pentane mixture at 4 bar as a function of
temperature
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2.9 Calculation of the Equilibrium and the Bubble
and Dew Point Temperatures of Ideal
Multi-component Mixtures

In principle the same laws and equations hold as in the calculations for binary
component mixtures.

Ptot ¼ x1 � p01 þ x2 � p02 þ x3 � p03 þ xi � p0i
yi ¼ Ki � xi ¼ xi � p0i

Ptot
xi ¼ yi � Ptot

p0i
¼ yi

Ki

With the relative volatility a based on the vapour pressure p0h of the heaviest
component

a1 ¼ p01
p0h

a2 ¼ p02
p0h

a3 ¼ p03
p0h

y1 ¼ a1 � x1P
a1 � x1 þ a2 � x2 þ a3 � x3ð Þ ¼

a � xP
ai � xi

x1 ¼ y1=a1P
y1=a1 þ y2=a2 þ y3=a3ð Þ ¼

y=aP
yi=ai

Example 2.9.1: Calculation of the vapour phase composition for a benzene–
toluene–xylene mixture.

Benzene : 30mol% x1 ¼ 0:3 p01 ¼ 1795 mbar at 100 �C
Toluene : 60mol% x2 ¼ 0:6 p02 ¼ 732mbar at 100 �C
Xylene : 10mol% x3 ¼ 0:1 p03 ¼ p0S ¼ 306mbar at 100 �C

Calculation of the bubble pressure:

Pboil ¼ 0:3 � 1795þ 0:6 � 732þ 0:1 � 306 ¼ 1008mbar

The bubble point lies at 100 °C and 1008 mbar total pressure.
What is the composition of the vapour?

Benzene y1 ¼ x1 � p01
Ptot

¼ 0:3 � 1795
1008

¼ 0:534 molfr:

Toluene y2 ¼ 0:6 � 732
1008

¼ 0:435 molfr:

Xylene y3 ¼ 0:1 � 306
1008

¼ 0:031 molfr:
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Cross-check calculation for the liquid composition x1 of benzene:

x1 ¼ y1 � Ptot

P01
¼ 0:534 � 1008

1795
¼ 0:3 molfr:

Alternative calculation of the vapour composition using the relative volatility a

based on the vapour pressure of the heaviest component xylene with
P0h = 306 mbar:

a1 ¼ 1795
306

¼ 5:87 a2 ¼ 732
306

¼ 2:39 a3 ¼ 306
306

¼ 1

y1 ¼ 0:3 � 5:87
0:3 � 5:87þ 0:6 � 2:39þ 0:1 � 1 ¼ 0:534 molfr:

y2 ¼ 0:6 � 2:39
0:3 � 5:87þ 0:6 � 2:39þ 0:1 � 1 ¼ 0:435 molfr:

y3 ¼ 0:1 � 1
0:3 � 5:87þ 0:6 � 2:39þ 0:1 � 1 ¼ 0:031 molfr:

Cross-check calculation for x1:

x1 ¼ y1=a1P
y=a

¼ 0:534=5:87
0:534=5:87þ 0:435=2:39þ 0:031=1

¼ 0:3 molfr:

The calculation of the bubble and dew points follows using the equations from
Sects. 2.3 and 2.4.

The bubble point of a mixture is defined as follows: Ryi ¼ RKi � xi ¼ 1
Thebubblepressurecanbecalculateddirectly:Pboil ¼ x1 � p01 þ x2 � p02 þ x3 � p03
The dew point of a mixture is defined as follows: R xi ¼ R yi=Ki ¼ 1
The dew pressure for the vapour composition z can be calculated directly:

1
Pdew

¼ z1
p01

þ z2
p02

þ z3
p03

þ z4
p04

Pdew ¼
X zi

p0i

� ��1

Example 2.9.2: Calculation of the bubble point for a four-component mixture
C14–C17 at a pressure of 100 mbar.

x1 ¼ 0:315 x2 ¼ 0:276 x3 ¼ 0:227 x4 ¼ 0:182

The vapour pressures of the individual components are calculated.
The sum of the partial pressures

P
Pi is plotted against temperature.

60 2 Equilibria, Bubble Points, Dewpoints, Flash Calculations …



Temperature (°C) Vapour pressure (mbar)
P

xi � p0i ¼
P

Pi

C14 C15 C16 C17

175 116.4 68.7 40.7 24.5 69.3 mbar

180 137.2 82.3 49.5 29.9 82.6 mbar

184 156.1 94.6 57.5 34.9 94.7 mbar

186 166.3 101.4 62 37.6 101.3 mbar

A bubble point temperature of 185.5 °C at 100 mbar is achieved by interpolation
(Fig. 2.14).

Example 2.9.3: Calculation of the dew point for a four-component C14–C17

mixture at 100 mbar.

Vapor composition : z1 ¼ 0:315 z2 ¼ 0:276 z3 ¼ 0:227 z4 ¼ 0:182

The vapour pressures are calculated using the Antoine Constants.
The quotient

P
zi/p0i is calculated for different temperatures.

At total pressure P = 100 mbar the dew point lies at the quotient
P

zi/p0i =
1/100 = 0.01.

Temperature (°C) Vapor pressure (mbar)
P

zi/p0i
C14 C15 C16 C17

200 255.0 160.2 101.3 62.7 0.0081

198 240.3 150.4 94.7 58.4 0.00866

196 226.4 141.1 88.4 54.4 0.00925

194 213.0 132.3 82.5 50.6 0.00985

192 200.5 123.9 76.9 47.1 0.0106

Fig. 2.14 Bubble point determination for the C14–C17 mixture
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A dew point temperature of 193.6 °C at 100 mbar is achieved by interpolation
(Fig. 2.15).

2.10 Flash Calculations for Ideal Multi-component
Mixtures [2]

For mixtures with more than two components the calculation must be performed
iteratively. The individual V/F values of the different components are calculated
with an estimate of V/F. The sum of the V/F values of the component must equal
the V/F estimate.

V
F
¼
X zi

1þ L
V�Ki

L
V
¼ F

V
� 1 ¼ 1

V=L

yi ¼ F
V
� zi

1þ L
V�Ki

 !
xi ¼ F

V
� zi

Ki þ L
V

 !

The following is required for the calculation: the vapour composition zi of the
individual components as mole fractions and the equilibrium constants Ki = p0i/Ptot.
The calculation is carried out iteratively with an estimate of V/F value.

L
V
¼ F

V
� 1

Fig. 2.15 Determination of the dew point temperature for a C14–C17 mixture
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V/F = molar ratio of the vapour rate V to the feed rate F.
F/V = molar ratio of the feed rate F to the vapour rate V.
L/V = molar ratio of the liquid rate L to the vapour rate V.

Example 2.10.1: Calculation of the L/V ratio.
V/F = 0.5 which means that 50% of the feed in kmol/h is vapour.

L
V
¼ F

V
� 1 ¼ 1

0:5
� 1 ¼ 1

Example 2.10.2: Flash calculation for a four-component C14–C17 mixture.
Pressure: 100 mbar
Temperature: 188 °C

First estimate: V/F = 0.3; L/F = 2.33

Component zi (molfr.) P0i (mbar) Ki
zi

1þ 2:33� 1
Ki

C14 0.315 177 1.77 0.1359

C15 0.276 109 1.09 0.0879

C16 0.227 67 0.67 0.0507

C17 0.182 41 0.41 0.0272

0.3017 = V/Fi

P
V/Fi = 0.3017 > V/Fchosen ! choose the higher value for V/F ! V/

F = 0.32 ! L/V = 2.125

Component zi (molfr.) zi
1þ 2:125� 1

Ki

C14 0.315 0.14315

C15 0.276 0.09357

C16 0.227 0.05442

C17 0.182 0.02944

0.32058 = V/Fi

P
V/Fi > V/Fchosen ! choose the higher value for V/F ! V/F = 0.33 !

L/V = 2.03

Component zi (molfr.) zi
1þ 2:03� 1

Ki

C14 0.315 0.14671

C15 0.276 0.09641

C16 0.227 0.05632

C17 0.182 0.03058

0.33002 = V/Fi
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If the ratio
P

Vi/Fi < V/F ! choose the lower value of V/F!
If the ratio

P
Vi/Fi > V/F ! choose the higher value for V/F!

A deviation of 0.0005 is sufficiently accurate!
The flash curve for the C14–C17 mixture is depicted in Fig. 2.16.

2.11 Phase Equilibrium of Non-ideal Binary Mixtures

With non-ideal mixtures the laws of Raoult and Dalton are invalid. The partial
pressure lines are non-linear. Instead they curve upward or downward. Figure 2.17
shows the real partial pressures of methanol and water at 60 °C, considering the
activity coefficient and also the total pressure resulting from the partial pressures as
functions of the methanol composition.

With the ideal calculation the curves are linear according to the laws of Raoult
and Dalton. This is shown in Fig. 2.2. With the real calculation, considering the
activity factor c for the non-ideal behavior, the curves of partial pressure and total
pressure curve upward. A higher total pressure and a lower bubble point temper-
ature results for the mixture.

With azeotropic mixtures vapour pressure maxima and vapour pressure minima
can occur. This is shown in Figs. 2.18 and 2.19 for a mixture from A and B. The
calculation must be performed with a correction factor for the interaction of
the partial pressures. This correction factor is termed the activity coefficient c. The
activity coefficient is dependent on the composition in the liquid phase and the
temperature.

Fig. 2.16 Flash curve for the C14–C17 mixture with a molar V/F ratio as a function of temperature
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In the calculation of the equilibria for two-component and multi-component
mixtures the interactions of the partial pressures are considered using the activity
coefficients. Section 2.12 shows how the activity coefficient is calculated using
different models. The following table of activity coefficients for methanol and water
at 60 °C illuminates the influence of the composition on the activity coefficient.

Fig. 2.17 Partial pressure
and total pressure for the
non-ideal methanol–water
mixture at 60 °C as function
of methanol composition in
the liquid

Fig. 2.18 Partial pressures
for A and B and total pressure
A + B for an azeotropic
mixture with a bubble point
minimum
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Methanol composition
(molfraction)

Activity coefficient of methanol Activity coefficient of water

0.01 2.3069 1.002

0.05 2.0657 1.0035

0.1 1.8356 1.0131

0.2 1.5263 1.0462

0.4 1.2113 1.152

0.6 1.0737 1.2967

0.8 1.0153 1.4737

0.9 1.0035 1.5737

0.99 1.000 1.67

The correction of the partial pressures of the components of a mixture using the
activity coefficient c influences the vapour–liquid equilibrium as follow:

Ptot ¼ c1 � x1 � p01 þ c2 � x2 � p02 mbarð Þ

y1 � Ptot ¼ c1 � x1 � p01

Vapor composition:

y1 ¼ x1 � p01 � c1
Ptot

ðmolfr:Þ y2 ¼ x2 � p01 � c2
Ptot

ðmolfr:Þ

Equilibrium constant:

K1 ¼ p01 � c1
Ptot

K2 ¼ p02 � c2
Ptot

Fig. 2.19 Partial pressures
for A and B and total pressure
A + B for an azeotropic
mixture with a bubble point
maximum
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Separation factor = Relative volatility a:

a ¼ K1

K2
¼ c1 � P01

c2 � P02

K1 = equilibrium factor for component 1
K2 = equilibrium factor for component 2
Ptot = total pressure in the system (mbar)
p01 = vapour pressure of component 1 (mbar)
p02 = vapour pressure of component 2 (mbar)
x1 = liquid composition of component 1
y1 = vapour composition of component 1
x2 = liquid composition of component 2
y2 = vapour composition of component 2
c1 = activity coefficient of component 1
c2 = activity coefficient of component 2

The activity coefficient c is strongly dependent on composition and can be
calculated using different models: Wilson, NRTL, Uniquac, and Unifac.

Example 2.11.1: Non-ideal equilibrium for methanol–water
Below is the equilibrium calculation for a methanol [1]–water [2] mixture at
92.1 °C and Ptot = 1000 mbar.

Required data for calculation:

x1 ¼ 0:0535 x2 ¼ 0:9465
c1 ¼ 1:848 c2 ¼ 1:004
p01 ¼ 2:817 mbar p02 ¼ 756:4 mbar

y1 ¼ 1:848 � 0:0535 � 2817
1000

¼ 0:279

y2 ¼ 1:004 � 0:9465 � 756:4
1000

¼ 0:721

K1 ¼ 1:848 � 2817
1000

¼ 5:218 K2 ¼ 1:004 � 756:4
1000

¼ 0:761

a ¼ K1

K2
¼ 5:218

0:761
¼ 6:853

For comparison purposes the ideal relative volatility, without considering the
activity coefficient, is calculated below:

aideal ¼ p01
p02

¼ 2:817
756:4

¼ 3:724

Conclusion: The influence of c is substantial! Due to the activity coefficient
the separation factor is nearly doubled. The activity coefficient c depends on the
temperature and very strongly on the composition in the liquid phase.
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Example 2.11.2: Activity coefficient at different compositions.
Influence of the composition on the activity coefficient of methanol [1] in water [2]
at 30 °C.

x1 = methanol composition in the liquid c1 = activity coefficient of methanol

x1 0.001 0.01 0.1 0.15 0.2

c1 2.596 2.521 1.968 1.765 1.609

The dependency on the temperature is shown in the following table for x = 0.1.

Temperature 30 °C 60 °C 85 °C

c according to Wilson 1.968 1.836 1.744

Remark At an azeotropic composition y = x and a = 1. Thus it follows that )
p01/p02 = c2/c1

An azeotropic point is reached if the activity coefficient in the diluted phase is
greater than the vapour pressure ratio. In the following Figs. 2.20, 2.21, 2.22 and
2.23 some vapour–liquid equilibria of non-ideal mixtures are depicted. To illumi-
nate the pressure dependency of the phase equilibrium the equilibria at different
pressures are shown.

Fig. 2.20 Vapour–liquid
equilibrium of acetone–water
at different pressures
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Other examples for azeotropes with minimum bubble points are:
Ethylacetate–ethanol
Isopropanol–water
Methanol–benzene
Water–butanol
Methanol–trichlorethylene
Sulphur carbon–acetone

Fig. 2.21 Equilibrium of the
azeotropic ethanol–water
mixture at different pressures

Fig. 2.22 Equilibrium of the
azeotropic ethanol–benzene
mixture with a minimum
bubble point
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Other examples of azeotropes with maximum bubble points are:
Saltpetre acid–water
Water–formic acid

2.12 Calculation of the Activity Coefficients

The calculation of the activity coefficients using different models is described in the
Refs. [3–6]. The required data for the calculations are given in [7]. In the following
text the calculation of the activity coefficients using 3 models is shown. A fourth
method is the Unifac Model, a group contribution method which does not require
measured equilibrium data.

Fig. 2.23 Equilibrium of the
azeotropic acetone–
chloroform mixture at
1013 bar with a maximum
bubble point
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2.12.1 Calculation According to Wilson for Miscible
Components [8]

K1;2 ¼ V2

V1
� exp k12

R � T
� �

K2;1 ¼ V1

V2
� exp k12

R � T
� �

ln c1 ¼ � ln ðX1 þX2 � K1;2ÞþX2 � K1;2

X1 þX2 � K1;2
� K2;1

X2 þX1 � K2;1

� �
ln c11 ¼ 1� ln K1;2 � K2;1

Required data:
k12 and k21 = interaction parameter.
v1 and v2 = molar volume of the liquid.

Example 2.12.1: Methanol [1]–water [2] at 30 °C and x1 = 0.1.

k12 ¼ �107:389 v1 ¼ 40:73
k21 ¼ 469:578 v2 ¼ 18:07

K1;2 ¼ 18:07
40:73

� exp � �107:389
1:987 � 303

� �
¼ 0:371

K2;1 ¼ 40:73
18:07

� exp � 469:578
1:987 � 303

� �
¼ 1:033

ln c1 ¼ � ln ð0:1þ 0:371 � 0:9Þþ 0:9 � 0:371
0:1þ 0:371 � 0:9�

1:033
1:033 � 0:1þ 0:9

� �

Fig. 2.24 Activity coefficients of methanol and water at 60 °C as a function of the methanol
composition in the mixture
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ln c1 = 0.677 ) c1 = 1.968
ln c∞ = 1 - ln 0.371 – 1.033 = 0.958 c∞ = 2.607
c∞ = activity coefficient at infinite dilution.
In Fig. 2.24 the activity coefficients of methanol and water at different compo-

sitions are shown.

Example 2.12.2: Calculation of the vapour–liquid equilibrium at 75.7 °C.
Methanol composition x1 = 0.3909
Water composition x2 = 0.6091
Methanol vapour pressure p01 = 1.526.8 mbar
Water vapour pressure p02 = 413.8 mbar
K1,2 = 0.47525
K2,1 = 0.98356
Ptot = 1013 mbar
Calculation of the activity coefficient c1 of methanol:

ln c1 ¼ � ln x1 þ x2 � K1;2
� �þ x2 � K1;2

x1 þ x2 � K1;2
� K2;1

x2 þ x1 � K2;1

� �
ln c1 ¼ � ln 0:3909þ 0:6091 � 0:47525ð Þ

þ 0:6091 � 0:47525
0:3909þ 0:6091 � 0:47525�

0:98356
0:6091þ 0:3909 � 0:98356

� �
ln c1 ¼ 0:2076 c1 ¼ 1:231

Calculation of the activity coefficient c2 of water:

ln c2 ¼ � ln x2 þ x1 � K2;1
� �� x1 � K1;2

x1 þ x2 � K1;2
� K2;1

x1 � K2;1 þ x2

� �

ln c2 ¼ � ln ð0:6091þ 0:3909 � 0:98356Þ

� 0:3909 � 0:47525
0:3909þ 0:6091 � 0:47525 �

0:98356
0:6091þ 0:3909 � 0:98356

� �
ln c2 ¼ 0:120359 c2 ¼ 1:128

Calculation of the methanol composition y1 and the water composition y2 in the
vapour:

y1 ¼ x1 � p01 � c1
Ptot

¼ 0:3909 � 1526:8 � 1:231
1013

¼ 0:72 molfr:

y2 ¼ x2 � p02 � c2
Ptot

¼ 0:6091 � 413:8 � 1:128
1013

¼ 0:28 molfr:

Calculation of the vapour composition with relative volatility a:

a ¼ c1 � p01
c2 � p02

¼ 1:231 � 1526:8
1:128 � 413:8 ¼ 4:027

y1 ¼ a1;2 � x1
1þ a1;2 � 1

� � � x1 ¼
4:027 � 0:3909

1þ 4:027� 1ð Þ � 0:3909 ¼ 0:72
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From Fig. 2.25 it can be seen that the separation factor a for the non-ideal
mixture methanol–water decreases with increasing methanol composition.

2.12.2 Calculation According to NRTL for Partially
Miscible Components with Two Liquid Phases [9]

s12 ¼ g12
R � T s21 ¼ g21

R � T
G12 ¼ expð�a12 � s12Þ G21 ¼ expð�a21 � s21Þ

ln c1 ¼ X2
2 � s21 � G21

X1 þX2 þG21

� �2

þ s12 � G12

X2 þX1 � G12ð Þ2
" #

c1 ¼ s21 þ s12 � G12

Required data:
g12 and g21 = interaction parameter
a12 = a21 = non-randomness factor

Example 2.12.2.1: Methanol [1]–water [2] at 30 °C and x1 = 0.1.
g12 = −253.965 cal/mol g21 = 845.16 cal/mol a12 = 0.299

s12 ¼ �253:965
1:987 � 303 ¼ �0:422 s21 ¼ 845:16

1:987 � 303 ¼ 1:4

G12 ¼ expð�0:299 � �0:422Þ ¼ 1:134

G21 ¼ expð�0:299 � 1:404Þ ¼ 0:657

Fig. 2.25 Relative volatility a for methanol–water as function of the methanol composition in the
liquid phase

2.12 Calculation of the Activity Coefficients 73



ln c1 ¼ 0:92 � 1:404 � 0:657
0:1þ 0:9 � 0:657
� �2

þ �0:422 � 1:134
ð0:9þ 0:1 � 1:134Þ2

" #

ln c1 = 0.65 ) c1 = 1.915
ln c1

∞ = 1.404 + (−0.422) * 1.134 = 0.925 ) c1
∞ = 2.522

2.12.3 Calculation According to Uniquac for Components
with a Miscibility Gap

s12 ¼ exp � u12
R � T

	 

s21 ¼ exp � u21

R � T
	 


ui ¼
ri � xiP
ri � xi #i ¼ qi � xiP

qi � xi
li ¼ z

2
� ðri � qiÞ � ðri � 1Þ

ln c1 ¼ ln c1C þ ln c1R

ln c1C ¼ ln
u1

x1
þ z

2
� q1 � ln #1

u1
þu2 � ðl1 �

r1
r2

� l2Þ

ln c1R ¼ �q1 � lnð#1 þ s21 � #2Þ

þ#2 � q1 � s21
#1 þ s21 � #2

� s12
#2 þ s12 � #1

� �

Required data:
u12 and u21 = interaction parameters.
r = volume parameter (van der Waals).
q = surface parameter (van der Waals).
z = coordination number (mostly = 10).

Example 2.12.3.1: Calculation of activity coefficient of methanol in a metha-
nol–water mixture at 30 °C.

u12 ¼ �328:451 cal=mol u21 ¼ 506:088 cal=mol
r1 ¼ 1:4311 r2 ¼ 0:92
q1 ¼ 1:432 q2 ¼ 1:40

Methanol composition xMeth = 0.1 molfr. = 10 mol%

74 2 Equilibria, Bubble Points, Dewpoints, Flash Calculations …



u1 ¼
0:1 � 1:4311

0:1 � 1:4311þ 0:9 � 0:92 ¼ 0:147

u2 ¼ 1� 0:1473 ¼ 0:853

#1 ¼ 0:1 � 1:432
0:1 � 1:432þ 0:9 � 1:4 ¼ 0:102

#2 ¼ 1� 0:102 ¼ 0:898

l1 = 10/2 * (1.4311 − 1.432) − (1.4311 − 1) = −0.4356
l2 = 10/2 * (0.92 − 1.40) − (0.92 − 1) = −2.32

s12 ¼ exp � �328:451
1:987 � 303

� �
¼ 1:7255

s12 ¼ exp � 506:088
1:987 � 303

� �
¼ 0:4314

ln c1C ¼ ln
0:147
0:1

þ 10
2
� 1:4311 � ln 0:102

0:147

þ 0:853 � �0:4356� 1:4311
0:92

� ð�2:32Þ
� �

¼ 0:471

ln c1R ¼ �1:432 � ln ð0:102þ 0:4314 � 0:898Þþ 0:898 � 1:432

� 0:4314
0:102þ 0:898 � 0:4314�

1:7255
0:898þ 0:102 � 1:7255

� �
¼ 0:0908

ln c1 = 0.477 + 0.0908 = 0.5678 ) c1 = 1.764

2.12.4 Critical Comparison of the Activity Coefficients
Calculated Using Different Models

The available models for equilibria calculations of distillation and absorption plants
or the design of condensers and evaporators can be simplified with the use of
computer. Substantial discrepancies can be seen if the results of the different cal-
culation methods are compared. This is shown in the following Examples 2.12.4.1
and 2.12.4.2.

Example 2.12.4.1: Activity coefficients for a pentane–toluene mixture.
Composition: 10 mol% Pentane, 90 mol% Toluene
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Interaction parameters:

Wilson: k11 = 0 k12 = −296.9388 k21 = 1145.5506 k22 = 0

NRTL g11 = 0 g12 = 1401.7145 g21 = −490.4151 g22 = 0 a = 0.298

Uniquac u11 = 0 u12 = 869.1587 u21 = −436.4687 u22 = 0

Conclusion: The activity coefficients calculated using different models for
pentane in toluene deviate considerably (Fig. 2.26). The activity coefficient of
pentane becomes greater with increasing temperature. Additionally the
non-temperature dependent activity coefficients of pentane are calculated according
to Margules and van Laar.

Margules: c = 1.44 for Pentane.
van Laar: c = 1.47 for Pentane.
The activity coefficient of toluene lies constantly at 1.

Example 2.12.4.2: Activity coefficients for the a hexane, ethyl acetate, and
toluene mixture

Composition:
Hexane: x = 0.3 = 30 mol%.
Ethyl acetate: x = 0.3 = 30 mol%.
Toluene: x = 0.4 = 40 mol%.

Fig. 2.26 Activity coefficient of pentane in toluene as function of temperature, using different
models
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Interaction parameter Wilson Uniquac NRTL Alpha

1/1 0 0 0 0

1/2 107.1217 302.7052 427.6309 0.2995

1/3 21.0210 112.6399 130.3146 0.3016

2/1 618.7792 −83.8122 255.6205 0.2995

2/2 0 0 0 0

2/3 135.1766 −62.3228 63.3896 0.3021

3/1 246.4956 −57.7374 131.5420 0.3016

3/2 15.6079 63.3994 86.1714 0.3021

3/3 0 0 0 0

Calculation results:

Wilson Uniquac NRTL

20 °C 30 °C 20 °C 30 °C 20 °C 30 °C

Hexane 1.373 1.36 1.37 1.358 1.376 1.363

Ethyl acetate 1.264 1.257 1.251 1.246 1.269 1.26

Toluene 1.031 1.03 1.017 1.018 1.029 1.028

The deviations range 0.2–1%!

2.13 Bubble Point, Dew Point, and Flash Separation
for Non-ideal Binary Mixtures

For non-ideal mixtures the influence of the activity coefficient c must be considered
in the calculation of the partial pressure.

Example 2.13.1: Bubble point calculation with the activity coefficient for the
methanol [1]–water [2] mixture.

x1 ¼ 0:1 x2 ¼ 0:9 t ¼ 87:8 �C Ptot ¼ 1000mbar
c1 ¼ 1:705 c2 ¼ 1
p01 ¼ 2438mbar p02 ¼ 646mbar

Pboil = x1 * c1 * p01 + x2 * c2 * p02 = 0.1 * 1.705 * 2438 + 0.9 * 1 *
646 = 997 mbar � 1 bar

Cross-check calculation of the bubble point:

K1 ¼ c1 � p01
Ptot

¼ 1:705 � 2438
1000

¼ 4:167 K2 ¼ 1 � 646
1000

¼ 0:64

R Ki * xi = 0.1 * 4.167 + 0.9 * 0.64 = 1
Therefore, the bubble point condition is fulfilled at 87.8 °C!
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Without considering the activity coefficient c a bubble point temperature of
93.1 °C rather than one of 87.8 °C is obtained.

Example 2.13.2: Dew point calculation with the activity coefficient c for the
methanol [1]-water [2] mixture.

y1 ¼ 0:1 y2 ¼ 0:9 t ¼ 97:1 �C Ptot ¼ 1:000mbar
c1 ¼ 2:2 c2 ¼ 1:0
p01 ¼ 3:343mbar p02 ¼ 910:3mbar

1
Pdew

¼ y1
c1 � p01

þ y2
c2 � p02

¼ 0:1
2:2 � 3343 þ 0:9

910:3
¼ 0:001 Pdew ¼ 1 bar

Cross-check calculation of the dew point:

K1 ¼ 2:2 � 3343
1000

¼ 7:373 K2 ¼ 1 � 910:3
1000

¼ 0:9125X yi
Ki

¼ 0:1
7:373

þ 0:9
0:9125

¼ 1

Therefore, the dew point condition is fulfilled at 97.1 °C!

Example 2.13.3: Flash calculation for the methanol [1]–water [2] mixture
Ptot ¼ 1 bar ¼ 1000mbar t ¼ 92:1 �C Feed rate ¼ 100 kmol=h
Feed compositions: z1 ¼ 0:1molfr: z2 ¼ 0:9molfr:

c1 ¼ 1:848 c2 ¼ 1:004
p01 ¼ 2823:7mbar p02 ¼ 758:3mbar

K1 ¼ 1:848 � 2823:7
1000

¼ 5:218 K2 ¼ 1:004 � 758:3
1000

¼ 0:7614

V
F
¼ z1 � K1�K2

1�K2
� 1

K1 � 1
¼ 0:1 � 5:218�0:7614

1�0:7614 � 1
5:218� 1

¼ 0:2058

At 92.1 °C 20.58% of the feed is vapour.
Vapour rate V = 0.2058 * 100 = 20.58 kmol/h
Liquid rate L = 100–20.58 = 79.42 kmol/h

Composition calculation in the liquid and the vapour:

x1 ¼ 1� K2

K1 � K2
¼ 1� 0:7614

5:218� 0:7614
¼ 0:0535 molfr:

x2 ¼ 1�0:0535 ¼ 0:9465 molfr:ð Þ ¼ 94:65mol%

y1 ¼ K1 � x1 ¼ 5:218 � 0:0535 ¼ 0:279molfr: ¼ 27:9mol%

y2 ¼ K2 � x2 ¼ 0:7614 � 0:9465 ¼ 0:721molfr: ¼ 72:1mol%
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Without consideration being given to the activity coefficient c, the following
incorrect results at 92.1 °C are obtained:

K1 ¼ 2:74 K2 ¼ 0:758
V ¼ 0 L ¼ 100 kmol/h

Nothing is vaporized because the bubble point lies with c = 1 at 93.1 °C above
92.1 °C.

2.14 Non-ideal Multi-component Mixtures

The equilibria calculation of mixtures with more than two components is very
complex and therefore done using computers. The compositions, the temperature,
and the Antoine Constants for the vapour pressure and the interaction parameters
for the equilibrium must be input. The activity coefficients are strongly dependent
on the composition of the liquid phase. Example 2.14.1 shows how strongly the
activity coefficient of water increases with decreasing water composition in the
liquid phase.

Example 2.14.1: Activity coefficient of water at different compositions.

Activity coefficient c

x (molfr.) 30 °C 50 °C

n-Heptane 0.2 1.1 1.014

Methyl ethyl ketone 0.2 1.138 1.13

Ethyl acetate 0.2 1.14 1.142

Toluene 0.2 1.63 1.606

Water 0.2 4.287 4.22

Activity coefficient c

x (molfr.) 30 °C 50 °C

n-Heptane 0.225 1.138 1.128

Methyl ethyl ketone 0.225 1.088 1.087

Ethyl acetate 0.225 1.102 1.104

Toluene 0.225 1.338 1.323

Water 0.1 6.055 5.912

Activity coefficient c

x (molfr.) 30 °C 50 °C

n-Heptane 0.2475 1.262 1.243

Methyl ethyl ketone 0.2475 1.066 1.07

Ethyl acetate 0.2475 1.096 1.098

Toluene 0.2475 1.133 1.125

Water 0.01 8.912 8.578
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Example 2.14.2: Flash calculation for a four-component mixture with differ-
ent compositions at 1 bar total pressure as function of temperature.

Mixture 1 x (molfr.) Activity coefficient

n-Heptane 0.25 1.65

Methyl ethyl ketone 0.25 1.331

Ethyl acetate 0.25 1.273

Toluene 0.25 0.974

Mixture 2 x (molfr.) Activity coefficient

n-Heptane 0.1 1.83

Methyl ethyl ketone 0.1 1.314

Ethyl acetate 0.4 1.112

Toluene 0.4 1.013

In Fig. 2.27 the flash curves for both of the different compositions are shown.
Figure 2.28 shows how the composition of a non-ideal mixture of n-heptane,

methyl ethyl ketone, ethyl acetate, and toluene changes in nine consecutive vapor-
ization stages. After four vaporization stages the compositions scarcely change.
If toluene is distilled off then the composition of the mixture remains constant:

Ethyl acetate: 45:7mol%
Methyl ethyl ketone: 37:5mol%
n-Heptane: 16:8mol%

The composition curves in Fig. 2.28 result from Fig. 2.29 with the equilibrium
constants K of the different components. After four vaporization stages the toluene
has vanished and the K values lie at 1. At K = 1 the vapour composition y equals
the liquid composition x. This is a ternary azeotropic mixture.

Fig. 2.27 Flash curves for two non-ideal mixtures as a function of temperature
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Although the three light components have different vapour pressures the sepa-
ration factor a is set to 1 by the activity coefficient.

The determining factor for the separation is the relative volatility.

Bubble point (°C) Mole weight

Ethyl acetate 77 88

Methyl ethyl ketone 80 72

Heptane 98.4 100

Toluene 110.6 92

Fig. 2.29 Equilibrium constants of the components as a function of the vaporization stages

Fig. 2.28 The behaviour of the compositions of the four components with increasing number of
vaporization stages
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Example 2.14.3: Calculation of the relative volatility a at 73 °C and
Ptot = 977 mbar.

p0 (mbar) p0/Ptot c K

1. n-Heptane 448.7 0.459 2.155 0.99

2. Methyl ethyl ketone 800.5 0.827 1.206 0.998

3. Ethyl acetate 878.8 0.899 1.117 1.005

4. Toluene 302.4 0.309 1.017 0.315

a1=2 ¼ c1 � P01

c2 � P02
¼ 2:155 � 448:7

1:206 � 800:5 ¼ 1

a2=3 ¼ c2 � P02

c3 � P03
¼ 1:206 � 800:5

1:117 � 878:8 ¼ 0:98

a1=3 ¼ c1 � P01

c3 � P03
¼ 2:155 � 448:7

1:117 � 878:8 ¼ 0:985

a3=4 ¼ c3 � P03

c4 � P04
¼ 1:117 � 878:8

1:017 � 302:4 ¼ 3:19

a1=4 ¼ c1 � P01

c4 � P04
¼ 2:155 � 448:7

1:017 � 302:4 ¼ 3:19

a3=4 ¼ c2 � P02

c4 � P04
¼ 1:206 � 800:5

1:017 � 302:4 ¼ 3:19

Conclusion

The first three components with a separation factor a = 1 do not allow separation.
However, toluene with a separation factor a = 3.19 allows very simple separation.

Figures 2.30 and 2.31 show the calculation results for another non-ideal
four-component mixture with non-ideal behaviour.

Fig. 2.30 Equilibrium
factors K for the different
components of the mixture
dependent of the temperature
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Chapter 3
Fractionation of Binary Mixtures

3.1 Material Balance

Prior to the design of each new column a material balance should be prepared,
considering the specifications of the distillate and bottoms.

F � xF ¼ B � xB þD � xD ¼ ðF� DÞ � xB þD � xD

D ¼ F � XF � XB

XD � XB

B
D

¼ XD � XF

XF � XB

XF = feed composition (molfr.)
XB = bottoms composition (molfr.)
XD = distillate composition (molfr.)
F = feed rate (kmol/h)
B = bottoms rate (kmol/h)
D = distillate rate (kmol/h)

Example 3.1.1: Preparation of a mass balance
A mixture with 33% A in feed is to be enriched in the distillate with 97% of A and
should only contain 4% of A in the bottoms.

Feed rate = 100 kmol/h
xF = 0.33 molfr.
xD = 0.97 molfr.
xB = 0.04 molfr.

D ¼ 100 � 0:33� 0:04
0:97� 0:04

¼ 31:2 kmol/h

B ¼ 100� 31:2 ¼ 68:8 kmol=h:
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Fig. 3.1 A continuous fractionation column
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Cross-check:

B ¼ D � XD � XF

XF � XB
¼ 31:2 � 0:97� 0:33

0:33� 0:04
¼ 68:8 kmol/h

The vapour and liquid loadings of the column in the rectification section and the
stripping section result from the reflux ratio and the thermal condition of the feed
(q value).

3.2 Vapour–Liquid Equilibria

In order to determine the required theoretical stages and the reflux ratio the vapour–
liquid equilibrium is needed.

3.2.1 Equilibria of Ideal Mixtures

y1 ¼ p1
Ptot

¼ x1 � p01
Ptot

K1 ¼ y1
x1

¼ p01
Ptot

K2 ¼ y2
x2

¼ p02
Ptot

Ptot = total pressure (mbar)
p1 = partial pressure of the light component (mbar)
p01 = vapour pressure of the light component (mbar)
x1 = composition of the light component in the liquid (molfr.)
y1 = composition of the light component in the vapour (molfr.)
p02 = vapour pressure of the heavy component (mbar)
x2 = composition of the heavy component in the liquid (molfr.)
y2 = composition of the heavy component in vapour (molfr.)
K = equilibrium constant = y/x
a = relative volatility

a ¼ K1

K2
¼ p01

p02

y1 ¼ a � x1
1þða� 1Þ � x1

y2 ¼ a � K2 � 1
a� 1

x2 ¼ a � K2 � 1
K2 � a� 1

.
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The relative volatility a changes with temperature in the column. In general the
geometrical average of the top, feed, and bottom temperature is inserted.

a ¼ ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
atop � afeed � abottom3

p

If heavy deviations are present the calculation must be made segment-wise with
different a values.

Example 3.2.1.1: Calculation of vapour–liquid equilibrium at Ptot = 340 mbar
Component 1 x1 = 0.7 molfr. Vapour pressure p01 = 400 mbar

Component 2 x2 = 0.3 molfr. Vapour pressure p02 = 200 mbar

Partial pressure p1 = x1 * p01 = 0.7 * 400 = 280 mbar
Partial pressure p2 = x2 * p02 = 0.3 * 200 = 60 mbar
Total pressure Ptot = p1 + p2 = 280 + 60 = 340 mbar

Calculation of the vapour compositions for x1 = 0.7 and x2 = 0.3 using the
partial pressures:

y1 ¼ p1
Ptot

¼ 280
340

¼ 0:82 y2 ¼ 60
340

¼ 0:18

Calculation of the relative volatility a from the vapour pressures:

a ¼ P01

P02
¼ 400

200
¼ 2

Calculation of the vapour compositions for x1 = 0.7 using relative volatility:

y1 ¼ a � x1
1þ a� 1ð Þ � x1 ¼

2 � 0:7
1þ 2� 1ð Þ � 0:7 ¼ 0:82

Calculation of the equilibrium constant K from the vapour pressure and the total
pressure:

K1 ¼ P01
Ptot

¼ 400
340 ¼ 1:176 K2 ¼ P02

Ptot
¼ 200

340 ¼ 0:588
Relative volatility a ¼ K1

K2
¼ 1:176

0:588 ¼ 2

Calculation of the vapour compositions for x1 = 0.7 and x2 = 0.3 with the
equilibrium constants K1 and K2:

y1 ¼ K1 � x1 ¼ 1:176 � 0:7 ¼ 0:82 molfr:

y2 ¼ K2 � x2 ¼ 0:588 � 0:3 ¼ 0:18 molfr:
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Calculation of the total equilibrium curve using the constant relative volatility
a = 2:

x1 0.01 0.05 0.1 0.20 0.40 0.6 0.8 0.9 0.950 0.99

y1 0.02 0.10 0.18 0.33 0.57 0.75 0.89 0.95 0.97 0.99

The relative volatility a changes less with temperature than the equilibrium
constants K, and is therefore more suitable for the preparation of an equilibrium
curve. The equilibrium curves for different relative volatilities a are given in
Fig. 3.3.

3.2.2 Equilibria of Non-ideal Mixtures

With non-ideal mixtures, for instance alcohol/water, the specific activity coefficients
c for each component pair must be considered additionally. The partial pressure of
the component and the vapour–liquid equilibrium is influenced by mutual
interaction.

Ptot ¼ c1 � x1 � p01 þ c2 � x2 � p02
y1 � Ptot ¼ c1 � x1 � p01

In the calculation of the vapour–liquid equilibrium the activity coefficient c must
be considered and it is found to be strongly dependent on the composition in the
liquid phase.

Fig. 3.3 Vapour–liquid
equilibrium for an ideal
mixture with different relative
volatilities
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y1 ¼ c1 � x1 � p01
Ptot

K1 ¼ y1
x1

¼ c1 � p01
Ptot

K2 ¼ y2
x2

¼ c2 � p02
Ptot

a ¼ K1

K2
¼ c1 � p01

c2 � p02
� y1 � ð1� x1Þ
x1 � ð1� y1Þ

Example 3.2.2.1: Calculation of the methanol vapour composition of a
methanol–water solution at 92.1 °C and Ptot = 1000 mbar

Ptot ¼ 1000mbar:
Methanol : x1 ¼ 0:0535molfr: Water : x2 ¼ 0:9465 molfr:

c1 ¼ 1:848 c2 ¼ 1:004
p01 ¼ 2816:7mbar p02 ¼ 756:4mbar

y1 ¼ 1:848 � 0:0535 � 2816:7
1000

¼ 0:279

y2 ¼ 1:004 � 0:9465 � 756:4
1000

¼ 0:721

K1 ¼ 1:848 � 281:6
1000

¼ 5:218

K2 ¼ 1:004 � 756:4
1000

¼ 0:761

a ¼ K1

K2
¼ 5:218

0:761
¼ 6:853

In comparison the ideal relative volatility without activity coefficients from the
vapour pressures is calculated:

aideal ¼ p01
p02

¼ 281:6
756:4

¼ 3:724

Conclusion: the influence of c is severe!

The relative volatility is almost doubled by the activity coefficients when going
from ideal a = 3.724 to non-ideal a = 6.853.

The activity coefficient c is dependent on the temperature and is very strongly
dependent on the concentration in the liquid phase.
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3.3 Minimum Number of Trays and Minimum Reflux
Ratio

This calculation is valid for ideal mixtures with a constant relative volatility a in the
column. In order to separate a mixture by fractionation a minimum number of
stages at infinite reflux and a minimum reflux ratio at infinite number of stages is
needed. Using these calculation parameters the required actual number and the
reflux ratio for a separation task can be determined very easily.

Calculation of the minimum number of stages for a separation at infinite reflux
[1]:

Nmin ¼
lg x1

x2

� �
D
� x2

x1

� �
B

h i
lg a

x1 = Light boiling component composition (molfr.)
x2 = Heavy boiling component composition (molfr.)
D = Composition in the distillate
B = Composition in the bottoms

Minimum number of stages for the rectification section:

NminV ¼
lg x1

x2

� �
D
� x2

x1

� �
F

h i
lg a

D = composition in the distillate
F = composition in the feed

Minimum number of stages for the stripping section:

NminA ¼
lg x1

x2

� �
F
� x2

x1

� �
B

h i
lg a

B = composition in the bottoms draw.
Calculation of the minimum reflux ratio at an infinite number of stages [2]:

Rmin ¼ 1
a� 1

� xD
xF

� �
1
�a � xD

xF

� �
2

� �

Rmin ¼ xD � yF
yF � xF

yF ¼ a � xF
1þ a� 1ð Þ � xF
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xD = composition in the distillate (molfr.)
xF = liquid composition in the feed (molfr.)
yF = corresponding vapour composition to xF (molfr.)
(xD/xF)1 = ratio of the distillate composition to feed composition for the light
boiling component

Remark: In non-ideal equilibrium lines the minimum reflux ratio can be graphi-
cally calculated from the coordinates of the intersection point between the equi-
librium and the operating line.

L
V

� �
min

¼ Rmin

Rmin þ 1
¼ Minimum slope of operating line

L = liquid rate in the rectification section (kmol/h)
V = vapour rate in the rectification section (kmol/h)

Example 3.3.1: Calculation of the minimum number of stages and the mini-
mum reflux ratio for a given separation task

Relative volatility a ¼ 2: Feed rate ¼ 100 kmol=h:

Separation task:

Component Feed molfr. Distillate molfr. Bottoms draw molfr.

A 0.5 0.95 0.05

B 0.5 0.05 0.95

Mass balance: Distillate D ¼ 100 � 0:5�0:05
0:95�0:05 ¼ 50 kmol/h

Calculation of the minimum number of stages for the separation:

Nmin ¼
lg 0:95

0:05 � 0:95
0:05

	 

lg 2

¼ 8:5

NminV ¼ lg 0:95
0:05 � 0:95

0:05

	 

lg 2

¼ 4:25

NminA ¼ lg 0:5
0:5 � 0:95

0:05

	 

lg 2

¼ 4:25

3.3 Minimum Number of Trays and Minimum Reflux Ratio 93



Required minimum reflux ratio

Rmin ¼ 1
2� 1

� 0:95
0:5

� 2 � 0:05
0:5

� �
¼ 1:7

xF ¼ 0:5 yF ¼ 2 � 0:5
1þð2� 1Þ � 0:5 ¼ 0:67

Rmin ¼ 0:95� 0:67
0:67� 0:5

¼ 1:7

3.4 Conversion of the Minimum Number of Trays
to the Actual Number of Trays [3]

The calculated minimum number of theoretical stages is only valid for an infinite
reflux ratio without distillate draw and the minimum reflux ratio for a column with
an infinite number of stages. The determined values must therefore be converted to
actual process conditions for the existing number of stages and a chosen reflux
ratio. The following approximations are used for the conversion.

N�Nmin
Nþ 1 ¼ Y

Y ¼ 0:75� 0:75 � X0:5668

R�Rmin
Rþ 1 ¼ X

X ¼ 0:75�Y
0:75

	 
1=0:5668
Example 3.4.1: Determination of the required number of theoretical stages for
R = 2
From Example 3.3.1: Rmin ¼ 1:7 Nmin ¼ 8:5 Chosen : R ¼ 2

X ¼ 2� 1:7
3

¼ 0:1

Y ¼ 0:75 � 0:75 � 10:5668 ¼ 0:547

N � Nmin ¼ 0:547Nþ 0:547

0:453N ¼ 8:5þ 0:547 ¼ 9:047 ) N ¼ 20

Therefore, 20 theoretical stages are required for a reflux ratio R = 2.
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3.5 Determination of the Feed Tray According
to Kirkbride [4]

The ratio of the rectification trays NV to the stripping trays NA is calculated
according to the method of Kirkbride.

NV

NA
¼ xA

xB

� �
� xAB

xBD

� �2

� B
D

" #0:206

Example 3.5.1: Determination of the feed stage for the separation task in
Example 3.3.1

NV

NA
¼ 0:5

0:5
� 0:05

0:05

� �2
 !0:206

¼ 1

NV ¼ 1
2
� 20 ¼ 10

The feed stream should be fed to the 10th theoretical tray of the column.

3.6 Graphical Determination of the Number of Trays
According to Mcabe–Thiele (Fig. 3.4)

Required Information

– Relative volatility a or the vapour–liquid equilibrium.
– Feed composition xF.
– Desired distillate composition xD.
– Required bottoms composition xB.
– Reflux ratio R.
– Thermal condition of the feed (q value).

Figures 3.5 and 3.6 show how to graphically determine the required theoretical
trays for a given fractionation task in the Mcabe–Thiele diagram.

First, the equilibrium curve y = f(x) must be drawn. These are the calculated
values for y and x using the relative volatility or measured equilibrium values for
the mixture which is to be separated. Subsequently the q-line is drawn in from the
intersection point of xF with the diagonal. The q-line is vertical, if the product is
introduced into the feed tray at boiling temperature. Next, the operating lines
in the rectification and stripping section are drawn in for the chosen reflux
ratio R.
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Rectification line: From xD with a slope LV/VV = R/R + 1.

LV = liquid rate in the rectification section of the column (kmol/h)
VV = rising vapour in the rectification section of the column (kmol/h)

Stripping line: From xB with a slope LA/VA = RA/RA − 1.

LA = liquid rate in the stripping section of the column (kmol/h)
VA = rising vapour in the stripping section of the column (kmol/h)

First the slopes of the rectification line and the stripping line are determined
considering the thermal condition q of the feed. Starting from xD and xB the the-
oretical trays are then drawn between the equilibrium curve and the operating lines.

Advantages of this method

Illustrative method for different reflux ratios.
Considers different feed conditions (q values).
Offers direct steam heating without a reboiler.
Considers side draws and the influence of the feed tray.

Equilibrium line

Operating line rectification
Slope = LV /VV

q - line
Slope =

Operating line stripping section
Slope = LA /VA

 Liquid concentration (molfraction)

B

Fig. 3.4 Mcabe–Thiele diagram for the determination of the theoretical number of trays
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Suitable for changing a values and non-ideal mixtures as well as non-equal molar
latent heat using a corresponding correction.

Disadvantages

Time consuming and inaccurate for small a values and very high
end-concentrations of distillate or bottoms products.
No temperatures considered.
Correction is required at different molar latent heats.

Example 3.6.1: Graphical determination of the required theoretical stages for
R = 3
Feed composition xF = 0.5 molfr. Required distillate composition xD = 0.95 molfr.

Relative volatility a = 2.4 Total pressure Ptot = 1 bar R = 3

Thermal condition q = 1 slope of the q-line = ∞

Slope of the reflux line
L
V
¼ R

Rþ 1
¼ 3

4
¼ 0:75

xB=0,08

Liquid concentration (molfraction)

Continous fractionation
with 9 theoretical stages

Fig. 3.5 Graphical
determination of the number
of theoretical stages for R = 3
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From figure Bild 3.5 it can be seen that with 9 theoretical trays at a reflux ratio
of R = 3 the bottoms product exits with a composition of xB = 0.08 molfr.

Mass balance:
Feed rate F = 100 kmol/h.

D ¼ F � xF � xB
xD � xB

¼ 0:5� 0:08
0:95� 0:08

¼ 48:3 kmol/h

Bottoms draw rate B = 51.7 kmol/h
Required total vaporization V = (R + 1) * D = 4 * 48.3 = 193.7 kmol/h

xB=0.05 Liquid concentration (molfraction)

Continous fractionation
with 15 theoretical stages

Fig. 3.6 Graphical
determination of the number
of trays for R = 1.5
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Example 3.6.2: Graphical determination of the number of theoretical stages
for R = 1.5
Feed composition xF = 0.5 molfr. Required distillate composition xD = 0.95 molfr.

Relative volatility a = 2.4 Total pressure Ptot = 1 bar R = 1.5

Thermal condition q = 1 ! slope of the q-line = ∞

Slope of the reflux line
L
V
¼ R

Rþ 1
¼ 1:5

2:5
¼ 0:6

From Fig. 3.6 it can be seen that with 15 theoretical trays at a reflux ratio of
R = 1.5 the bottoms product exits with a composition of xS = 0.05 molfr.

Mass balance:
Feed rate F = 100 kmol/h.

D ¼ F � xF � xB
xD � xB

¼ 100 � 0:5� 0:05
0:95� 0:05

¼ 50 kmol=h

Bottoms draw rate B = 50 kmol/h
Required total vaporization V = (R + 1) * D = 2.5 * 50 = 125 kmol/h.

3.7 Calculation of the Number of Trays Using
the McCabe–Thiele Method [5]

Starting from the distillate composition the compositions for the trays are calculated
from top down. When the feed composition is achieved the calculation must be
switched from the rectification calculation to the stripping calculation.

Required information: see Sect. 3.6 and the ratio D/F.

D = distillate rate (kmol/h)
F = feed rate (kmol/h)
LA = liquid rate in the stripping section (kmol/h)
B = bottoms draw rate (kmol/h)

Advantages

No drawing/plotting required.
More precise at high concentrations in the distillate and bottoms.

Disadvantages

Less illustrative.
Only valid for q = 1 and equal molar latent heats.
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Recommendation: Estimate the reflux ratio beforehand using approximation
methods.

Procedure for calculating the rectification section of the column

A ¼ L
V
¼ R

Rþ 1
B ¼ xD

Rþ 1

Starting at xD = y1 at the top, the corresponding liquid composition x1 of the
uppermost top tray to this vapour composition is calculated.

x1 ¼
xD

a � ð1�xÞ
1þ xD

að1�xDÞ

V = vapour rate rectification (kmol/h)
L = liquid rate rectification (kmol/h)
xD = distillate composition (molfr.)

The rising vapour from tray 2 at the top then has the following composition:

y2 ¼ A � x1 þB ¼ R
Rþ 1

� x1 þ xD
Rþ 1

Consequently, x2 is calculated for tray 2 from the top:

x2 ¼
y2

a � ð1�yÞ
1þ y2

a � ð1�y2Þ

This calculation is repeated until the liquid concentration is less than the feed
composition xF.

Calculation for the stripping section of the column

C ¼ RA

RA � 1
D ¼ xB

RA � 1
RA ¼ LA

B

Starting from xF or the last x value from the rectification calculation, the rising
vapour composition yA1 from the first stripping tray below the feed tray is
calculated:

yA1 ¼ C � x� D ¼ RA

RA � 1
� x� xB

RA � 1
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The liquid composition xA1 on the first stripping tray is calculated as follows:

xA1 ¼
yA1

a�ð1�yA1Þ
1þ yA1

a�ð1�yA1Þ

The calculation is repeated until the liquid composition gets below the desired
bottoms composition.

Remark: The a values can be varied in the calculations for different trays.
Efficiencies can also be considered [6].

Example 3.7.1: Determination of the number of trays by calculation according
to Mcabe–Thiele
xF = 0.5 xD = 0.95 xB = 0.05 R = 2 D/F = 0.5 a = 2

q = 1 F = 100 kmol/h D = 50 kmol/h B = 50 kmol/h
V = (2 + 1) * 50 = 150 kmol/hLV = 2 * 50 = 100 kmol/hLA = 200 kmol/h

Calculation for the rectification section from top down to the feed tray:

x1 ¼
0:95

2�ð1�0:95Þ
1þ 0:95

2�ð1�0:95Þ
¼ 0:9048

A ¼ L
V ¼ R

Rþ 1 ¼ 2
3 B ¼ xD

Rþ 1 ¼ 0:95
3

y2 ¼ 2
3 � 0:9048þ 0:95

3 ¼ 0:9198 x2 ¼ 0:8516
y3 ¼ 0:8844 x3 ¼ 0:7927
y4 ¼ 0:8452 x4 ¼ 0:7318
y10 ¼ 0:6567 x10 ¼ 0:4888

For the 10th tray from the top the calculated liquid concentration is:

x ¼ 0:4888\ xF ¼ 0:5:

Calculation for the stripping section of the column from the feed tray to the
bottom:

RA ¼ LA
B

¼ 200
50

¼ 4

LA
VA

¼ 200
150

¼ RA

RA � 1
¼ 4

4� 1
¼ 1:33

D ¼ xS
RA � 1

¼ 0:05
4� 1

¼ 0:0167

yA1 ¼ 1:33 � 0:4888� 0:0167 ¼ 0:6351

xA1 ¼
0:6351

2� 1�0:6351ð Þ
1þ 0:6351

2� 1�0:6351ð Þ
¼ 0:4653

yA2 ¼ 0:6037 xA2 ¼ 0:4324

yA3 ¼ 0:5599 xA3 ¼ 0:3888
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Calculated compositions of the trays according to McCabe–Thiele

Trays Vapour composition (molfr.) Liquid composition (molfr.)

1 0.9500 (xD = 0.95) 0.9048

2 0.9198 0.8516

3 0.8844 0.7927

4 0.8452 0.7318

5 0.8046 0.6730

6 0.7653 0.6199

7 0.7299 0.5747

8 0.6998 0.5383

9 0.6755 0.5100

10 0.6567 0.4888 (xF = 0.5)

11 0.6351 0.4653

12 0.6037 0.4321

13 0.5599 0.3888

14 0.5017 0.3348

15 0.4298 0.2737

16 0.3483 0.2109

17 0.2645 0.1524

18 0.1865 0.1029

19 0.1205 0.0641

20 0.0688 0.0356 (xB < 0.05)

The graphical determination of the number of trays in Fig. 3.7 gives the same
result as the calculated method.

3.8 Tray to Tray—Calculation Using the Flow Rates
and Relative Volatility a [6]

In this calculation the component mass balance is combined with the equilibrium
calculation.

Required information

Vapour and liquid rates in the rectification section and the stripping section.
Distillate rate d and bottoms rate b.
Relative volatility a or equilibrium factors K1 and K2.

Advantages

The flows and compositions are determined.
Adequate for different q-values.

Calculation procedure
The calculation is started from condenser down and from the reboiler up and is

continued from tray to tray until the compositions overlap.
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Rectification

(a) Make a list of distillate flows d and relative volatilities a.
(b) Calculate d/a and R d/a.
(c) Determine the liquid rates l of both components and their sums Rl.

I ¼ ðd=aÞ � L
Rðd=a)

L ¼ reflux rate ðkmol=hÞ ¼ R � D

(d) Determine of the vapour rate v = l + d rising from the next tray.

Example 3.8.1: Determination of the number of trays in the rectification sec-
tion using R = 2

Distillate D ¼ 50 kmol=h Reflux L ¼ 100 kmol=h xF ¼ 0:5

From condenser Tray 1 below the condenser

Component d (kmol/h) a d/a l (kmol/h) v (kmol/h) y (molfr.)

A 47.5 2 23.75 90.5 138 0.92

B 2.5 1 2.5 9.5 12 0.08

26.25 100 150 1.0

α = 2
R = 2
n = 20

F = 100 kmol/h
D = 50 kmol/h
B = 50 kmol/h

Liquid concentration x (molfraction)

Fig. 3.7 Graphical determination of the number of trays in Example 3.7.1
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Stripping

(a) Make a list of bottoms draw rates b with a separation factor a.
(b) Calculate b * a and Rb * a.
(c) Determine vapour rates v of the components and the sum

v ¼ ða � bÞ � V
Rða � bÞ

V = VA = the rising vapour rate from the reboiler (kmol/h).
(d) Determine the liquid rate running down from the next tray l = v + b.

Example 3.8.2: Determination of the number of trays in the stripping section

Bottoms drawB ¼ 50 kmol=h V ¼ 150 kmol=h

From reboiler Bottom draw above reboiler

Components b (kmol/h) a a * b v (kmol/h) l (kmol/h)

A 2.5 2 5 14.3 16.8

B 47.5 1 47.5 135.7 183.2

68.8 52.5 150 200

Remark: Both calculations starting from the top and bottom do not meet each
other at one point. The compositions are drawn over the numbers of trays and the
point of intersection of the liquid concentration calculated from the top and the
bottom, with the feed composition xF = 0.5, is chosen as a feed tray (see Fig. 3.8).

Fig. 3.8 Calculated vapour and liquid compositions on the theoretical trays according to the
Mcabe–Thiele and flow rate calculations
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Results of the tray-to-tray-calculation with flows and compositions

From column top to the feed tray

Tray number 1 2 3 4 8 9 10 11

v1 (kmol/h) 47 138 133 127 105 101 98.5 96

v2 (kmol/h) 2.5 12 17 23 45 49 51.5 54

y1 (molfr.) 0.95 0.919 0.884 0.845 0.699 0.675 0.657 0.643

l1 (kmol/h) 90.5 85 80 73 54 51 49 47

l2 (kmol/h) 9.5 15 20 27 46 49 51 53

x1 (molfr.) 0.905 0.852 0.793 0.732 0.538 0.51 0.489 0.473

From reboiler to the feed tray

Tray number 20 19 18 17 14 13 12 11 10

v1 (kmol/h) 14.3 23.2 34.2 46.5 80.3 87.8 93.3 97.2 99.8

v2 (kmol/h) 135.7 126.8 115.8 103.5 69.7 62.2 56.7 52.8 50.2

y1 (molfr.) 0.095 0.155 0.228 0.31 0.535 0.586 0.622 0.648 0.665

l1 (kmol/h 2.5 16.8 25.7 36.7 73 82.8 90.3 95.8 99.7

l2 (kmol/h 47.5 183.2 174.3 163.3 127 117.2 109.7 104.2 100.3

x1 (molfr.) 0.05 0.084 0.129 0.183 0.365 0.414 0.452 0.479 0.498

On tray 10 the vapour rates and the liquid composition of the light component
are almost the same:

Rectification Stripping

v1 98.5 99.8

v2 51.5 50.2

x1 0.489 0.498

3.9 Analytical Calculation According to Smoker [7–10]

Starting with a given reflux ratio and the compositions xF, xD, and xB, as well as the
relative volatility a, rectification and stripping trays are calculated.
Advantages

Quick method, especially for small a values with many separation stages in the
corners of the diagram.
More accurate than the determination of the minimum tray number according to
Fenske.

The calculation method is well described in the essays of Stage and Juilfs [9].
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Example 3.9.1: Calculation of the required number of trays n for the rectifi-
cation according to Smoker
Data: see Example 3.6.1 xF ¼ 0:5 xD ¼ 0:95 a ¼ 2 R ¼ 2

A = a – 1 = 2 – 1 = 1
B = A * xF = 1 * 0.5 = 0.5
D = A * xD = 1 * 0.95 = 0.95
E = A * R = 1 * 2 = 2

V ¼ Eþ a� D
2

¼ 2þ 2� 0:95
2

¼ 1:525 V2 ¼ 2:326

W2 = V2
– D * R = 2.326 – 0.95 * 2 = 0.426 W = 0.652

K1 = V – W = 1.525 – 0.652 = 0.873
K2 = K1/R = 0.873/2 = 0.437
c = K2 + 1 = 0.437 + 1 = 1.437 d = c2 = 2.064
G = D – K2 = 0.95 – 0.437 = 0.513
H = B – K2 = 0.5 – 0.437 = 0.063

b ¼ a � ðRþ 1Þ
d � R ¼ 2 � 3

2:064 � 2 ¼ 1:453

F = c * (b – 1) = 1.437 * 0.453 = 0.652
N = F – G = 0.652 – 0.513 = 0.139
M = F – H = 0.652 – 0.063 = 0.589

c ¼ G �M
H � N ¼ 0:513 � 0:589

0:063 � 0:139 ¼ 34:5 n ¼ lg c
lg b

¼ lg 34:5
lg 1:453

¼ 9:5

Required rectification trays: 10 theoretical trays.

3.10 Thermal Condition of the Feed [10]

The thermal condition of the feed is characterized by the q-value.
In the following it is shown how the q-value is determined and what influence

this has on the fractionation and the vapour and liquid loading of the column.

(a) Cold feed with a temperature TF below the boiling temperature TS of the feed

Tfeed\TS ¼ Tboil ! q[ 0 q ¼ 1þ cFl � TS � TFð Þ
r

(b) Feed at boiling temperature Tfeed ¼ TS ¼ Tboil ! q ¼ 1
(c) Feed of a vapour�liquidmixture ! 0\q\1 ) q ¼ liquid fraction
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(d) Saturated vapour at the dew point Tfeed ¼ Tdew ! q ¼ 0
(e) Overheated vapour with feed temperature TF

Tfeed [Tdew ! q\0 q ¼ �cD� TF�Tdewð Þ
r

Using the q-value the equation of the q-line is determined:

y ¼ � q
1� q

� xþ xF
1� q

Slope of the q� line ¼ q
1� q

TF = feed temperature (°C)
TS = boiling temperature (°C)
Tdew = dew point temperature (°C)
cD = specific heat capacity of the vapour (Wh/kgK)
cFl = specific heat capacity of the liquid (Wh/kgK)
r = latent heat of the feed mixture (Wh/kg)

Example 3.10.1: Calculation of the slope of the q-line
.
(a) Subcooled feed with TF = 20 °C

TS ¼ 95:3 �C cFl ¼ 0:79Wh=kgK r ¼ 161Wh=kg

q ¼ 1þ 0:79 � ð95:3� 20Þ
161

¼ 1:37

Slope of the q-line = 1.37/0.37 = 3.7
(b) Feed = 66% vapour ) q = 0.34

Slope of the q-line = 0.34/0.34 – 1 = – 0.51
(c) Feed = saturated vapour ) q = 0

Slope of the q-line = 0/1 – 0 = 0
(d) Feed = overheated vapour with TF = 130 °C

Tdew ¼ 100 �C cD ¼ 0:3Wh=kgK r ¼ 120Wh=kg

q ¼ �0:3 � ð130� 100Þ
120

¼ �0:075

The q-value influences

– The vapour and liquid loading in the column.
– The optimal feed tray.
– The number of trays and required reflux ratio.
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In mass balance in the rectification and stripping sections the q-value must
absolutely be considered. The vapour and liquid loadings in the column are cal-
culated as follows:

VV ¼ ðRþ 1Þ � D
VA ¼ VV � ð1� qÞ � F
VV ¼ VA þð1� qÞ � F
LA ¼ LV þ q � F

LV ¼ R � D
VV � VA ¼ ð1� qÞ � F

LA � LV ¼ ð1� qÞ � F

F = feed rate (kmol/h)
D = distillate rate (kmol/h)
R = reflux ratio
VA = vapour rate in the stripping section of the column (kmol/h)
LA = liquid rate in the stripping section (kmol/h)
VV = vapour rate in the rectification section (kmol/h)
LV = liquid rate in the rectification section (kmol/h)

Example 3.10.2: Mass balances in the rectification and stripping sections at
different q-values

F ¼ 100 kmol=h D ¼ 30 kmol=h B ¼ 70 kmol=h R ¼ 3

(a) Feed at boiling temperature ) q = 1

VV ¼ 4 � 30 ¼ 120 kmol=h LV ¼ 3 � 30 ¼ 90 kmol=h
VV ¼ VA ¼ 120 kmol=h LA ¼ 90þ 100 ¼ 190 kmol=h

(b) Subcooled feed ) q = 1.5

VV = 120 kmol/h LV = 90 kmol/h
VA = 120 – (1 – 1.5) * 100 = 170 kmol/h
VA = 240 – 70 = 170 kmol/h
LA = 90 + 1.5 * 100 = 240 kmol/h

(c) Vapour feed ) q = 0

LA = LV = 90 kmol/h
VA = 120 – 100 = 20 kmol/h
VV = VA + F = 20 + 100 = 120 kmol/h
VA = 90 – 70 = 20 kmol/h

(d) Feed = vapour–liquid mixture with 50% vapour ) q = 0.5

LA = 90 + 50 = 140 kmol/h
VA = 120 – 50 = 70 kmol/h
VV = 70 + 50 = 120 kmol/h
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Figure 3.9 show the influence of q on the required number of trays and the
correct feed tray.

Fig. 3.9 a Feed with boiling
temperature ) q = 1.
Required number of trays: 11.
Feed tray: seventh tray from
the top. b Subcooled feed )
q = 1.37. Required number of
trays: 10. Feed trays: fifth tray
from the top. c Feed = 2/3
vapour ) q = 1/3. Required
number of trays: 12. Feed
tray: seventh tray from the top
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3.11 Column Loading in the Rectification and Stripping
Section

The vapour and liquid rates in the rectifying and stripping section of the column
result from the mass balance, the reflux ratio, and the thermal condition of the feed
or the q-value.

F = feed rate (kmol/h)
D = distillate rate (kmol/h)
B = bottoms rate (kmol/h)
VV = vapour rate in the rectification section (kmol/h)
LV = liquid rate in the stripping section (kmol/h)
VA = vapour rate in the stripping section (kmol/h)
LA = liquid rate in the stripping section (kmol/h)
R = LV/D = reflux ratio in the rectification section
RA = LA/B = reflux ratio in the stripping section

Rectification section

VV ¼ ðRþ 1Þ � D LV ¼ R � D

Slope of the operating line for the rectification section = LV/VV

LV
VV

¼ R
Rþ 1

Stripping section

VA = VV – (1 – q) * F = LA – B
LA = LV + q * F = R * D + q * F = RA * B

Slope of the operating line for the stripping section = LA/VA

LA
VA

¼ RA

RA � 1

Example 3.11.1: Vapour and liquid loadings in the rectification and stripping
sections

(a) q ¼ 1 R ¼ 3:05 F ¼ 100 kmol=h D ¼ 31:2 kmol=h

Rectification section

VV = (3.05 + 1) * 31.2 = 126.36 kmol/h
LV = 3.05 * 31.2 = 95.16 kmol/h
LV/VV = 95.16/126.36 = 0.753 = 3.05/4.05 = slope of the rectification operating
line
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Stripping section

LA = 95.16 + 1 * 100 = 195.16 kmol/h
VA = 126.36 – (1) * 100 = 126.36 kmol/h
LA/VA = 195.16/126.36 = 1.54 = slope of the stripping operating line

(b) q ¼ 1:25 R ¼ 3:05 F ¼ 100 kmol=h D ¼ 31:2 kmol=h

Rectification section

VV = 4.05 * 31.2 = 126.36 kmol/h
LV = 3.05 * 31.2 = 95.16 kmol/h
LV/VV = 0.753 = slope of the rectification operating line

Stripping section

LA = 95.16 + 1.25 * 100 = 220.16 kmol/h
VA = 126.36 – (1 – 1.25) * 100 = 151.36 kmol/h
LA/VA = 1.45 = slope of the stripping operating line

3.12 Design Data for the Column Internals

From the calculated column loading in kmol/h the vapour and liquid flows in kg/h
and m3/h must be determined using the average mole weights and the vapour or
liquid densities at column temperature and the column pressure:

Vapour rate ¼ V�Ma
.V

ðm3=hÞ Liquid rate ¼ L�Ma
.L

ðm3=hÞ

Ma = average mole weight of the mixture
V = vapour loading (kmol/h)
L = liquid loading (kmol/h)
.L = liquid density (kg/m3)
.V = vapour density (kg/m3)

Example 3.11.1: Separation of a benzene–toluene mixture with relative
volatility a = 2
Component xF (molfr.) xD (molfr.) xB (molfr.)

Benzene 0.5 0.9734 0.0266

Toluene 0.5 0.0266 0.9734
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Rate (kmol/h) 100 50 50

Rate (kg/h) 8512.7 3924.44 4588.26

Average M 85.13 78.49 91.77

Temperatures 91.7 °C 80.2 °C 108.9 °C

Feed at boiling temperature ) q = 1
Calculation of the minimum number of trays

Nmin ¼
lg 0:9734

0:0266 � 0:9734
0:0266

	 

lg 2:4

¼ 8:22

NminV ¼ lg 0:9734
0:0266 � 0:5

0:5

	 

lg 2:4

¼ 4:11

Calculation of the minimum reflux ratio

Rmin ¼ 1
2:4� 1

� 0:9734
0:5

� 2:4 � 0:0266
0:5

� �
¼ 1:3

Required number of theoretical trays at the chosen reflux ratio R = 1.5

X ¼ R� Rmin

Rþ 1
¼ 1:5� 1:3

2:5
¼ 0:08

Y ¼ 0:75� 0:75 � X0:5668 ¼ 0:75� 0:75 � 0:080:5668 ¼ 0:57

N ¼ 20:4

Calculated number or trays according to McCabe–Thiele

Total number of trays ntot = 20

Rectification trays nV = 10

Stripping trays nA = 10

Feed tray nF = 10

Column loading at q = 1 without heat losses

VV = (1.5 + 1) * 50 = 125 kmol/h
VV = 125 * Mm = 125 * 78.49 = 9811 kg/h
LV = 1.5 * 50 = 75 kmol/h
LV = 75 * 78.49 = 5886 kg/h
VA = 125 kmol/h = 125 * 85.13 = 10.641 kg/h
LA = 75 + 100 = 175 kmol/h
LA = 175 * 85.13 = 14.898 kg/h
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Design data for the column internals

Rectification Stripping
.V = 2.66 kg/m3 at 1 bar .V = 2.8 kg/m3

VV = 9811 kg/h = 3688 m3/h VA = 10.641 kg/h = 3800 m3/h

.L = 814 kg/m3 .L = 780 kg/m3

LV = 5886 kg/h = 7.23 m3/h LA = 14.898 kg/h = 19.1 m3/h

Example 3.11.2: Influence of the q-value on the separation in Example 3.11.1
The separation effort at the fractionation of a benzene–toluene mixture is strongly
influenced by the thermal condition of the feed.

(a) Feed at boiling temperature ) q = 1

VV = 125 kmol/h LV = 75 kmol/h

VA = 125 kmol/h LA = 175 kmol/h

xF = 0.50 molfr. xD = 0.9734 molfr. xB = 0.0266 molfr.

(b) Feed subcooled to 30 °C ) q = 1.287

VV = 125 kmol/h LV = 75 kmol/h

VA = 154 kmol/h LA = 200 kmol/h

xF = 0.5 molfr. xD = 0.9847 molfr. xB = 0.0153 molfr.

Conclusion: The separation is lightly better!
(c) Feed as overheated vapour at 120 °C

VV = 125 kmol/h LV = 75 kmol/h

VA = 14 kmol/h LA = 64 kmol/h

xF = 0.5 molfr. xD = 0.7768 molfr. xB = 0.2232 molfr.

Conclusion: The separation is clearly worse!

For comparison, the output of a computer simulation for Example 3.11.1 is
shown in Figs. 3.10 and 3.11.

The results are nearly identical. The great advantage of the computer calculation
is the output of data for many components, needed for fluid-dynamic design and
calculation of the condenser and the reboiler. Using computer programs the
column design is made easier because the components are included in the program
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along with the equilibria. Therefore, the sometimes laborious generation of physical
properties is no longer necessary. It is important to critically check computer
results. From the computer output the influence of the q-value, reflux ratio, side
draw, and feed tray on the required separation effort can not be seen as it can in the
McCabe–Thiele diagram.

Fig. 3.10 Computer simulation of the benzene–toluene separation, Part 1
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Fig. 3.11 Computer simulation of the benzene–toluene separation, Part 2
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3.13 Fractionation of Non-ideal Binaries

With the distillation calculations for ideal mixtures you can calculate, to a large
extent, with a constant relative volatility a. This makes the calculation easy. With
the fractionation of non-ideal mixtures the relative volatility in the column changes
from tray to tray because the activity coefficient c strongly depends on the con-
centration. Much more time is needed for a distillation calculation because the
compositions vary inside the column and for each new composition the activity
coefficient for the equilibrium has to be determined once again. Figure 3.12 shows
the curve of the activity coefficients for a methanol–water mixture depends on the
methanol composition.

Figure 3.13 shows how the relative volatility for the methanol–water mixture
varies on the different theoretical trays. In the design of a column there needs to be
made an iterative calculation until the equilibrium corresponds to the tray com-
position. First of all the composition of a tray is sized up using the equilibrium of
the previous theoretical tray. Then the activity coefficient for the new composition
is determined and the new equilibrium on the theoretical tray is calculated until the
right equilibrium for the composition on the tray is determined. Much time is
needed for this calculation. Therefore, such calculations are completed using a
computer. Figure 3.14 depicts the curve for the composition in a column for the
separation of methanol and water.

Fig. 3.12 Activity coefficients of methanol and water as a function of methanol concentration in
the liquid phase
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The graphical design of a column for a non-ideal, two-component mixture is
very easy. The vapour–liquid equilibrium and an A3-sheet paper is all that is
needed. The application is shown in Example 3.12.6 and Fig. 3.15.

Example 3.12.6: Distillative separation effort for an isopropanol–water mixture
IPA-feed composition: 50 weight% = 23.06 mol%

IPA-distillate composition: >86.1 weight% = 65 mol%

IPA-bottoms composition: <14.93 weight% = 5 mol%

Methanol vapor

Methanol liquid

Water vapor

Water liquid

Tray number

Fig. 3.14 Composition of methanol and water on the column trays

Tray number

Fig. 3.13 Relative volatility on different trays of a methanol–water column
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From the McCabe–Thiele diagram shown below the following separation con-
ditions result:

L
V
¼ 0:879 ¼ R

Rþ 1
R ¼ 0:879 � Rþ 0:879 R ¼ 0:879

0:121
¼ 7:26

Required rectification trays: 4 Required stripping trays: 1

Total number of theoretical trays: 5

The following computer simulation of Example 3.12.6 in Fig. 3.16 gives the
same result as the graphical design.

nV = 4
nA = 1

Liquid concentration x (molfraction)

Fig. 3.15 Graphical design of a column for isopropanol–water separation
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Fig. 3.16 Computer simulation of isopropanol–water separation
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Chapter 4
Calculation of Multi-component
Fractionation Plants

4.1 Basic Data for the Design

4.1.1 Mass Balance for the Separation Task

First a preliminary mass balance for the specified separation task is prepared:

• Feed composition.
• Distillate composition.
• Bottoms composition.

These compositions are required in order to determine the bubble point tem-
peratures of the feed and bottoms product and the dew point at the column top in
order to determine the average relative volatility a for the given fractionation task.

The calculation method is essentially reduced to the separation of two key
components, i.e., the light key (LK) and the heavy key (HK) components.

Example 4.1.1: Mass balance for a four-component mixture

Component Feed Distillate Bottoms

M

kg/kmol kg/h kmol/h xE kg/h kmol/h xD kg/h kmol/h xB
Light 78 1952 25 0.25 1952 25 0.48 0.0 0.0 0

LK 92.1 2303 25 0.25 2081 22.6 0.44 219 2.4 0.05

HK 106.1 2652 25 0.25 228 2.15 0.04 2425 22.85 0.48

Heavy 104.1 2602 25 0.25 239 2.3 0.04 2580 24.77 0.47

9508 100 1.0 4500 52.05 5008 47.95 1.0

© Springer International Publishing AG 2017
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Average mole weight Mm ¼ P
xi �Mi

Feed:Mm ¼ 95:075 Distillate:Mm ¼ 86:37 Bottoms:Mm ¼ 104:46

HK = heavy key component.
LK = light key component.
M = molecular weight (kg/kmol).
xE = feed composition (molfraction).
xD = distillate composition (molfraction).
xB = bottoms composition (molfraction).

4.1.2 Calculation of the Average Relative Volatility
a for Ideal Mixtures

For the determination of the averaged relative volatility, the temperatures at the
column top, in the column bottom, and at the feed stage are required in order to
determine the averaged relative volatilities for the different temperatures at the top,
the feed stage and the bottom.

Calculation of the bubble points and dew points is shown in Chap. 2.

Bubble Point Equation:

X
yi ¼ 1 ¼

X
Ki � xi ¼

X xi � ci � p0i
Ptot

Dew Point Equation:

X
xi ¼ 1 ¼

X yi
Ki

¼
X yi � Ptot

ci � p0i
The activity coefficient c must be considered for non-ideal mixtures!

Ptot = total pressure (mbar).
P0i = vapour pressure of component i.
xi = composition of component i in the liquid (molfraction).
ci = activity coefficient of component i.
yi = vapour composition of component i (molfraction).
K = equilibrium constant = y/x.

In multi-component mixtures the relative volatility a is derived from the vapour
pressures and is based on the HK component.
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Relative volatility of component 1: a1 ¼ p01
p0HK

Relative volatility of component 2: a2 ¼ p02
p0HK

Relative volatility of component LK: aLK ¼ p0LK
p0HK

p01 = vapour pressure of component 1.
a1 = relative volatility of component 1.
p02 = vapour pressure of component 2.
a2 = relative volatility of component 2.
p0LK = vapour pressure of the LK component.
p0HK = vapour pressure of the HK component.

The vapour pressures at different temperatures are calculated and hence the
average relative volatilities am derived:

am ¼ ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
atop � afeed � abottom3

p

Example 4.1.2.1: Determination of the Relative volatilities for a
benzene/toluene/ethyl benzene/styrene mixture

Benzene: am1 ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
5:2 � 4:25 � 4:993

p
¼ 4:79

Toluene: am2 ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2:15 � 1:95 � 2:113

p
¼ 2 LK

Ethylbenzene: am3 ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1 � 1 � 13

p
¼ 1 HK

Styrene: am4 ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:75 � 0:78 � 0:763

p
¼ 0:76

Below are the chosen average relative volatilities for the determination of the
required theoretical stages N and the required reflux ratio R:

Light boiling benzene: am = 4.79
LK component toluene: am = 2.0
HK component ethyl benzene: am = 1.0
High boiling styrene: am = 0.76.

Top Bottom Feed

Temperature (°C) 101 138.1 108

p0 a p0 a p0 a

Component mbar – mbar – mbar –

Benzene 1387 5.20 3398 4.25 1690 4.99

Toluene 573.4 2.15 1562 1.95 715.2 2.11

Ethylbenz 265.7 1.0 800 1.0 338.8 1.0

Styrene 199.8 0.75 627.5 0.78 257.3 0.76
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4.1.3 Component Distribution According to Relative
Volatilities [1, 6]

After the relative volatilities are determined the preliminary mass balance, with
component distribution, is prepared according to the method of Hengstebeck–
Geddes [1].

lg
di
bi

¼ aþ b � lg ai

fi = feed flow rate of component i (kmol/h).
di = distillate flow rate of component i (kmol/h).
bi = bottoms flow rate of component i (kmol/h).
ai = relative volatility of component i based on the HK component.

a ¼ � lg
bHK=fHK

1� bHK=fHK

� �

b ¼
lg dLK=fLK

1�dLK=fLK
� bHK=fHK

1�bHK=fHK

h i
lg aLK

di
fi
¼ 10a � ab

1þ 10a � ab
bi
fi
¼ 1

1þ 10a � ab

Example 4.1.3.1: Calculation of Components Distribution

Required separation: bHK ¼ 22:85 kmol=h dLK ¼ 22:6 kmol=h

a ¼ � log
bHK=fHK

1� bHK=fHK
¼ � log

22:85=25
1� 22:85=25

¼ �1:0264

b ¼
log dLK=fLK

1�dLK=fLK
� bHK=fHK

1�bHK=fHK

h i
log aLK

¼
log 22:6=25

1�22:6=25 � 22:85=25
1�22:85=25

h i
log 2

¼ 6:645

Component Volatility Feed

M a (kmol/h)

Light 78 4.79 25

LK 92.1 2 25

HK 106.1 1 25

Heavy 104.1 0.75 25

100
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Calculation of the distillate and bottoms flow rate for the HK component:

dHK ¼ 10a � ab
1þ 10a � ab � fHK ¼ 10�1:0264 � 16:645

1þ 10�1:0264 � 16:645 � 25 ¼ 0:086 � 25 ¼ 2:15 kmol

bHK ¼ 1
1þ 10a � ab � fHK ¼ 1

1þ 10�1:0264 � 16:645 � 25 ¼ 0:914 � 25 ¼ 22:85 kmol

Result of the Distribution Calculation:

Component Feed Distillate Bottoms

(molfr.) (kmol/h) (kmol/h)

Benzene 0.25 24.99 0.01

Toluene 0.25 22.6 2.4

Ethyl benzine 0.25 2.15 22.85

Styrene 0.25 0.34 24.66

4.2 Short-Cut Method for Ideal Multi-component
Mixtures [2–7]

With the short-cut method both the required minimum number of trays Nmin at total
reflux and the required minimum reflux ratio Rmin at infinite number of trays is
determined. Using a simple conversion the required number of theoretical stages for
a certain reflux ratio R is determined. The method is very simple and illustrates the
difficulty level of a separation. However, the short-cut method is not suitable for
non-ideal vapour–liquid equilibria because the relative volatility strongly changes
with concentration for non-ideal mixtures.

4.2.1 Calculation of the Minimum Number of Trays Nmin

for a Given Component Distribution According
to Fenske [8]

The minimum number of stages at total reflux for the separation of the LK and HK
components is calculated. The compositions for the calculation are taken from the
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components distribution according to Hengstebeck–Geddes, described in
Sect. 4.1.3. Alternatively, the minimum number of trays for an estimated compo-
nents distribution can be performed and then the mass balance can be determined
according to Sect. 4.2.2. The determination of the required relative volatilities is
shown in Sect. 4.1.2.

Nmin ¼
lg xLK

xHK

� �
top
� xHK

xLK

� �
bottom

� �
lg aLK

aLK = relative volatility of the LK component based on the HK component.
xLK = composition of the LK component at the top and the bottom.
xHK = composition of the HK component at the top and the bottom.

4.2.2 Calculation of the Components Distribution
at the Minimum Number of Trays Nmin

The flow distribution according to the relative volatilities for the calculated mini-
mum number of trays is determined:

A ¼ aNmin
i � dHK

bHK

� �
B ¼ Aþ 1

di ¼ A
B
� fi bi ¼ fi

B
fi ¼ di þ bi

bi = bottoms flow rate of component i (kmol/h).
di = distillate flow rate of component i (kmol/h).
fi = feed flow rate of component i (kmol/h).
ai = relative volatility of component i based on HK component.
d
b

	 

HK = distribution of the HK component to the distillate and bottoms.

4.2.3 Determination of the Minimum Reflux Ratio Rmin

According to Underwood [9]

First the operand H for the feed composition and the thermal condition of the feed,
characterized by the q-value, is determined. Then, with the help of the H-value,
which is determined iteratively by trial and error, the minimum reflux ratio Rmin is
calculated.
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1� q ¼
X ai � xiF

ai �H

Rmin þ 1 ¼
X ai � xiD

ai �H

4.2.4 Conversion to the Real Number of Trays at a Real
Reflux Ratio R [10]

The calculated minimum number of trays is valid for an infinite reflux ratio without
distillate draw and the minimum reflux ratio for a column with an infinite number of
trays. The derived values must therefore be converted to realistic operating con-
ditions for a definite number of trays and a definite reflux ratio. The following
approximation formula can be used for the conversion:

N�Nmin
Nþ 1 ¼ Y

Y ¼ 0:75� 0:75 � X0:5668

R�Rmin
Rþ 1 ¼ X

X ¼ 0:75�Y
0:75

	 
1=0:5668

4.2.5 Determination of the Feed Tray According
to Kirkbride [11]

The ratio of the rectification trays NV to the stripping trays NA is calculated.

NV
NA

¼ xHKF
xLKF

� �
� xLKB

xHKD

� �2
� B
D

� �0:206
NV ¼ NV=NA

1þNV=NA
� Ntot

NA ¼ Ntot � NV:

4.3 Vapour and Liquid Loading of the Column

The vapour and liquid flow rates in the rectification and stripping sections result
from the mass balance, the reflux ratio, and the thermal condition of the feed or the
q-value (see Chap. 3). The thermal condition of the feed mixture is characterized by
the q-value.
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Feed of a liquid at boiling temperature Tfeed = Tboil ) q = 1
Feed of a cold liquid with Tfeed < Tboil ) q > 1
Feed of vapour at dew point Tfeed = Tdew ) q = 0
Feed of overheated vapour with Tfeed > Tdew ) q < 0

The q-value is required for the determination of the vapour and liquid flow rates
in the column. For instance, the liquid flow rate in the stripping section is increased
with a cold liquid feed.

Rectification section:

Vapour flow rate VV ¼ R þ 1ð Þ � D Liquid flow rate LV ¼ R � D

Slope of the operating line for rectification

LV
VV

¼ R
Rþ 1

Stripping section:

Vapour flow rate VA ¼ VV � 1� qð Þ � F ¼ LA � B

Liquid flow rate LA ¼ LV þ q � F ¼ R � Dþ q � F ¼ RA � B

Slope of the operating line for stripping

LA
VA

¼ RA

RA � 1

F = feed flow rate (kmol/h).
D = distillate flow rate (kmol/h).
B = bottoms flow rate (kmol/h).
VV = vapour flow rate in the rectification section (kmol/h).
LV = liquid flow rate in the rectification section (kmol/h).
VA = vapour flow rate in the stripping section (kmol/h).
LA = liquid flow rate in the stripping section (kmol/h).
R = LV/D = reflux ratio in the rectification section.
RA = LA/B = reflux ratio in the stripping section.
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Example 4.3.1: Column Loading at different q-Values

(a) Feed of liquid with bubble point temperature: Tfeed = Tboil

q ¼ 1 R ¼ 3:05 F ¼ 100 kmol=h D ¼ 31:2 kmol=h

Rectification:

VV = (3.05 + 1) * 31.2 = 126.36 kmol/h
LV = 3.05 * 31.2 = 95.16 kmol/h
Slope of the rectifying line LV/VV = 95.16/126.36 = 0.753

Stripping:

LA = 95.16 + 1 * 100 = 195.16 kmol/h
VA = 126.36 − (1 − 1) * 100 = 126.36
Slope of the stripping line LA/VA = 195.16/126.36 = 1.54

(b) Feed of cold liquid: Tfeed < Tboil

q ¼ 1:25 R ¼ 3:05 F ¼ 100 kmol=h D ¼ 31:2 kmol=h

Rectification:

VV = 4.05 * 31.2 = 126.36 kmol/h
LV = 3.05 * 31.2 = 95.16 kmol/h
Slope of the rectifying line LV/VV = 0.753

Stripping:

LA = 95.16 + 1.25 * 100 = 220.16 kmol/h
VA = 126.36 − (1 − 1.25) * 100 = 151.36 kmol/h
Slope of the stripping line LA/VA = 1.45

From the calculated column loading in kmol/h the vapor and liquid flow rates in
kg/h must be calculated using the average mole weights and the vapour and liquid
densities at column temperature:

Vapor flow rate ¼ V �Mm

qV
ðm3=hÞ

Liquid flow rate ¼ L �Mm

qL
ðm3=h)
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Mm = average mole weight of the mixture.
V = vapour loading (kmol/h).
L = liquid loading (kmol/h).
.L = liquid density (kg/m3).
.V = vapour density (kg/m3).

The described “short-cut” or approximation methods for the determination of the
required theoretical stages, the required reflux ratio, the feed stage, as well as the
flow distribution for the different streams according to Fenske, Underwood,
Gililand, and Kirkbride are particularly suitable for the design of fractionation
plants for ideal homogeneous mixtures, such as:

Hydrocarbons.
Aromatic mixtures.
Fatty alcohols, fatty acids, and fatty acid methyl ester.
Nitrochlorid- and nitroparaffin components.

In the separation of non-ideal, multi-component mixtures with activity coeffi-
cients a computer program is needed because the composition changes for every
tray and the activity coefficient is strongly concentration dependent. This is an
enormous calculation task. Often, however, the problem can be reduced to a binary
component separation and hence can be graphically solved according to Mcabe–
Thiele. With unknown mixtures additional pilot plant fractionation is recom-
mended. This is particularly true for aceotropic and extractive distillations as well as
for hybrid plants with intermediate membrane permeation.

Example 4.3.2: Column Calculation for a Mixture of Benzene, Toluene, Ethyl
benzene and Styrene
The following mixture is to be separated such that 90.49% of the LK component
toluene is produced at the top and 91.39% of the HK component ethyl benzene is
produced at the bottom.

Feed flow rate: 100 kmol/h.

1. Component Distribution according to Hengstebeck–Geddes with Relative
Volatilities

a ¼ �1:0264 b ¼ 6:645

Component Feed Distillate Bottoms

(molfr.) (kmol/h) (xD) (kmol/h) (xB)

Benzene 0.25 24.99 0.499 0.01 0.000

Toluene LK 0.25 22.6 0.451 2.4 0.048

Ethylb HK 0.25 2.15 0.043 22.85 0.458

Styrene 0.25 0.34 0.007 24.66 0.494

1 50.08 1 49.92 1
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2. Calculation of the minimum number of trays Nmin with relative volatility
a = 2 for the separation of toluene/ethyl benzene

Nmin ¼
lg 0:451

0:043 � 0:458
0:048

	 

lg 2

¼ 6:65

3. Calculation of the component distribution at Nmin

Nmin ¼ 6:65 b=fð ÞHK¼ 22:85=25 ¼ 0:9139 d=bð ÞHK¼ 2:15=22:85 ¼ 0:094

4. Minimum reflux ratio according to Underwood

Calculation using the estimate H = 1.33 for q = 1

X ai � xiF
ai �H

¼ 1� q ¼ 1� 1 ¼ 0

Calculation of Rmin with H = 1.33

X ai � xiF
ai �H

¼ Rmin þ 1

Rmin ¼ 1:9� 1 ¼ 0:9 Rmin ¼ 0:9

Component Feed Distillate Bottom

(kmol/h) (kmol/h) (kmol/h) A B

Benzene 25 24.99 0.01 3143.1 3144.1

Toluene 25 22.6 2.4 9.44 10.44

Ethyl benzine 25 2.15 22.85 0.094 1.094

Styrene 25 0.34 24.66 0.014 1.014

100 50.08 49.92

a xF a * xF H ai�xiF
ai�h

Benzene 4.79 0.25 1.1975 1.33 0.3461

Toluene 2 0.25 0.50 1.33 0.7463

Ethyl benzene 1 0.25 0.25 1.33 −0.7576

Styrene 0.76 0.25 0.19 1.33 −0.3333

0.0015

xD xD * a xD�a
a�h

0.503 2.409 0.696

0.451 0.902 1.346

0.040 0.040 −0.121

0.007 0.005 −0.009

1.9
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5. Required number of trays at R = 1

X ¼ 1�0:9
1:9 ¼ 0:05 ) Y ¼ 0:613

N � Nmin ¼ 0:613 Nþ 0:613

0:387 N ¼ 0:613þ 6:65 N ¼ 19 at R ¼ 1

With a reflux ratio of R = 1 you require 19 theoretical trays.

6. Determination of the feed stage for Ntot = 19

NV

NA
¼ 0:25

0:25
� 0:051

0:039

� �2

� 50:3
49:7

" #0:206

¼ 1:11 NV ¼ 1:11
2:11

� 19 ¼ 10

NA ¼ Ntot � NV ¼ 19� 10 ¼ 9

Therefore, 10 rectification trays (NV) and 9 stripping trays (NA) are
required.

7. Column loading at q = 1

Feed = 100 kmol/h.
Distillate = 50 kMol/h.
Bottoms = 50 kMol/h.
Total vapor flow rate rectification = (R + 1) * D = (1 + 1) * 50 = 100 kmol/h.
Liquid flow rate rectification = R * D = 1 * 50 = 50 kmol/h.
Vapor flow rate stripping = (R + 1) * D – (1 – q) * F = 2 * 50 − (1 − 1) * 100
= 100 kmol/h at q = 1.
Liquid flow rate stripping = R * D + q * F = 1 * 50 + 1 * 100 = 150 kmol/h at
q = 1.

8. Design data for the column internals

Rectification:

.V ¼ 2:8 kg/m3 M ¼ 89:2

VV ¼ 100 � 89:2 ¼ 8:920 kg/h ¼ 8:920=2:8 ¼ 3:186 m3=h

.L ¼ 784 kg/m3 M ¼ 94:3

LV ¼ 50 � 94:3 ¼ 4:715 kg/h ¼ 4:715=784 ¼ 6:01 m3=h
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Stripping:
.V ¼ 2:9 kg/m3 M ¼ 96:4

VA ¼ 100 � 96:4 ¼ 9:640 kg/h ¼ 9:640=2:9 ¼ 3:324 m3=h

.L ¼ 778 kg/m3 M ¼ 100:8

LA ¼ 150 � 100:8 ¼ 15:120 kg/h ¼ 15:120=778 ¼ 19:43 m3=h

The computer calculation below, in Figs. 4.2 and 4.3, gives the same result as
the short-cut approximation method for Example 4.3.2.

Fig. 4.2 Computer simulation for Example 4.3.2
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Fig. 4.3 Computer simulation for Example 4.3.2
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Example 4.3.3 Separation of an aromaticmixture with low relative volatilities a
A five-component aromatic mixture is to be separated by fractionation.

Requirements for the separation:

m-xylene yield in the distillate: 99.5%
o-xylene yield in the bottoms: 97.5%

Feed flow rate and composition:

1. Component Distribution according to Hengstebeck–Geddes

2. Mininum number of stages Nmin

Nmin ¼
lg 0:4989

0:0063 � 0:9643
0:0099

	 

lg 1:145

¼ 66:1

Component kg/h a M kmol/h mol%

Ethyl benzene 215 1.23 106 2.028 21.5

p-xylene 180 1.17 106 1.698 18.0

m-xylene (LK) 400 1.145 106 3.774 40.0

o-xylene (HK) 200 1.0 106 1.887 20.0

Cumene 5 0.815 120 0.042 0.5

1000 9.429 100

Component Feed Distillate Bottoms

(molfr.) (molfr.) (molfr.)

Ethyl benzene 0.215 0.2695 4.7 * 10−5

p-xylene 0.18 0.2254 0.0011

m-xylene 0.40 0.4989 0.0099

o-xylene 0.20 0.0063 0.9643

Cumene 0.005 2.1 * 10−10 0.0247
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3. Component distribution at total reflux

Nmin ¼ 66:1 d=b ¼ 1� 0:975 ¼ 0:025

4. Minimum Reflux Ratio according to Underwood

H ¼ 1:030 ) Rmin ¼ 7:28

Figure 4.4 shows how the required number of stages as function of the quotient
R/Rmin changes.

5. Required number of stages for R = 15

N ¼ 89:6 Chosen : Ntot ¼ 90 stages

At reflux R = 15 the requirement is 90 theoretical stages.

6. Determination of the feed stage for Ntot = 90

D ¼ 0:0995 � 3:774
0:4989 ¼ 3:755

0:4989 ¼ 7:524 kMol/h

B ¼ 0:975 � 1:887
0:9643 ¼ 1:905 kMol/h

NV
NA

¼ 0:2
0:4 � 0:0099

0:0063

	 
2 � 1:905
7:524

h i0:206
¼ 0:787

NV ¼ 0:787
1:787 � 89:6 ¼ 39:5

NV ¼ 40 stages ) NA ¼ Ntot � NV ¼ 90� 40 ¼ 50 stages

The feed stage is the 50th from the bottom.

Component Feed Distillate Bottoms

(kmol/h) (kmol/h) (kmol/h)

Ethyl benzene 2.028 2.028 9 * 10−5

p-xylene 1.698 1.696 0.002

m-xylene 3.774 3.755 0.019

o-xylene 1.887 0.046 1.841

Cumene 0.042 1.4 * 10−9 0.042

9.429 7.525 1.904

Feed Distillate Bottoms

Average M 106.23 106.17 106.48

Flow rate (kg/h) 1001.64 798.91 202.73
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7. Column loading at q = 1
In the rectification section above the feed stage:
Vapor flow rate = (15 + 1) * 7.525 = 120.4 kmol/h = 12790 kg/h
Liquid flow rate = 15 * 7.525 = 112.875 kmol/h = 11970 kg/h
In the stripping section below the feed stage:
Vapor flow rate = vapor flow rate rectification = 120.4 kmol/h = 12790 kg/h
Liquid flow rate = 112.8 + 9.429 = 122.304 kmol/h = 12976 kg/h
The computer simulation of Example 4.3.3 in Fig. 4.4 gives the same results as

the short-cut approximation method.

Result:

Number of stages = 90
Feed stage = 50th from the bottom
Reflux ratio = 15

The mass balances of both of the designs (short-cut and computer) are identical.
The mass balance of the computer simulation is given below in Fig. 4.5.

Fig. 4.4 Required theoretical
stages as a function of R/Rmin

“Short-cut” Computer calculation

Feed flow rate (kg/h) 1001.64 1001.64

Distillate flow rate (kg/h) 798.91 798.91

Bottoms flow rate (kg/h) 202.73 202.73
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Fig. 4.5 Computer mass balance for Example 4.3.3

4.3 Vapour and Liquid Loading of the Column 139



Example 4.3.4: Short-cut calculation for a hydrocarbon mixture at 27.6 bar
Compositions and relative volatility:

Feed flow rate F = 100 kmol/h
Distillate flow rate: D = 40.6 kmol/h
Bottoms draw B = 59.4 kmol/h

Liquid feed with bubble point temperature (q = 1): Rmin ¼ 1:42 Nmin ¼ 9:38
Chosen: R/Rmin = 1.2 ➔ R = 1.71

Rectification section:

GV = 2.71 * 40.6 = 110 kmol/h
LV = 1.71 * 40.6 = 69.3 kmol/h
NV = 9.2 theoretical stages

Stripping section:

GA = 110 kmol/h
La = 110 + 59.4 = 169 kmol/h
NA = 12.8 theoretical stages

Vapour feed with dew point temperature (q = 0): Rmin ¼ 2:87 Nmin ¼ 9:38
Chosen: R/Rmin = 1.2 ➔ R = 3.45

Rectification section:

GV = 4.45 * 40.6 = 180 kmol/h
LV = 3.45 * 40.6 = 140 kmol/h
NV = 8.7 theoretical stages

Stripping section:

GA = 180 – 100 = 80 kmol/h
La = 140 + 0 = 140 kmol/h
NA = 12.1 theoretical stages

Component xF a xD xB
Methane 0.05 18.03 0.123 0

Ethane (LK) 0.35 5.125 0.847 0.01

Propylene (HK) 0.15 2.45 0.02 0.239

Propane 0.2 2.2 0.01 0.33

i-butane 0.1 1.243 0 0.168

n-butane 0.15 1 0 0.253
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4.4 Calculation of the Compositions on Theoretical Stages
[12, 13]

The concentration of the individual components of a multi-component mixture on
the stages in the column can be determined for a given reflux ratio according to the
Lewis–Matheson method with the relative volatilities a of the components for a
given vapour and liquid loading.

For the rectification section the calculation is made from the condenser down
until the feed composition is reached.

Required data:

Required concentration in the top product.
Distillate flow rate of the individual components.
Relative volatilities based on the HK component.
Liquid flow rate in the rectification section.

For the stripping section the calculation is made from the reboiler up to the feed
composition.

Required data:

Required concentration in the bottoms product.
Bottoms draw flow rates of the individual components.
Relative volatilities.
Vapour flow rate in the stripping section.

The intersection of the concentrations of both key components, from the
downwards calculation from the top and upwards calculation from the bottoms, is
chosen as the feed stage. The components which are lighter than the LK compo-
nents vanish very quickly under the feed stage and the components which are
heavier than the HK component vanish very quickly above the feed stage. In
practice it is only a matter of the separation of the two key components. In the paper
of Bakowski [13] the calculation procedure for the determination of the composi-
tions on the stages for different stage efficiencies is shown with examples.

Liquid feed (q = 1) Vapour feed (q = 0)

R/Rmin NV NA Ntot NV NA Ntot

1.2 9.2 12.5 21.7 8.7 12.1 20.8

1.4 7.8 10.8 18.6 7.3 10.1 17.4

1.6 7 9.7 16.7 6.5 9.1 15.6

1.8 6.4 8.9 15.3 6.1 8.4 14.5

2.0 6.1 8.4 14.5 5.7 8 13.7
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Scheme for the calculation of the compositions in the rectification section from
the condenser down:

The liquid concentration which is in equilibrium with the vapour streaming
upward is calculated.

Liquid concentration x ¼ y=aP
y=a

Vapor rate v ¼ x � LV þ d

Vapor concentration y ¼ vP
v

LV ¼ Liquid rate in the rectification section ðkmol/h)

d ¼ Distillate rate of the component ðkmol/h)

Example 4.4.1: Concentration calculation for the stages below the condenser
Problem definition with basic data:

R ¼ 1 VV ¼ 50 kmol/h q ¼ 1 LV ¼ 50 kmol/h LA ¼ 150 kmol/h

Concentration calculation:

xF F D a yD xB B

Benzene 0.25 25 25 4.79 0.5 0 0

Toluene 0.25 25 22.6 2 0.45 0.048 2.4

Ethyl benzene 0.25 25 2.2 1 0.04 0.456 22.8

Styrene 0.25 25 0.2 0.76 0.01 0.496 24.8

50 1 1 50

a d yD yD/a x1 v y1
Benzene 4.79 25 0.50 0.104 0.273 38.6 0.386

Toluene 2 22.6 0.45 0.225 0.588 52 0.52

Ethyl benzene 1 2.2 0.04 0.04 0.104 7.4 0.074

Styrene 0.76 0.2 0.01 0.013 0.034 2 0.02

50 1 0.382 1.0 1.0 100 1.0

y1/a x2 v y2 x3 x4
Benzene 0.0806 0.1828 34.2 0.3416 0.1490 0.3245

Toluene 0.26 0.5897 52.1 0.5213 0.5445 0.4982

Ethyl benzene 0.074 0.1678 10.6 0.1064 0.2222 0.1331

Styrene 0.0263 0.0597 3.1 0.0307 0.0843 0.0442

0.4409 1.0 100 1.0 1.0 1.0
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Scheme for the calculation of the concentration profile in the stripping section
from the reboiler upward:
The vapour composition, which is in equilibrium with the liquid streaming
downward, is determined.

Vapor concentration y ¼ x � aP
x � a

Liquid rate ðkmol/h) l ¼ y � VA þ b

Liquid concentration x ¼ lP
l

VA ¼ Vapor rate in the stripping section (kmol/h)

b ¼ Bottoms draw rate of the component ðkmol/h)

Example 4.4.2: Concentration calculation on the stages above the evaporator
VA = 100 kmol/h.

The calculated liquid compositions on the individual stages in Examples 4.4.1
and 4.4.2 are shown in Fig. 4.6 (stage 1 is the bottom of the column, stage 21 is the
top of the column). The intersection point of the composition curves with the feed
composition of the key components xF = 0.25 lies approximately on stage 10. This
is identical to the short-cut calculation in Example 4.3.2.

a l x0 x * a y0 l x1 x2
Benzene 4.79 0 0.0 0.0 0.0 0 0 0

Toluene 2 2.4 0.048 0.096 0.1033 12.7 0.0849 0.1315

Ethyl benzene 1 22.8 0.456 0.456 0.4909 71.9 0.4792 0.4779

Styrene 0.76 24.8 0.496 0.377 0.4058 65.4 0.4359 0.3906

50 1 0.929 1 150 1 1

Fig. 4.6 Composition curve for benzene, toluene, ethyl benzene, and styrene in the column
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Example 4.4.3: Calculation of the concentrations on the stages

Problem definition:

Calculation results:

Stage 15 = column top with distillate.
Stage 0 = column bottoms with bottoms draw.

In Fig. 4.7 the results of the composition calculations for the individual stages
are shown. The concentrations of the key components B and C intersect the feed
composition of xF = 0.25 on stage 8.

Component a xF xD Distillate xB Bottoms

(molfr.) (molfr.) (kmol/h) (molfr.) (kmol/h)

A 4 0.25 0.5 25 0.0001 0.0001

B 2 0.25 0.49 24.5 0.1 0.5

C 1 0.25 0.01 0.5 0.49 24.5

D 0.5 0.25 0.0001 0.0001 0.5 25

Stage 15 14 13 12 11 10 9 8

xA 0.5 0.222 0.162 0.128 0.105 0.086 0.066 0.049

xB 0.45 0.723 0.738 0.7 0.618 0.492 0.34 0.21

xC 0.01 0.053 0.094 0.15 0.22 0.28 0.299 0.25

xD 0.0005 0.0019 0.006 0.02 0.056 0.14 0.294 0.49

Stage 0 1 2 3 4 5 6 7 8

xA 0.0001 0.0004 0.0016 0.006 0.018 0.05 0.13 0.27 0.43

xB 0.01 0.023 0.046 0.08 0.135 0.2 0.25 0.26 0.21

xC 0.49 0.61 0.68 0.693 0.66 0.58 0.46 0.33 0.23

xD 0.5 0.36 0.27 0.22 0.19 0.17 0.15 0.14 0.13
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Cross-check calculation using the short-cut method:

Nmin ¼ 7:9 theoretical stages Rmin ¼ 1:06

The short-cut calculation confirms the composition calculation from stage to
stage. At a reflux ratio R = 3 you require 8 rectification stages and 8 stripping
stages.

Fig. 4.7 Composition curve
for the individual stages of the
column

R/Rmin NV NA Nges

1.2 13.4 13.4 26.8

1.4 11.4 11.4 22.8

1.6 10.2 10.2 20.4

1.8 9.5 9.5 19

2 8.9 8.9 17.8

2.2 8.5 8.5 17

2.5 8.1 8.1 16.2

3 8 8 16
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4.5 Fractionation of Non-ideal, Multi-component Mixtures

For ideal systems with an almost constant relative volatility a the calculation of the
composition curve of the different components in the column according to Lewis–
Matheson or Thiele–Geddes is relatively simple. The calculations start from the top
down and from the bottom up. At the feed stage the concentration curves of both
key components intersect the feed composition xF of both LK and HK components.

For non-ideal systems the calculation must be iteratively performed until the
composition on the stage corresponds to the vapour–liquid equilibrium for the
liquid composition. A computer program is needed to complete the great number of
computations. The operation of these simulation programs is described in Ref. [14].

Required data:

Antoine Constants of all components for the vapour pressure determination: A,
B, and C.

Binary interaction parameters pertaining to the equilibrium models for all
components contained in the mixture, for instance for the Wilson model.

Interaction parameters:

k12 − k13 − k14
k21 − k23 − k24
k31 − k32 − k34
k41 − k42 − k43
Mole volumina: v1, v2, v3, v4

In the following the application of a computer program for a fractionation task is
shown. The task is that 99% methanol is to be separated from a mixture of ethanol,
isopropanol, n-butanol, and water.

Example 4.5.1: Distillation for the production of 99% methanol
Feed stage 12:

Component Flow rate (kg/h) weight (%)

Methanol 600 60

Ethanol 100 10

Isopropanol 100 10

n-butanol 100 10

Water 100 10

1000 100
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Specifications for the separation task:
Distillate with 99 weight% methanol and 99% methanol yield.
Uniquac interaction parameters are entered for the equilibrium calculations.
The physical properties, for instance vapour pressures, molecular weights, and

physical data are supplied with the program.
The specifications for the separation must be input (i.e., top composition of

methanol and methanol yield in the distillate or number of stages and reflux and
feed stage).

This gives as its result the composition curve for the stages from bottoms (stage 1)
to the top of the column (stage 20), as shown in Fig. 4.8.

The flow rates and the compositions in the feed, distillate, and bottoms are given
in Fig. 4.9.

Figure 4.10 shows how the equilibrium constants K change from stage to stage
in this non-ideal mixture.

The relative volatilities shown in Fig. 4.11 change less, making an estimation of
the number of stages and reflux possible. This is shown in Example 4.5.2.

A great advantage of the simulation program is the output of the vapour and
liquid loadings on the different trays in the column. This simplifies the choice of

Fig. 4.8 Liquid
compositions of the
components on the stages
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Fig. 4.9 Mass balance with compositions for Example 4.5.1
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suitable column internals and the fluid dynamic design of the trays, packings, or
structured packings. In Fig. 4.12 the loadings for the methanol column in
Example 4.5.1 are given.

If this exercise is calculated using the short-cut method for all five components
one gets a similar result. However, the average relative volatilities of the individual
components in the column must be known. If the calculation is performed as a
binary mixture it is even simpler.

The separation between the components methanol and ethanol is calculated.
The heavier materials isopropanol, n-butanol, and water are added to ethanol.

Fig. 4.10 Equilibrium constants of the components on different stages

Fig. 4.11 Relative volatility of the components on different trays
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Example 4.5.2: Short-cut calculation for Example 4.5.1.

Using the average relative volatility a = 1.6 for the separation of methanol/ethanol
in the column the following results are obtained:

Minimum reflux ratio Rmin = 2.52.
Minimum number of trays Nmin = 15.9.

Fig. 4.12 Vapour and liquid loadings for the methanol column in Example 4.5.1

Component Methanol Ethanol

Feed composition (weight%) 60 40

Distillate composition (weight%) 99 1

Bottoms composition (weight%) 2 98
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In order to convert to 20 theoretical stages, as in Example 4.5.1, a reflux ratio
R = 6.9 is required. In addition, the mass balances are almost the same.
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Computer program 29.46 18.694 10.766
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Chapter 5
Extractive and Azeotropic Distillation

5.1 Extractive Distillation [1, 2]

In boiling mixtures with an equilibrium curve close to the 45°-line one will need a
high number of theoretical stages and a high reflux ratio with a correspondingly
high-energy expense for normal distillation. A typical example is the separation of
xylene isomers. For such separation tasks the extractive distillation shown in
Fig. 5.1 is suitable.

By introducing the washing agent E in the rectification section the volatility of
component A is increased so that the separation becomes simplified. In the first
column the light boiling component A flows over the top and component B is
washed out to the bottom using washing agent E. The mixture B + E is then
separated in the second column. The washing agent E that flows out in the bottoms
of the second column is then recycled into the rectification section of the first
column. The extractive distillation is also quite suitable for the recovery of
low-boiling alcohols and ketene which form an azeotrope with water. The com-
monly used azeoptropic distillations with light boiling “entrainers” have the dis-
advantage that the solvents get contaminated by the low-boiling entrainer.

Figure 5.2 shows an extractive distillation for the recovery of ethanol from an
aqueous phase using propylene glycol as washing agent. Due to the extractive agent
the activity coefficient of water is lowered and so yields water-free ethanol as a
distillate. The azeotropic distillation shown in Fig. 5.9 yields ethanol however as a
bottoms product. The extractive distillation is a secure process with respect to
fluctuating water compositions in the feed because the sensible phase separation of
the ternary top product is omitted.
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5.2 Azeotropic Distillation [3–8]

If the equilibrium curve crosses the 45°-line you have homogeneous or hetero-
geneous azeotropes.

Figure 5.3 shows the vapour–liquid equilibrium for n-butanol–water as an
example of azeotropic equilibrium. At the point of intersection between the diag-
onal and the equilibrium curve sits the azeotropic composition. Above the azeo-
tropic liquid composition the light boiling component n-butanol accumulates into
the high-boiling component and the water accumulates in the vapour.

In azeotropic composition the boiling point of the mixtures is constant and the
mixtures cannot be separated with simple distillation. The condensate of hetero-
geneous azeotropes have a mixture gap so that the distillate separates into two
liquid phases with different compositions which can be separated by decantation.
The process is shown in Fig. 5.5 with compositions from the Mcabe–Thiele dia-
gram. Using the different liquid phase compositions in the decanter the azeotropic
point can be bypassed.

Fig. 5.1 Extractive distillation with the introduction of washing agent E
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Water

Feed

Glycol

Water Glycol + Water

Water + Ethanol

Fig. 5.2 Ethanol recovery by extractive distillation using propylene glycol

Fig. 5.3 Vapour–liquid equilibrium for n-butanol–water from Dortmund Data Bank Software
Package (DDBST)
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The homogeneous azeotropes yield a fully miscible liquid as a condensate. In
such cases a separation can be achieved using “fractionation with pervaporation”
or “membrane permeation” as shown in Fig. 5.4.

An alternative is the method of entrainer distillation shown in Fig. 5.9.
By introducing the entrainer the condensation of two liquids with different

compositions can be achieved, which can then be separated by means of
decantation. The homogeneous azeotropic distillation is thereby converted to a
heterogeneous azeotropic distillation.

Further alternatives are pressure change or reactive distillation.

Isopropanol
+ Water

Azeotrope
Retentate
Isopropanol

Permeate

Water

Distillate

Feed

Bottoms

Membrane
separationPermeate

Retentate

Fig. 5.4 Azeotropic fractionation with membrane permeation
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5.2.1 Heteroazeotropic Distillation (Fig. 5.5)

The easiest separation is the separation of hetero-azeotropes, when the azeotropic
mixture dissipates into two liquid phases with different compositions. Typical
examples are butanol–water and butyl acetate–water separations. The butyl acetate–
water azeotrope contains 27% water and in the butyl acetate phase of the condensed
azeotrope only 1.3% of the water is miscible at 25 °C.

If the azeotrope water composition and the water solubility in the solvent are
almost identical, and a phase separation is not possible, the conditions have to be
changed. For instance in an Methyl ethyl ketone (MEK)–water mixture the com-
position of the azeotropic mixture is distilled off by changing the distillation
pressure to such an extent that a phase separation in the decanter becomes possible.
Figure 5.5 shows hetero-distillation for the separation of butanol from water.

Fig. 5.5 Hetero-azeotropic distillation for the separation of butanol from water
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Example 5.2.1.1 Mass balance for the separation of butanol/water

Feed flow rate F = 100 kmol/h xein = 0.4 = 40 mol% butanol.
Product composition in B = 99 mol% butanol ➔ x = 0.4.
Product composition in A = 0.1 mol% butanol in water ➔ x = 0.001.

B ¼ 100 � 0:4� 0:001ð Þ
0:99� 0:001

¼ 40:3 kmol/h

A ¼ 100 � 0:4� 0:99ð Þ
0:001� 0:99

¼ 59:7 kmol/h

For an inlet composition of 20 mol% butanol in the feed with x = 0.2:

B ¼ 100 � 0:2� 0:001ð Þ
0:001� 0:99

¼ 20:1 kmol/h

A ¼ 100 � 0:2� 0:99ð Þ
0:001� 0:99

¼ 79:9 kmol/h

The requirement is that the distillate composition in the hetero-distillation is
dependent on the composition of the given reflux R1 or R2 [3] at the column top. The
reflux composition R from the decanter is not equal to the top composition C.

Example 5.2.1.2 Separation of an i-butanol–water mixture

Feed: 1000 kg/h
Composition: 10 weight% i-Butanol, 90 weight% water
Water from the bottoms of the first column with 9 theoretical stages:
901.6 kg/h with 99.79 weight% water
i-butanol from the bottoms of the second column with 4 theoretical stages:
98.4 kg/h with 99.8 weight% i-butanol

The required equilibrium data are shown in Figs. 5.6 and 5.7. The results of a
computer design are given in Fig. 5.8.

5.2.2 Entrainer Distillation (Fig. 5.9)

If the azeotropic mixture is homogeneous and does not dissipate into two phases,
after condensation, a separation can be achieved by entrainer distillation as shown
in Fig. 5.9. Thereby a third component, a so-called “entrainer”, is added in order to
form a ternary heterogeneous Azeotrope with a miscible gap. What this sepa-
ration achieves is analogous to the hetero-azeotrope distillation. The azeotrope
mixture dissipates into two liquid phases with different compositions and this is
used for the separation. A typical example is the separation of the ethanol–
water-mixture by entrainer distillation with toluene or cyclohexane as the entrainer.
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Figure 5.9 shows the process. Ethanol is component A and water is component
B. First the ethanol–water azeotrope is separated from water in column K1. The
azeotrope distillate from column K1 together with entrainer C is introduced to
column K2 from where ethanol is drawn from the bottoms.

Due to the entrainer a light boiling ternary azeotrope is formed which can be
drawn from the top of K2 as a distillate. After the condensation dissipates into two
liquid phases they are separated in a decanter. The ethanol-rich phase R1 goes as
reflux back into column K2. The aqueous phase R2 is used in the stripper K3 from
which pure water is drawn from the bottoms. The ternary azeotrope goes out of the
top of column K3 and is recycled into the decanter.

The correct design of the decanter for the separation of the two liquid phases is
very important especially when a phase reversal, by a little heating or cooling, is
affected.

Fig. 5.6 Vapour–liquid equilibrium of i-butanol–water from DDBST
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Fig. 5.7 Liquid–liquid equilibrium for i-butanol–water from DDBST
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Fig. 5.8 Result of the simulation for the i-butanol–water separation
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5.2.3 Decanter Mass Balance

The dimensioning of decanters is covered in Chap. 7 (Fig. 5.10).

Decanter mass balance for a binary mixture:

Fig. 5.9 Entrainer Distillation for homogeneous Azeotropes with Entrainer for the forming of
ternary Azeotropes
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F ¼ F1 þF2 ðkg/hÞ
F � xAF ¼ xA1 � F1 þ xA2 � F2 ¼ xA1 � F1 þ xA2 � F � F1ð Þ ðkg/hÞ

F1 ¼ xAF � xA2
xA1 � xA2

� F ðkg/hÞ

F2 ¼ xAF � xA1
xA2 � xA1

� F ðkg/hÞ

F = inlet flow rate (kg/h)
F1 = light phase (kg/h)
F2 = heavy phase (kg/h)
xAF = input concentration of component A (weight fraction)
xA1 = concentration of component A in F1 (weight fraction)
xA2 = concentration of component A in F2 (weight fraction)

Fig. 5.10 Determination of the phase height in decanters

5.2 Azeotropic Distillation [3–8] 163



Example 5.3.1: Decanter mass balance

F ¼ 695 kg/h xAF ¼ 0:58 ¼ 58weight% xA1 ¼ 0:78 xA2 ¼ 0:09

0:58 � 695 ¼ 0:78 � F1 þ 0; 09 � 695� F1ð Þ
403 ¼ 0:78� 0:09ð Þ � F1 þ 62:5

F1 ¼ 340:5
0:69

¼ 493:5 kg/h F2 ¼ 695� 493:5 ¼ 201:5 kg/h

F1 ¼ 0:58� 0:09
0:78� 0:09

� 695 ¼ 493:5 kg/h

F2 ¼ 0:58� 0:78
0:09� 0:78

� 695 ¼ 201:5 kg/h
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Chapter 6
Discontinuous Batch Distillation

In Fig. 6.1 the flowsheets of a batch distillation and a batch stripper are shown.

Fig. 6.1 Batch rectification and batch stripper
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6.1 Differential Evaporation (Fig. 6.2)

The simplest form of discontinuous distillation is differential evaporation without a
column and reflux, whereby the plant consists of (see Fig. 6.2) a vessel with a
heating coil, a condenser, and several product drums. Large separations cannot be
achieved with differential evaporation. The following equations are valid for an
ideal equilibrium with constant volatility for mass separation:

ln
A0

A
¼ aAB � lnB0

B
ð6:1aÞ

ln
A0

A
¼ aAC � lnC0

C
ð6:1bÞ

ln
B0

B
¼ aBC � lnC0

C
ð6:1cÞ

A0 = liquid quantity of component A at the beginning.
A = rest quantity of component A in the batch.
B = rest quantitys of component B in the batch.
C = rest quantity of component C in the batch.
aAB = volatility for components A/B.
aAC = volatility for components A/C.
aBC = volatility for components B/C.
Using the Eqs. (6.1a–c) the compositions of distillate and residue for

four-component mixtures can be determined at any time so that it is possible to
develop appropriate distillation curves.

Example 6.1.1: Mass balance of differential evaporation for three components

Batch filling: 300 kmol benzene componentA0ð Þ
400 kmol toluene componentB0ð Þ
300 kmol xylene componentC0ð Þ

Fig. 6.2 Flow diagram for
differential evaporation
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Specification: 50% of the Benzene shall be distilled off! ! A = 150 kmol
The distillate rate and the remaining rest rate of toluene in the batch is to be

calculated.

Separation of benzene (A)/toluene (B) with volatility aAB = 2.18:

ln
A0

A
¼ ln

300
150

¼ 2:18 � ln 400
B

0:318 ¼ ln
400
B

1:3743 ¼ 400
B

B ¼ 400
1:3743

¼ 291 kmol

It can be see that of the 400 kmol toluene there is a remaining rest of 291 kmol
in the batch after distilling off 150 kmol of benzene.

Separation of benzene (A)/xylene (C) with volatility aAC = 5.67:

ln
A0

A
¼ ln

300
150

¼ 5:67 � ln 300
C

C ¼ 300
1:13

¼ 265:3 kmol

It can be seen that of the 300 kmol xylene there is a remaining rest of
265.3 kmol in the batch after distilling off of 50% of the benzene.

Cross-check calculation with aBC = 2.59:

ln
B0

B
¼ aBC � lnC0

C

ln
400
291

¼ 2:59 � ln 300
265:3

2:59 � 0:1229 ¼ 0:318

Result of the calculations:

Feed Distillate Residue

Benzene 300 kmol 150 kmol 150 kmol

Toluene 400 kmol 109 kmol 291 kmol

Xylene 300 kmol 34.7 kmol 265.3 kmol

Sum 1000 kmole 293.7 kmol 706.3 kmol
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6.2 Batch Rectification [1–3]

A batch fractionation plant is shown in Fig. 6.3. It consists of a distillation batch
with heating by a heating bundle or a falling film evaporator, a fractionation column
for enriching the light boiling components, a top condenser for liquifying the rising
vapour, and coolers for distillate and bottoms products. The condensate from the
top condenser is partly recycled back to the column as reflux and partly drawn off as
distillate.

The given batch rectification in Fig. 6.3 is advantageous for high, light boiling
concentrations in the feed and for high-purity specification for light boiling com-
ponents. The light boiling components are enriched in the rectification column and
are taken off as distillate over the top. As a consequence of distilling off of the light
components their concentration in the distilling batch decreases and therefore a
constantly higher separation effort is necessary with increasing reduction of the
light boiling components in order to maintain the required distillate composition. In
order to keep the distillate composition constant the reflux ratio must therefore be
increased if the light boiling components concentration in the batch decreases. The
special advantage of batch distillations is their great flexibility. It is suitable for:

Different flow rates and compositions.
Physical or chemical pre-treatments.
Distillation at different pressures.
Dirty feed products (because only evaporated materials rise in the column).

The design of batch distillations with unsteady state conditions is extensively
covered in the literature [4–8].

In discontinuous batch distillation there are two different modes of operation:

1. Rectification with constant reflux and varying distillate compositions (see
Fig. 6.4):

Distillate D1 with the distillate composition xD1 = 0.9 and bottoms composition
xS1 = 0.5
Distillate D2 with the distillate composition xD2 = 0.7 and bottoms composition
xS2 = 0.3
Distillate D3 with the distillate composition xD3 = 0.5 and bottoms composition
xS3 = 0.17

The different fractions are stored in different storage tanks. The required final
product is produced as a blend of individual distilled off fractions.
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Fig. 6.3 Distillation batch with rectification column
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2. Rectification with constant distillate composition xD = 90 mol% and dif-
ferent reflux ratios (see Fig. 6.5):

The reflux ratio is increased with decreasing concentration of the light boiling
components in the distillate batch or increasing required separation effort up to
an economically justifiable reflux highest value.
With reflux ratio R1 = 1 a bottoms composition of xS1 = 0.5 is reached.
With reflux ratio R2 = 1.94 a bottoms composition of xS2 = 0.3 is reached.
With reflux ratio R3 = 7 a bottoms composition of xS3 = 0.1 is reached.
Thereafter the fractions in between are produced which have to be re-distilled.
The optimization problem in the batch distillation is to minimize the interme-

diate fractions and to maximize the distillate yield.

Fig. 6.4 Batch distillation
with constant reflux ratio and
different distillate
compositions D1, D2, and D3

Fig. 6.5 Batch distillation
with constant distillate
compositions and different
reflux ratios R1, R2, and R3
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Example 6.2.1: Improvement of the distillate yield with a higher reflux
In Fig. 6.6 using the Mcabe–Thiele diagram it is shown that the distillate yield can
be increased from 32.8 to 48.3 kmol by increasing the reflux ratio from R = 3 to
R = 13.

Feed quantity ¼ 100 kmol:

Light boiling feed composition xF ¼ 0:5 ¼ 50 mol%:

Required distillate composition xD ¼ 0:95 ¼ 95 mol%:

Number of theoretical stages ¼ 8:

Fig. 6.6 Improvement of the distillate yield by increasing the reflux ratio
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With a reflux ratio R = 3 a bottoms concentration of xS1 = 0.28 can be
achieved with eight stages, this means that the light boiling composition in the
batch will be reduced from 50 to 28 mol%. This produces a distillate rate of
32.8 kmol, with a concentration of 95 mol%.

In order to improve the distillate yield, and to decrease the bottoms concentration
of the light boiling component further to xS2 = 0.08 = 8 mol%, the reflux ratio must
be increased to R = 13.

The slope L/V of the operation line is thereby increased and the distance
between the equilibrium curve and the operating line becomes larger.

With 8 stages a bottoms concentration of 8 mol% and a top composition of
95 mol% is achieved for light boilers.

Using the second distillation step with R = 13 an additional distillate rate of
15.5 kmol is produced. Thereby, the total distillate amount increases to 48.3 kmol.

Below a light boiling component composition of 8 mol% in the batch a
distillate composition of 95 mol% is no longer achievable with reasonable effort. In
this case, the reflux ratio is reduced and an intermediate run is produced, which is
re-distilled later.

L = liquid loading of the column (kmol/h).
V = vapours loading of the column (kmol/h).
The reflux ratio R is decisive for the energy requirement of batch distillation.

The higher the reflux ratio the more vapours must be vaporized.

R ¼ RM
D

¼ Reflux rate ðkg/h)
Distillate rate ðkg/h)

R
Rþ 1

¼ L
V
¼ Liquid loading ðkmol/hÞ

Vapor loading ðkmol/h)

R ¼ L=V
1� L=V

As a first estimate for the required reflux ratio R the so-called minimum ratio
(L/V)min, at an infinite number of stages, can be determined:

L
V

� �
min

¼ Dy
Dx

¼ yD � y1
xD � x1

The real reflux ratio lies around a factor of 1.5–5 higher than the minimum reflux
ratio.

A mass balance for the batch distillation, ignoring the column hold-up, is
performed as follows:

D ¼ S0 � xS0 � xSE
xD � xSE

SE ¼ S0 � xD � xS0
xD � xSE

D ¼ S0 � SE
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D = distillate quantity.
S0 = batch quantity at the beginning.
SE = batch content at the end.
xD = distillate composition of the light boiling component.
xS0 = feed composition of the light boiling component.
xSE = final composition of the light boiling component in the batch.
Here, D is the distillate rate which is produced with the concentration xD at a

composition variation xS0 - xSE in the batch. At the same discontinuous distillation
step the batch rate is reduced from S0 to SE.

Example 6.2.2: Mass balance for a batch distillation

Feed quantity S0 ¼ 40 twith xS0 ¼ 50%:

Distillate composition xD ¼ 95%:

From the MCabe–Thiele diagram it can be seen that with the existing number of
trays, and the chosen reflux ratio, the composition of the light boiling component
can be lowered to: xSE = 25%.

D ¼ 40 � 50� 25
95� 25

¼ 14:4 t

SE ¼ 40 � 95� 50
95� 25

¼ 25:6 t

As an alternative to the graphical determination of the number of trays,
according to Mcabe-Thiele, one could use the calculation method described in
Chap. 3 (i.e., from tray to tray according to Mcabe-Thiele the compositions on
the trays below the condenser, up to the batch for a certain number of trays and a
given reflux ratio, can be determined by calculation [see Example 6.2.3)].

Example 6.2.3: Concentration profile and distillate yield at different reflux
ratios
Here we are required to calculate the achievable distillate yield in a rectification
column with 10 trays at the refluxes R = 3 and R = 5.

S0 ¼ 1000 kmol xS0 ¼ 0:6 a ¼ 2:4
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Light boiling component—liquid concentrations

R = 3 R = 5

Distillate 0.95 0.95

Condenser 0.8879 0.8879

Tray 1 0.7958 0.7862

Tray 2 0.6772 0.6450

Tray 3 0.5496 0.4881

Tray 4 0.4359 0.3512

Tray 5 0.3506 0.2550

Tray 6 0.2945 0.1972

Tray 7 0.2607 0.1656

Tray 8 0.2414 0.1493

Tray 9 0.2307 0.1411

Tray 10 0.2249 0.1370

Distillate quantity 517.3 kmol 569.5 kmol

Residue 482.7 kmol 430.5 kmol

By increasing the reflux ratio from R = 3 to R = 5 the concentration of the light
boiling component in the batch can be lowered to x = 0.137 and the distillate rate
can be increased to 569.5 kmol.

Alternatively, the number of the required rectification trays can be analytically
calculated according to Smoker (Chap. 3) for the following conditions:

xD ¼ 0:95 xF ¼ 0:2249 a ¼ 2:4 R ¼ 3

Required number of trays n = 11.
The result according to Smoker is identical to the tray to tray calculation

according to MCabe–Thiele. The required distillation period or the required col-
umn diameter, for the given distillation period and the required energy input, can
be determined stepwise per discontinuous step, or by smoothly changing the reflux
ratio by integration over different steps. The distillation period is strongly depen-
dent on the reflux ratio and the column diameter. A higher reflux ratio requires
larger reboilers and condensers and a larger column cross section. The equipment
consequently becomes more expensive.

As part of the total production time the following times must be considered:

• Filling of the distillate batch.
• Unsteady state heating of the feed product to boiling temperature, for instance

from 30 to 150 °C.
• Unsteady state cooling of the residue in the bottoms, for instance from 200 to

60 °C.
• Pumping out the residue from the distillate batch.

Figure 6.7 shows a typical flow diagram for batch distillation.
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Fig. 6.7 Flow diagram for batch distillation with a fractionation column
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6.3 Technical Equipment

Fractionation column with internals:

The column internals—trays or packings—are designed according to the problem
definition: throughput, number of trays, efficiency, HETP-value or HTU-value,
pressure loss, flexibility, and hold up (See Chaps. 9 and 10).

The “hold up” in the column influences the achievable degree of separation:
In the region of low reflux values and small numbers of trays the effect of the

hold up on the degree of separation is insignificant.
At high reflux values, that means slow distillation, the column has more time to

reach equilibrium and a higher hold up deteriorates the degree of separation. This is
because the light boiling components are stored in the hold up and therefore the
concentration of the light boiling components in the distillate batch reduces.

In principle batch distillation internals with lower hold up should be used,
especially, if small single fractions must be separated.

Condensation:

Preferablywater-cooled or air-cooled top condensers, as shown in Fig. 6.3, should
be installed on the top of the column. The following advantages are thereby achieved.

• The hold up is much lower as with the condenser with reflux drum installed at
the base.

The single fractions will not be “smeared” and a smaller flushing duration, for
setting the required concentration in the accumulator, is required.

The required flushing period Dt is calculated using the following equation:

Dt ¼ VS
D

ln
cD � c1
cD � cP

ðhÞ

VS = accumulator volume (m3).
cD = distillate concentration (%).
cP = required product concentration (%).
D = distillate rate (m3/h).
c1 = starting concentration in the accumulator (%).

Example 6.3.1
Flushing period calculation for a product concentration cP = 99%.

VS ¼ 4 m3 D ¼ 2m3=h cD ¼ 99:5% c1 ¼ 90% cP ¼ 99%

Dt ¼ 4
2
� ln 99:5� 90

99:5� 99
¼ 5:9 h
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For a top condenser with a hold up of VS = 0.2 m3 the flushing period is
reduced to 0.3 h.

• The vapour line from the column top to the condenser installed below can be
omitted and hence so can the pressure loss in the vapour line.

• No reflux pumps and distillate pumps are needed because sufficient pressure head
is available. Problems in the condensation of freezing or sluggish products are
avoided with the use of warm water or cooling by air circulation.

If in the condensation a two-phase mixture forms, a phase separator must be
installed.

The right hydraulic dimensioning of the gravity driven reflux flow through a
syphon back to the column, especially with vacuum distillation [9], is very
important.

If the liquid feed height is insufficient, reflux variations occur and hence poor
fractionation is achieved.

Heating and evaporation

The adequate selection of a heating system is important for the proper functioning
of the batch distillation unit. For heating coils, according to Fig. 6.8, tall instal-
lation heights and pipe lengths are necessary. In steam heating the forming con-
densate blocks the heating area and dangerous steam shocks or condensation shocks
can occur. Due to the large installation height of such heating coils the application
range of the batch is limited because the heating pipes should always be covered
with liquid. If this is not the case then the evaporator efficiency decreases and the
vapour can be thermally damaged on the hot pipes.

Example 6.3.2
In a still with a 3 m diameter the following residue amounts form:

Heating coil pipe with 700 mm minimum filling height: remaining residue =
1254 l/m length.
Heating bundle with 350 mm minimum filling height: remaining residue =

460 l/m length.
Therefore, the heating tube bundle shown in Fig. 6.9 is preferred because it can

be built very low and can easily be removed for cleaning. Particularly low instal-
lation heights are achieved using finned tubes and a configuration according to
Fig. 6.10. Due to fin effectiveness, which considers the temperature drop at the fin,

Fig. 6.8 Heatig coil
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only tubes with low fin heights are used [9]. Due to the fin the outer area is
increased by a factor of 2–3 and the heat duty per square meter of heating area is
increased. This decreases the installation height of the fin heating tube bundle and
increases the operation volume of the still. A danger of greater fouling of the fin
tubes does not exist according anecdotal evidence.

A further alternative for increasing the operating capacity of the still is the
configuration of a thermosyphon or forced-flow reboiler outside the batch.
However, the specific problems of thermosyphon evaporators, and the required
fluid-pumping rate for uniform evaporation, must be considered [9].

All the heating systems discussed so far have the disadvantage that the boiling
temperature is raised by the hydrostatic pressure of the liquid above the heating area.
This problem is predominant in vacuum distillation. For instance, in vacuum distil-
lation it is not important to minimize the pressure loss of the column internals if in the
still 2 m of liquid lies over the heating areas thus raising the boiling temperature.

That is why it is preferable, in vacuum distillation units, to use falling film
evaporators with circulating pumps having low pressure drops (shown in
Fig. 6.11). Sufficient circulation is important in order to avoid composition varia-
tions and a uniform and sufficient liquid feed on the tubes. In all cases a drying up
of the evaporator has to be avoided. In addition, a minimum wetting rate must be
kept [9]. The pump must circulate the product at high temperatures and has to be
completely closed because of the dangers of explosions linked to air penetration.
For example magnetic coupling pumps or canned motor pumps are adequate.

Due to the necessary NPSH value of the pump the batch has to be installed
approximately 3 m above the pump suction nozzle.

If the batch distillation unit is also operated from time to time in continuous
mode, the hold up of the distillation batch should be reduced in order to avoid
thermal damage of the product by its long residence time in the hot bottoms. For

Fig. 6.9 Heating tube bundle

Fig. 6.10 Finned tubes
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this reason the distillation batch is equipped with a small “receiver” from which the
product is pumped through the falling film evaporator. In special cases batch
heating can be effected with direct steam through a “steam spin”, for instance with
dirty feed products. Fouling of the heating area is avoided and thereby boiling point
of the high boiling components is reduced.

Process control of the batch distillation
The loading control of batch distillation is simple (see flow diagram—Fig. 6.7).
The heating medium feed is fed differentially or is bottoms pressure controlled.
A differential pressure for the column is specified which is maintained by heating
with steam or hot oil. Thereby, the temperature in the batch rises. This is different to
the case in which for safety reasons, for instance with nitroparaffins, a maximum
temperature may not be exceeded in order to avoid decomposition or explosion. In
such cases the loading or the differential pressure of the column is controlled by the
top pressure. Instead of raising the bottoms temperature the top pressure is lowered.

What is more difficult is analytic control of the distillate composition in which
the concentration constantly changes and the optimum setting of the reflux ratio, in
order to achieve the desired distillate composition and yield with a low-energy
input. Therefore, the analyses must be performed constantly, manually, or with a
process chromatograph in order to optimize the reflux ratio. In a stepwise increase
of the reflux equilibrium disturbances in the column can occur. A uniform change
of the reflux rate is recommended.

For two-component separations a constant concentration dependent control can
relatively simply be achieved with a DVP controller. The top composition is
thereby held constant and the reflux is increased permanently according to the
additional separation task. Alternatively, the reflux ratio can be controlled

Fig. 6.11 Falling film
evaporator
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depending on the batch temperature or the temperature difference between top and
bottoms. The start-up of a batch distillation is such that the initial contents of the
batch are heated to boiling temperature and then the equilibrium in the column is set
at total reflux. Subsequently, distillate take-off begins.

Special problems

When dimensioning a batch distillate unit the ratio between batch volume and
hold up of column and condenser is very important. If the still is underdesigned a
reasonable separation or yield cannot be achieved. Therefore, it makes sense to
choose a column with low hold up and a top condenser. If a still is too small only
short distillation periods are allowed.

A case is known to the authors in which after the start-up the total batch charge
was as hold up in the column and in the reflux drum under the condenser.

In addition, for heating with a heating bundle in the batch, a sufficiently large
batch volume is required in order to avoid “dry line” on the top of the heating tubes
shortly after start-up and continuous reduction of the evaporator surface.

The boiling point temperature rises with increasing operation time because the
light boiling components are distilled-off. The driving temperature gradient for
the evaporation is thereby reduced. A large hold up in the distillation plant, for
instance a bubble cap tray column with a condenser on the base with an accumu-
lator for the condensed distillate and a reflux pump and a reflux line to the column
top, makes it particularly difficult to distill small amounts of a component.

The plant can be operated with total reflux in order to drive out parts of the
polluting components and then quickly switch over to the distillate draw in order
to remove the pollutants enriched in the distillate. Alternatively, it is possible to
draw off the enriched polluting component in its vapour phase at a total reflux with
reduced condensation in the vacuum. A third possibility is to install catch trays at
different locations in the column.

First the polluting components are enriched in a certain region of the column at total
reflux. Then the heating is turned off and the hold up of the column section, with
enriched polluting components, flows into the installed catch tray below via a side
draw. If there remains a small amount of light components to be evaporated, and there
is insufficient vaporizing liquid available in the batch, a higher boiling carrier can be
filled into the batch to transport the light boiling component into the column.

If two liquid phases exist in the batch then intermittent evaporation occurs. This
must be avoided by introducing an azeotrope entrainer.

Strong foaming products or overfilling of the batch make the start-up difficult
because evaporation is hindered by the narrowed vapour outlet cross section.

This disturbance can be identified in the fact that the temperature rises only
slowly because the light components are not able to escape.

In batch evaporationpollution residuesmust always be expected. These can partly
be removed only in a “mining fashion”. This must be considered in the design:
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• Man holes for access and dirt removal.
• Removable heating bundle on slides.
• Heating tube bundles with quadratic pitches.

6.4 Batch Stripper

The batch stripper shown in Fig. 6.12 is advantageous for small concentrations of
light boiling components in the feed as well as high-purity specifications for the
high boiling component or the stripper draw. From the batch the feed is fed to the
column top as a liquid. The high boiling components run out in the bottoms and the
light boiling components are evaporized with the help of the reboiler and boiled out
from the high boiling component. The light boiling component vapour, which has

Fig. 6.12 A discontinuous batch stripper

6.3 Technical Equipment 181



been driven out of the column, is liquidized in the condenser on the top of the batch
and then run back into the batch itself. Thereby, the high boiling component
composition in the batch is reduced, and a shallower slope L/V of the operating line
is required in order to achieve the necessary concentration of the high boiling
component, or the allowable light boiling component concentration in the stripper
draw (see Fig. 6.13).

L = Liquid loading of the column (kmol/h).
V = Vapour loading of the column (kmol/h).
With a fixed evaporation load in the reboiler for the vapour rate V the ratio L/V

can be reduced by reducing the feed rate L in order to lower the slope of the
operating line (Fig. 6.13).

The light boiling component concentration is reduced with operating line 1 with
L/V = 1.4 from x = 0.57 down to x = 0.1. Consequently the high boiling compo-
nents are enriched from x = 0.43 to x = 0.9. With operating line 2 the light boiling
component composition is reduced with L/V = 1.1 from x = 0.81 to x = 0.1. The
high boiling components are then enriched from x = 0.19 to x = 0.9.

Fig. 6.13 Mcabe–Thiele diagram with two operating lines for a batch stripper
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The particular advantages of a batch stripper are highlighted as follows:

• The total batch contents do not need to be heated to the boiling temperature
before the start of the distillation.

• The residence time in the hot section is much shorter, thus reducing ther-
mal damage.

• Suitable for separation of a mixture with minimum azeotropes.

The compositions on the stages above the reboiler, up to the feed tray, for a
certain number of stages and a given evaporation load or vapour rate, can be
determined using the described tray-to-tray calculation according to MCabe–Thiele
(given in Chap. 3).

Example 6.7: Calculation of a batch stripper
The high boiling component yield that can be achieved in a batch stripper with 10
trays plus a reboiler at different evaporation loads from VA = 180, 300, and
500 kmol/h, is calculated where the bottoms 60 kmol/h high boiling component,
with xSE = 0.95, is drawn.

S0 ¼ 1000 kmol xS0 ¼ 0:6 a ¼ 2:4

With an evaporation load VA = 180 kmol/h the high boiling component con-
centration in the feed batch can be reduced from xS0 = 0.6 to xSE = 0.4062 over 10
trays and the evaporator. From this results the high boiling component yield
L = 356.4 kmol.

Mass balance for V = 180 kmol/h:

SE ¼ S0 � xD � xS0
xD � xSE

¼ 1000 � 0:4062� 0:6
0:4062� 0:95

¼ 356:4 kmol

With an evaporated vapour rate of VA = 300 kmol/h, a high boiling component
concentration in the batch of x = 0.2725 and a high boiling component yield of
L = 483.4 kmol, is reached.

Mass balance for 300 kmol/h:

SE ¼ S0 � xD � xS0
xD � xSE

¼ 1000 � 0:2725� 0:6
0:2725� 0:95

¼ 483:4 kmol

Still better is the yield with an evaporation load of VA = 500 kmol/h.
Mass balance for 500 kmol/h:

SE ¼ S0 � xD � xS0
xD � xSE

¼ 1000 � 0:176� 0:6
0:176� 0:95

¼ 547:8 kmol
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High boiling component concentration in the batch: x = 0.176. High boiling
component yield L = 547.8 kmol.

High boiling component liquid concentrations

VA = 180 VA = 300 VA = 500 kmol/h

Tray 10 0.4062 0.2725 0.1760

Tray 9 0.4105 0.2759 0.1787

Tray 8 0.4186 0.2827 0.1846

Tray 7 0.4330 0.2963 0.1970

Tray 6 0.4584 0.3226 0.2226

Tray 5 0.5005 0.3708 0.2730

Tray 4 0.5644 0.4510 0.3628

Tray 3 0.6497 0.5650 0.4979

Tray 2 0.7454 0.6959 0.6568

Tray 1 0.8343 0.8135 0.7977

Reboiler 0.9034 0.8982 0.8945

Bottoms 0.95 0.95 0.95

High boiling component yield 356.4 kmol 483.4 kmol 547.8 kmol

Figure 6.14 shows the curve of the high boiling component composition over
the theoretical number of trays.

Fig. 6.14 High boiling concentration on the different trays at different evaporation rates
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Figure 6.15 shows a batch stripper which might be used for the purification of
waste water.
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Fig. 6.15 Discontinuous
waste water stripper
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Chapter 7
Steam Distillation

Steam distillation requires that the mixture is immiscible with water. In steam
distillation the total vapour pressure in the system is the sum of the individual
vapour pressures of water P0W and the water immiscible organic component P0org

or the sum of the partial pressures Porg + PW.

Ptot ¼ P0org þP0w ¼ Porg þPW

Steam distillation is used in order to lower the boiling point of high boiling
components using the water vapour pressure.

The organic high boiling component is distilled off with the water vapour acting
as a carrier medium.

The Hausbrand diagram in Fig. 7.1 shows how the boiling point of a water
immiscible solvent is lowered by steam. In steam distillation the boiling point of the
organic component lies at the point of intersection between the vapour pressure
curve of the component with the curve total pressure minus water vapour pressure
Ptot − P0w = 1000 − PW.

As an example, the boiling point of toluene is lowered at Ptot = 1000 mbar from
110.7 to 84 °C in steam distillation.

Examples of applications of steam distillation:

• Vaporization of organic products by direct heating with steam, e.g., vaporization
of high boiling turpentine oil or of gas oil.

• Stripping off solvents from residues containing solvents, e.g., synthetic resin and
paint or colour from materials used in paper production.

• Stripping out of the light boiling components from organic high boiling com-
ponents, e.g., gasoline from gas oil or benzene from lean oil.
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7.1 Calculations of Steam Distillation [1]

One must differentiate between steam distillation with water in its liquid phase,
i.e. two liquid phases, and steam distillation without water in its liquid phase.

Here, Gibb’s phase rule applies: F ¼ 2þC � P

F = degrees of freedom.
C = number of components.
P = number of phases.

For two liquid phases (P = 2) and two components (C = 2) there is one degree
of freedom.

F ¼ 2þ 2� 3 ¼ 1

Only the temperature or pressure can be set.
For one liquid phase and two components there are two degrees of freedom

result.

F ¼ 2þ 2� 2 ¼ 2

Pressure and temperature can be chosen independently from each other.
If the organic component only contains a small fraction of non-volatile materials

or is stripped out of solid residues the solubility of the organic light boiling com-
ponent in the high boiling component or solid bottoms draw can be ignored.
Stationary conditions apply.

Fig. 7.1 Hausbrand diagram for steam distillation
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Calculation equations for steam distillation:

Vapor concentration yorg ¼ Porg

Ptot
yW ¼ PW

Ptot

Boiling point
X

y ¼ 1 ¼ Porg

Ptot
þ PW

Ptot

Required specific stripping steam rate :

nW
norg

¼ PW

Porg
� 1
g

kmol
kmol

� �
mW

morg
¼ MW

Morg
� PW

Porg
� 1
g

kg
kg

� �

Calculation of the bubble point and dew point in steam distillation:

The bubble point is defined as the temperature at which the sum of the vapour
pressures of water and hydrocarbon is equal to the total pressure of the system.

Ptot ¼ P0org þP0W

The concentration of both components is not used in the calculation.

Example 7.1.1: Bubble point calculation of a toluene–water mixture at
1010 mbar

Temperature T ¼ 84 �C:
P0Tol ¼ PTol ¼ 444mbar:

P0W ¼ PW ¼ 566mbar:

Ptot ¼ 444þ 566 ¼ 1010mbar:

The bubble point for the water–toluene mixture is 84 °C.
In the calculation of the dew point the composition of the vapour mixture is

important because the partial pressure of the components results from the molar
composition y of the vapours.

Porg ¼ yorg � Pges PW ¼ yW � Pges

The dew point is reached when the vapour pressure of the component falls below
the partial pressure of the component.

P0org\Porg P0W\PW
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Example 7.1.2: Dew point calculation for a water–toluene vapour with 63 mol%
water

Vapour compositon of water yW = 0.63 molfr.
Total pressure Ptot = 1 bar.
Partial pressure of water P0W = 0.63 * 1000 = 630 mbar.
Vapour pressure of water at 87.2 °C: P0W = 630 mbar.
Water starts condensing at 87.2 °C.
The dew point is 87.2 °C.

7.2 Required Stripping Steam Rate

In the calculation of the required stripping steam rate it must be taken into account
that there is a difference between steam distillation with one or two degrees of
freedom.

7.2.1 Required Stripping Steam Rate for One Liquid
Phase (Fig. 7.2)

Temperature and pressure can be set independently from each other according to
Gibb’s phase rule. This enables the optimization of the stripping process, i.e., a
reduction of the required stripping vapour rate.

morg

mW
¼ Porg

Ptot � Porg
�Morg

MW
� g kg organ:Component

kg steam

� �

Ptot ¼ Porg þ Ptot � Porg
� �

mbarð Þ

Required stripping steam rate taking account of the stripping efficiency η:

nW ¼ norg � Ptot � Porg

Porg
� 1
g
ðkmolÞ mW ¼ morg � Ptot � Porg

Porg
� MW

Morg
� 1
g
ðkgÞ

In case a light boiling organic component is to be stripped out of a large rate of
high boiling components, for instance benzene from lean oil, the light boiling
component concentration is lowered in the high boiling component oil during
stripping, in a similar manner to differential distillation. The conditions are
unsteady.

The partial pressure of the light boiling component decreases with increased
stripping.

This has to be considered, for instance, by an average logarithmic partial pres-
sure Pln.
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Pln ¼ Porg1 � Porg2

ln Porg1

Porg2

ðmbarÞ

Porg1 = partial pressure of the organic component at the beginning (mbar).
Porg2 = partial pressure of the organic component at the end (mbar).

The calculation of the required stripping steam rate is carried out using the
average logarithmic partial pressure Pln.

nW ¼ norg � Ptot � Pln

Pln
� 1
g
ðkmolÞ

mW ¼ morg � Ptot � Pln

Pln
� MW

Morg
þ 1

g
ðkgÞ

An alternative calculation according to Ellerbe [1]:

nW ¼ Ptot

g � P0org
� 1

� �
� nin � noutð Þþ norg � Ptot

g � P0org
� ln nin

nout
ðkmolÞ

Figure 7.2 shows a flow diagram for steam distillation without liquid water.
Steam distillation operates at temperatures above 100 °C or in a vacuum, so that

no steam is condensed.

Vent

Cooling
water

Heating steam

Stripping
steam Organic phase

Water

Bottoms draw off

Feed

Fig. 7.2 Steam distillation without water in the liquid phase with two degrees of freedom
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The feed product is indirectly heated to azeotrope boiling temperature.
The stripping steam is overheated and is introduced, evenly distributed across

the total cross section, by means of a steam spider.
The vapours of the light organic component are stripped out, with the stripping

steam a carrier, and liquified in the condenser.
The condensation starts at dew point and ends at bubble point.
In the decanter, the organic and the liquid phases are separated and drawn off.
The unit can either be operated continuously or discontinuously.
When organic products are evaporated from solid residues the residue is col-

lected and then stripped.

Example 7.2.1.1: Steam distillation of toluene at 84.1 °C and 1013 mbar or
600 mbar

P0Tol ¼ 444:2mbar at 84:1�C g ¼ 1 MTol ¼ 92:1 MW ¼ 18

At atmospheric pressure Ptot = 1013 mbar:

mToluol

mW
¼ PTol

Ptot � PTol
�MTol

MW
¼ 444:2

1013� 444:2
� 92:1

18
¼ 4 kg Toluene/kg steam

yTol ¼ PTol

Ptot
¼ 444:2

1013
¼ 0:44 ¼ 44mol%

yW ¼ PW

Ptot
¼ 1013� 444:2

1013
¼ 0:56 ¼ 56mol%

In a vacuum at Pges = 600 mbar:

mTol

mW
¼ 444:2

600� 444:2
� 92:1

18
¼ 14:58 kg toluene/kg steam

yTol ¼ 444:2
600

¼ 0:74 ¼ 74mol%

yW ¼ 600� 444:2
600

¼ 0:26 ¼ 26mol%

In a vacuum the toluene yield rises from 4 to 14.58 kg toluene/kg steam.
The quantity of the organic component distilled off per kg stripping steam

depends on the vapour pressure ratio and the molar weights.
In a vacuum the quotient (Porg/Ptot − Porg) rises and the stripping becomes more

efficient.
The over-distilled organic product rate per kg of stripping steam increases.
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Example 7.2.1.2: Steam distillation of n-nonane at 90 °C

Vapour pressure of nonane P0nonan ¼ 144:5mbar:

MNonan ¼ 128:

At atmospheric pressure Ptot = 1000 mbar:

nNonan
nW

¼ 144:5
1000� 144:5

¼ 0:169 kmol Nonane/kmol steam

mNonan

mW
¼ 0:169 � 128

18
¼ 1:2 kgNonane/kg steam

yNonan ¼ 144:5
1000

¼ 0:144 yW ¼ 1000� 144:5
1000

¼ 0:856

In a vacuum at Ptot = 600 mbar:

nNonan
nW

¼ 144:5
600� 144:5

¼ 0:317 kmol Nonan/kg steam

mNonan

mW
¼ 144:5

600� 144:5
� 128
18

¼ 2:25 kgNonan/kg steam

yNonan ¼ 144:5
600

¼ 0:24 yW ¼ 600� 144:5
600

¼ 0:76

In a vacuum the nonan yield increases from 1.2 to 2.25 kg per kg of stripping steam.
For evaporation of high boiling oils the boiling point can be reduced by

injecting stripping steam.
Using the steam as a carrier the organic component is stripped out in the ratio of

the partial pressures.

norg
nW

¼ Porg

Ptot � Porg

kmol organ:Component
kmol steam

Example 7.2.1.3: Evaporation of a high boiling oil with stripping steam

Oil rate moil = 2000 kg = 10 kmol.
Molar weight of the oil Moil = 200.
Bubble point = 188 °C at 1 bar.
The bubble point is to be decreased to 170 °C.
Vapour pressure of the oil P0oil = 650 mbar at 170 °C.
Required water vapour pressure PW = 1000 − 650 = 350 mbar.

Bubble point check:

X
y ¼ 650

1000
þ 350

1000
¼ 1
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Required stripping steam rate for 2000 kg oil:

nW ¼ noil � Ptot � Poil

Poil
¼ 10 � 1000� 650

650
¼ 5:4 kmol steam

mW ¼ 5:4 � 18 ¼ 96:9 kg steam

mW ¼ moil � Ptot � Poil

Poil
� MW

Moil
¼ 2000 � 1000� 650

650
� 18
200

¼ 96:9 kg steam

Example 7.2.1.4: Stripping benzene from a large lean oil rate at 177 °C

Feed: 10,000 kg lean oil (M = 220) with 10% benzene.
Required benzene rest content: 50 kg benzene = 0.64 kmol.
Benzene vapour pressure at 177 °C: P0benz ¼ 9:443mbar Ptot ¼ 1013mbar g ¼ 0:9

Feed mass balance:

Rate Rate Composition Vapour
pressure

Partial
pressure

Component (kg) M (kmol) (molfraction) (mbar) (mbar)

Benzene 1000 78 12.82 0.239 9443 2257

Lean oil 9000 220 40.9 0.761 –

Required outlet mass balance for lean oil:

Rate Rate Composition Vapour
pressure

Partial
pressure

Component (kg) M (kmol) (molfraction) (mbar) (mbar)

Benzene 50 78 0.64 0.015 9443 141.6

Lean oil 9000 220 40.9 0.985

At a lean oil temperature of 177 °C the partial pressure of benzene at 2257 mbar
is higher than the total pressure of 1013 mbar.

Much of the benzene is vaporized until its partial pressure is reduced to
1013 mbar.

Calculation of the molar composition at Pbenz = 1013 mbar:

xBen ¼ Ptot

PBenz
¼ 1013

9443
¼ 0:107 Molfr.

XBenz ¼ x
1� x

¼ 0:107
1� 0:107

¼ 0:1198 kmol Benzene/kmolOil

Due to flash evaporation at 1013 mbar the benzene composition in the lean oil is
reduced from 0.239 to 0.107 molfr.

The benzene partial pressure drops from 2257 to 1013 mbar.
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Cross-check calculation:

PBenz ¼ 0:107 � 9:443 ¼ 1:013mbar

Calculation of the amount of benzene remaining in the lean oil after flashing:

nBenz ¼ X � noil ¼ 0:1198 � 40:9 ¼ 4:9 kmol Benzol

The remaining amount of benzene, 4.9 kmol, in the lean oil must be reduced to
the required rest value of 0.64 kmol using steam stripping.

The benzene composition must be reduced from 0.107 molfr., at the beginning
of the steam stripping process, to 0.015 molfr. in the lean oil.

During stripping the benzene partial pressure falls with dropping benzene con-
centration from 1013 to 141.6 mbar.

For the determination of the required stripping steam rate the average logarith-
mic partial pressure Pln is needed.

Pln ¼ Porg1 � Porg2

ln Porg1

Porg2

¼ 1013� 141:6
ln 1013

141:6

¼ 442:8 mbar

nW
nBenz

¼ Ptot � Pln

g � Pln
¼ 1013� 439:1

0:9 � 439:1 ¼ 1:452 kmol steam/kmol Benzene

mW

mBenz
¼ 1:452 � 18

78
¼ 0:335 kg steam/kg Benzene

nW ¼ 1:452 � 4:9� 0:64ð Þ ¼ 6:18 kmol steam

mW ¼ nW �MW ¼ 6:18 � 18 ¼ 111:3 kg steam

Alternative calculation according to Ellerbe [1]:

nW ¼ Ptot

g � P0org
� 1

� �
� nin � noutð Þþ norg � Ptot

g � P0org
� ln nin

nout
ðkmolÞ

nW ¼ 1013
0:9 � 9443� 1

� �
� 4:9� 0:64ð Þþ 40:9 � 1013�

0:9 � 9443 � ln
4:9
0:64

¼ 6:17 kmol steam

mW ¼ 6:17 � 18 ¼ 111:1 kg steam

7.2.2 Required Stripping Steam Rate for Two Liquid Phases
(Fig. 7.3)

For two liquid phases the total vapour pressure of both components results from the
sum of both of the individual vapour pressures.
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Ptot ¼ P0org þP0W mbarð Þ

Only one degree of freedom F exists.
The pressure is also fixed with the temperature.
Required stripping steam rate considering the stripping efficiency η:

nW ¼ norg � P0W

P0org
� 1
g
ðkmolÞ mW ¼ morg � P0W

P0org
� MW

Morg
� 1
g
ðkgÞ

morg

mW
¼ P0org

P0W
�Morg

MW
� g ¼ P0org

Ptot � P0org
�Morg

MW
� g ðkg/kgÞ

Figure 7.3 shows the flow diagram of steam distillation with water in its liquid
phase.

The plant can be operated continuously or batch-wise.
The light organic component is drawn off together with the stripping steam and

is liquified in the condenser. The decanted water in the separator is either moved
back into the evaporator or drawn off.

Heating to the azeotrope boiling point can occur directly with stripping steam or
by indirect heating through the vessel wall or a built-in heating coil.

The choice of temperature determines the pressure, which is the sum of the
vapour pressures of the components.

Vent

Cooling
water

Heating steam

Stripping
steam Organic phase

Water

Bottoms draw off

Feed

Fig. 7.3 Steam distillation with water in its liquid phase (F = 1)
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Ptot ¼ P0org þP0W ðmbarÞ

This relationship for the steam distillation of toluene and decane is shown in
Fig. 7.4.

Example 7.2.2.1: Calculation of the steam distillation of toluene at different
temperatures

Temperature (°C) P0W P0Tol Ptot mTol/mw yTol
(mbar) (mbar) (mbar) (kg/kg) (molfr.)

60 198.7 185.3 383.9 4.77 0.48

70 310.9 271.2 582.6 4.46 0.47

80 472.7 388.3 861 4.2 0.45

90 700.4 542.3 1242.7 3.96 0.44

With increasing temperature the toluene yield drops.

Fig. 7.4 Vapour pressures of
toluene and decane in steam
distillation
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Example 7.2.2.2: Steam distillation of turpentine oil at atmospheric pressure
and in vacuum

Total pressure Ptot = 1010 mbar at 95.5 °C:

Vapour pressure of turpentine P0Turp = 151 mbar.
Steam pressure P0W = 859 mbar.
Mole weight of turpentine Mturp = 136.

wTurp

wW
¼ 151

859
� 136
18

¼ 1:33 kg Turpentine/kg steam

Total pressure Ptot = 400 mbar at 72 °C:

P0Turp = 59.85 mbar.
P0W = 339.15 mbar.

wTurp

wW
¼ PTerp

PW
�MTurp

MW
¼ 59:85 � 136

339:15 � 18 ¼ 1:33 kg Turpentine/kg steam

With water in its liquid phase no turpentine yield advantage is achievable in a
vacuum.

Legends:

Morg = mole weight of organic component.
MW = mole weight of water.
morg = molar stream of organic component (kg/h).
mW = molar stream of water (kg/h).
norg = molar stream of organic component (kmol/h).
nW = molar stream of water (kmol/h).
nin = molar inlet of organic component (kmol).
nout = molar outlet of organic component (kmol).
Ptot = total pressure (mbar).
P01 = vapour pressure of component 1 (mbar).
P0org = vapour pressure of organic component (mbar).
P0W = vapour pressure of water (mbar).
Porg = partial pressure of organic component (mbar).
PW = partial pressure of water (mbar).
yorg = vapour composition of organic component (molfraction).
yW = steam composition (molfraction).
η = stripping efficiency (η = 0.7−0.9).
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7.3 Design of the Decanter for the Separation of Two
Liquid Phases [2–4]

For the dimensioning of a decanter the settling and the rising velocities of the
droplets in the continuous phase, as well as the required resident times for the
separation of the two different heavy liquids, are needed.

7.3.1 Calculation of the Droplet Settling Velocities

The settling or rising velocity wS is calculated according to Stokes:

wS ¼ 9:81
18

� d2 � qS � qL
g

ðm/sÞ

For a droplet size of 0.1 mm = 100 l:

wS ¼ 5:45 � 10�9 � qS � qL
g

ðm/sÞ

wS ¼ 327 � 10�6 � qS � qL
g

ðmm/minÞ

Maximum falling velocity = 250 mm/min

d = droplet diameter (m).
wS = falling or rising velocity (m/s or mm/min).
qS = density of the heavy liquid (kg/m3).
qL = density of the light liquid (kg/m3).
η = viscosity of the continuous phase (Pa).

Example 7.3.1: Calculation of the falling and rising velocities for 100-l
droplets

qS ¼ 986 kg/m3 gS ¼ 0:5 mPa qL ¼ 867 kg/m3 gL ¼ 1mPa

Settling velocity wS ¼ 327 � 10�6 � 986� 867
1 � 10�3 ¼ 38:9 mm/min

Rising velocity wS ¼ 327 � 10�6 � 986� 867
0:5 � 10�3 ¼ 77:8 mm/min
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7.3.2 Dimensioning of the Decanter

For a given phase height h the required settling or rising time tris of the droplets can
be determined:

tris ¼ h ðmmÞ
wS ðmm/minÞ ðminÞ

The residence time tres results from the flow rates F and the settler volume VS:

tres ¼ VS ðm3Þ
F ðm3=minÞ ¼

A ðm2Þ � L ðmÞ
F ðm3=minÞ ðminÞ

A = cross sectional area of a phase in the separator (m2).
F = throughput of a phase (m3/min).
L = settler length (m).

The resident time should be twice the rising time.

tres ¼ 2 � tris minð Þ

The maximum allowable settling height is hmax:

hmax ¼ A � L � wS

2 � F ðmmÞ

The required decanter length L for a desired residence time tres results as follows:

L ¼ Fðm3=minÞ � tres
A

ðmÞ

The rule of thumb for the first estimation of the decanter diameter D:

A separator’s diameter for an estimated residence time tres is determined.
A good estimate for the residence time tres = 10 min.

D ¼ 4
p
� tres � F1

r � y
� �1=3

ðmÞ

F1 = throughput rate of the larger phase (m3/min).
r = L/D = quotient from length and diameter of the decanter, mostly r = 3.4.
y = F1/Ftot = quotient from the larger phase/total rate.
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AG = circle area for the gas (m2).
AL = circle area for the light phase (m2).
AS = circle area for the heavy phase (m2).
D = diameter of the horizontal decanter (m).
Ftot = total feed rate of both phases (m3/min).
FL = throughput rate of the light phase (m3/min).
FS = throughput rate of the heavy phase (m3/min).
Htot = total liquid height in the decanter (mm).
h = layer height of the light liquid (mm).
L = separator length (m).
x = height difference between the nozzles for both phases (mm).
z = layer height of the heavy liquid (mm).

Example 7.3.2.1: Estimation of the decanter dimensions (Fig. 7.5)

FL ¼ 21:56m3=h FL ¼ F1 r ¼ 3:4 tres ¼ 10min

FS ¼ 8:15m3=h

Ftot ¼ 30:41m3=h

Venting

Ftot

Fig. 7.5 Decanter with
designations
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y ¼ 21:56
30:41

¼ 0:7

D ¼ 1:27 � tres � F1

r � y
� �1=3

¼ 1:27 � 10 � 21:56=60
3:4 � 0:7

� �!=3

¼ 1:24m

L ¼ r � D ¼ 3:4 � 1:24 ¼ 4:21m

Example 7.3.2.2: Decanter design

wsettle ¼ 38:9mm/min wrising ¼ 77:8mm/min Estimate : tres ¼ 15min

FL ¼ 1m3=h FS ¼ 2m3=h Ftot ¼ 3m3=h y ¼ 0:666

Estimate of diameterD ¼ 1:27 � 15 � 2=60
3:4 � 0:666

� �1=3

¼ 0:65m

Chosen separator diameterD ¼ 0:8m

Light phaseFL ¼ 1m3=h ¼ 0:0166m3=min SH=D ¼ 0:8 SH ¼ segmental height

SH ¼ 0:8 � 0:8 ¼ 0:64m AL ¼ 0:18m2

Heavy phaseFS ¼ 2 m3=h ¼ 0:0333 m3=min SH=D ¼ 0:5

SH ¼ 0:5 � 0:8 ¼ 0:4 m AS ¼ 0:25m2

Calculation of the settling and rising times:

tsettl ¼ 640� 400
38:9

¼ 6:17min trising ¼ 400
77:8

¼ 5:14min

Required residence time:

tres = 12 min for the light phase.
tres = 10 min for the heavy phase.

Calculation of the required decanter length L for tres = 12 min or 10 min:

LL ¼ tres � F
A

¼ 12 � 0:0166
0:18

¼ 1:1m LS ¼ 10 � 0:0333
0:25

¼ 1:3m

Cross-check calculation for the chosen length L = 1.5 m:

tres ¼ AL�L
FL

¼ 0:18�1:5
0:0166 ¼ 16min hmax ¼ 0:18�1:5�38:9

2�0:0166 ¼ 316mm[ 240mm for settling

tres ¼ AS�L
FS

¼ 0:25�1:5
0:0333 ¼ 11:3min hmax ¼ 0:25�1:5�77:8

2�0:0333 ¼ 438mm[ 400mm for rising
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The following table can be used for quick determination of the circle diameter
areas AL, AS, and AG depending on the quotient: segmental height SH/diameter D.

Circle section area A = C * D2

SH/D 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9

C 0.0409 0.1118 0.1982 0.2934 0.393 0.492 0.587 0.674 0.745

Example 7.3.2.3: Calculation of the cross sectional areas in the decanter for
D = 0.8 m

SH=D ¼ 0:5 A0:5 ¼ AS ¼ C � D2 ¼ 0:393 � 0:82 ¼ 0:25 m2

SH=D ¼ 0:8 A0:8 ¼ C � D2 ¼ 0:674 � 0:82 ¼ 0:43 m2

AL ¼ A0:8 � AS ¼ 0:43�0:25 ¼ 0:18 m2

7.3.3 Setting of the Phase Height in the Decanter

The height of the light phase h and the heavy phase z in the decanter is set with
the difference of the draw heights x for the light and the heavy liquid, or with the
draw height H of the heavy phase.

Calculations:

Layer height of the light phase h ¼ x
1� qL

qS

ðmm)

Difference of the draw heights x ¼ h � 1� qL
qS

� �
ðmmÞ

Layer height of the heavy phase z ¼ H � qS � h � qL
qS

ðmmÞ

Venting

Feed

Light phase

Heavy phase

Light phase

Heavy phase
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Draw height of the heavy phaseH ¼ h � qL � qSð ÞþHtot � qS
qS

Draw height of the heavy phaseH ¼ h � qL
qS

þ z ðmmÞ

Htot ¼ Hþ x ¼ hþ z ðmmÞ

Example 7.3.3.1: Calculation of the draw height H for h = 240 mm and
z = 400 mm

Htot ¼ 240þ 400 ¼ 640mm qS ¼ 986 kg/m3 qL ¼ 867 kg/m3

H ¼ 240 � 867� 986ð Þþ 640 � 986
986

¼ 611 mm

H ¼ 240 � 867
986

þ 400 ¼ 611 mm

x ¼ 240 � 1� 867
986

� �
¼ 29 mm

Htos ¼ Hþ x ¼ 611þ 29 ¼ 640 ¼ hþ z ¼ 240þ 400 ¼ 640mm

h ¼ 29
1� 867

986

¼ 240mm

z ¼ 611 � 986� 240 � 867
986

¼ 400mm

Example 7.3.3.2: Calculation of the layer heights h and z and the total heightHtot

H ¼ 180mm x ¼ 20mm qS ¼ 1000 kg/m3 qL ¼ 850 kg/m3

h ¼ 20
1� 850

1000

¼ 133mm z ¼ 180 � 1000� 133 � 850
1000

¼ 67 mm

Htot ¼ Hþ x ¼ 180þ 20 ¼ 200 ¼ zþ h ¼ 67þ 133 ¼ 200mm

Venting

Light phase

Heavy phase

Feed

Gas phase

Light phase

Heavy phase
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7.4 Stripping Steam Distributor Design [5]

A distributor for stripping steam or stripping gas must be designed for compressible
flow, i.e. using the flow function w.

The following calculation equations are valid [6]:

Throughput rate G ¼ a � w � A �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2 � P1 � q1

p
ðkg/sÞ

Adiabatic flow functionw ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
j

j� 1
� P2

P1

� �2=j

� P2

P1

� �jþ 1
j

" #vuut
Required cross section area A ¼ G

a � w � ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2 � P1 � q1

p ðm2Þ

Hole diameter d ¼ 1000 �
ffiffiffiffiffiffiffiffiffiffi
4 � A
n � p

r
ðmmÞ

A = flow cross sectional area (m2).
G = throughput rate (kg/s).
n = number of holes.
P1 = static inlet pressure in the distributor (Pa).
P2 = static pressure outlet (Pa).
a = resistance coefficient of the hole = 0.61.
j = isentropic exponent.
q1 = inlet density in the distributor (kg/m3).

For a reasonably uniform gas or steam distribution over the total cross section it
is important that the static pressure P1 in the distributor pipe, before the holes, is
kept unchanged as much as possible. With decreasing pressure P1 the gas or steam
throughput decreases at equal hole diameters.

The static pressure in the distributor pipe changes because of the pressure drop in
the pipe and the variation of the dynamic pressure due to the velocity reduction.

P1 ¼ Pin�DPfrict � Dpdyn Pað Þ

Pin = inlet pressure in the distributor pipe (Pa).
DPfrict = friction pressure loss in the distributor pipe (Pa).
Dpdyn = variation of the dynamic pressure with decreasing flow velocity (Pa).

By choosing a larger distributor pipe diameter with a low flow velocity the inlet
pressure P1 can widely be held constant.
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Upon reaching the critical pressure ratio P2/P1 the sound velocity persists in the
holes and the adiabatic flow function w reaches its maximum.

j ¼ 1:4 P2=P1krit ¼ 0:528 wmax ¼ 0:484
j ¼ 1:3 P2=P1krit ¼ 0:546 wmax ¼ 0:473

The stripping steam should be distributed over the cross section of the evaporator as
evenly as possible, for instance using a circular ring or anArchimedes spiral or sieve tray.

The holes can be arranged as a hexagon or as circular rings (Fig. 7.6).
For the calculation of the pitch T and the total number of holes n the following

equations apply:
Hexagonal pattern:

T ¼ Rnffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
n
3 þ 0:25

p � 0:5
ðmmÞ n ¼ 3 � R

2
n

T2

Rn ¼ net radiuswithout border flange mmð Þ

Circular pattern:

T ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
3:63 � R2

n

n

r
ðmmÞ n ¼ 3:63 � R

2
n

T2

With the circular pattern 21% more holes can be accommodated.

Example 7.4.1: Calculation of the pitch and number of holes

RadiusR ¼ 0:4m Border flange S ¼ 10mm Rn ¼ 400� 10 ¼ 390mm n ¼ 100

Circular pattern:

T ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
3:63 � 3902

100

r
¼ 74:3mm n ¼ 3:63 � 3902

74:32
¼ 100

Fig. 7.6 Sieve trays with hexagonal and concentric pitches
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Example 7.4.2: Stripping air distributor design

P2 ¼ 1 bar a ¼ 0:61

Air density q1 ¼ 1:428 kg/m3 at 20 �C and 1:2 bar j ¼ 1:4

Gas rate : 100m3=h ¼ 142:8 kg/h G ¼ 0:03967 kg/s Holes n ¼ 10

(a) P1 ¼ 1:2 bar q1¼ 1:428 kg=m3

w ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1:4

1:4� 1
� 1

1:2

� �2=1:4

� 1
1:2

� �2:4=1:4
" #vuut ¼ 0:37

A ¼ 0:03967

0:61 � 0:37 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2 � 1:2 � 105 � 1:428

p ¼ 0:0003m2

d ¼ 1000 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4 � 0:0003
10 � p

r
¼ 6:18 mm

(b) P1 ¼ 1:5 bar q1¼ 1:785 kg=m3

w ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1:4

1:4� 1
� 1

1:5

� �2=1:4

� 1
1:5

� �2:4=1:4
" #vuut ¼ 0:463

A ¼ 0:03967

0:61 � 0:463 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2 � 1:5 � 105 � 1:785

p ¼ 0:000192m2

d ¼ 1000 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4 � 0:000192

10 � p

r
¼ 4:94 mm

c) P1 ¼ 2 bar q1¼ 2:38 kg=m3

w ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1:4

1:4� 1
� 1

2

� �2=1:4

� 1
2

� �2:4=1:4
" #vuut ¼ 0:484
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A ¼ 0:03967

0:61 � 0:484 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2 � 2 � 105 � 2:38

p ¼ 0:000138m2

d ¼ 1000 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4 � 0:000138

10 � p

r
¼ 4:19mm

The required hole diameter for a specific air rate changes with the variation
of the inlet pressure P1.

7.5 Design Example

Steam distillation for dirty toluene at 84 °C:

Vapour pressure of toluene P0Tol ¼ 444mbar MTol ¼ 92:1 mTol ¼ 450 kg

PW ¼ 566mbar Ptot ¼ 444þ 566 ¼ 1:010mbar g ¼ 0:75

Boiling point check:

X
y ¼ 444

1010
þ 566

1010
¼ 1

7.5.1 Required Stripping Steam Rate with Efficiency
η = 0.75

mW ¼ mTol � PW �MW

PTol �MTol
� 1
g
¼ 450 � 566 � 18

444 � 92:1 �
1

0:75
¼ 149:5 kg steam

Chosen steam rate: 150 kg.

Distillate mass balance:

Quantity (kg/h) Weight% mol%

Toluene 450 75 37

Steam 150 25 63

Total 600 100 100

Average mole weight of the vapour Mm = 0.37 * 92.1 + 0.63 * 18 = 45.4.

Vapor density qD ¼ 45:4
22:4

� 1010
1013

� 273
273þ 84

¼ 1:54 kg/m3

Vapor volume VD ¼ 600
1:54

¼ 390m3=h
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7.5.2 Required Steam for Heating from 24 to 84°C
and Evaporating the Toluene

Specific heat capacity cTol ¼ 0:58Wh/kgK Toluene ratemTol ¼ 450 kg/h

Latent heat rTol ¼ 100:9Wh/kg

Qtot ¼ Qheating þQevapor ¼ mTol � ðc � Dtþ rÞ ¼ 450 � ð0:58 � 60þ 100:9Þ ¼ 61;065 W

Qheating ¼ 15:660 W Qevapor ¼ 45:405 W

Heating steam : 4 bar; 143:6 �CLatent heat rW ¼ 592:5Wh/kg

Vapour enthalpy iWD ¼ 760:5Wh/kg

Required steam rate for indirect heating and evaporating over the vessel wall:

msteam ¼ 61;065
592:5

¼ 103 kg steam

Theoretically, the sensible heat of the stripping steam that is fed with the 150 kg
stripping steam can be subtracted from the heating steam requirement.

In the adiabatic flash from 4 bar to 1 bar the steam is cooled from 143.6 to
130 °C.

Sensible heat introduced with the stripping steam:

Qsens steam ¼ 150 � 0:545 � 130� 84ð Þ ¼ 3760W

Saving of steamDmWsteam ¼ 3760
592:5

¼ 6:3 kg steam

Total steam requirement msteam = 103 − 6.3 = 96.7 kg steam
Required steam rate for direct heating with condensing steam:

msteam ¼ Qtot

isteam � iWater
¼ 61;065

760:5� 97:4
¼ 92:1 kg steam

Heating with direct steam requires a little less steam because the condensate is
subcooled to 84°C.

Due to the problems with water in the residue (i.e., an additional separator and
waste water treatment being required) indirect heating should be adopted.

7.5.3 Evaporator Design

Required heating area A for an overall heat transfer coefficient of U = 250 W/m2K.
Due to fouling, a small overall heat transfer coefficient is chosen.
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A ¼ Qtot

U � LMTD
¼ 61;065

250 � 85:34 ¼ 2:86m2

Chosen: vessel with a nominal content of 1 m3, D = 1.2 m, H = 1.55 m, heating
height HH = 0.5 m.

Heating area at the shell FM = 1.87 m2

Heating area at the bottom FB = 1.3 m2

Total heating area A = 1.87 + 1.3 = 3.17 m2

7.5.4 Check on the Entrainment of Droplets

Flow velocity w of the vapour for D = 1.2 m:

w ¼ 390
3600 � 1:22 � 0:785 ¼ 0:096m/s

Allowable flow velocity wallow in a vertical droplet separator:

wallow ¼ 0:04 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qFL
qD

� 1
r

¼ 0:04 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
813
1:54

� 1

r
¼ 0:92m/s

Conclusion: the determining factor for deciding on the evaporator diameter is the
required heating area.

Chosen: D = 1.2 m.

7.5.5 Condenser Design for 450 Kg/H Toluene
and 150 Kg/H Stripping Steam

Heat load:

Qcon ¼ 450 � 100:9þ 150 � 760:5� 97:4ð Þ ¼ 144;870W

Dew point TT = 87.5°C
Bubble point TS = 84°C
LMTD = 54.5°C
Overall heat transfer coefficient U = 1000 W/m2K
Cooling water 25–35 °C
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Calculation of the required heat exchanger area A:

A ¼ Qcond

U � LMTD
¼ 144;870

1000 � 54:5 ¼ 2:7m2

Chosen: A = 3.7 m2 with 12 tubes 25 � 2, 4 m long, in triangular pitch 32 mm,
shell DN 150

Required cooling water rate:

GW ¼ Qcon

cW � ð35� 25Þ ¼
144;870
1:16 � 10 ¼ 12;488 kg/h

7.5.6 Decanter Design

FL ¼ 450 kg/h ¼ 0:554m3=h ¼ 0:0092m3=min toluene qL ¼ 813 kg/m3 g ¼ 0:207mPa

FS ¼ 150 kg/h ¼ 0:152m3=h ¼ 0:0025m3=min water qS ¼ 986 kg/m3 g ¼ 0:325mPa

Calculation of the settling velocity of the water droplets in toluene:

wsettl ¼ 327 � 986� 813
0:207 � 10�3 ¼ 273mm/min

Calculation of the rising velocity of toluene droplets in the water phase:

wris ¼ 327 � 986� 813
0:325 � 10�3 ¼ 174mm/min

Chosen: wris = 250 mm/min
Estimate of the decanter dimensions:

D ¼ 1:27 � 10 � 0:0092
3:4 � 0:786

� �1=3

¼ 0:35m L ¼ 3:4 � 0:35 ¼ 1:2m

Chosen:

L = 1 m
D = 400 mm

Calculation of the layer heights in the decanter:
Chosen draw height of the heavy liquid H = 300 mm, x = 30 mm
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h ¼ x
1� qL

qS

¼ 30
1� 813

986

¼ 171mm

Htot ¼ Hþ x ¼ 300þ 30 ¼ 330mm

z ¼ H � qS � h � qL
qS

¼ 300 � 986� 171 � 813
986

¼ 159mm

Htot ¼ hþ z ¼ 171þ 159 ¼ 330mm

Calculation of the circular sectional areas AS and AL:

z
D
¼ 159

400
¼ 0:4 C ¼ 0:2934 AS ¼ 0:2934 � 0:42 ¼ 0:0469m2

Htot

D
¼ 330

400
¼ 0:8 C ¼ 0:674 AL ¼ 0:674� 0:2934ð Þ � 0:42 ¼ 0:0609m2

Cross-check of the residence times tres and the settling or rising times tsettl and tris:

Water : tres ¼ AS � L
FS

¼ 0:0469 � 1:0
0:0025

¼ 18:8min tsettls ¼ h
wsettl

¼ 171
273

¼ 0:62min

Toluene : tres ¼ AL � L
FL

¼ 0:0609 � 1:0
0:0092

¼ 6:6min tris ¼ z
wris

¼ 159
250

¼ 0:6min

7.5.7 Stripping Steam Distributor Design

Steam condition : 4 bar; 143:6 �C Steam density q ¼ 2:16 kg/m3 j ¼ 1:3

G ¼ 150 kg/h ¼ 0:0417 kg/s P1 ¼ 4 bar P2 ¼ 1 bar n ¼ 20 holes

P2=P1 ¼ 1=4 ¼ 0:25 ! super critical pressure ratio withwmax ¼ 0:473

A ¼ 150=3600

0:61 � 0:473 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2 � 4 � 105 � 2:16

p ¼ 0:00011m2

d ¼ 1000 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4 � 0:00011

20 � p

r
¼ 2:6mm

Chosen: 20 holes each being 4 mm diameter ➔ A = 0.00251 m2

Calculation of the maximum possible throughput Gmax:

Gmax ¼ 0:61 � 0:473 � 0:000251 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2 � 4 � 105 � 2:16

p
¼ 0:0952 kg/s ¼ 342:7 kg/h

Construction: distributor ring DN 50 with 1 m diameter and length L = 3.14 m
Having 20 holes each with a 4 mm diameter; pitch distance = 157 mm
The steam rate is measured and control fed to the evaporator.
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Chapter 8
Absorption and Stripping Columns

8.1 Equilibria for the Design of Absorption
and Desorption Columns

In absorption and desorption the potential for the mass transfer is determined by the
deviation from the phase equilibrium (Figs. 8.1 and 8.2).

Knowledge of the solution equilibrium in the physical absorption and the
chemical equilibrium in chemical washing is a prerequisite for the design of
technical absorption and desorption plants.

8.1.1 Physical Equilibrium [1–3]

In the following it is shown how to calculate the equilibrium between the vapour or
gas concentration of a component yi and the liquid composition xi.

In the absorption, the composition yi of a component in the gas stream is to
be reduced.

yi ¼ H
Ptot

� xi ¼ c � p0i � xi
Ptot

¼ pi
Ptot

¼ K � xi ð8:1Þ

H = Henry-coefficient
c = activity coefficient
xi = gas composition in the washing liquid (molfraction)
yi = gas composition in the gas mixture to be cleaned (molfraction)
Ptot = total pressure (bar)
p0i = vapour pressure of the component to be absorbed (bar)
pi = partial pressure of the component to be absorbed (bar)
K = equilibrium constant = y/x
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Purified gas

Vacuum

Refrigerant

Refrigerant
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Washing agent

Steam

Distillate

Fig. 8.1 Flow diagram of an absorption–desorption plant

Cooling
water

Cold
water

Stripping steam

Cold water

Feed

Fig. 8.2 Flow diagram of an SO2–stripper
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From Eq. (8.1) it can be derived that the outlet loading yi reduces after an
absorption:

with low values of H and c: ➔ selection of the washing agent and the washing
temperature

at low liquid concentrations xi: ➔ good desorption of the absorbent and high
washing fluid rates

with increasing total pressure Ptot: ➔ absorption at high pressure
with low vapour pressures p0i ➔ low absorbent temperature
The absorptive is only absorbed by the washing liquid if the partial pressure in

the gas is larger than the partial pressure in the washing liquid.

yi � Ptot [H � xi or[ c � p0i � xi
In desorption the liquid composition xi of a component in the liquid is to be

reduced.

xi ¼ yi � Ptot

H
¼ yi � Ptot

c � p0i

yi = composition yi of the component in the stripping gas (molfraction)
The desorption becomes greater and the rest loading xi in the liquid becomes

smaller:
with greater values for H and c: ➔ absorption media and high temperature in

stripping
at low yi values in the stripping gas: ➔ stripping gas cleaning and high flow rate
with decreasing total pressure Ptot: ➔ desorption in vacuum
with increasing vapour pressure p0i: ➔ higher temperatures with stripping.
In exhaust air purification based on the values given in the Technical Guidelines,

i.e., TA Luft in Germany, the concentration xi in the washing fluid should be reduced
to approximately 50% of the equilibrium value of the permitted outlet concentration.

In boiling washing fluids, for instance water, the good end purification to low xi
values by distillation is no problem. However, with high boiling organic wash
media which are not boiling, the absorbed light boiling components must be
stripped out with steam or nitrogen (Fig. 8.3).

This creates new problems: contamination of the solvent or emissions within the
stripping gas.

Requirements of absorbents:
High capacity and selectivity: ➔ low c and mole weight M.
Low vapour pressure and low viscosity (<5 mPas).
No problem with regards to corrosion, ex-protection, and MAK-value.
Easy to regenerate, i.e., to desorb.
For absorption the Henry coefficient H, or the activity coefficient c, should

be small.
For desorption the Henry coefficient H, or the activity coefficient c, should

be large.
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8.1.1.1 Equilibrium Calculation with the Henry Coefficient H
for Super-Critical Gases

The Henry coefficient is dependent on the material system and on the temperature
and can be found in data tables.

Henry’s law should only be used in diluted solutions with xi < 0.02 applications.
Equilibrium calculation using the Henry coefficient (Table 8.1):

Fig. 8.3 Absorption of solvents with high boiling organic absorbents

Table 8.1 Henry constants
for different gases in water

T N2 CO2 H2S SO2 NH3

(°C) (bar) (bar) (bar) (bar) (bar)

10 64,700 1090 370 15.5 0.45

20 75,500 1440 496 24.4 0.77

30 87,100 1860 652 37.5 1.27

40 99,600 2360 843 56 2
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yi ¼ xi � Hi

Ptot
¼ K � xi K ¼ yi

xi
¼ Hi

Ptot
¼ c1 � p0i

Ptot

Example 8.1.1: Equilibrium of CO2 in water at 25 °C and Ptot = 1 bar

H ¼ 1650 bar xCO2 ¼ 0:586 � 10�4molfr:CO2

yCO2 ¼ 1650 � 0:586 � 10�4 ¼ 0:0967molfr:CO2 ¼ 9:67 vol%CO2

For the calculation of the equilibrium line several values of yi and xi are
necessary.

yi ¼ Ki � xi ¼ Hi

Ptot
� xi ¼ 1650

1
� xi ¼ 1650 � xi

xi 0.1*10−4 0.2*10−4 0.3*10−4 0.4*10−4 0.5*10−4

yi 0.0165 0.033 0.049 0.066 0.0825

8.1.1.2 Equilibrium Calculation for Ideal Condensable Vapour
with c = 1

In this case Raoult’s law is valid.

yi ¼ xi � P0i

Ptot
¼ K � xi K ¼ yi

xi
¼ p0i

Ptot

Example 8.1.2: Oil wash for dichloromethane at 50 °C and Ptot = 1 bar and at
Ptot = 5 bar

Vapour pressure of dichloromethane at 50 �C : p0i ¼ 1417mbar

MDC ¼ 84:9 M €OL ¼ 360 MLuft ¼ 29 xDC ¼ 0:08molfr.

Equilibrium at a total pressure of Ptot = 1 bar:

K ¼ p0i
Ptot

¼ 1417
1000

¼ 1:4 yi ¼ 1:4 � xi
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xi 0.04 0.06 0.08 0.1 0.12

yi 0.056 0.084 0.112 0.14 0.168

Equilibrium at a total pressure of Ptot = 5 bar:

K ¼ p0i
Ptot

¼ 1417
5 � 1000 ¼ 0:283

Calculated equilibria at 5 bar:

xi 0.04 0.06 0.08 0.1 0.12

yi 0.011 0.017 0.0226 0.0283 0.034

In Fig. 8.4 both of the equilibrium lines at 1 and 5 bar are given.
It can be clearly seen that using a pressure wash at 5 bar the dichloromethane

concentration in the gas phase is more strongly reduced than by absorption at 1 bar.
However, it must also be considered that under pressure a lot of inert gas is

dissolved in the wash oil. After flashing at 5 bar in the washing column to 1 bar in
the oil tank the inert gas flashes off and escapes as an emission into the atmosphere.

Example 8.1.3: Hexane washing for the absorption of butane at 6 bar and
25 °C

Dissolved nitrogen quantity at 6 bar: 2:54 � 10�3 kgN2=kg hexane

Dissolved nitrogen quantity at 1 bar: 0:34 � 10�3 kgN2=kg hexane

Released nitrogen rate: 2:2 � 10�3 kgN2=kg hexane ¼ 2:2 kgN2=t hexane

Hexane emission at saturation: 1:7 kg hexane=t of hexanewash

At a hexanewash rate of 5 t=h there will be 8:5 kg=h butane emitted from the hexane tank:

1 bar

5 bar

Fig. 8.4 Equilibrium lines for dichloromethane in wash oil at 1 bar and at 5 bar
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Conclusion:
Absorption under pressure produces new emissions due to the escaping inert gas

that is released from the washing liquid and is loaded with organic vapour.

8.1.1.3 Equilibrium Calculation for Non-ideal Condensable Vapours
with c 6¼ 1

For non-ideal mixtures, for instance acetone/water, methanol/water, or ethanol/water, the
activity coefficient c is necessary, which is dependent on temperature and composition.

Generally, in absorption an activity coefficient c∞ at infinite dilution is chosen.
The calculation of the activity coefficient c follows according to the calculation

models of Wilson or NRTL (see Chap. 2). For vapour–liquid equilibrium the fol-
lowing is valid:

yi ¼ c1 � p0i � xi
Ptot

¼ K � xi K ¼ c1 � p0i
Ptot

Example 8.1.4: Water washing for acetone vapour in the air at 20 °C with
Ptot = 1 bar.

Vapour pressure of acetone at 20 �C : p0Ac ¼ 304:6mbar
Activity coefficient c ¼ 6:7

K ¼ 6:7 � 304:6
1000

¼ 2:04 yi ¼ 2:04 � xi
Calculated equilibria:

xi 0.004 0.006 0.008 0.01 0.012

yi 0.008 0.0122 0.0163 0.02 0.0245

8.1.1.4 Equilibrium Calculation Using Solubility Tables with Partial
Pressure

These solubility tables are used, for instance, for the design of water washes for
NH3, HCl, SO2, and also for acetone.
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Example 8.1.5: Water wash for acetone at 30 °C with Ptot = 1 bar Tabulated
value: partial pressure Pi = 14.1 mbar for 2 kg acetone in 100 kg water (2 weight%)

Gas concentration yi ¼ Pi

Ptot
¼ 14:1

1000
¼ 0:014 Molfr. aceton

Molar loading X ¼ B �MW

MG
¼ 2

100
� 18
58:1

¼ 0:00619 kmol aceton=kmol water

Liquid concentration xi ¼ 0:00619
1þ 0:00619

¼ 0:006158 Molfr. aceton

Equilibrium constan t K ¼ yi
xi
¼ 0:014

0:006158
¼ 2:27

Example 8.1.6: Water washing for NH3 from air at 30 °C and
Ptot = 1.013 bar Tabulated value: partial pressure Pi = 25.7 mbar for 2 kg NH3 in
100 kg water (B = 0.02 kg/kg)

Gas concentration yi ¼ Pi

Pges
¼ 25:7

1013
¼ 0:0254 NH3

Molar loading X ¼ B �MW

MG
¼ 0:02 � 18

17
¼ 0:02118 kmol NH3=kmol Water

Liquid concentration xi ¼ X
1þX

¼ 0:02118
1:02118

¼ 0:0207Molfr. NH3

Equilibrium constan t K ¼ yi
xi
¼ 0:0254

0:0207
¼ 1:224

8.1.1.5 Calculation of the Gas Solubility in a Liquid Using the Henry
Constant H

The Henry constant H is not constant but is a temperature dependent physical
property.

The Henry value rises with increasing temperature.

xG ¼ Ptot � PV

H
ðMolfr. Gas inWaterÞ

W ¼ xG �MG

MFl � ð1� xGÞ
ðkg Gas=kg LiquidÞ

S ¼ qFl
qG

�W ðm3 Gas=m3 LiquidÞ
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xG = molfraction of the gas in the liquid
Ptot = total pressure (bar)
PV = vapour pressure of the liquid (bar)
MG = mole weight of the gas
Mfl = mole weight of the liquid
W = gas loading of the liquid (kg gas/kg liquid)
S = gas solubility (m3 gas/m3 liquid)

Example 8.1.7: Calculation of gas solubility for CO2, H2S, and Cl2 in water at
25 °C

CO2 : Pges ¼ 1 bar: Water vapour pressurePV ¼ 0:032 bar:
Henry constantH ¼ 1:650 bar:

xG ¼ 1� 0:032
1650

¼ 0:586 � 10�3 Molfr. W ¼ 1:43 gCO2=kgWater

H2S : Pges ¼ 1 bar: Water vapour pressurePV ¼ 0:032 bar:
H ¼ 552 bar:

xG ¼ 1� 0:032
552

¼ 1:75 � 10�3 Molfr. H2S W ¼ 3:32 gH2S=kgWater

Cl2 : Pges ¼ 1 bar: Water vapour pressurePV ¼ 0:032 bar:
H ¼ 605 bar:

xG ¼ 1� 0:032
605

¼ 1:6 � 10�3 Molfr. Cl2 W ¼ 6:2 gCl2=kgWater

8.1.2 Chemical Equilibrium [4, 5]

In chemical washes absorption is improved compared with physical washes because
the gas in the washing fluid to be absorbed is chemically bound, for instance by
hydrolysis or chemical reaction (Fig. 8.5).

The chemical equilibrium of a reaction is described by the mass efficiency law
(MWG) and the equilibrium constant K. A high K-value means that the forward
reaction dominates and the equilibrium is shifted to the product’s side.

Example: Dissociation of hydrochloric acid in water.
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HCl ➔ H+ + Cl−

K ¼ Hþ½ � � Cl�½ �
HCl½ � ¼ 107

The K-value is very high. This means that HCl is nearly completely dissociated.
Since the vapour pressure of the ions is practically zero an absorption of HCl

with pure water is principally possible. However, this is only valid for low HCL
compositions in water.

The possible improvement by a chemical reaction depends on:

the chemical reaction: irreversible or reversible;
the reaction velocity k1 and the reaction level;
the composition of the reactants and the pH value;

Waste air
with SO2

Water
with salt

Cooling water

Purified air

Fig. 8.5 Caustic wash for exhaust air containing SO2
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the diffusion coefficient in the liquid phase DA;
the mass transfer coefficient in the liquid phase kL; and
the composition cA0 in the liquid stream.

The mass transfer NA for an irreversible reaction to first order is calculated as
follows:

NA ¼ kL � cAi � cA0
cosh

ffiffiffiffiffi
M

p
� �

�
ffiffiffiffiffi
M

p

tanh
ffiffiffiffiffi
M

p ðkmol=m2sÞ

M ¼ DA � k1
k2L

Ha ¼
ffiffiffiffiffi
M

p
¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
DA � k1

k2L

s

The Hatta number Ha is defined as the ratio of the maximum reaction rate in the
film to the diffusion stream of the material component.

The improvement of the material transfer by the reaction is given by the
enhancement factor E.

E ¼ Ha
tanh Ha

Example 8.1.8: Calculation of the enhancement factor E for Cl2, SO2, and CO2

in water at 20 °C
Cl2 in water: HOCl $ OCl− + H+

k1 ¼ 11 s�1 kL ¼ 10�4 m=s DA ¼ 10�9 m2=s

M ¼ DA � k1
k2L

¼ 10�9 � 11
10�4ð Þ2 ¼ 1:1

ffiffiffiffiffiffiffi
1:1

p
¼ 1:05

E ¼
ffiffiffiffiffi
M

p

tanh
ffiffiffiffiffi
M

p ¼ 1:05
0:78

¼ 1:34

Due to the dissociation of HOCl the absorption is ca. 34% better than with a pure
physical wash.

SO2 in water: H2SO3 $ HSO3- + H+

k1 ¼ 3:4 � 106 s�1 kL ¼ 10�4 m=s DA ¼ 10�9 m2=s

M ¼ 10�9 � 3:4 � 106
10�4ð Þ2 ¼ 340000 E ¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
340000

p
¼ 583

8.1 Equilibria for the Design of Absorption and Desorption Columns 225



Due to hydrolysis the absorption in the liquid phase is strongly accelerated and
the gas side resistance becomes the limiting factor.

CO2 in water: H2CO3 $ HCO3- + H+

k1 ¼ 0:02 s�1 kL ¼ 10�4 m=s DA ¼ 10�9 m2=s

M ¼ 10�9 � 0:02
10�4ð Þ2 ¼ 0:002

ffiffiffiffiffiffiffiffiffiffi
M ¼

p ffiffiffiffiffiffiffiffiffiffiffi
0:002

p
¼ 0:0447

E ¼ 0:0447
tanh 0:0447

¼ 0:0447
0:04467

¼ 1:001

Due to the low reaction velocity no improvement exists.
The resistance for the mass transfer lies in the gas phase if, during the physical

absorption, the gas is very soluble with a low K-value, or, as part of the chemical
wash, the reaction is fast and irreversible:

NH3 inH2O SO2inH2O SO2inAlkali HCl inH2O H2S inH2O

For poorly soluble gases with large K-values or slowly reversible reactions the
main resistance lies in the liquid phase:

CO2 inH2O CO2 inNaOH Cl2 inH2O O2inH2O H2 inH2O

Under conditions where the composition of the dissolved gas is nearly zero,
because only ions are present which have no vapour pressure, very high K-values in
chemical washes result.

K ¼ yi
xi
� 1 � 106

In a design using chemical equilibrium for the given mass balance it is important
to check how much non-ionised gas is dissolved in the liquid.

The partial pressure of the free gas is then determined from the concentration of
the free gas in the liquid and the Henry coefficient.

Example 8.1.9: NH3 wash with aqueous nitric acid at 25 °C. yein = 0.005
molfraction NH3 The following equilibrium holds:

NH3½ � ¼ 5:75 � 10�10 � NHþ
4

� �
Hþ½ �
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From the mass balance it follows:

NHþ
4

� � ¼ 0:0438 gmol=l

Hþ½ � ¼ 0:0304 gmol=l

NH3½ � ¼ 5:75 � 10�10 � 0:0438
0:0304

¼ 8:28 � 10�10 gmol=l

After dividing by the molar density the composition in the liquid phase is:

xNH3 ¼ 8:28 � 10�10

55:1
¼ 15 � 10�12 Molfr. NH3

From the concentration x and the Henry coefficient H of NH3 the partial pressure
of the free NH3 is calculated:

pi ¼ xNH3 � HNH3 ¼ 15 � 10�12 � 1:27 ¼ 19:09 � 10�12 bar

This value is negligible.
Additionally, the equilibrium constant K can be determined:

K ¼ yein
xNH3

¼ 0:005
15 � 10�12 ¼ 333 � 106

In some mixtures the pH value has a large influence on the dissociation or the
partial pressure.

Figure 8.6 gives the partial pressure of ammonia in water, for an NH4+ con-
centration of 0.05 gmol/l as a function of the pH value.

Remark Due to the reaction heat large heat tone can occur in the chemical wash.
The temperature rise should always be checked.
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Fig. 8.6 Vapour pressure of ammonia at 25 °C as a function of the pH value
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8.2 Calculation of the Required Mass Transfer Units,
NTUOG and NTUOL, Using the Slope m
of the Equilibrium Line

In the region of low concentration the absorption and desorption equilibrium line is
straight, and the following calculation method holds for a linear equilibrium and
balance lines with a constant gas/liquid ratio in the column [6–9].

Determination of required transfer units NTUOG for the gas side mass
transfer in absorption:

NTUOG ¼
ln 1� Sð Þ � yin�m�xin

yout�m�xout

� �
þ S

h i
1� S

Determination of the liquid side mass transfer units NTUOL for desorption:

NTUOL ¼
ln 1� 1

S

	 
 � xin�yin
m

yout�yin
m

� �
þ 1

S

h i
1� 1

S

S = Strippingfaktor = m � G
L

G = Gas loading (kmol/h)
L = Liquid loading (kmol/h)
m = Slope of the equilibrium line = Dy/Dx
yin = Gas inlet concentration (molfraction)
yout = Gas outlet concentration (molfraction)
xin = Liquid inlet concentration (molfraction)
xout = Liquid outlet concentration (molfraction)

If the equilibrium line is a straight line, and goes through the origin, the slope
of the equilibrium line m equals the equilibrium factor K.

In most of the cases in the diluted region K = m.

Example 8.2.1: Calculation of the required gas side mass transfer units NTUOG

for absorption. Gas inlet concentration yin = 0.217
Required gas outlet composition yout = 0.0105
Washing fluid inlet composition xin = 0
Slope of the equilibrium line m = 2
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Gas–liquid equilibrium: y = m * x = 2 * x

Inlet gas rate G ¼ 15:75 kmol=h Washing liquid rate L ¼ 167 kmol=h

Stripping faktor S ¼ m � G
L
¼ 2 � 15:75

167
¼ 0:188

NTUOG ¼ ln 1� 0:188ð Þ � 0:217�0
0:0105�0

	 
þ 0:188
� �

1� 0:188
¼ 3:48

Example 8.2.2: Calculation of the required liquid side mass transfer units
NTUOL for desorption Liquid inlet concentration xin = 0.0218

Required liquid outlet concentration xout = 0.529 * 10−4

Stripping gas inlet concentration yin = 0

m ¼ 13 G ¼ 24:4 kmol=h L ¼ 222:5 kmol=h

Stripping faktor S ¼ m � G
L
¼ 13 � 24:4

222:5
¼ 1:4256

1
S
¼ 0:7

NTUOL ¼ ln 1� 0:7ð Þ � 0:0218�0
0:529�10�4

	 
þ 0:7
� �

1� 0:7
¼ 16:1

8.3 Calculation of the Required Mass Transfer Units
NTUOG or NTUOL Using the Logarithmic Partial
Pressure or Concentration Difference

8.3.1 Required Gas Side Mass Transfer Units NTUOG

for Absorption

NTUOG ¼ yin � yout
Dyln

¼ Pin � Pout

DPln

Calculation of the logarithmic partial pressure difference DPln:

DPln ¼
Pin � P�

in

	 
� Pout � P�
out

	 

ln

Pin�P�
inð Þ

Pout�P�
outð Þ

� �

Pin = inlet partial pressure = yin * Ptot

Pout = outlet partial pressure = yout * Ptot

Pin
* = yin

* * Ptot

Pout
* = yout

* * Ptot
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Calculation of the logarithmic concentration difference Dyln:

Dyln ¼
yin � y�inð Þ � yout � y�out

	 

ln yin�y�in

yout�y�out

h i

y�in ¼ m � xout þ b y�out ¼ m � xin þ b

yin
* = gas equilibrium composition to the liquid inlet concentration xout = m* xout
yout
* = gas equilibrium composition to the liquid outlet concentration xin = m* xin
yout = gas outlet concentration (molfraction)

Calculation of the liquid outlet concentration xout:

xout ¼ G
L
� yin � youtð Þ þ xin

Example 8.3.1.1: Calculation of NTUOG using the logarithmic concentration
gradient Gas inlet concentration yin = 0.217

Required gas outlet concentration yout = 0.0105

G ¼ 15:75 kmol=h L ¼ 167 kmol=h m ¼ 2 xin ¼ 0

xout ¼ G
L
� yin � youtð Þþ xin ¼ 15:75

167
� 0:217� 0:0105ð Þþ 0 ¼ 0:019475 molfr:

y�in ¼ m � xout ¼ 2 � 0:019475 ¼ 0:03895molfr:

y�out ¼ m � xin ¼ 2 � 0 ¼ 0molfr:

Dyln ¼ 0:217� 0:03895ð Þ � 0:0105� 0ð Þ
ln 0:217�0:03895

0:0105

� � ¼ 0:05919

NTUOG ¼ 0:217� 0:0105
0:05919

¼ 3:48

Example 8.3.1.2: Calculation of NTUOG using the logarithmic partial pressure
gradient

Pin ¼ 0:217 � 1000 ¼ 217mbar Pout ¼ 0:0105 � 1000 ¼ 10:5mbar
P�
in ¼ 0:03895 � 1000 ¼ 38:95mbar

DPln ¼ 217� 38:95ð Þ � 10:5� 0ð Þ
ln 217�38:95

10:5�0

¼ 59:19

NTUOG ¼ 217� 10:5
59:19

¼ 3:48

The results of Examples 8.3.1.1 and 8.3.1.2 are identical to the result of Example 8.2.1.
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8.3.2 Calculation of the Liquid Side Mass Tranfer NTUOL

for Desorption

Calculation of the NTUOL using the logarithmic concentration difference:

NTUOL ¼ xin � xout
Dxln

Calculation of the logarithmic concentration difference:

Dxln ¼
xin � x�in
	 
� xout � x�out

	 

ln xin�x�in

xout�x�out

x�in ¼
yout � b

m
x�out ¼

yin � b
m

Stripping gas outlet concentration yout:

yout ¼ L
G

� xin � xoutð Þþ yin

Example 8.3.2.1: Calculation of NTUOL using the logarithmic concentration
gradient

Liquid rate L ¼ 222:5 kmol=h Liquid inlet concentration xin ¼ 0:0218molfr:

Stripping gas rateG ¼ 24:4 kmol=h Stripping gas inlet concentration yin ¼ 0

Required liquid outlet composition xout ¼ 0:529 � 10�4molfr:

Equilibrium factorm ¼ 13

yout ¼ 222:5
24:4

� 0:0218� 0:529 � 10�4	 
 ¼ 0:1983 molfr:

x�in ¼ yout
m

¼ 0:1983
13

¼ 0:015255 molfr:

Dxln ¼ 0:0218� 0:15255ð Þ � 0:529 � 10�4 � 0ð Þ
ln 0:0218�0:15255

0:529�10�4

� � ¼ 0:001348 molfr:

NTUOL ¼ 0:0218� 0:529 � 10�4

0:001348
¼ 16:1

The result is consistent with the result from Example 8.2.2.
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8.4 Calculation of the Required Theoretical Stages NT
for Absorption and Desorption

The calculation method is valid for linear equilibrium and operation lines with a
constant stripping factor. The required theoretical trays NT for absorption or des-
orption tasks are calculated in the following text.

8.4.1 Determination of the Theoretical Stages NT
for Absorption [9, 10]

The required number of theoretical trays NT for absorption is determined as
follows:

NTAbs ¼ lg 1� Sð Þ �Mþ S½ �
lg 1

S

Strippingfaktor S ¼ m � G
L

M ¼ yin � m � xin
yout � m � xin

Example 8.4.1: Calculation of the required theoretical stages for absorption

Gas inlet rateG ¼ 15:75 kmol=h Gas inlet concentration yin ¼ 0:217molfr:

Absorbent inlet rate L ¼ 167 kmol=h Washing liquid loading xin ¼ 0molfr:

Equilibrium constantm ¼ 2

Required gas outlet concentration yout ¼ 0:0105molfr:

S ¼ 2 � 15:75
167

¼ 0:188 M ¼ 0:217� 0
0:0105� 0

¼ 20:66

NT ¼ lg 1� 0:188ð Þ � 20:66þ 0:188½ �
lg 1

0:188

¼ 1:69

Washing fluid outlet concentration:

xout ¼ G
L
� yin � youtð Þþ xein ¼ 15:75

167
� 0:217� 0:0105ð Þþ 0 ¼ 0:019475 molfr:
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8.4.2 Calculation of the Theoretical Stages NT
for Desorption

The required theoretical stages for desorption are determined as follows:

NTDes ¼ lg 1� 1=Sð Þ �Mþ 1=S½ �
lg S

S ¼ m � G
L

M ¼ xin � yin=m
xout � yin=m

Example 8.4.2: Calculation of the theoretical stages for a stripper

Liquid inlet rate L = 222.5 kmol/h Liquid inlet concentration xein = 0.0218 molfr.

Stripping gas rate G = 24.4 kmol/h Stripping gas inlet concentration yein = 0

Slope of the equilibrium line m = 13

Required liquid outlet concentration xout = 0.529 * 10−4 molfr.

S ¼ m � G
L
¼ 13 � 24:4

222:5
¼ 1:4256

1
S
¼ 0:701

M ¼ 0:0218� 0
0:529 � 10�4 � 0

¼ 412

NT ¼ lg 1� 0:701ð Þ � 412þ 0:701½ �
lg 1:4256

¼ 13:6

8.5 Conversion of the Required Mass Transfer Units
NTUOG and NTUOL to the Required Number
of Theoretical Trays NT, and Vice Versa

The following is valid for the conversion from NTUOG for absorption:

ROG ¼ NTUOG

NT
¼ ln S

S� 1

NTUOG ¼ ROG � NT ¼ ln S
S� 1

� NT NT ¼ NTUOG � S� 1
ln S
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Example 8.5.1: Conversion from NTUOG to NT

S ¼ 0:188 NTUOG ¼ 3:5

ROG ¼ ln 0:188
0:188� 1

¼ 2:05

NT ¼ NTUOG

ROG
¼ 3:5

2:05
¼ 1:7 ¼ NTUOG � S� 1

ln S
¼ 3:5 � 0:188� 1

ln 0:188
¼ 1:7

The conversion from NTUOL for desorption holds:

ROL ¼ NTUOL

NT
¼ S � ln S

S� 1

NTUOL ¼ ROL � NT ¼ S � ln S
S� 1

NT ¼ NTUOL � S� 1
S � ln S

Example 8.5.2: Conversion from NT to NTUOL

S ¼ 1:4 NT ¼ 13:6

ROL ¼ S � ln S
S� 1

¼ 1:4 � ln 1:4
1:4� 1

¼ 1:177

NTUOL ¼ NT � S � ln S
S� 1

¼ 13:6 � 1:4 � ln 1:4
1:4� 1

¼ 16 ¼ ROL � NT ¼ 1:177 � 13:6 ¼ 16

8.6 Determination of the Required Packing Height HPack

The required packing height for absorption or desorption tasks results from the
product of the required mass transfer units NTU with the NTU required packing
height HTU, or from the product of the required theoretical stages NT and the
required packing height HETP for a theoretical stage.

HPack ¼ NT � HETP HPack ¼ NTUOG � HTUOG HPack ¼ NTUOL � HTUOL

First of all, the total packing heights HTUOG or HTUOL for the gas side and the
liquid side mass transfer have to be determined along with HETP values.

HTUOG ¼ HTUG þ S � HTUL HETP ¼ ln S
S� 1

� HTUOG

HTUOL ¼ HTUL þ HTUG

S
HETP ¼ S � ln S

S� 1
� HTUOL
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HETP = required packing height for a theoretical stage (m packing height/NT)
HTUG = required packing height for a gas side mass transfer unit NTUOG

HTUL = required packing height for a liquid side mass transfer unit NTUOL

Calculation of the required HTU and HETP values is shown in Chap. 10.

Example 8.6.1: Determination of the required packing height

NTUOG ¼ 3:5 NT ¼ 1:7 NTUOL ¼ 0:66 S ¼ 0:188
HTUG ¼ 0:375m HTUL ¼ 0:71m HETP ¼ 1:05m

HTUOG ¼ HTUG þ S � HTUL ¼ 0:375þ 0:188 � 0:71 ¼ 0:508 m

HTUOL ¼ HTUL þ 1
S
� HTUG ¼ 0:71þ 1

0:188
� 0:375 ¼ 2:7 m

HETP ¼ ln S
S� 1

� HTUOG ¼ ln 0:188
0:188� 1

� 0:508 ¼ 1:05 m

HETP ¼ S � ln S
S� 1

� HTUOL ¼ 0:188 � ln 0:188
0:188� 1

� 2:7 ¼ 1:05 m

HF€ull ¼ NTUOG � HTUOG ¼ 3:5 � 0:508 ¼ 1:78 m

HF€ull ¼ NT � HETP ¼ 1:7 � 1:08 ¼ 1:78 m

HF€ull ¼ NTUOL � HTUOL ¼ 0:66 � 2:7 ¼ 1:78 m

8.7 Calculation of the Packing Height Using the Mass
Transfer Number KGa

In chemical washes in packing columns using caustic solutions, acids, amines, or
water the required bed height is often determined using the empirical mass transfer
number kGa.

HPack ¼ Gðkmol=hÞ
Aðm2Þ � DPln � kGa ðmÞ ¼ GMðkmol=hm2Þ

DPln � kGa ðmÞ

G = absorptive rate (kmol/h)
GM = absorptive loading (kmol/h m2)
A = column cross sectional area (m2)
DPln = logarithmic partial pressure gradients (bar)
kGa= mass transfer number (kmol/h m3 bar)

The mass transfer number kGa can be determined using the Sherwood and
Schmidt number.

The use of empirical values is recommended.
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For unknown systems the kGa value can be estimated using diffusion coefficients.

kGaðnewÞ ¼ kGaðknownÞ � Dnew

Dknown

� �0:56

kGa(new) = new mass transfer number

kGa(known) = known mass transfer number
Dnew = diffusion coefficient of the new system
Dknown = diffusion coefficient of the known system

With an increasing pressure gradient Dpln the kGa decreases, as it also does with
increasing reaction equilibrium.

Systems with high-temperature reactions have high kGa values, but the heating of
the liquid from the heat of the reaction increases the vapour pressure and reduces
the driving partial pressure gradient.

Example 8.7.1: 1000 mN
3 /h air with 1 vol.% SO2 are washed with aqueous

NaOH

Outlet concentration : 0:01 vol% MSO2 ¼ 64:1 P ¼ 1 bar

yin ¼ 0:01molfr: yout ¼ 0:0001molfr: kGA ¼ 384 kmol=hm2 bar

Absorptive rate ¼ 10m3
N ¼ 0:446 kmol=h Column cross sectional area : 0:196m2

GM ¼ 0:446=0:196 ¼ 2:27 kmol=hm2

Pin ¼ 0:01 � 1000 ¼ 10mbar Pout ¼ 0:0001 � 1000 ¼ 0:1mbar

P� ¼ 0 with chemical wash

DPln ¼ 10� 0:1
ln 10

0:1

¼ 2:15mbar ¼ 0:00215 bar

HPack ¼ 2:27
384 � 0:00215 ¼ 2:75m Packing

Cross-check calculation with NTUOG and HOG = 0.6 m packing:

NTUOG ¼ yin � yout
DPln

¼ 0:01� 0:001
0:00215

¼ 4:6

HPack ¼ NTUOG � HOG ¼ 4:6 � 0:6 ¼ 2:76m Packing
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8.8 Calculation of the Required Theoretical Stages
and the Concentrations on the Stages According
to Nguyen [11, 12]

This method is simple and fast and allows consideration of tray efficiency.

8.8.1 Determination of the Required Ideal Number of Trays
Nid with a Tray Efficiency of ηB = 1 for Absorption

First of all an operand aA is determined:

aA ¼ yout � A � m � xin þBð Þ
A� 1

A ¼ 1
S
¼ L

m � G
y ¼ m � xþB

G = gas rate (kmol/h)

L = liquid rate (kmol/h)
m = slope of the equilibrium line
B = ordinate section of the equilibrium line
ηB = tray efficiency

Determination of the required ideal number of trays nid with a tray effi-
ciency of ηB = 1:

nid ¼
ln yin þ aA

yout þ aA

h i
lnA

Calculation of the compositions on the individual trays:

yid ¼ yin þ aA
An

� aA xid ¼ y� B
m

Example 8.8.1.1: Cross-check of absorption Example 8.4.1

yin ¼ 0:217molfr: yout ¼ 0:0105molfr: xein ¼ 0 m ¼ 2 1=S ¼ 5:32

aA ¼ 0:0105� 5:32 � 0
5:32� 1

¼ 0:002431

n ¼ ln 0:217þ 0:002431
0:0105þ 0:002431

ln 5:32
¼ 1:69 theoretical stages

The results of Examples 8.4.1 and 8.8.1.1 are identical.
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Example 8.8.1.2: Calculation of the theoretical trays with ηB = 1 for
absorption

yin ¼ 0:3molfr: yout ¼ 0:03molfr: xin ¼ 0
A ¼ 1:35 m ¼ 1 B ¼ 0:02

aA ¼ 0:03� 1:35 � 1 � 0þ 0:02ð Þ
1:35� 1

¼ 0:00857

nid ¼
ln 0:3þ 0:00857

0:03þ 0:00857

ln 1:35
¼ 6:93

Required ideal number of trays is seven.
Calculation of the concentrations (molfr.) on the theoretical trays:

Tray 1 : y1 ¼ 0:3þ 0:00857
1:351

� 0:00857 ¼ 0:22 x1 ¼ 0:22� 0:02
1

¼ 0:2

Tray 2 : y2 ¼ 0:3þ 0:00857
1:352

� 0:00857 ¼ 0:160 x2 ¼ 0:1607� 0:02
1

¼ 0:1407

Tray 3 : y3 ¼ 0:3þ 0:00857
1:353

� 0:00857 ¼ 0:1168 x3 ¼ 0:1168� 0:02 ¼ 0:0968

Tray 4 : y4 ¼ 0:0843 x4 ¼ 0:0643

Tray 5 : y5 ¼ 0:0602 x5 ¼ 0:04

Tray 6 : y6 ¼ 0:0424 x6 ¼ 0:022

Tray 7 : y7 ¼ 0:0292 x7 ¼ 0:009

8.8.2 Calculation of the Required Real Number of Trays
Nreal with a Tray Efficiency of ηV < 1 for Absorption

First of all the operand bA is determined:

bA ¼ 1
1þ gV � 1

A � 1
	 
 nreal ¼

ln yin þ aA
yout þ aA

ln bA

Calculation of the concentrations on individual trays:

yreal ¼ yin þ aA
bnA

� aA xreal ¼ y� B
m
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Example 8.8.2.1: Calculation of the theoretical trays with a tray efficiency
ηV = 0.5 for absorption Data as in Example 8.8.1.2:

bA ¼ 1
1þ 0:5 � 1

1:35 � 1
	 
 ¼ 1:149 nreal ¼

ln 0:3þ 0:00857
0:03þ 0:00857

ln 1:149
¼ 15

With a tray efficiency ηV = 0.5 you arrive at a requirement of 15 actual
trays for absorption.

Calculation of the concentrations (molfr.) on the actual trays:

Tray 1 : y1 ¼ 0:3þ 0:00857
1:1491

� 0:00857 ¼ 0:26 x1 ¼ 0:26� 0:02 ¼ 0:24

Tray 2 : y2 ¼ 0:3þ 0:00857
1:1492

� 0:00857 ¼ 0:225 x2 ¼ 0:225� 0:02 ¼ 0:205

Tray 3 : y3 ¼ 0:195 x3 ¼ 0:175

Tray 4 : y4 ¼ 0:168 x4 ¼ 0:148

Tray 5 : y5 ¼ 0:1455 x5 ¼ 0:1255

Tray 6 : y6 ¼ 0:125 x6 ¼ 0:105

Tray 7 : y7 ¼ 0:108 x7 ¼ 0:088

Tray 10 : y10 ¼ 0:068 x10 ¼ 0:048

Tray 12 : y12 ¼ 0:0497 x12 ¼ 0:0297

Tray 15 : y15 ¼ 0:0298 x15 ¼ 0:0098

8.8.3 Determination of the Required Ideal Number of Trays
NidL with ηL = 1 for Desorption

First of all the operand aL is determined:

aL ¼
xout � G

L � yin � Bð Þ
1
A � 1

nidL ¼ ln xout þ aL
xin þ aL

lnA

Calculation of the concentrations on the trays:

xidL ¼ xout þ aL
An

� aL yidL ¼ m � xidL þB
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Example 8.8.3.1: Determination of the required theoretical trays for the data
from Example 8.4.2 .

aL ¼ 0:529 � 10�4 � 24:4
222:5 � 0

1=0:701� 1
¼ 0:000124

n ¼ ln 0:529�10�4 þ 0:000124
0:0218þ 0:000124

ln 0:701
¼ 13:6 theoretische B€oden

The result is identical to that of Example 8.4.2.

Example 8.8.3.2: Calculation of the theoretical trays for desorption of x = 0.2
to x = 0.02 with a tray efficiency of ηL = 1

xein ¼ 0:2 xaus ¼ 0:02 yein ¼ 0 m ¼ 1 A ¼ 1:1 B ¼ 0:02

G ¼ 10 kmol=h L ¼ 11 kmol=h gL ¼ 1

aL ¼ 0:02� 10
11 � 0� 0:02ð Þ
1
1:1 � 1

¼ �0:42 nidL ¼
ln 0:02þð�0:42Þ

0:2þð�0:42Þ
ln 1:1

¼ 6:27

Required theoretical trays with ηL = 1 is 6.27.
Calculation of the concentrations (molfr.) on the trays:

Tray 0: x0 ¼ 0:02� 0:42
1:10

þ 0:42 ¼ 0:02 y0 ¼ 0:02þ 0:02 ¼ 0:04

Tray 1: x1 ¼ 0:02þð�0:42Þ
1:11

� ð�0:42Þ ¼ 0:056 y1 ¼ 1 � 0:056þ 0:02 ¼ 0:076

Tray 2: x2 ¼ 0:02� 0:42
1:12

þ 0:42 ¼ 0:089 y2 ¼ 0:089þ 0:02 ¼ 0:109

Tray 3: x3 ¼ 0:02� 0:42
1:13

þ 0:42 ¼ 0:119 y3 ¼ 0:119þ 0:02 ¼ 0:139

Tray 4: x4 ¼ 0:02� 0:42
1:14

þ 0:42 ¼ 0:146 y4 ¼ 0:146þ 0:02 ¼ 0:166

Tray 5: x5 ¼ 0:02� 0:42
1:15

þ 0:42 ¼ 0:171 y5 ¼ 0:171þ 0:02 ¼ 0:191

Tray 6: x6 ¼ 0:02� 0:42
1:16

þ 0:42 ¼ 0:194 y6 ¼ 0:214

Tray 7: x7 ¼ 0:02� 0:42
1:17

þ 0:42 ¼ 0:214 y7 ¼ 0:234
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8.8.4 Calculation of the Number of the Required
Theoretical Trays with a Tray Efficiency of ηL < 1
for Desorption

First of all some operands have to be determined:

gL ¼ gV
gV þA � 1� gVð Þ bL ¼ 1þ gL � A� 1ð Þ

Calculation of the number of required trays nrL ¼ ln xout þ aL
xin þ aL

ln bL

Determination of the concentrations on individual trays:

xreal ¼ xout þ aL
bnL

� aL yreal ¼ m � xreal þB

Example 8.8.3.3: Calculation of the required number of trays for desorption
from x = 0.2 to x = 0.02 considering a tray efficiency of ηV = 0.5 Data from
Example 8.8.3.2:

gL ¼ 0:5
0:5þ 1:1 � ð1� 0:5Þ ¼ 0:476 bL ¼ 1þ 0:476 � ð1:1� 1Þ ¼ 1:0476

niL ¼
ln 0:02þð�0:42Þ

0:2þð�0:42Þ
ln 1:0476

¼ 12:85

We arrive a requirement of 12.85 trays with a tray efficiency of ηL = 0.476.
Calculation of the concentrations on the trays:

Tray 0: x0 ¼ 0:02� 0:42
1:04760

þ 0:42 ¼ 0:02 y0 ¼ 0:04 ðbottom productÞ

Tray 1: x1 ¼ 0:02� 0:42
1:04761

� ð�0:42Þ ¼ 0:038 y1 ¼ 1 � 0:038þ 0:02 ¼ 0:058

Tray 2: x2 ¼ 0:02� 0:42
1:04762

þ 0:42 ¼ 0:0555 y2 ¼ 0:0755

Tray 4: x4 ¼ 0:02� 0:42
1:04764

þ 0:42 ¼ 0:0878 y4 ¼ 0:1079

Tray 8: x8 ¼ 0:02� 0:42
1:04768

þ 0:42 ¼ 0:144 y8 ¼ 0:164

Tray 12: x12 ¼ 0:02� 0:42
1:047612

þ 0:42 ¼ 0:191 y12 ¼ 0:211

Tray 13: x13 ¼ 0:02� 0:42
1:047613

þ 0:42 ¼ 0:201 y13 ¼ 0:221 ðfeed at the topÞ
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8.9 Graphical Determination of the Number of Stages
for Absorption and Desorption

For linear equilibrium and operating lines with a constant L/V ratio the required
theoretical number of trays can be very simply determined graphically.

Equilibrium equation: y = m * x + B for the equilibrium compositions.
Equation of the operating line of the absorption for real compositions in gas

and liquid:

y ¼ L
G
� xþ yout � L

G
� xin

yin = gas inlet concentration (molfraction)
yout = gas outlet concentration (molfraction)
xout = absorbent inlet loading (molfraction)
G = gas rate (kmol/h)
L = washing liquid rate (kmol/h)

Calculation of the bottoms concentration xout in the washing fluid during
absorption:

xout ¼ G=L � yin�youtð Þþ xin

Equation of the operating line of desorption for the compositions in gas and
liquid:

y ¼ L
G
� xþ yin � L

G
� xout

xin = liquid inlet concentration (molfraction)
xout = liquid outlet concentration (molfraction)
yin = Stripping gas inlet concentration (molfraction)

Calculation of the top concentration yout of stripping gas whilst desorbing:

yout ¼ L
G
� xin � xoutð Þþ yin

Mass balance in the column:

yin�youtð Þ � G ¼ xout � xinð Þ � L

While drawing equilibrium and operating lines some y and x values are
determined.

242 8 Absorption and Stripping Columns



In the linear region two points are required:
Absorption: top, yin and xout; bottom, yout and xin
Desorption: top, xin and yout; bottom, xout and yin
Slope of the operating or balance line:

L
G
¼ yin � yout

xout � xin

Figure 8.7 shows an example of the graphical determination of the number of
trays for absorption and desorption.

The equations for the equilibrium and both of the operating lines are given.
The required theoretical stages result from the stages between the equilibrium

and balance lines.

Equilibrium

Equilib
riu

m

xout
*= 0.28xout = 0.2

yin= 0.3

yout
* = 0.22

yout = 0.198

x in = 0.2

yout = 0.03 

xout =0.02

yout = 0.198

x in = 0.2

yin =0

xout = 0.02

Stripper

yout = 0.03

x in = 0

yin = 0.3

xout = 0.2

Absorber

Liquid concentration (molfraction)

G
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n 
(m
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Fig. 8.7 Graphical determination of the number of trays
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For absorption we require 7 theoretical stages.
For desorption we require 7 theoretical stages.
By using a larger washing fluid rate the ratio L/G becomes larger and the balance

line for absorption becomes steeper.
Therefore, the number of required theoretical trays for absorption decreases.
By using a larger stripping gas rate the ratio L/G becomes smaller and the

balance line for desorption becomes shallower, so that fewer theoretical stages are
required for stripping out.

Example 8.9.1: Cross-checking the graphically determined number of trays in
Fig. 8.7 with the calculation method in Sect. 8.8.0 Absorption calculation
according to Sect. 8.8.1:

yin ¼ 0:3 yout ¼ 0:03 xin ¼ 0 A ¼ 1:35 m ¼ 1 B ¼ 0:02

aA ¼ 0:03� 1:35 � 1 � 0þ 0:02ð Þ
1:35� 1

¼ 0:00857

nid ¼
ln 0:3þ 0:00857

0:03þ 0:00857

ln 1:35
¼ 6:93

Required ideal number of trays is seven.
Desorption calculation according to Sect. 8.8.3:

xin ¼ 0:2 xout ¼ 0:02 yin ¼ 0 m ¼ 1 A ¼ 1:1 B ¼ 0:02

G ¼ 10 kmol=h L ¼ 11 kmol=h gL ¼ 1

aL ¼ 0:02� 10
11 � 0� 0:02ð Þ
1
1:1 � 1

¼ �0:42 nidL ¼
ln 0:02þð�0:42Þ

0:2þð�0:42Þ
ln 1:1

¼ 6:27

Required ideal number of trays with ηB = 1 is 6.27.
The calculated results according to Sect. 8.8 are consistent with the graphically

determined required numbers of trays for the absorption and desorption in Fig. 8.7.

Example 8.9.2: Graphical determination of the number of trays for absorption
with two different absorbent rates Gas inlet concentration yin = 0.25 = 25 vol.%

Gas outlet concentration yout = 0.03 = 3 vol.%
Washing liquid inlet concentration xin = 0
Equilibrium: y = m * x = 0.9 * x

Example 8.9.2.1: Washing fluid rate L = 100 kmol/h
G = 100 kmol/h
L/G = 1 = slope of the operating line
Equation of operating line a:
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y ¼ L
G
� xþ yout � L

G
� xin ¼ xþ 0:03� 1 � 0 ¼ xþ 0:03

From the graphical representation of equilibrium and balance lines in Fig. 8.8 a
requirement of about 5.2 separation stages for absorption results.

Calculation cross-check according to Sect. 8.4:

yin ¼ 0:25 yout ¼ 0:03 xin ¼ 0

S ¼ m � L
G
¼ 0:9 � 1 ¼ 0:9 M ¼ 0:25

0:003
¼ 8:33

NT ¼ lg 1� Sð Þ �Mþ S½ �
lg 1

S

NT ¼ lg 1� 0:9ð Þ � 8:33þ 0:9½ �
lg 1

0:9

¼ 5:22

yin = 0.25 molfraction
yout = 0.03 molfraction

Operating line b

Equilibrium line

Operating line a

Liquid concentration (molfraction)
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Fig. 8.8 Graphical determination of the number of trays for absorption with two different
absorbent rates
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From the calculation there is a requirement for 5.22 theoretical trays.

Example 8.9.2.2: Washing fluid rate L = 200 kmol/h
G = 100 kmol/h
L/G = 2 = slope of the operating line
Operating line b: y = 2 * x + 0.03
Figure 8.8 shows that the required number of trays reduces to two theoretical

trays with a doubling of the washing liquid rate.
Calculation cross-check according to Sect. 8.4:

S ¼ m � G
L
¼ 0:9 � 100

200
¼ 0:45 M ¼ 0:25

0:03
¼ 8:33

NT ¼ lg½ð1� 0:45Þ � 8:33þ 0:45�
lg 1=0:45

¼ 2

According to the calculation two theoretical trays are required.

Example 8.9.3: Graphical determination of the number of trays for desorption
with different stripping gas rates Liquid inlet loading xin = 0.1 = 10 mol%

Liquid outlet loading xout = 0.01 = 1 mol%
Stripping gas inlet concentration yin = 0

Example 8.9.3.1: Graphical determination of the number of trays Equilibrium
equation: y = m * x = 2 * x

(a)
Stripping gas rate G ¼ 100 kmol=h L ¼ 100 kmol=h

L=G ¼ 1 ¼ slope of the operating line

Equation of operating line a:

y ¼ L
G
� xþ yin � L

G
� xout ¼ xþ 0� 0:01 ¼ x� 0:01

From the graphical representation in Fig. 8.9 a requirement of approximately 2.5
separation stages results.

This is consistent with the calculated required number of trays in Example
8.9.3.2.

(b)
Striping gas rateG ¼ 200 kmol=h L ¼ 100 kmol=h

L=G ¼ 0:5 ¼ slope of the operating line

Equation of operating line b : y ¼ 0:5 � x�0:005

By doubling the stripping gas rate the separation stages required for stripping
are reduced from 2.5 to 1.5 trays.
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The calculation of the number of trays in Example 8.9.3.2 gives the same result.

Example 8.9.3.2: Determination of the number of trays by calculation for a
desorption with two stripping gas rates

xin ¼ 0:1molfr: xout ¼ 0:01molfr: yin ¼ 0molfr:

Equilibrium: y ¼ 2 � x
Stripping gas rateG ¼ 100 kmol=h L=G ¼ 1

S ¼ m � G
L
¼ 2 � 1 ¼ 2

1
S
¼ 0:5 M ¼ 0:1

0:01
¼ 10

NT ¼ lg½ð1� 1=SÞ �Mþ 1=S�
lg S

NT ¼ lg½ð1� 0:5Þ � 10þ 0:5�
lg 2

¼ 2:45

xin = 0.1 molfraction
xout = 0.01 molfraction

Equilibrium line
            y = 2 * x

Operatig line a

Operating line b

Liquid concentration (molfraction)

G
as
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Fig. 8.9 Graphical determination of the number of trays for desorption with different stripping
gas rates
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The result is consistent with the graphical determination of the number of
trays in Fig. 8.9.

Stripping gas rate G = 200 kmol/h L/G = 0.5

S ¼ m � G
L
¼ 2 � 2 ¼ 4

1
S
¼ 0:25 M ¼ 10

NT ¼ lg ½ð1� 0:25Þ � 10þ 0:25�
lg 4

¼ 1:47

The result is identical to the graphical determination of the number of trays
in Fig. 8.9.

8.10 Procedure for Absorber and Stripper Design
for Linear Equilibrium and Operating Lines

8.10.1 Design of an Absorption Column

The requirements are as follows (Fig. 8.10):

1. Data collection: gas rates, inlet loading, and outlet loading.
2. Determination of the equation of equilibrium.

y ¼ K � x ¼ pi
Ptot

¼ x � p0i
Ptot

¼ H
Ptot

� x ¼ c � p0i � x
Ptot

ðmolfractionÞ

3. Determination of the maximum washing fluid loading in the equilibrium with
the concentration in the entering gas stream.

x�out ¼
yin
K

ðmolfr:Þ X�
out ¼

x�

1� x�out
ðkmol=kmolÞ

4. Calculation of the required minimum absorbent rate.

Lmin ¼ G � Yin � Yout
X�
out � Xin

ðkmol=hÞ

Actual washing liquid rate Lreal � 1.5 * Lmin

248 8 Absorption and Stripping Columns



5. Checking of the temperature increase Δt via the condensation or reaction heatQ.

Dt ¼ Q
Lreal � cL ð�CÞ

Q = released heat (kJ/h) = m (kg/h) * r (kJ/kg)
cL = specific heat capacity (kJ/kg K)
m = condensed quantity (kg/h)
Lreal = washing liquid rate (kg/h)

6. Calculation of the minimum absorbent rate for maximum temperature
increase Dt.

L ¼ Q
Dt � cL ðkg=hÞ

In high gas inlet concentrations, and low absorbent rates, severe heating can
occur!

This can deteriorate the absorption effect.

7. Calculation of the required transfer units NTUOG, or theoretical trays NT, for the
given problem.

Purified gas

Absorbent

Cold water

Feed
gas

Loaded absorbent

Fig. 8.10 Flow diagram of an absorption unit
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NTUOG ¼ ln 1� Sð Þ �Mþ S½ �
1� S

M ¼ yin � m � xin
yout � m � xin

NT ¼ lg 1� Sð Þ �Mþ S½ �
lg 1

S

S ¼ m � G
L

The required number of separation stages reduces with increasing washing liquid
rate.

A larger absorbent rate, with a low concentration of the absorptive, increases the
effort required during the cleaning of the wash medium.

Remark In the absorption of water soluble solvents in water the equilibrium line
is not linear. The K value rises both with increasing vapour pressure at higher
temperatures and increasing activity coefficients at lower concentrations of the
solvent in the liquid.

Example 8.10.1.1: Water wash for exhaust air containing methanol

1. Inlet conditions:

5000 m3/h air with a loading of 100 g/mN
3 methanol.

Inlet methanol concentration yin = 0.07 molfraction.
Molar inlet loading = 0.075269 kmol methanol/kmol air.
Required outlet loading S = 150 mg/mN

3 .
Outlet concentration yout = 0.000105.
Molar outlet loading Yout = 0.000105 kmol/kmol.
Mass balance inlet:

4055m3
N=h inert gas ¼ 5249 kg=hwith 305m3

N=hmethanol vapour ¼ 436 kg=hmethanol

Methanol rate in the outlet ¼ 0:6 kg=h Washed outmethanol ¼ 435:4 kg=h

2. Equilibrium for a water wash at 30 °C:

Vapour pressure p0i ¼ 218mbar Activity coefficient c ¼ 1:89

K ¼ 1:89 � 218
1013

¼ 0:4 y ¼ 0:4 � x
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3. Maximum washing liquid loading Xout (kmol/kmol) in the equilibrium to the gas
inlet concentration:

yin = 0.07 molefraction methanol

x�out ¼
yin
K

¼ 0:07
0:4

¼ 0:175 Molfr. methanol

X�
out ¼

0:175
1� 0:175

¼ 0:212 kmol=kmol

4. Minimum absorbent rate for absorption with a wash water with xin = 0.00013.

Lmin ¼ 0:075269� 0:000105
0:212� 0:00013

� 4055
22:4

¼ 64:2 kmol=h Water

¼ 1155:2 kg water=h

Chosen:
Lreal = 3011 kg/h wash water at 30 °C

5. Check the temperature increase of the condensed methanol (435.4 kg/h)

Released heatQ ¼ mMethanol � r r ¼ condensation heat ¼ 1104 kJ=kg

Q ¼ 435:4 � 1104 ¼ 480;680 kJ=h

Dt ¼ Q
L � cL ¼

480680
3011 � 4:2 ¼ 38 �C

The washing water heats up from around 38 °C to a flow temperature of 68 °C
and deteriorates the absorption, because m becomes greater. A temperature rise
around 10 °C is the maximum allowable.

6. Calculation of the minimum water rate for an allowable temperature rise Dt =
10 °C.

L ¼ Q
Dt � cL ¼ 480680

10 � 4:2 ¼ 11445 kg=h Water

7. Calculation of the required transfer units and the required theoretical trays.

At 30 °C with L = 11,500 kg/h for a constant equilibrium line with y = 0.4 *
x at 30 °C.
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Stream feed

Stream absorbent

Stream purified air

Stream loaded absorbent

Feed Lean Absorbent Cleaned air

Fig. 8.11 Mass balance for the methanol wash with water in Example 8.10.1.1
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Fig. 8.12 Compositions and equilibrium constant K on the four trays for the absorption of
methanol with water in Example 8.10.1.1

8.10 Procedure for Absorber and Stripper Design for Linear … 253



S ¼ m � G
L

¼ 0:4 � 4055=22:4
11500=18

¼ 0:113

Transfer units NTOG ¼ ln½ð1� SÞ �Mþ S�
1� S

¼ ln½ð1� 0:113Þ � 1320þ 0:113�
1� 0:113

¼ 8

M ¼ yein � m � xein
yaus � m � xein ¼

0:07� 0:4 � 0:00013
0:000105 � 0:4 � 0:00013 ¼ 1320

Washing water rate (kg/h)

R
eq

ui
re

d 
tr

an
sf

er
 u

ni
ts

 N
T

U
Outlet concentration 50 mg/m³

Outlet concentration 150 mg/m³

Absorption at 30 °C

Fig. 8.13 Required transfer units NTUOG for the purification of exhaust air containing methanol
as a function of the wash water rate at a water temperature of 30 °C

Wash water rate (kg/h)

Outlet concentration = 50 mg/m³

Outlet concentration = 150 mg/m³

Absorption at 68 °C
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Fig. 8.14 Required transfer units NTUOG for the purification of exhaust air containing methanol
as a function of the wash water rate at a water temperature of 68 °C
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Theoretical trays NT ¼ lg 1� 0:113ð Þ � 1320þ 0:113½ �
lg 1

0:113

¼ 3:2

In Figs. 8.11 and 8.12 the results of the computer simulation with a variable
K value on the different trays are shown.

Tray 4: K = 0.3657 bei 20.6 °C
Tray 3: K = 0.393 bei 22 °C
Tray 2: K = 0.4525 bei 25 °C
Tray 1: K = 0.5076 bei 28.5 °C
The result scarcely differs from calculations by hand calculation K = 0.4.
Four theoretical stages are required.
In Figs. 8.13 and 8.14 the required transfer units for the cleaning of exhaust air

containing methanol on outlet loadings of 150 and 50 mg/mN
3 , at wash water

temperatures of 30 °C and at 68 °C, are shown.
Recommendation:
It is preferably to use low washing liquid temperatures with the absorption.

Example 8.10.1.2: Water wash for exhaust air containing ethanol with frac-
tionation for the separation of the ethanol and for purification of the wash
water (Fig. 8.15)

Problem definition: see mass balance in Fig. 8.16
Equilibrium at 20 °C: m = 0.51
Inlet ethanol concentration yin = 0.283 * 10−2 molfraction ethanol
Desired outlet concentration yout = 0.413*10−4 molfraction ethanol
Washing liquid loading: 0.547 * 10−4 molfraction ethanol in wash water

Feed

Cooling

Cooling

75 kg/h

Heating

Cooling

Water

Water with ethanol

Purified air = 10 000 m³/h

10 000 m³/h
with 60 kg/h
Ethanol

Fig. 8.15 Flow diagram of a water wash for exhaust air containing ethanol
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Stream feed

Stream absorbent

Stream top

Stream bottoms

Feed Absorbent Purified air

Fig. 8.16 Mass balance for an ethanol wash (Example 8.10.1.2)
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Fig. 8.17 a Compositions and equilibrium constants on Tray 6 (at the top) through to Tray 3, for
Example 8.10.1.2. b Compositions and equilibrium constants on Trays 2 and 1 (bottoms) for
Example 8.10.1.2
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Calculations for a linear equilibrium line:

S ¼ m � G
L
¼ 0:51 � 459:58

555:1
¼ 0:422

M ¼ yein � m � xein
yaus � m � xein ¼

0:283 � 10�2 � 0:51 � 0:547 � 10�4

0:413 � 10�4 � 0:51 � 0:547 � 10�4 ¼ 209

NT ¼ lg 1� Sð Þ �Mþ S½ �
lg 1

S

¼ lg 1� 0:422ð Þ � 209þ 0:422ð Þ
lg 1

0:422

¼ 5:57

NTU ¼ ln 1� Sð Þ �Mþ S½ �
1� S

¼ ln 1� 0:422ð Þ � 209þ 0:422½ �
1� 0:422

¼ 8:3

In Figs. 8.16 and 8.17 the results of the computer simulation, with variable
K values on the different trays, are given. The results are largely consistent with
hand calculations.

In both cases six theoretical trays are required.
Conclusion:
In the calculation with the constant equilibrium line, and in the computer sim-

ulation with variable K values, six theoretical stages for the absorption of the
ethanol are required.

JFig. 8.17 (continued)
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From the Fig. 8.17a, b it can be seen that the equilibrium constant on the
different trays changes because the temperature and the concentrations of the
ethanol in the liquid phase vary.

The vapour pressure increases with rising temperature. This causes the K value
to rise.

With decreasing ethanol concentration in the liquid phase the activity coefficient
rises.

8.10.2 Design of a Desorption/Stripper Column

1. Collection of data for the problem: liquid rates, inlet loadings and outlet load-
ings, and stripping medium (Fig. 8.18).

2. Determination of the equilibrium equation.

y ¼ K � x ¼ pi
Ptot

¼ x � p0i
Ptot

¼ H
Ptot

� x ¼ c � p0i � x
Ptot

3. Determination of the maximum gas composition y* from the stripping gas in the
equilibrium to the stripping gas entering the loaded washing liquid.

y�aus ¼ m � xin ðMolfr.Þ Y�
out ¼

y�out
1� y�out

ðkmol=kmolÞ

4. Determination of the minimum stripping gas rate Gmin.

Gmin ¼ L � Xin � Xout

Y�
out � Yin

ðkmol=hÞ

5. Checking the cooling by evaporation.

Dt ¼ Q ðkJ=hÞ
L ðkg=hÞ � cL ðkJ=kgKÞ ð�CÞ
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6. Calculation of the required transfer units NTUOL, or theoretical trays NT, for a
linear equilibrium line with a constant K value.

NTUOL ¼ ln 1� 1=Sð Þ �Mþ 1=S½ �
1� 1=S

M ¼ xin � yin=m
xout � yin=m

NT ¼ lg 1� 1=Sð Þ �Mþ 1=S½ �
lg S

S ¼ m � G
L

Calculation of NTUOL with a logarithmic concentration gradient:

NTUOL ¼ xout � xin
Dxln

Dxln ¼
xin � x�in
	 
� xout � x�out

	 

ln

xin�x�inð Þ
xout�x�outð Þ

Note:
When stripping water soluble solvents out of water with steam the equilibrium

constant K changes with the concentration and the temperature because the vapour
pressure and activity coefficient change.

Loaded stripping gas

Feed tank

Steam

Stripping
medium:
air or
steam

Purified liquid

Fig. 8.18 Flow diagram of a stripping column
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Example 8.10.2.1: Desorption of hexane from wash oil with steam

1. Data for the design

Inlet conditions : 6728 kg oil M ¼ 360ð Þwith 223 kg hexane M ¼ 86ð Þ
Bin ¼ 0:033 kg hexane=kg oil Xin ¼ 0:1388 kmol hexane=kmol oil

xin ¼ 0:1218molfraction hexane in the oil

Outlet conditions : Desorption to 0:1weight% hexane in the oil 7 kg hexaneð Þ
xout ¼ 0:004molfraction hexane in the oil

Xout ¼ 0:00402 kmol hexane=kmol oil Bout ¼ 0:00096 kg hexane=kg oil

2: Equilibrium at 120 �C andPges ¼ 1013mbar p0Hexan ¼ 3971mbar

K ¼ p0i
Pges

¼ 3971
1013

¼ 3:93

3. Maximum stripping gas loading in the equilibrium to the entering loaded oil

xin ¼ 0:1218 molfr: y�out ¼ 3:93 � 0:1218 ¼ 0:479molfr:

Y�
out ¼

0:479
1� 0:479

¼ 0:918 kmol=kmol

4. Determine minimum stripping steam rate Gmin (yin = 0)

Gmin ¼ 6728
360

� 0:1388� 0:00402
0:918� 0

¼ 2:74 kmol steam=h ¼ 49:4 kg=h

Chosen:
360 kg/h steam

B ¼ 223� 7
360

¼ 0:6 kgHexan=kgDampf

Yout ¼ 0:1255 kmolHexan=kmol Dampf

5. Cooling by evaporation of 216 kg hexane: Q = 216 * 333 = 72,000 kJ/h

Dt ¼ 72; 000
6728 � 2:1 ¼ 5:1 �C cL ¼ 2:1 kJ=kgK for washingmedia

8.10 Procedure for Absorber and Stripper Design for Linear … 261



6. Calculation of the transfer units NTUOL

1
S
¼ 6728=360

3:93 � 360=18 ¼ 0:2377 M ¼ 0:1218� 0
0:004� 0

¼ 30:45

NTUOL ¼ ln 1� 0:2377ð Þ � 30:45þ 0:2377½ �
1� 0:2377

¼ 4:14

With the logarithmic concentration difference:

xin ¼ 0:1218 xout ¼ 0:004 yin ¼ 0 � x�out ¼ 0 Yout ¼ 0:1255

yout ¼ 0:1255
0:1255þ 1

¼ 0:1115 x�in ¼
0:1115
3:93

¼ 0:02839

Dxln ¼ 0:1218� 0:02839ð Þ � 0:004� 0ð Þ
ln 0:1218�0:02839ð Þ

0:004�0ð Þ
¼ 0:02838

NTUOL ¼ 0:1218� 0:004
0:02838

¼ 4:15

Figure 8.19 shows how the number of required transfer units reduces with
increasing stripping steam rate.

Stripping steam rate (kg/h)
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O

L

m = 1.88 at 90 °c

Fig. 8.19 Required transfer units NTUOL for the desorption of hexane from wash oil to a rest
loading of 100 mg/kg oil as function of the stripping steam rate
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8.11 Water Purification Air Stripper [13–16]

Air strippers are used for the purification of water contaminated with solvents.
The function of an air stripper for water purification can be seen in Fig. 8.20.
The water polluted with solvents is introduced at the top of the stripping column

and streams through the mass transfer units—trays or packings—from top to
bottom.

The air streaming from bottom to top in the countercurrent direction enters the
column in the bottom and functions as a carrier gas capturing the solvents from the
water.

The recycle air from the adsorber can be used in order to reduce the fresh air
requirement.

The stripping air is cooled down to the wet-bulb temperature as it streams
through the column because the air only carries water up to the saturation limit.
Cooling deteriorates the effectiveness of the stripper since the equilibrium factor
(m) reduces with decreasing temperature.

The stripping air, loaded with solvent that is streaming out on the top of the
column, is subsequently purified in an active carbon adsorber. In an adsorber plant
in which steam is used for the regeneration the condensate which is contaminated
with a solvent is fed back from the regeneration after the decanter for the solvent
separation in the stripping column.

Alternatively, the stripping air, loaded with the solvent, can be purified by
oxidation.

Due to the low solvent compositions in the water the design becomes simple:

Minimum stripping air rate Gmin � L
m

Greal ¼ 10 � Gmin

NTUOL ¼ 1
1� 1=S

� ln 1� 1=Sð Þ � xin
xout

þ 1
S

� �

Minimum transfer units for very large excess air rate

NTUOL � ln
x1
x2

What is important for the required separation effort—number of trays and
stripping air rate—are the equilibrium and the required purification grade R.

R ¼ xout
xin

In Fig. 8.21 the number of required theoretical trays for R = 0.0001 is plotted as
a function of the stripping air rate for four solvents with different equilibrium
constants K = m.

From Fig. 8.21 the following relationships can be derived:
The higher the equilibrium constant K, the lower the required separation effort.
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For instance, for trichloroethene with K = 650 only 4 theoretical stages and
2000 m3/h of stripping air are needed. For 1,2 dichloromethane with K = 61.2, on
the other hand, you need 10 trays and 5000 m3/h of stripping air.

The design follows for the component with the lowest equilibrium constant K.
If water soluble material is contained in the water, for instance acetone, the

equilibrium seriously deteriorates due to their mutual interaction.
Basically, the required number of theoretical trays reduces with increasing

stripping air rate. After falling below a critical stripping air rate the required number
of trays increases rapidly with the required purification level.

A low stripping air rate, with high solvent concentration, should be preferred in
order to reduce the effort for air purification in the adsorber.

Example 8.11.1: 1000 kg/h water (55.55 kmol/h) with 100 ppm solvent (100 g)
is to be purified to 5 ppm (5 g)

Trichlorethenewith m ¼ 650 Dichlormethane with m ¼ 137:6
Gmin ¼ 55:55

650 ¼ 0:085 kmol=h Gmin ¼ 55:55
137:6 ¼ 0:403 kmol=h

Gmin ¼ 1:9 m3
N=h Gmin ¼ 9 m3

N=h
Greal ¼ 10 � 1:9 ¼ 19 m3

N=h Greal ¼ 10 � 9 ¼ 90 m3
N=h

Air loading C ¼ 95
19 ¼ 5 g=m3

N Air loading C ¼ 95
90 ¼ 1:05 g=m3

N
NTUOL ¼ ln 100

5 ¼ 3 NTUOL ¼ ln 100
5 ¼ 3

Air

Steam

Air

Polluted water

Fresh air

Recycle air

R
ec

yc
le

 w
at

er

Cleaned water Solvent

Adsorber

Fig. 8.20 Air stripper for water containing solvents
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Calculations for other stripping air rates:

Trichloroethene Dichloromethane

Stripping air NTU C Stripping air NTU C

(mN
3 /h) – (g/mN

3 ) (mN
3 /h) – (g/mN

3 )

2.1 11.1 45.5 8.9 22.4 10.6

2.4 7.7 39.7 9.3 15.3 10.2

3.0 5.6 31.5 10 10.6 9.4

4.2 4.4 22.4 11.6 7.5 8.2

5.8 3.9 16.4 13.5 6 7

7.7 3.6 12.3 15.4 5.3 6.2

38.6 3.1 2.5 38.6 3.6 2.5

77.2 3.05 1.2 77.2 3.2 1.2

Conclusion:
With a larger stripping air rate the required number of separation stages and the

solvent concentration C in the escaping stripping air are reduced.
The number of the required theoretical trays NT for a specific purification level

R is determined as follows:

Fig. 8.21 Required number
of theoretical trays for the
stripping of different solvents
from water as a function of
the stripping air rate
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NT ¼ lg 1
R þ 1� 1

R =S
	 
� �

lg g � S� 1ð Þþ 1½ � for S 6¼ 1 g ¼ Tray efficiency

NT ¼ 1=R� 1
g

for S ¼ 1

In Fig. 8.22 the required number of theoretical trays for purification level R,
along with the tray efficiency, are plotted as a function of the stripping factor S.

Example 8.11.2: Required number of theoretical trays for stripping out tri-
chloroethene from water at 25 °C Equilibrium constant K = 650

xin ¼ 100 ppm ¼ 0:0001molfr: xout ¼ 0:01 ppm ¼ 1 � 10�8molfr:
L ¼ 17:514 kmol=h G ¼ 47:14 kmol=h g ¼ 0:6

R ¼ 0:01
100

¼ 0:0001 S ¼ m � G
L

¼ 650 � 47:14
17514

¼ 1:75

NT ¼ lg 1=0:0001þ 1� 1=0:0001ð Þ=1:75½ �
lg 0:6 � 1:75� 1ð Þþ 1½ � ¼ 22:5

The composition on the individual trays is calculated as follows:

xn ¼ S� 1

S � g � S� 1ð Þþ 1½ �NT�1
� xin xn ¼ Concentration on the tray n

Example 8.11.3: Calculation of the concentration on tray 15

g ¼ 1 S ¼ 1:75 xin ¼ 100 ppm ðmolarÞ

x15 ¼ 1:75� 1

1:75 � 1 � 1:75� 1ð Þþ 1½ �15 � 100 ¼ 0:0097 ppm ðmolarÞ ¼ 1 � 10�8 Molfr:

Conversion to weight-ppm:

xGew ¼ xm
1� xm

�MLM

18
¼ 1 � 10�8

1� 1 � 10�8 �
131:4
18

¼ 7:3 � 10�8 ¼ 0:073weight ppm

The calculation of the concentration on the last bottom tray is very helpful if
different solvents must be stripped out from the water.

The column is initially designed for the component with the lowest equilibrium
constant K.

For this problem, a certain number NT of theoretical trays for the specific
purification level R, and the stripping factor S, of the component with the lowest
equilibrium value K follow.

Subsequently, the composition of the other components in the bottoms draw
with the given number of theoretical trays NT is determined.
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8.12 Steam Stripper [17–21]

8.12.1 Process Description

Steam strippers have the advantage that the vapour–solvent mixture exiting at the
top of the column can be condensed.

With the air stripper the exhaust air, containing the solvent, must be purified by
adsorption or burning.

Since a steam stripper operates under atmospheric conditions at 100 °C the
vapour pressure, and thus also the equilibrium constant K, is much higher than with
air stripping at 30 °C.

Due to the mostly high activity coefficients of solvents in water, even relatively
high boiling components such as toluene, xylene, fluorine, and anthracene can be
stripped out.

In Fig. 8.23 a simple steam stripper for a water soluble solvent is shown.
The polluted water is preheated to about 90 °C by heat exchange with the hot

purified water drawn at the bottom and is then fed to the column top.
The steam introduced to the column bottom heats the water, streaming down-

ward from the column top, to 100 °C. The steam which is not used in the column
for heating streams together with the stripped out solvents into the condenser, in
which the mixture is liquified.

The distillate of solvent and water should form two phases.

Stripping factor S = K * V/L
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Fig. 8.22 Required
theoretical stages as a
function of the stripping
factor for different purification
grades R and efficiencies η
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Fig. 8.23 Flow diagram of a steam stripper

The separation can then occur by decantation.
The large amount of purified water is drawn out from the bottom.
Water soluble solvents should be considered as non-ideal systems.
The vapour–liquid equilibrium is greatly determined by the activity coefficient

which strongly increases with a decreasing concentration of the solvent in water.
The separation behaviour strongly changes on different trays of a column.
In such cases the column design should be carried out with a computer program.
A typical example is an ethyl acetate stripper.
A small amount of ethyl acetate with an almost azeotropic composition is

stripped off from a large amount of water.

Example 8.12.1.1: Steam stripper design for stripping ethyl acetate from
water The mass balance is given in Fig. 8.26.

Chosen: Five theoretical trays for the stripping out of ethyl acetate
Feed: 4000 kg water/h with 0.04 weight% ethyl acetate
Desired purification of water <0.1 kg/h ethyl acetate
Result of the computer simulation:

Tray 1 2 3 4 5

Temperature (°C) 99.6 99.2 94 80.2 74.9

xethyl acetate (molfr.) 0.41*10−5 0.68*10−4 0.92*10−3 0.57*10−2 0.12*10−1

yethyl acetate (molfr.) 0.1*10−2 0.17*10−1 0.186 0.524 0.618

K-value 252 248 202 92 51

From Fig. 8.24 it follows that the equilibrium is non-linear.
Figure 8.25 shows the strong change in the equilibrium constant on the different

trays with different liquid compositions.
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Fig. 8.24 Vapour–liquid
equilibrium for an ethyl
acetate–water stripper
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Fig. 8.25 Equilibrium
constants for the ethyl
acetate–water stripper on
different trays
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Fig. 8.26 Mass balance for an ethyl acetate–water stripper
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8.12.2 Steam Stripper for the Stripping Out
of Non-Water-Soluble Components from Water

Figure 8.27 shows the application of a steam stripper with reboiler for stripping out
non-water-soluble chlorinated hydrocarbons from water.

A steam stripper with reboiler has the advantage that the steam condensate does
not make contact with the waste water [23].

In the following text a simplified calculation of the required theoretical trays NT,
and the mass transfer units NTU, for a steam stripper are shown.

For low solubilities of non-water-soluble materials linear equilibrium, and
operating lines, result.

A = decanter
C = column
K = condenser
P1 = bottoms pump
P2 = feed pump
P3 = CKW-pump
V = Reboiler
WT = preheater
CKW = chlorinated
               hydrocarbons

Fig. 8.27 Steam stripper for the stripping out of chlorinated hydrocarbons from water
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Required theoretical stages NT ¼
ln xin

xout
� S� 1ð Þþ 1

h i
ln S

� 1 ðS 6¼ 1Þ

Stripping efficiency f ¼ xin � xout
xin

¼ 1� xout
xin

Required transfer units NTU ¼ S
S� 1

� ln
xin
xout

� S� 1ð Þþ 1
h i

S

2
4

3
5

Example 8.12.2.1: Determination of NT and NTU for desorption

S ¼ 1:75 xin ¼ xF ¼ 100mol ppm feedð Þ xout ¼ xS ¼ 1mol ppm bottomð Þ

NT ¼ ln 100=1 � 1:75� 1ð Þþ 1½ �
ln 1:75

� 1 ¼ 6:74

f ¼ xin � xout
xin

¼ 1� xout
xin

¼ 100� 1
100

¼ 1� 1
100

¼ 0:99

NTU ¼ 1:75
0:75

� ln 100 � 0:75þ 1
1:75

� �
¼ 8:8

Cross-check of the stripping efficiency:

f ¼ SNþ 1 � S
SNþ 1 � 1

¼ 1:757:74 � 1:75
1:757:74 � 1

¼ 0:99

xS
xF

¼ S� 1
SNþ 1 � 1

¼ 1:75� 1
1:757:74 � 1

¼ 0:00999

xF
xS

¼ 1
0:00999

¼ 100

Calculation of the tray concentrations from top to bottom:

Tray 1:

x1 ¼ S� 1
SNþ 1 � 1

� xF ¼ 1:75� 1
1:751þ 1 � 1

� 100 ¼ 36:4 ppm

Tray 2:

x2 ¼ 1:75� 1
1:752þ 1 � 1

� 100 ¼ 17:2 ppm

Tray 3:

x3 ¼ 1:75� 1
1:753þ 1 � 1

� 100 ¼ 8:95 ppm

Tray 6.74::

x6:74 ¼ 1:75� 1
1:756:74þ 1 � 1

� 100 ¼ 1 ppm

272 8 Absorption and Stripping Columns



In Figs. 8.28 and 8.29 the results of a stripping design for the stripping out of
nitrobenzene from water are given.

Conclusion from Figs. 8.28 and 8.29:
The more stripping steam the fewer separation stages are needed, however, a

larger stripping steam rate reduces the nitrobenzene composition in the distillate
which must lie over the solubility concentration for decanting.

8.12.3 Steam Stripping of Non-Water-Soluble Materials
with Water Phase Reflux

With the steam stripper shown in Fig. 8.30 the decanted water is returned as reflux
into the column.

Stripping steam rate (kg/h)

Feed = 5,000 kg/h polluted water
Input concentration = 1,900 ppm nitrobenzene
Output concentration = 10 ppm nitrobenzene

R
eq

ui
re

d 
N

T
U

Fig. 8.28 With increasing stripping steam rate the number of required mass transfer units NTU
for steam stripping falls

Stripping steam rate (kg/h)
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Stripper for 5,000 kg/h water with
1,900 ppm nitrobenzene

Fig. 8.29 The concentration of the organic component in the exiting vapour at the top of the
column decreases with increasing stripping steam rate
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As a consequence of this an improvement in the stripping efficiency is achieved
(see Table 8.2).

Calculation of a steam stripper with reflux and tray efficiency η = 1:

k ¼ 1þRr � corg=cow
Rr þ 1

Rr ¼ R � 1þ cp � tK � tRð Þ
r

NTU ¼ S
S� 1

� ln xin
xout

� k � S� 1
S

þ 1þ k � S� 1
S

� �

NT ¼
ln Sþ f �k� S�1ð Þ

1�f

h i
ln S

� 1

f ¼ xin � xout
xin

¼ 1� xout
xin

Control :

f ¼ SNþ 1 � S
SNþ 1 � S� k � 1� Sð Þ

Condenser

Cooling water

Reflux

Distillate

Feed

Stripping steam

Purified water

Fig. 8.30 Steam stripper for chlorinated hydrocarbons with a water reflux from the decanter
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cp = specific heat capacity (Wh/kg K)
R = reflux ratio = reflux flow rate/distillate flow
Rr = actual reflux flow rate considering the subcooled reflux
f = stripping efficiency
r = evaporation heat (Wh/kg)
S = Stripping factor = m*G/L
tK = top temperature (°C)
tR = reflux temperature (°C)
xin = composition of the organic component in the water inlet (ppm)
xout = composition of the organic component in the water outlet (ppm)
corg = activity coefficient of the organic phase in the organic phase (c = 1)
cow = activity coefficient of the organic phase in water (c high)

Example 8.12.2: Steam stripper with and without reflux

S ¼ 1:6585 Rr ¼ 10 xin ¼ 200 ppm xout ¼ 1 ppm
corg ¼ 1 cow ¼ 300 m ¼ 16:6 at 100 �C

With reflux R ¼ 10 k ¼ 1þ 10 � 1=300
11

¼ 0:0939

f ¼ 200� 1
200

¼ 0:995

NTU ¼ 1:6585
0:6585

� ln 200
1

� 0:0939 � 0:6585
1:6585

þ 1þ 0:0939 � 0:6585
1:6585

� �
¼ 5:39

NT ¼
ln 1:6585þ 0:995�0:0939� 1:6585�1ð Þ

1�0:995

h i
ln 1:6585

� 1 ¼ 4:21

Without reflux R ¼ 0 k ¼ 1

NTU ¼ 1:6585
0:6585

� ln 200 � 1 � 0:6585
1 � 1:6585 þ 1þ 1 � 0:6585

1:6585

� �
¼ 11:06

NT ¼ ln 200=1ð Þ � 1:6585� 1ð Þþ 1½ �
ln 1:6585

� 1 ¼ 8:66

Table 8.2 Stripping efficiency of different components with and without reflux

Component Equilibrium constant K Stripping efficienty (%)

R = 0 R = 10

S = 0.05 S = 0.1 S = 0.05 S = 0.1

Toluene 1133 99.99 100 100 100

Xylene 1202 99.99 100 100 100

Fluorene 49.3 96.02 99.35 100 100

Nitrobenzene 16.6 67.64 39.99 95.76 100

Anthracene 15 63.40 87.69 95 100

Phenol 2.03 10.14 20.16 49.67 68.83

S Specific stripping steam rate (kg Steam/kg water)
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In Table 8.2 the calculation results for the different components with reflux
(R = 10) and without reflux (R = 0) are listed for different specific stripping steam
rates S in kg steam/kg waste water.

Conclusion:
The more volatile toluene and xylene can be easily stripped out.
With higher boiling nitrobenzene and anthracene more steam and reflux is

required.
A larger specific stripping steam rate S improves the stripping efficiency,

however, this is at the expense of a higher steam requirement.
A more effective separation of the organic components can be achieved using a

fractionator on top of the stripping section of the column as shown in Fig. 8.31.
In the fractionation section the organic components are gathered and the polluted

distillate is reduced. The considerably lower liquid rate in the fractionation section
of the column has to be considered in the fluid dynamic design.

The separation of the organic components works best if in the stripped out
distillate the solubility limit of the organic phase is exceeded and two phases form
in the decanter (Fig. 8.32).

The decanted organic phase is drawn out as distillate.
The overdistilled water with the solvable solvent goes back to the stripper and is

drawn out from the bottom of the column after cleaning.
The operation is shown in Fig. 8.32.
The decanter design is covered in Chap. 7.

Cooling
water

Steam

Condensate Feed

Stripping
steam

Water

Distillate

Fig. 8.31 Steam stripper with rectification section and reflux
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Example 8.12.3: Steam stripper with a decanter for the separation of
nitrobenzene from water

Data for nitrobenzene : M ¼ 123 Solubility inwater ¼ 1:900 ppm

Activity coefficient at infinite dilution c1 ¼ 621

Vapour pressure at 100 �C : P0 ¼ 27mbar Boiling pointKp ¼ 210:9 �C
Equilibrium constantK ¼ 16:6 ¼ y=x at 100 �C
Inlet concentration xin ¼ 1:460 ppm Required outlet concentration xout ¼ 1 ppm

Liquid flow L ¼ 6:000 kg=h ¼ 277:8 kmol=h

Stripping steam flowG ¼ 400 kg=h ¼ 38:9 kmol=h

Absorptive inlet ¼ 6:000 � 1:460 � 10�6 ¼ 8:76 kg=h � distillate flow

f ¼ 1� 1
1460

¼ 0:9993 R � 400
8:76

� 45:6

Rr ¼ 45:6 � 1þ 0:6 � 100� 50ð Þ
90

� �
¼ 45:6 � 1:33 ¼ 60:8

Reflux rate RM ¼ Rr � D ¼ 60:8 � 8:76 ¼ 532:6 kg=h

Venting

Cooling
water

Stripping
steam

Hydrocarbons

Water feed

Purified water

W
at

er
 r

ec
yc

le

Fig. 8.32 Steam stripper with solvent recovery by phase separation

8.12 Steam Stripper [17–21] 277



Vapor rate G ¼ Rr þ 1ð Þ � D ¼ 61:8 � 8:76 ¼ 541:4 kg=h

L ¼ 6000þ 532:6 ¼ 6532:6 kg=h

S ¼ 16:6 � 541:4
6532:6

¼ 1:376

k ¼ 1þ 60:8 � 1
621

60:8þ 1
¼ 0:0177

NT ¼
ln 1:376þ 0:9993�0:0177� 1:376�1ð Þ

1�0:9993

h i
ln 1:376

� 1 ¼ 7:48� 1 ¼ 6:48

Cross-check calculation of f:

f ¼ SNþ 1 � S
SNþ 1 � S� k � 1� Sð Þ ¼

1:3767:48 � 1:376
1:3767:48 � 1:376� 0:0177 � 1� 1:376ð Þ ¼ 0:9993

Top concentration of nitrobenzene yK

yK ¼ xein � F � B � xaus
G

¼ 1460 � 6000� 6532:6 � 1
541:4

¼ 8753467
541:4

¼ 16168 ppm

yK ¼ xK ¼ f � F � xein
G

¼ 0:9993 � 6000 � 1460
541:4

¼ 16168 pp

The nitrobenzene concentration in the overdistilled mixture of water and
nitrobenzene lies clearly over the solubility limit of 1900 ppm.

Two phases form in the decanter.
If the solubility limit is not exceeded in the stripped off distillate, and phase

separation in the decanter is not possible, then the process given in Fig. 8.33 can be
applied.

The steam stripper is equipped with a fractionator at the top and is operated with
reflux in order to enrich the solvent composition in the distillate, up to the point that
the solubility limit in the water phase is exceeded and two phases are formed in the
decanter.

The solvent can be drawn off.

Example 8.12.4: Water with 100 ppm nitrobenzene must be stripped down to a
residual content of 1 ppm. At a specific stripping steam use of 0.1 kg steam/kg
water the nitrobenzene concentration in the distillate is 1000 ppm The solu-
bility limit lies at 1900 ppm and a phase separation is therefore not possible.

With two rectification trays the composition can be increased to over 6000 ppm,
so that the solubility limit is exceeded and two phases form in the decanter.

For the recovery or the draw out of the solvent it is advantageous to operate the
phase separation in the decanter at low temperature because the solubility of the
organic solvents mostly increases with rising temperature.

The used stripping steam rate for the stripping out of the solvent should be
minimized.
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A large amount of stripping steam dilutes the distillate drawn off from the top
and thus lowers the effectivity of the pollutant removal by decantation because the
dissolved part in the water goes back into the stripper.

Regarding the column design a lower liquid loading in the fractionation section
is to be considered.

The diameter in the fractionation section must be reduced (Fig. 8.34) or packing
cross-flow trays need to be used in the rectification section.

The control scheme for a waste water column is shown in Fig. 8.35.

8.13 Comparison of Air and Steam Strippers

Advantages of an air stripper:
For the stripping out only electricity is necessary for the functioning of the air

blower.
No lime precipitation by heating.
Cheap and corrosion resistant material.
Disadvantages of an air stripper:
The exiting solvent–air mixture is not condensable.
Due to the low equilibrium factor K the degree of purification is worse.
With high boiling components large amounts of air are required (see Fig. 8.36).
Post-cleaning of the exiting air by adsorption or burning.

Venting

Reflux Cooling
water

Polluted
water

Purified water

Stripping
steam

Distillate

Hydrocarbons

Fig. 8.33 Steam stripper with fractionator at the top and a decanter
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Trays

Liquid
distributor

Packing

Support
plate

Stripping
steam
distributor

Nozzles
1 Vapour outlet
2 Temperature
3 Reserve
4 Manway packing
5 Manway packing
6 Manway
7 Level
8 stripping steam
9 bottoms product
10 temperature
11 water feed
12 reflux

Fig. 8.34 Packing–steam stripper with a tray column as a fractionating extension
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Due to steam desorption of the adsorber new pollutant mixtures are generated.
The high moisture content and the low solvent composition in the stripping air

disturb the adsorption and make the burning more expensive.
Advantages of a steam stripper:
Higher equilibrium factor m at 100 °C in the column ➔ less stripping gas

(Fig. 8.36).
Adequate for high boiling components due to the high activity coefficient.

Cooling water

Bottoms

Cooling water

Distillate

Steam

Feed

Fig. 8.35 Control scheme of a waste water stripper with a fractionator extension
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The solvent–vapour mixture is condensable so that no extensive post-cleaning
by adsorption or burning is necessary.

With a decanter, solvent discharge is very easy.
Using fractionation extension and reflux the degree of purification can be

optimized.
Disadvantages of a steam stripper:
No linear equilibrium in water soluble solvents.
Steam and cooling water required.
Calcifications and salt precipitations possible.

8.14 Ammonia Stripper

An ammonia stripper is a column in which the water, fed to the column at the top,
flows downwards with the free ammonia being stripped out with steam in a
countercurrent fashion.

The purified water is drawn from the bottom of the column, having come from
the top–an ammonia–water concentrate.

Since only the strippable ammonia, i.e., free molecular ammonia but not the
ionogene chemically bound ammonia, can be drawn out of the water by steam

Steam stripping at 100 °C Air stripping at 25 °C

Stripping steam rate (kg/h) Stripping air rate (kg/h)
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Fig. 8.36 Required transfer Units NTU as a function of the stripping gas rate for the lowering of
the nitrobenzene concentration in water from 1900 to 10 ppm
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stripping the water must be brought to a pH value of 10.4–11 before entering the
steam stripper.

Due to the temperature increase the dissociation equilibrium is additionally
shifted to the free NH3. The increase in pH value occurs with the use of caustic soda
or lime milk.

The caustic soda changes the pH value very quickly so that an inline mixer can
be used. In using lime milk a longer residence time is necessary due to the low
reaction velocity. The alcalizing solid materials, which should be removed before
entering the column, can be precipitated.

The flow diagram of an ammonia stripper with a rectification section is given in
Fig. 8.37.

The plant operates at atmospheric pressure. The water, containing ammonia from
the vessel B1, is preheated with the run-off hot water in the heat exchanger WT1;
alkalized by the addition of caustic soda; and then fed into the column K between
the stripping and rectification sections.

Cooling water

Rectification
section

Stripping section

Stripping steam

Feed

Distillate
with 25 % NH3

Water with
20 mg/l NH3

Fig. 8.37 Flow diagram of an ammonia stripper
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In the stripping section the NH3 concentration is lowered according to the
required purity specification, for instance from 1.5 g/l in the inlet to 20 mg/l in the
water outlet.

The stripping section therefore is used for water purification.
In the upper rectification section a rising of the ammonia concentration occurs,

for instance from 1.5 g/l to of 25% ammonia water which can be used for the
denitrification of flue gases.

The stripping steam supply can be directly fed as steam into the column or occur
indirectly by stripping steam generation in a reboiler. Since the evaporator becomes
blocked over time, by calcification and fouling, a direct steam supply is more
reliable. The condenser for the water vapour containing 25% ammonia and 75%
water must be configured as an integral condenser.

In a differential condenser the ammonia is strongly enriched and is therefore no
longer condensable with cooling water.

Ammonia stripper design
The required theoretical number of trays for water purification can be graphically

determined.
This is shown in Fig. 8.38a, b for two different stripping steam rates.

Equilibrium line

Operating line
for L/V = 5.56

Equilibrium line
Equilibrium line

Operating line
for L/V = 8.34

Liquid concentration (molfraction) Liquid concentration (molfraction)
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Fig. 8.38 Mcabe–Thiele diagram for the determination of the theoretical number of trays for an
ammonia stripper with different stripping steam rates
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Example 8.14.1: Determination of the number of trays needed for an ammonia
stripper using graphical and calculation methods Water inlet flow
L = 10,000 kg/h = 555.55 kmol/h

Inlet concentration: 0.001 molfr. NH3

Outlet concentration: 0.00005 molfr. NH3

(a) Stripping steam flow: 1800 kg/h = 100 kmol/h

Graphical determination of number of theoretical trays with Fig. 8.38a:

L
V
¼ 555:55

100
¼ 5:56 Required theoretical stages nth ¼ 2:9

Determination of the number of theoretical trays by calculation:

S ¼ 13 � 100
555:55

¼ 2:34

NT ¼ ln 0:001
0:00005 � 2:34� 1ð Þþ 1
� �

ln 2:34
� 1 ¼ 2:9

With a stripping steam rate of 1800 kg/h = 100 kmol/h you need 2.9 theo-
retical trays.

(b) Stripping steam flow: 1200 kg/h steam = 66.66 kmol/h

Graphical determination of the number of theoretical trays with Fig. 8.38b:

L
V
¼ 555:55

66:66
¼ 8:34 Required theoretical stages nth ¼ 4:6

Determination of the number of theoretical trays by calculation:

S ¼ m � V
L
¼ 13 � 66:66

555:55
¼ 1:56

NT ¼
ln xein

xaus
� S� 1ð Þþ 1

h i
ln S

� 1 ¼ ln 0:001
0:00005 � 1:56� 1ð Þþ 1
� �

ln 1:56
� 1 ¼ 4:6

For a stripping steam flow of 1200 kg/h = 66.66 kmol/h you need 4.6 theo-
retical trays.

The calculated results are largely consistent with the graphical determination of
the number of trays in Fig. 8.38a, b.

Figure 8.39 shows the optimization possibilities for ammonia strippers.
At low inlet compositions of 1–1.5 g/l NH3 it is energetically unfavorable to

purify the water in a column to 20–50 mg/l and to produce 25% ammonia water at
the same time (Fig. 8.39a with 450 kg/h steam).

In such cases it is more sensible to install two columns in series.
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Fig. 8.39 Optimization possibilities for ammonia strippers

The first column is used as a stripper and produces 1% NH3 water as distillate
which is enriched in the second column to 25% NH3 (Fig. 8.39b with 400 kg/h
steam).

In Fig. 8.39c heating steam is saved by a vapour recompression process.
Because the vapour exiting at the top of the column contains only a little

ammonia, this water vapour can be used as heating steam in the reboiler of the
column after mechanical compression in order to produce stripping steam. The
required energy for this process is 100 kg/h steam and 16 kWh electricity.
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Figure 8.40 shows a flow diagram of a plant used for the production of 99.5%
NH3.

In the first column the ammonia is driven out of the water at atmospheric
pressure, for instance from 1.4 g/l to 20 mg/l, producing a distillate of ammonia–
water.

The second column, used for enrichment to a highly concentrated ammonia,
must be operated under a pressure of 15–16 bar in order to condense the gaseous
ammonia with cooling water.

8.15 Sour Gas Stripper [22]

Sour gas strippers are used in refineries and petrochemical plants for the removal of
hydrogen sulfide and ammonia from wash waters of plants in which products are
treated with hydrogen, for instance for cracking or desulfurising (Fig. 8.41).

In addition, in coking plants the wash water from the gas wash in sour gas
strippers must be freed from H2S and NH3

The stripped out gases are burned in a furnace
For the design of such a stripper the so-called “sour gas equilibrium model” is

used.

Water
Steam Steam

Fig. 8.40 Ammonia stripper for 99.5% NH3
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Figure 8.42 shows the flow diagram of a simple conventional sour gas stripper
utilising direct-steam feed-in.

The sour water is fed in at the top of the column. The water is warmed up using
stripping steam entering the bottom of the column and strips out the pollution
components H2S and NH3.

The vapours exiting the column top—consisting of water vapour, hydrogen
sulfide, and ammonia—proceed to thermal afterburning.

The simple process shown in Fig. 8.42 has the following disadvantages:

1. A high heating steam requirement for the heating the sour water.
2. Using direct-steam feed-in the waste water rate increases.
3. Because the stripping steam is not condensed out a large gas flow with much

water vapour streams into the TNV. This places strain on the thermal after-
burning and expends fuel.

Fig. 8.41 Sour gas washer and stripper in a coking plant
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An optimized process for sour gas stripping is shown in Fig. 8.43 [22].
Advantages:
The feed is preheated with purified hot water drawn from the bottoms of the

column in order to save heating steam.
The stripping steam is generated indirectly in a reboiler with steam heating so

that the waste water flow rate is not increased by the condensed stripping steam.
The stripping steam exiting at the top of the column is largely condensed in an

air-cooled partial condenser so that the amount of gas that goes to the TNV is
reduced by a factor of 10.

A lot of fuel is saved for heating the waste steam from 100 to 800 °C.
The water condensed out of the partial condenser is separated from the gas in a

phase separator and goes back to the feed drum.

Waste gas to
afterburner

Feed

Steam

Cooling
water

Waste
water

Fig. 8.42 Simple sour gas stripper

8.15 Sour Gas Stripper [22] 289



The following results table for a design illuminates the advantage of such an
optimized process:

Feed: 2000 kg/h sour water with 5 kg/h H2S and 6 kg/h NH3

Simple direct steam stripper with feed preheating:
Stripping steam flow: 400 kg/h
Waste water: 2121 kg/h water with 5.6 ppm H2S and 78.2 ppm NH3

Flue gas to the TNV: 413 m3/h: 277.7 kg/h H2O + 4.99 kg/h H2S + 5.93 kg/h
NH3

Optimized process with a reboiler and a partial condenser:
Heating steam flow: 400 kg/h
Waste water: 1977 kg/h water with 4 ppm H2S and 69 ppm NH3

Flue gas to the TNV: 45 m3/h: 22.9 kg/h H2O + 4.98 kg/h H2S + 5.77 kg/h
NH3

Due to the somewhat complicated equilibrium of H2O– H2S– NH3 the design is
mostly carried out via computer.

Figure 8.44 shows the result of a computer calculation with the curves of the
concentration in the column.

Fig. 8.43 Optimized sour gas stripper
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In the highly diluted region the calculation can be carried out approximately
using the equilibrium constants for H2S and NH3 in water.

Example 8.15.1: Calculation of the required theoretical trays for a sour gas
stripper

L ¼ 127:4 kmol=h V ¼ 22:2 kmol=h
xin ¼ 1:318 ppmH2S xout ¼ 2 ppmH2S xin ¼ 3:600 ppmNH3 xout ¼ 40 ppmNH3

H2S : S ¼ m � V
L
¼ 16 � 22:2

127:4
¼ 2:79

NT ¼
ln xein

xaus
� S� 1ð Þþ 1

h i
ln S

� 1 ¼ ln 1318
2 � 2:79� 1ð Þþ 1

� �
ln 2:79

¼ 5:89

NH3 : S ¼ 12 � 22:2
127:4

¼ 2:09

NT ¼ ln 3600
40 � 2:09� 1ð Þþ 1

� �
ln 2:09

¼ 5:23

Tray number from top

Fig. 8.44 Curve of the
concentration of hydrogen
sulfide and ammonia on the
column trays from top to
bottom
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Figure 8.45 shows an arrangement sketch for a sour gas stripper with a reboiler,
air-cooled partial condenser, phase separator, and feed preheater.

Figure 8.46 shows the bidding request sketch for the column with a reboiler.

Air condenser

Waste gas to burner

Steam

Feed line

Preheater

Reboiler

Feed inlet

Vapour
outlet

Phase
separator

Water recycle Bottoms product

Fig. 8.45 Arrangement sketch for a sour gas stripper
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Support claws for
distributor

Feed
nozzle

Support claws
for packing
support
plate

Foundation

Nozzle
orientation

Nozzles:
N 10 reboiler outlet DN 150
N 9 reboiler inlet DN 80
N8 condensate outlet DN 50
N 7 steam inlet DN 100
N 6 Level DN 25
N 5 bottoms outlet DN 50
N 4 feed DN 100/50
N 3 vapour outlet DN 150
N2Vapourinlet from reboiler DN150
N 1 top flange DN 400

Plan vieuw

Fig. 8.46 Bidding request sketch for a column with a reboiler for a sour gas stripper
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Chapter 9
Fluid Dynamic Dimensioning of Trays
and Tray Efficiency

9.1 Fluid Dynamic Design Criteria

In the cross-stream trays the liquid flows horizontally over the tray and the vapour
flows vertically from the bottom to the top through the horizontally streaming
liquid.

In order to improve the contact between vapour and liquid, and to increase the
flexibility of the columns, sieve, valve, tunnel, or bubble cap trays are used.

The different types of trays are shown in the Figs. (9.1, 9.2, 9.3 and 9.4) [7].
In the fluid dynamic design the maximum allowable vapour loading and liquid

loading of the column is determined.
The vapour velocity should be chosen such that only a few droplets are entrained

to the next higher tray. A high droplet entrainment deteriorates the separation effect
and increases the flooding risk.

A high vapour flow velocity increases the pressure loss so that the boiling
temperatures in the bottoms are elevated.

A leaking at too low vapour flow velocity must be avoided because this reduces
the tray efficiency.

The down-flow velocity of the liquid in the downcomer to the tray below should
be low enough that sufficient residence time is available for the outgassing of the
liquid. and a flooding by the liquid buildup in the downcomer is avoided.

To check the design the pressure drops in the rectification section and the
stripping section are calculated because the vapour and liquid loadings are often
very different in the rectification and the stripping sections of the column, especially
in vacuum columns.

High vapour velocities in the risers of the bubble cap trays, in the holes of the
sieve trays, or in the valves of a valve tray, cause large dry pressure losses.

High liquid heights on the trays due to large submergences, weir heights, and
weir overflow heights cause large wet pressure losses.

© Springer International Publishing AG 2017
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Fig. 9.1 Bubble cap tray column from Hoppe and Mittelstrass [7]

Fig. 9.2 Tunnel cap tray column from Hoppe and Mittelstrass [7]
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Fig. 9.3 Sieve tray column from Hoppe and Mittelstrass [7]

Initial design remarks
As a first approach the allowable vapour velocity wD in the column can be deter-
mined using the loading factor F. The F value is dependent on the tray spacing, the
type of tray, and the pressure in the column.

F ¼ wD � ffiffiffiffiffiffi
qV

p � 1:0� 1:7 for tray columns

wD ¼ Fffiffiffiffiffiffi
qV

p qV ¼ vapor density ðkg=m3Þ
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Recommended gas velocity: 80% of the maximum allowable flow velocity
Active area for the vapour flow: 80% of the column cross sectional area
Liquid down-flow cross section: 20% of the column cross sectional area
Free hole area � 8–16% of the active cross sectional area for the vapour
Weir height � 30–80 mm
Weir overflow height � 5–40 mm
Tray spacing � 400–600 mm.

Fig. 9.4 Valve tray column from Hoppe and Mittelstrass [7]
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9.1.1 Required Flow Cross Section for the Vapour
Loading [1–7]

The required flow cross section results from the vapour rate and the allowable flow
velocity wD in the column. The flow velocity is dependent on the tray spacing. The
larger the tray spacing the fewer droplets will be entrained to the next tray above.

An increase in the tray spacing also increases the allowable flow velocity of the
vapour.

The maximum allowable flow velocity wmax is determined by the gas loading
factor CSB, which is a function of the flow parameter FLV.

In Figs. 9.5 and 9.6; Tables 9.1 and 9.2 the gas loading factor CSB, according to
different models, is shown as a function of the flow parameter FLV for different tray
spacings.

FLV ¼ L
G
�

ffiffiffiffiffiffi
qV
qL

r
CSB ¼ f FLVð Þ

Using the gas loading factor CSB, the maximum allowable flow velocity wmax of
the vapour in the column is determined:

wmax ¼ CSB �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qL � qV

qV

r
� 0:02

r

� ��0:2

ðm=sÞ

r = surface tension (N/m)
G = vapour rate (kg/h)
L = liquid rate (kg/h)
qV = vapour density (kg/m3)
qL = liquid density (kg/m3)

In practice 80–85% of the maximum flow velocity wmax is used for the design of
the column as the allowable flow velocity wD for the vapour.

wD ¼ 0:8 � wmax ¼ 0:8 � CSB �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qL � qV

qV

r
� 0:02

r

� ��0:2

ðm=sÞ

Flow Parameter FLV ¼ L
G
�

ffiffiffiffiffiffi
qV
qL

r

G = gas flow (kg/h)
L = liquid flow (kg/h)
qG = gas density (kg/m3)
qL = liquid density (kg/m3).
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Fig. 9.5 Gas loading factor CSB according to Ward, Wankat, and Fair as a function of the flow
parameter FLV for a tray spacing of 300 mm
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Fig. 9.6 Gas loading factor CSB according to Ward, Wankat, and Fair as a function of the flow
parameter FLV for a tray spacing of 450 mm

300 9 Fluid Dynamic Dimensioning of Trays and Tray Efficiency



Example 9.1.1: Determination of the allowable vapour flow velocity wD

Reflux ratio R ¼ 4 L=G ¼ 4=5 ¼ 0:8 qV ¼ 3:125 kg=m3

qL ¼ 800 kg=m3 Flow parameter FLV ¼ 0:05 r ¼ 0:05 N=m

From Fig. 9.6, for a tray spacing H = 450 mm, the gas loading factors CSB are
taken for the flow parameter FLV = 0.05.

According to Fair: CSB = 0.082

wD ¼ 0:8 � CSB �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qL � qV

qV

r
� 0:02

r

� ��0:2

¼ 0:8 � 0:082 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
800� 3:125

3:125

r
� 0:02

0:05

� ��2

¼ 1:26 m=s

According to Wankat and Kessler: CSB = 0.088

wD ¼ 0:8 � 0:088 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
800� 3:125

3:125

r
� 0:02

0:05

� ��0:2

¼ 1:35 m=s

Table 9.1 Gas loading
factors CSB according to
Kessler and Wankat for
different tray spacings as a
function of the flow parameter
FLV

Tray spacing H (mm)

230 305 457 610 914

FLV = 0.05 0.055 0.069 0.088 0.117 0.153

FLV = 0.10 0.05 0.062 0.078 0.104 0.134

FLV = 0.2 0.042 0.052 0.064 0.083 0.106

FLV = 0.3 0.037 0.046 0.054 0.07 0.088

FLV = 0.4 0.033 0.041 0.048 0.061 0.076

FLV = 0.5 0.03 0.037 0.043 0.054 0.067

FLV = 0.6 0.027 0.034 0.039 0.048 0.060

FLV = 0.7 0.025 0.032 0.036 0.044 0.054

FLV = 0.8 0.024 0.029 0.033 0.04 0.049

FLV = 0.9 0.022 0.028 0.031 0.037 0.045

Table 9.2 Gas loading
factors CSB according to
Ward, Kessler and Wankat,
and fair for different tray
spacings and flow parameters

H = 457 mm H = 610 mm

Ward Kessler Fair Ward Kessler Fair

FLV = 0.05 0.098 0.088 0.082 0.122 0.117 0.111

FLV = 0.10 0.095 0.078 0.076 0.117 0.104 0.101

FLV = 0.2 0.086 0.064 0.064 0.104 0.083 0.085

FLV = 0.3 0.075 0.054 0.055 0.089 0.07 0.073

FLV = 0.5 0.057 0.043 0.046 0.066 0.054 0.055

FLV = 0.6 0.050 0.039 0.040 0.057 0.048 0.049

FLV = 0.7 0.044 0.036 0.037 0.051 0.044 0.046

FLV = 1.0 0.033 0.029 0.029 0.037 0.035 0.037
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The required column cross section AD for the vapour flow is calculated for the
vapour flow rate V with an allowable flow velocity wD.

AD ¼ Vðm3=hÞ
3600 � wD

ðm2Þ

The column diameter DK results from the required flow cross section AD for the
vapour flow rate and the required flow cross section AF for the liquid (see
Sect. 9.1.3).

Example 9.1.2: Determination of the required column cross section AD for the
vapour flow

wD ¼ 1:45 m=s Vapour flow G ¼ 15:000 kg=h qV ¼ 3 kg=m3

AD ¼ G=qV
3600 � wD

¼ 15:000=3
3600

� 1
1:45

¼ 0:96 m2

For a check of the allowable flow velocity of the vapour in the column the
comparable air velocity wL can be used.

Most of the tray columns are operated with comparable air velocities of 1.4–
2.5 m/s based on the vapour cross section.

wL ¼ wD �
ffiffiffiffiffiffiffi
qV
qair

r
¼ wD �

ffiffiffiffiffiffiffiffiffi
qV
1:21

r
¼ wD � 0:909 � ffiffiffiffiffiffi

qV
p

wD ¼ 1:1 � wLffiffiffiffiffiffi
qV

p

wL = comparable air velocity (m/s)
qV = vapour density (kg/m3)
qair = air density = 1.21 kg/m3.

Example 9.1.3: Calculation of the comparable air velocity for wD = 1.45 m/s

Vapor density qV ¼ 3:125 kg=m3

wL ¼ wD � 0:909 � ffiffiffiffiffiffi
qV

p ¼ 1:45 � 0:909 �
ffiffiffiffiffiffiffiffiffiffiffi
3:125

p
¼ 2:33 m=s

Cross-check:

wD ¼ 1:1 � wLffiffiffiffiffiffi
qV

p ¼ 1:1 � 2:33ffiffiffiffiffiffiffiffiffiffiffi
3:125

p ¼ 1:45 m=s:
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Example 9.1.4: Determination of the allowable vapour loading G (kg/h) at
different comparable air velocities wL

qD ¼ 0:08 kg=m3 AD ¼ 1:77 m2 ¼ vapours cross sectional area

wL = 1.5 m/s for a bubble cap tray

wD ¼ 1:1 � 1:5ffiffiffiffiffiffiffiffiffi
0:08

p ¼ 5:8 m=s

G ¼ 3600 � 0:08 � 5:8 � 1:77 ¼ 2956 kg=h

wL = 2.5 m/s for a sieve tray

wD ¼ 1:1 � 2:5ffiffiffiffiffiffiffiffiffi
0:08

p ¼ 9:7 m=s

G ¼ 3600 � 0:08 � 9:7 � 1:77 ¼ 4945 kg=h

The comparable air velocity is especially suitable for checking the flow velocity
in the holes of sieve trays.

Due to entrainment the upper comparable air velocity in the hole should be a
maximum of wL = 16 m/s and because of weeping the lower flow velocity should
be wL = 8 m/s.

Calculation of the maximum allowable flow velocity wKmax in sieve trays, based
on the active area of the vapour flow [6] for avoiding entrainment is:

wKmax ¼ 2:5 � /2 � r � Dq � g
q2V

� �0:25

ðm=sÞ wholemax ¼ wKmax

/
ðm=sÞ

Calculation of the minimum required flow velocity in the hole to avoid weeping
is:

wholemin ¼ 1:4 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:37 � dhole � g � qL � qV

qV

� �1:25
s

ðm=sÞ

/ = hole fraction of the tray
dhole = hole diameter (m)
r = surface tension (N/m)
Dq = qL − qV = density difference between liquid and vapour.
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Example 9.1.5: Calculation of the maximum and minimum flow velocity

/ ¼ 0:1 dhole ¼ 20 mm Dq ¼ 697 kg=m3 r ¼ 0:03 N=m ¼ 30 dyn=cm

wKmax ¼ 2:5 � 0:12 � 0:03 � 697 � 9:81
32

� �0:25

¼ 1:72 m=s

wholemax ¼ 1:72
0:1

¼ 17:2 m=s

wholemin ¼ 1:4 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:37 � 0:02 � 9:81 � 700� 3

3

� �1:25
s

¼ 11:3 m=s

For other hole sizes (mm): d = 20 d = 10 d = 5 d = 2

wholemin (m/s) 11.3 8 5.7 3.6

Example 9.1.6: Allowable vapour loading G (kg/h) in sieve trays

Vapour density qV ¼ 0:188 kg=m3

AD ¼ 3:14 m2 ¼ vapour cross section of the column

Sieve tray with 16% free flow area Ahole in the holes

Ahole ¼ 0:16 � 3:14 ¼ 0:5 m2 ¼ total cross sectional area of the holes

Upper hole velocity wL = 16 m/s

wD ¼ 1:1 � 16ffiffiffiffiffiffiffiffiffiffiffi
0:188

p ¼ 40:6 m=s

G ¼ 3600 � 0:188 � 40:6 � 0:5 ¼ 13739 kg=h

Lower hole velocity wL = 8 m/s

wD ¼ 1:1 � 8ffiffiffiffiffiffiffiffiffiffiffi
0:188

p ¼ 20:3 m=s

G ¼ 3600 � 0:188 � 20:3 � 0:5 ¼ 6869 kg=h:
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9.1.2 Required Downcomer Cross Section
for the Liquid [1–7]

The required flow cross section AF for the outflow of the liquid to the next lower
tray results from the given allowable flow velocity wFl in the liquid downcomer
shown in Fig. 9.7.

AF ¼ VF

3600 � wFL
ðm2Þ

Density difference (kg/m³)
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Fig. 9.7 Allowable flow velocity in the downcomer as a function of the tray spacing H and the
density difference Dq = qL − qV for a foaming factor of 1
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AF = required flow cross section for the liquid outflow (m2)
VF = liquid loading (m3/h)
wFL = allowable flow velocity in the downcomer (m/s).

Figure 9.7 shows that the allowable flow velocity in the downcomer increases
with increasing density difference Dq = qL − qV between a gas and a liquid, this is
because both phases separate better at larger density differences.

With foaming media the calculated downcomer velocity wFl must be corrected
with a foaming factor.

wFlcorr ¼ foaming factor � wFl m=sð Þ

Foaming factor

Non-foaming 1

Moderately foaming (oil absorber, amine + glycol regenerator) 0.8–0.9

Freon 0.9

Strongly foaming (absorber for amine + glycole) 0.7–0.75

Stable foamer 0.2

Alternatively, the allowable flow velocity in the downcomer for a foaming factor
of one can be calculated:

wFl ¼ 0:008 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
H � Dq

p
ðm=sÞ

H = tray spacing (m)
Dq = qL − qV (kg/m3).

Example 9.1.2.1: Calculation of the flow velocity in the downcomer

H ¼ 0:4 m Dq ¼ 600 kg=m3 Foaming factor ¼ 1

wFl ¼ 0:008 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:4 � 600

p
¼ 0:124 m=s

A larger tray spacing H increases the allowable velocity in the downcomer
because there is more time for the phase separation, in addition, the flooding risk is
reduced.

Checking the residence time for the phase separation in the downcomer.
The liquid VS streaming out of the downcomer which is saturated with vapour

has a larger volume than the pure liquid VF, this is because the liquid contains up to
about 60% vapour, i.e., gas.

The liquid flow VS which is saturated with gas streaming down from the
downcomer is determined as follows:
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VS ¼ VF

0:6
¼ 1:67 � VF ðm3=hÞ

The residence time in the downcomer should be about 5 s based on the pure
liquid flow VF without dissolved gases, or about 3 s based on the foaming gas
containing liquid VS.

Example 9.1.2.2: Determination of the required downflow cross section and the
residence times in the downcomer

VF ¼ 10 m3=h H ¼ 0:4 m Density difference Dq ¼ 400 kg=m3

From Fig. 9.7 we notice that the allowable flow velocity in the downcomer
wFl = 0.101 m/s.

Calculation of the required downflow cross section for the liquid:

AF ¼ 10
3600 � 0:101 ¼ 0:0275 m2

Calculation of the residence time tA for the clear liquid VF without dissolved
gases:

tA ¼ AF � H
VF

¼ 0:0275 � 0:4
10=3600

¼ 3:96 s

Calculation of the residence time for the gas-saturated liquid VS:

VS ¼ 1:67 � 10 ¼ 16:7 m3=h tA ¼ 0:0275 � 0:4
16:7=3600

¼ 2:37 s

In this case, the downcomer is chosen too small and is enlarged to 0.0413 m2.
After this adjustment the residence time for the clear liquid is 5.94 s and for the

vapour saturated liquid it is 3.6 s.
Normally, 10% of the column cross section is chosen for the liquid outflow and

10% for the liquid feed.
This gives the weir length LW and the segment height HS as:

Weir length LW ¼ 0:7267 � DK

Segment height HS ¼ 0:1565 � DK:

Example 9.1.2.3: Dimensioning of the downcomer, and the weir length LW and
segment Height HS for AF = 10% of the column cross section

Column diameter DK ¼ 1m Column cross section Atot ¼ 0:785 m2

AF ¼ 0:1 � 0:785 ¼ 0:0785 m2 AD ¼ Atot � 2 � AF ¼ 0:785� 2 � 0:0785 ¼ 0:628 m2 ¼ 80%

Weir length LW ¼ 0:7276 � 1 ¼ 0:7276m Segment height HS ¼ 0:157 � 1 ¼ 0:157 m

9.1 Fluid Dynamic Design Criteria 307



Another aspect of the column design is the allowable weir loading WL

and the Weir overflow height how.
It should be anticipated that WL = 0.6 − 15 l/s m and how = 5–40 mm.

WL ¼ VF � 1000
3600 � LW ðl=s mÞ

how ¼ 2:83 � VF

LW

� �2=3

ðmmÞ

VF = liquid flow rate (m3/h)
LW = weir length (m).

Example 9.1.2.4: Calculation of the weir loading and the weir overflow height

LW ¼ 0:3573 m VF ¼ 10 m3=h

WL ¼ 10 � 1000
3600 � 0:3573 ¼ 7:77

l
sm

� �

how ¼ 2:83 � 10
0:3573

� �2=3

¼ 26 mm:

9.1.3 Required Column Diameter DK

The total column cross sectional area Atot results from the assumption that 10% of
the column area for the liquid outflow and the liquid inflow, i.e., in total 20% of the
column cross section for the liquid flow, is as follows:

Atot ¼ AD þ 2 � AF ¼ AD

0:8
ðm2Þ

Column diameter DK ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4
p
� Atot

r
ðmÞ

Example 9.1.2.5: Design of a tray

G ¼ 15;500 kg=h ¼ 5;000 m3=h qV ¼ 3:1 kg=m3 H ¼ 0:45 m AF ¼ 0:1 � Atot

L ¼ 14;000 kg=h ¼ 20 m3=h ¼ VF qL ¼ 700 kg=m3 L=G ¼ 0:9 CSB ¼ 0:08
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wD ¼ 0:8 � CSB �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qFl � qD

qD

r
ðm=sÞ ¼ 0:8 � 0:08 �

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
700� 3:1

3:1

r
¼ 0:96 m=s

Flow cross section for vapors AD ¼ Gðm3=hÞ
3600 � wD

ðm2Þ ¼ 5000
3600 � 1:2 ¼ 1:45 m2

Required total flow cross section Atot ¼ AD

0:8
ðm2Þ ¼ 1:45

0:8
¼ 1:8 m2

Required column diameter DK ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4
p
� Ages

r
ðmÞ ¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4
p
� 1:8

r
¼ 1:5 m

Weir length LW ¼ 0:7267 � DK ¼ 0:7267 � 1:5 ¼ 1:1 m

Segment height HS ¼ 0:1565 � DK ¼ 0:1565 � 1:5 ¼ 0:23 m

Downflow cross section AF ¼ 0:1 � Agesðm2Þ ¼ 0:1 � 1:8 ¼ 0:18 m2

Weir loading WL ¼ VFðm3=hÞ � 1000
3600 � LW

l
sm

� �
¼ 20 � 1000

3600 � 1:1 ¼ 5:05 l=s m

Weir overflow height h€UW ¼ 2:83 � VF

LW

� �2=3

ðmmÞ ¼ 2:83 � 20
1:1

� �2=3

¼ 19:6 mm

Flow velocity in the downcomer wFl ¼ VF

3600 � AF
ðm=sÞ ¼ 20

3600 � 0:18 ¼ 0:03 m=s

Residence time in the downcomer tA ¼ AF � H
VF=3600

ðsÞ ¼ 0:18 � 0:45
20=3600

¼ 14:5 s:

9.1.4 Flooding and Weeping in a Tray Column

9.1.4.1 Flooding of a Column (Fig. 9.8)

If the height of the foaming liquid in the downcomer rises to the next tray above the
flooding of the column begins.

The essential influencing parameters on the flood conditions are:

• Weir height hW: 40–80 mm.
• Weir overflow height how: 5–40 mm.
• Pressure loss at the tray DPt: 150–300 mm liquid height or 2–3 mbar.
• Liquid gradient on the tray D: 5–10 mm liquid height.
• Pressure loss in the inlet slot for the liquid hD: 2–5 mm liquid height.
• Foaming factor U = 0.5–0.6 = 50–60% foaming proportion in the liquid.
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Figure 9.8 shows how the height of the clear liquid HD in the downcomer is
calculated and how a determination is made of the tray spacing.

Generally the tray spacing is chosen as H ¼ 2 � HD.

HD = height of the clear liquid in the downcomer.
HDfoam = height of the foam in the downcomer.

In order to calculate HD the pressure loss of the tray DPtray and the pressure loss
in the inlet slot hD are needed.

Calculation of the pressure loss in the inlet slot: hD ¼ 140 � w2
Slot

wSlot = flow velocity in the inlet slot (m/s).

Example 9.1.4.1: Determination of the pressure loss in the inlet slot

LW ¼ 0:6 m Hslot ¼ 25 mm Aslot ¼ LW � Hslot ¼ 0:015 m2 ¼ slot area

VF ¼ 10 m3=h

wslot ¼ 10
3600 � 0:015 ¼ 0:185 m=s

hD ¼ 140 � w2
slot ¼ 140 � 0:1852 ¼ 4:8 mm liquid height:

ΔP tray

H = tray
spacing

how
how

Liquid

Vapour

HD = hW + how + Δp tray + Δ + hD (mm liquid height)

HD = 80 + 10 + 150 + 0 + 3 = 243 mm liquid height

HDfoam = HD/ Φ = 243 / 0.6 = 486 mm liquid height

Recommended: H = 2 * HD = 2 * 243 = 486 mm

Chosen: H = 500 mm

Fig. 9.8 Flooding of column
trays
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9.1.4.2 Weeping

If the vapor flow velocity is too low then weeping of the liquid occurs in sieve trays
and valve trays to the next lowest tray.

The tray efficiency falls.
In bubble cap trays with a riser a weeping is not possible.
The required minimum vapor flow velocity in the holes of a sieve tray can be

calculated as follows:

wholemin ¼ 1:4 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:37 � dhole � g � qL � qV

qV

� �1:25
s

ðm=sÞ

dhole = hole diameter (m)
Dq= qL − qV = density difference between the liquid and the vapour.

Alternatively, a similar minimum comparable air velocity of wL = 8–10 m/s in
the holes can be assumed.

wholemin ¼ 1:1 � wLffiffiffiffiffiffi
qV

p ¼ 8ffiffiffiffiffiffi
qV

p :

Example 9.1.4.1: Determination of the minimum flow velocity in the sieve tray

Data : qV ¼ 3 kg=m3 qL ¼ 700 kg=m3 dhole ¼ 8 mm

wholemin ¼ 1:4 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:37 � 0:008 � 9:81 � 700� 3

3

� �1:25
s

¼ 7:2 m=s

wholemin ¼ 1:1 � 10ffiffiffi
3

p ¼ 6:35 m=s

The required minimum flow velocity for valve tray columns can be estimated
as follows:

V1 valve = flat valve tray:

wmin ¼ 0:0167 � H0:615
Fl �

ffiffiffiffiffiffi
qL
qV

r
ðm=sÞ
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V4 valve = venturi valve tray:

wmin ¼ 0:0263 � H0:615
Fl �

ffiffiffiffiffiffi
qL
qV

r
ðm=sÞ

Hfl ¼ hW þ how mm FSð Þ
Example 9.1.4.2: Determination of the minimum flow velocity in valve trays

Data: qV ¼ 3 kg=m3 qL ¼ 700 kg=m3 Hfl ¼ 45 mm FS

V1� valve: wmin ¼ 0:0167 � 450:615 �
ffiffiffiffiffiffiffiffi
700
3

r
¼ 2:6 m=s

V4� valve: wmin ¼ 0:0263 � 450:615 �
ffiffiffiffiffiffiffiffi
700
3

r
¼ 4:1 m=s

Example 9.1.4.3: Checking of a double-flow valve tray with regard to weeping

Column diameter DK ¼ 4:2 m with nV ¼ 1782V1 valves with flat arrangement

Weir length : external 2� 2 ¼ 4 m; in the middle 2� 3:95 ¼ 7:9 m

Gas flow : G ¼ 9:5 t=h ¼ 10;275 m3=h Gas density qV ¼ 0:9245 kg=m3

Liquid flow : 40 t=h ¼ 40 m3=h qL ¼ 1000 kg=m3

Calculated weir overflow height and weir loadings:

External for LW ¼ 4 m : how ¼ 12:9 mm WL ¼ 2:7 l=s m

In the middle for LW ¼ 7:9 m : how ¼ 8:3 mm WL ¼ 1:4 l=s m

Outflow velocity in the downcomer:

In the middle:w ¼ 0:011 m=s External:w ¼ 0:015 m=s

The tray is overdimensioned toward the liquid side.
The normal operating region of a ballast V1 valve is designed for a similar air

volume of 20–60 m3/h.
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Conversion of the vapour volume of G = 10,275 m3/h to a similar air volume VL

gives:

VL ¼
G �

ffiffiffiffi
qD
qL

q
nV

¼
10275 �

ffiffiffiffiffiffiffiffiffiffi
0:9245
1:21

q
1782

¼ 5:04 m3=h per valve

An airflow of 5.04 m3/h is much too small compared with the required 20 m3/h
comparable air volume per valve!

Calculation of the minimum velocity for vapour in the valve:

wVmin ¼ 0:0167 � H0:615
Fl �

ffiffiffiffiffiffi
qL
qV

r
¼ 0:0167 � 42:90:615 �

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1000
0:9245

r
¼ 5:5 m=s

Alternative calculation: wVmin ¼ 0:158 �
ffiffiffiffiffiffi
qLl
qV

r
¼ 0:158 �

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1000
0:9245

r
¼ 5:9 m=s

Required vapour flow VV for a valve with d = 40 mm:

VV ¼ WVmin � AVentil � 3600 ¼ 5:9 � 0:0013 � 3600 ¼ 26:7 m3=h pro Ventil

Available vapour flow VV per valve:

VV ¼ 10275
1782

¼ 5:76m3=h pro Ventil

Conclusion
The flow cross section for the vapour must be reduced by covering of valves.

9.1.5 Pressure Drop Calculations [1–7]

The pressure loss DPtray in the cross stream trays is subdivided into the dry pressure
loss DPdry, when flowing through a cap on a bubble cap tray, a hole in a sieve tray,
or a valve on a valve tray, and the liquid pressure loss DPliq from the liquid level on
the tray.

DPtray ¼ DPdry þDPliq mm liquid heightð Þ

Bubble cap trays [3] Calculation of the dry pressure loss when flowing through
the riser and the cap:
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DPdry ¼ 274 � K � qV
qL � qV

� w2
K ¼ 274 � K � qV

qL � qV
� V

fK

� �2

ðmm liquidÞ

K = pressure drop coefficient

V = vapour loading of the column (m3/s).

The pressure loss coefficient K depends on the quotient ring cross sectional area
between the riser and cap and the riser cross sectional area (K = f (fR/fK))

fK = cross sectional area of all risers on the tray (m2)
fR = ring cross sectional area of all caps on the tray (m2)
wK = flow velocity of the vapour in the riser (m/s)

fR
fK

¼ 1 ) K ¼ 0:65
fR
fK

¼ 1:5 ) K ¼ 0:55

The wet pressure loss DPliq on a bubble cap tray results from the open slot height
hslot, the slot seal or submergence hT, the weir overflow height how, and the liquid
gradient DF on the tray from inflow to outflow.

DPliq ¼ hslotl þ hT þ how þDF=2ðmm liquidÞ:

hT = slot seal = vertical distance between slot top edge and weir height hW (mm
liquid)

how = weir overflow height (mm liquid)
DF = liquid gradient on the tray (mm liquid)
hslot = open slot height (mm liquid)
Vmax = maximum allowable vapour loading of the slots (m3/s)
V = actual vapour loading (m3/s)

The maximum allowable vapour loading of the bubble cap slots Vmax is deter-
mined as follows:

Vmax ¼ KS �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
Hslot � qL � qV

qV

r
� Aslotðm3=sÞ

Open slot height hslot ¼ V
Vmax

� Hslot ðmm liquidÞ

Aslot = slot cross sectional area of all caps (m2)

Hslotl = slot height (mm)
KS for triangular slots: 1.2
KS rectangular slots: 1.51
KS for trapezoidal slots = f (RS)
RS = ratio of the upper slot width a to the bottom slot width b
RS ¼ a=b ¼ 6=13:9 ¼ 0:43 ! KS ¼ 1:38
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Example 9.1.5.1: Pressure loss calculation for a bubble cap tray with a
diameter of 1.48 m

Atot ¼ 1:72 m2 AD ¼ 0:8 � 1:72 ¼ 1:37 m2 qV ¼ 3 kg=m3 qL ¼ 700 kg=m3

R ¼ 9 L=G ¼ 9=10 ¼ 0:9 hT ¼ 5 mm how ¼ 15 mm DF ¼ 10 mm

Vapour loading of the column V = 0.8 m3/s
Bubble cap tray with 95 caps according to Fig. 9.9:

16 slots Slot height Hslot ¼ 18 mm hW ¼ 30 mm K ¼ 0:47

Slot area Aslot ¼ 6þ 13:9
2

� 18 � 16 � 95 � 10�6 ¼ 0:272 m2

Riser area fK ¼ 0:045 � 0:785 � 95 ¼ 0:151 m2

wK ¼ V
fK

¼ 0:8
0:151

¼ 5:3 m=s

DPdry ¼ 274 � K � qV
qL � qV

� w2
k ¼ 274 � 0:47 � 3

697
� 5:322 ¼ 15:6 mm liquid

DPdry ¼ 274 � K � qV
qL � qV

� V
fK

� �2

¼ 274 � 0:47 � 3
697

� 0:8
0:151

� �2

¼ 15:6 mm liquid

Fig. 9.9 Bubble cup and riser
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Vmax ¼ KS �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
Hslot � qL � qV

qV
� Aslot ¼ 1:38 �

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:018 � 697

3

rs
� 0:272 ¼ 0:768m3=s

hslot ¼ V
Vmax

� Hslot ¼ 0:8
0:768

� 18 ¼ 18:8mm

DPliq ¼ hslot þ hT þ how þDF=2 ¼ 18:8þ 5þ 15þ 10=2 ¼ 43:8 mm liquid

DPtray ¼ DPdry þ DPliq ¼ 15:6 þ 43:8 ¼ 59:4mm liquid height ¼ 4:1mbar

Example 9.1.5.2: Pressure loss calculation for a bubble cap tray (Fig. 9.10)

Vapour loadingV ¼ 0:685 m3=s ! wriser ¼ 4:54 m=s

qV ¼ 3 kg=m3 qL ¼ 700 kg=m3 hT ¼ 1mm how ¼ 10mm DF ¼ 8 mm

Slot area fslot ¼ 0:272 m2 Riser area fK ¼ 0:151 m2

K ¼ 0:6 KS ¼ 1:38 DPliq ¼ 1þ 10þ 8=2 ¼ 15mm liquid height

ΔPliq

ΔPdry

ΔPslot

ΔPtotal

Fig. 9.10 Pressure losses in a bubble cap tray as a function of the flow velocity in the risers
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DPdry ¼ 2740 � 0:6 � 3
697

� 0:685
0:151

� �2

¼ 14:6 mm liquid height

Vmax ¼ 1:38 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:018 � 697

3

r
� 0:272 ¼ 0:768 m=s

hslot ¼ 0:685
0:768

� 18 ¼ 16 mm liquid

DPtray ¼ 14:6 þ 16þ 15 ¼ 45:6mm liquid height

Sieve trays

The total pressure loss consists of the dry pressure loss when flowing through the
holes and the wet pressure loss through the liquid height on the trays.

Calculation of the dry pressure loss:

DPdry ¼ 4:72 � whole

Csieve

� �2

� qV
qL

ðmm liquidÞ

The pressure loss coefficient CSieve is dependent on the hole diameter and the
tray thickness.

Practical calculations can be performed with CSieve = 0.2 bis 0.22.
Calculation of the wet pressure loss through the liquid level on the tray:

DPliq ¼ hW þ how mm liquid heightð Þ
Example 9.1.5.3: Pressure loss calculation for a sieve tray

whole ¼ 6:85 m=s hW ¼ 20 mm how ¼ 4:3mm ~qV ¼ 3 kg=m3

qL ¼ 700 kg=m3

DPdry ¼ 4:72 � 6:85
0:22

� �2

� 3
700

¼ 19:6 mm liquid DPliq ¼ 20þ 4:3 ¼ 24:3 mm liquid

Total Pressure drop DPtray ¼ 19:6þ 24:3 ¼ 43:9 mm liquid ¼ 3:07 mbar

Valve Trays
The total pressure loss consists of the dry pressure loss when streaming through the
holes and the wet pressure loss through the liquid height on the trays.

The dry pressure loss is different for the flat arranged V1 valves and the V4
venturi valves.
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Calculation of the dry pressure loss:

Flat valve: DPdry ¼ 224 � w2
hole �

qV
qL

ðmm liquidÞ

Venturi valve: DPdry ¼ 122 � w2
hole �

qV
qL

ðmm liquidÞ

Calculation of the wet pressure loss through the liquid level on the tray:

DPliq ¼ hW þ how mm liquid heightð Þ
Example 9.1.5.4: Pressure loss calculation for valve trays
Data used here is the same as in Example 9.1.5.3.

DPliq ¼ 24:3 mm FS

Flat valve: DPdry ¼ 224 � 6:852 � 3
700

¼ 45 mm liquid

DPtray ¼ 45þ 24:3 ¼ 69:3 mm liquid height ¼ 4:8 mbar

Venturi valve: DPdry ¼ 122 � 6:852 � 3
700

¼ 24:5 mm liquid

DPtray ¼ 24:5þ 24:3 ¼ 48:8 mm liquid height ¼ 3:4 mbar

Example 9.1.5.5: Hydraulic tray design for an atmospheric distillation

DK ¼ 1:48 m Atot ¼ 1:72 m2 AD ¼ 0:8 � 1:72 ¼ 1:37 m2 qV ¼ 3 kg=m3

qL ¼ 700 kg=m3 R ¼ 9

L
G

¼ R
Rþ 1

¼ 9
10

¼ 0:9

FLV ¼ 0:9 �
ffiffiffiffiffiffiffiffi
3

700

r
¼ 0:0589 CSB ¼ 0:039

wmax ¼ 0:039 �
ffiffiffiffiffiffiffiffi
697
3

r
¼ 0:59 m=s

Gmax ¼ 0:59 � 1:37 ¼ 0:8 m3=s ¼ 2910 m3=h ¼ 8730 kg=h

Bubble cap tray:fK ¼ 0:151 m2 hT ¼ 1 mm how ¼ 12 mm D ¼ 4 mm
Sieve tray: hole area fhole ¼ 0:1 m2 how ¼ 12 mm hW ¼ 30 mm
Valve tray: hole area fhole ¼ 0:15 m2 how ¼ 12 mm hW ¼ 30 mm
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Column velocity wD (m/s) 0.4 0.5 0.6 0.7 0.8

Vapour flow rate (m3/s) 0.548 0.685 0.822 0.959 1.096

Bubble cap tray wriser (m/s) 3.6 4.54 5.44 6.35 7.25

Sieve tray whole (m/s) 5.48 6.85 8.22 9.59 11

Valve tray whole (m/s) 3.65 4.56 5.48 6.39 7.3

The calculated pressure losses are given in Fig. 9.11.

Example 9.1.5.6: Hydraulic tray design for a vacuum column

DK ¼ 1:48 m Atot ¼ 1:72 m2 AD ¼ 0:8 � 1:72 ¼ 1:37m2 qV ¼ 0:55 kg=m3

qL ¼ 765 kg=m3 R ¼ 3 L=G ¼ 0:75

FLV ¼ 0:75 �
ffiffiffiffiffiffiffiffiffiffiffi
0:055
765

r
¼ 0:006 CSB ¼ 0:064

wmax ¼ 0:064 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
765� 0:55

0:055

r
¼ 7:55 m=s � 0:85 ¼ 6:4 m=s

Gmax ¼ 6:4 � 1:37 ¼ 8:8 m3=s

Fig. 9.11 Pressure loss of sieve, valve, and bubble cap trays as a function of the vapour flow
velocity in the column

9.1 Fluid Dynamic Design Criteria 319



Bubble cap tray : fK ¼ 0:151 m2 hT ¼ 1 mm how ¼ 4:3mm D ¼ 6 mm
Sieve tray : hole area fLoch ¼ 0:164 m2 how ¼ 4:3mm hW ¼ 20 mm
Valve tray : hole area fLoch ¼ 0:15 m2 how ¼ 4:3mm hW ¼ 20 mm

Column velocity wD (m/s) 6.42 5.47 4.38 2.9

Vapour flow rate (m3/s) 8.8 7.5 6 4

Bubble cap tray wriser (m/s) 58.3 49.7 39.7 26.5

Sieve tray whole (m/s) 53.6 45.7 36.5 24.3

Valve tray whole (m/s) 44 37.5 30 20

The calculated pressure losses are given in Fig. 9.12.
A complete tray calculation should be performed with a computer program

because the determination of the pressure loss is somewhat tedious.
The suppliers of distillation trays possess such programs.

9.2 Efficiency of Cross Stream Trays

In Chaps. 3, 4, 5, 6, and 8 it was shown how to determine the required number of
theoretical trays Ntheor for a given separation.

Fig. 9.12 Pressure losses in
vacuum distillation with
different trays as a function of
the vapour loading
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For the conversion to the number of the required practical trays Nprac the effi-
ciency ET of the distillation trays is needed.

ET ¼ Ntheor

Nprac
Nprac ¼ Ntheor

ET

What are the essential influencing parameters on tray efficiency?
In Fig. 9.13 from Drickamer–Bradford [8] the strong dependence of tray effi-

ciency on the average molar viscosity of the liquid feed product at average column
temperature is shown.

When distilling the viscosities are low and the efficiency is high.

When absorbing the viscosity is higher and the tray efficiency is lower.
This relationship is also shown in Fig. 9.14 of Lockhart–Legget [8].
The tray efficiency ET is plotted on the ordinate above the product separation factor
a with the viscosity η (mPas) plotted on the abscissa.
The upper line is valid for the distillation and the lower line for the absorption.
On the lower abscissa for the absorption the calculation was performed with a K2

value for the high boiling washing fluid of K2 = 0.1.

Fig. 9.13 Tray efficiency at
an average column
temperature as a function of
the molar average liquid
viscosity according
Drickamer–Bradford [8]
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Example 9.2.1: Determination of the tray efficiency from Fig. 9.14
Distillation: a ¼ 1:2 g ¼ 0:2 mPa a � g ¼ 1:2 � 0:2 ¼ 0:24 ET ¼ 70%

Absorption: a ¼ K1
K2

¼ K1
0:1 ¼ 0:5

0:1 ¼ 5 g ¼ 2 mPas a � g ¼ 10 ET ¼ 30%
The tray efficiency is largely dependent on the dynamic viscosity η and the

relative volatility a according to the measurement of Drickamer–Bradford und
O’Connel.

The efficiency reduces with increasing separation factor because a larger material
quantity, due to the equilibrium, has to be transferred.

Fig. 9.14 Tray efficiency EB as a function of a * η according Lockhart–Legget [8]
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The calculated tray efficiencies, as function of the product of the separation
factor * viscosity, using the approximation equations of O’Connel and Kessler and
Wankat, are given in Fig. 9.15.

Approximation equation according to O’Connel [1]:

ET ¼ 0:492 � g � að Þ�0:245

Approximation equation according to Kessler and Wankat [2]:

ET ¼ 0:52782� 0:27511 � lg a � gð Þþ 0:0449 � lg a � gð Þ2

The mass transport from gas to liquid phase, and vice versa, occurs by diffusion,
e.g., in the gas phase up to the interface and further in the liquid phase.

During absorption, the mass transport occurs mainly from the gas to the liquid
phase.

When distilling, transport from the gas phase into the liquid phase, and from the
liquid phase into the gas phase, occurs at the same time.

The transport rate is dependent on:

(a) the interface or contact area;
(b) the turbulence of both phases; and
(c) the physical properties of viscosity, surface tension, and volatility.

With specifically chosen column internals—trays and packings—the contact
area and the turbulence can be improved.

An alternative method for the determination of the tray efficiency in the distil-
lation was suggested by Bakowski [9–11] (Fig. 9.16).

Fig. 9.16 Tray efficiency in distillation as a function of K * M
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ET ¼ 1
1þ 3:7�K�M

h�q�T

K = y/x = equilibrium constant

M = mol weight
h = liquid height (cm)
T = average column temperature (°K)
q = liquid density (g/cm3)

With increasing mole weight the tray efficiency drops.
Larger molecules are more viscous and diffuse more slowly.
With a lowering liquid height on the tray the efficiency falls because less liquid

is available for mass transfer.
With increasing temperature the tray efficiency increases because the viscosity

reduces and the diffusion rate increases.
Within the column the efficiency changes because the vapour rates and liquid

rates change.
With an increasing V/L ratio the column efficiency increases.
For multi-component mixtures the efficiency is different for different components.
The column efficiency ECol is determined from the tray efficiency ET for a linear

operating line as follows:

ECol ¼
ln 1þET � K�V

L � 1
� �� �

ln K�V
L

� �
K = y/x = equilibrium constant

L = liquid loading (kmol/h)
V = vapour loading (kmol/h)

From Fig. 9.17 it can be seen that the effective column efficiency ECol at V/L ratios
>1 is larger than the tray efficiency ET while at a V/L ratio <1 is less than the tray
efficiency.

Furthermore, it can be recognized that the light boiling components with higher
K values have a better efficiency.

In the rectification section of the column with V/L > 1 the efficiency is better
than ET.

In the stripping section with V/L < 1 the column efficiency is worse than the tray
efficiency ET.
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Practical experience gained whilst designing distillation plants for aliphatics, ole-
fins, paraffin hydrocarbons, aromatics, amines, methanol, isopropanol, nitrotoluene,
nitrodichlorbenzene, fatty acid, methyl ester, and fatty alcohols the authors consider a
V/L ratio of one is on the safe side with a column efficiency of 70–80%when distilling.

The required separation tasks were always achieved.
Often better product qualities were achieved.
The methods shown for the determination of tray efficiency are only valid for a

hydraulically well-designed tray without entrainment of droplets at too high vapour
velocities or weeping of liquid at too low vapour loadings.

The deterioration of the tray efficiency by entrainment at low tray spacings and
high vapour velocities is calculated as follows:

ETcorr ¼ ET � 1
1þ r � ET

r ¼ Entrainment rate ¼ DL
L

DL = entrained liquid rate (kg/h)
L = total flow rate (kg/h)

Example 9.2.2: Deterioration of tray efficiency by entrainment

ET ¼ 0:7 r ¼ 0:1

ETcorr ¼ 0:7 � 1
1þ 0:1 � 0:7 ¼ 0:65

Tray efficiency deteriorates by the entrainment rate r = 0.1 from 0.7 to 0.65.

Fig. 9.17 Column efficiency for a tray efficiency ET = 0.7 for different equilibrium factors as a
function of the V/L ratio
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Example 9.2.3: Calculation of tray efficiency ET for a = 1.2 and η = 0.15 mPa

Acc: O’Connel ET ¼ 0:492 � 1:2 � 0:15ð Þ�0:245¼ 0:749

Acc: Wankat/Kessler

ET ¼ 0:52782� 0:27511 � lgð1:2 � 0:15Þþ 0:0449 � lg 1:2 � 0:15ð Þð Þ2¼ 0:758

Example 9.2.4: Conversion from theoretical to practical trays

K ¼ 1:2 M ¼ 100 h ¼ 5 cm T ¼ 120 �C ¼ 393 �K q ¼ 0:7 g=cm3

Number of theoretical trays Ntheor = 25

ET ¼ 1
1þ 3:7�K�M

h�q�T
¼ 1

1þ 3:7�1:2�100
5�0:7�393

¼ 0:755

Nprac ¼ Ntheor

ET
¼ 25

0:755
¼ 33:
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Chapter 10
Fluid Dynamic Design of Random
Packings and Structured Packings
and the Determination of the HTU/HETP
Values

In random packing and structured packing columns the material exchange occurs
between the upwards streaming gas or vapour and the downwards streaming liquid
in a countercurrent system.

Allowable vapour and liquid loadings and pressure losses have to be determined.
Moreover, it is important to be able to determine which packing height, for a

calculated number of transfer units NTU or theoretical stages NT, is required.

10.1 Random Packed Columns

The most important parameters for this design are listed here:

HTU value = required packing height for a mass transfer unit NTU
HETP value = required packing height for a theoretical stage NT
Flooding factor = percentage capacity utilization
Pressure loss of vapour or gas when streaming through the column (mbar/m
packing)
Required minimum sprinkling rate (m3/m2h)
Miscellaneous: support grids, distributors, collectors, and installability.

Design guidelines for random packed columns

Ratio of column diameter/packing diameter � 10 : 1
Gas loading factor F ¼ w � ffiffiffi

q
p ¼ 2� 2:5

w = gases flow velocity (m/s)
q = gas density (kg/m3)
Liquid loading: 4–80 m3/m2 h
Recommended redistribution after 4-m packing height
Free-stream cross section of the distributor: >50% of the column cross section
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Free-stream cross section of the support grid: 80% of the column cross section
Pressure loss � 1–4 mbar/m, depending on the loading and type of packing.

A good liquid distribution is very important for efficiency [1]:
The authors recommend 100–200 feeding points per m2 with a uniform distri-

bution over the entire column cross section. The number of required droplet points
increases with increasing specific surface area of packing.

A good gas distribution at the inlet to the column improves effectiveness.
For a uniform gas distribution over the column cross section a minimum pres-

sure loss is required.
By installing modern high-performance packings in technical columns the fol-

lowing advantages are achievable:

High separation efficiency
Lower pressure loss
High throughput performance

The requirement in order to gain these advantages is a uniform gas and liquid
distribution in the column.

Specifically, you do not want large bottlenecks to occur at support grids or liquid
distributors for gas streaming (Fig. 10.1).

Dimensioning of a liquid distributor with the equation for the gravity outflow
is as follows

Liquid throughputVL

VL ¼ 7639:62 � n � d2i �
ffiffiffi
h

p
ðm3=hÞ

Required number of discharge tubes n

n ¼ VL

7639:62 � d2i �
ffiffiffi
h

p

Required liquid height h

h ¼ VL

7639:62 � d2i � n
� �2

ðmÞ

VL = liquid throughput through the hole distributor (m3/h)
di = inner diameter of the discharge pipes (m)
h = head of the liquid above the discharge pipes (m)
n = number of discharge pipes with di
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Fig. 10.1 Random packed column with internals according to Raschig and Jaeger
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Example 10.1.1: Design of a hole distributor

VL ¼ 2m3=h di ¼ 6:3mm h ¼ 170mm

n ¼ 2

7639:62 � 0:00632 � ffiffiffiffiffiffiffiffiffi
0:17

p ¼ 16 discharge tubes

h ¼ 2
7639:62 � 0:00632 � 16
� �2

¼ 0:17m

For other liquid rates you will have other heads above the outflow pipes:

Liquid flow (m3/h) Heads (mm liquid height)

2 170

1.6 109

1.0 42.5

0.8 27.2

In Fig. 10.2 a hole distributor is shown.
Remark: If the head h is chosen too small a non-uniform liquid distribution over
the column cross section may occur.

Requirement for gas distribution:
In order to prevent the free jet of incoming gas, with a half angle of 12°, spreading
and directly hitting the support grid with the stream, you need to ensure there is
sufficient space H between the inlet nozzle and the support grid.

Horizontal inlet nozzle (Fig. 10.3):
When the free jet hits the opposite wall the flow velocity wStr should be lowered

to 15% of the nozzle inlet velocity win.
Therefore, the required flow path x results as follows:

win

wStr
¼ 0:15 ¼ 3 � d

x
x ¼ 3 � d

0:15
¼ 20 � d

d = nozzle diameter (m)
D = column diameter (m)
win = nozzle inlet velocity (m/s)
wStr = free jet-flow velocity (m/s)
x = required flow length (m)

At a distance x = 100 * d a free jet separates.
This free flow length is mostly not used in practical columns.
Therefore, a pre-distributor is installed, according to Fig. 10.4.
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Vertical gas inlet nozzle (Fig. 10.5):
The gas inlet stream expands as a free jet with a half angle of 12° in the column.

The free jet should expand over the column diameter D before hitting the support
grid.

Fig. 10.2 Hole distributor for a random packed column
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The required height H for the free jet expansion results as follows:

H ¼ D=2
tg 12�

¼ D
2 � 0:213 ¼ 2:35 � D ðmÞ

By installing a gas pre-distributor the required height H is reduced (Fig. 10.6).

10.1.1 Calculation Methods for the Pressure Loss
in Random Packings [2–10]

The pressure loss in random packings is dependent on the gas and liquid loading.
With increasing gas velocity the pressure loss rises as it does with increasing

liquid loading.

Fig. 10.3 Horizontal gas
inlet

Pipe
distributor

Fig. 10.4 Pipe distributor
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A series of models for the pressure loss calculation exists which are listed in the
literature.

The different models give different results.
The authors recommend the use of a calculation program delivered by the

packing supplier.
In Fig. 10.7 the calculated pressure losses, as a function of the gas flow velocity

using different models for Pall rings sized at 50 mm, are shown.
It can be seen that with an increasing flow velocity the pressure loss rises

significantly and at higher liquid loading (70 m3/m2 h) a higher pressure loss
occurs.

Fig. 10.5 Vertical gas inlet

Pipe
distributor

Fig. 10.6 Pipe distributor
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In Fig. 10.8 the pressure losses of different metallic random packings for the
water/air system at atmospheric pressure are plotted as a function of the gas
velocity.

Result:
For different packings very different pressure losses result.

The curves for VSP 40 and VSP 25 show that the pressure loss for smaller
random packings is higher.

Fig. 10.7 Pressure losses of Pall rings according to different models in the cold wash of air
containing gasoline vapour with cold gasoline at −20 °C

Fig. 10.8 Pressure losses of different metallic random packings for a water/air system as a
function of the gas velocity in the column
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Calculation procedure for pressure loss determination according to Billet and
Schultes [3]

Calculation of the dry pressure loss:

Partikel diameter dP ¼ 6 � 1� e
a

ðmÞ

Wall Factor
1
K

¼ 1þ 2
3
� 1
1� e

� dP
DK

Gas Reynolds number ReG ¼ wG � dP
1� eð Þ � mG � K

Calculation ParameterWG ¼ CP � 64
ReG

þ 1:8
Re0:08G

� �
Gas Loading Factor F ¼ wG � ffiffiffiffiffiffi

qG
p

Dry Pressure loss
DP
H

� �
dry
¼ WG � a

e3
� F
2
� 1
K

ðPa/mÞ

Calculation of the pressure loss of sprinkled random packings:

Holdup of the packing hL ¼ 12 � gL � uL � a2
g � qL

� �1=3

Reynold number of the liquidReL ¼ uL � qL
a � gL

Calculation Factor fS ¼ exp
ReL
200

� �

Calculation ParameterWL ¼ WG � fS � e� hL
e

� �1:5

DP
H

� �
wet

¼ W2 � a

e� hLð Þ3 �
F2

2
� 1
K
ðPa/mÞ

a = packing surface area (m2/m3)
CP = packing characteristic number
e = porosity of the packing
qG = gas density (kg/m3)
DK = column diameter (m)
qL = liquid density (kg/m3)
wG = gas velocity (m/s)
mG = gas viscosity (m2/s)
uL = liquid velocity (m/s)
ηL = liquid viscosity (Pa)
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Example 10.1.1.1: Pressure loss calculation for 50-mm Pall rings according to
Billet and Schultes

a ¼ 112:6m2=m3 e ¼ 0:951 CP ¼ 0:763 DK ¼ 0:5m
gL ¼ 1mPa mG ¼ 15mm2=s qG ¼ 1:5 kg=m3 qL ¼ 780 kg=m3

Liquid loading (m3/m2h) 6.87 6.87 6.87 13.74 13.74

Gas velocity (m/s) 0.6 1 1.4 1.4 1.6

dP (m) 0.00261 0.00261 0.00261 0.00261 0.00261

1/K 1.071 1.071 1.071 1.071 1.071

ReG 1990 3317 4643 4643 5206

wG 0.7725 0.7327 0.7095 0.7095 0.7

F 0.735 1.22 1.71 1.71 1.96

uL (m/s) 0.00972 0.00972 0.00972 0.0194 0.0194

hL 0.0578 0.0578 0.0578 0.0728 0.0728

ReL 67.3 67.3 67.3 134.6 134.6

fS 1.4 1.4 1.4 1.96 1.96

wL 0.984 0.9339 0.9042 1.234 1.219

Dptdry (mbar/m) 0.292 0.77 1.46 1.46 1.88

Dpwet (mbar/m) 0.449 1.18 2.25 3.23 4.16

Figure 10.9 shows the result of a column calculation for a water wash for the
removal of ethanol from exhaust air using the Raschig Program.

10.1.2 Calculation of the HTU and HETP Values [8–14]

The HTU value is the required packing height for a mass transfer unit NTU.
The required total packing height for a separation results from the product: NTU

* HTU.
The different models used to calculate HTU values are listed in the literature.

The following data are used in the calculation of the HTU values

Equilibrium constant K = y/x
Gas loading (kmol/h)
Liquid loading (kmol/h)
Schmidt number
Packing characteristic numbers

The required packing heights for the gas side mass transfer HTUG, and the liquid
side mass transfer HTUL, are determined separately.

Figure 10.10 gives the HTU values calculated according to two models.
The required heights for the gas side mass transfer HTUG values decrease with

increasing liquid loading.
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The required heights for the liquid side mass transfer HTUL values increase with
increasing liquid loading.

The following material introduces some calculation models used to determine
HTU values.

Gas stream: Air with Ethanol vapors
Feed stream 8000 kg/h 
Gas density 1,2 kg/m³
Mol weight 29 
Viskosity 0,018 mPas 
Inlet concentration 5000 mg/m³ 
Outlet concentration 100 mg/m³
Temperature 30 °C

Liqid Stream: Water 
Volume stream 5 m³/h
Liqid density 1000 kg/m³
Mol weight 18 
Viskosity 1 mPas
Surface tension 72 mN/m 
Inlet concentration 0,0 mg/m³ 
Outlet concentration 6533 mg/l 
Temperature 22 °C

Absorbend Ethanol
Mol weight 46 
Henry constant 480 * 10-3

Stripping Factor 0,477
Diffusion coefficient Gas 1,27 * 10-5 m²/s
Diffusion coefficient Liquid 1,23 * 10-9 m²/s

Column diameter 906 mm
Sprinkling rate 7,8 m³/m²h
Flood factor 60 %
Pressure Drop 2,4 mbar/m packing

NTUOL 3 
HTUOL 1,7 m 
NT 4,4
HETP 1,16 m
Packing height 5,1 m
Total Pressure Loss 12,2 mbar
Chosen 15 mbar

Fig. 10.9 Calculation of a
water wash for exhaust air
containing ethanol using the
Raschig program [7]

10.1 Random Packed Columns 339



HTU-Calculation acc. Billet/Mackowiak
Gas Loading Factor F ¼ wG � ffiffiffiffiffiffi

qG
p

Mass Transfer Coefficient in the gas phase

bG � aph ¼ C � Fn � uqL � D0:67
G ð1=sÞ

HTUG ¼ wG

bG � aph ðm)

bL � aph ¼ C0 � unL � DLð1=s)
HTUL ¼ uL

bL � aph
ðmÞ

Stripping factor S ¼ K � G
L

HTUOG ¼ HTUG þ S � HTUL

HETP ¼ HTUOG � ln S
S� 1

Required Packing data: C, C0 and the exponents m, n, q

HTU-Calculation acc. Fair/Bolles:

HTUG ¼
W � mG

DG

� �0:5
� DK

0:305

� �m� LFull
3:05

� � � 0:305
L

4:88 � gL � 1000ð Þ0:16� 1000
qL

� ��1:25
� rL

0:0728

� ��0:8
	 
n ðmÞ

L ¼ uL � 3600 � qL
HTUL ¼ U � Cfl � LFull

3:05

� �0:15

� mL
DL

� �0:5

�0:305ðmÞ

Required Packing Data: U, W, e, d, Cfl, m, n
HTU-Calculation acc. Onda:

aph
a

¼ 1� exp �1:45 � rc
r

� �0:75
� uL

a � mL

� �0:1

� u2L � a
g

� ��0:05

� u2L � qL
rL � a

� �0:2
" #

bG � aPH ¼ 5:23 � DG

da

� �
� mG

DG

� �0:33

� wG

a � mG

� �0:7

� 1
da

HTUG ¼ wG

bG � aPh ðmÞ

bL ¼ 0:051 � DL

da

� �
� da3 � g

m2L

� �0:33

� uL
a � mL

� �0:67

� aPh
a

� ��0:67
� mL

DL

� �0:5

�ða � daÞ0:4

bL � aPh ¼ bL �
aPh
a

� �
� a

HTUL ¼ uL
b�LaPh

ðmÞ
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Required packing data: da, e, a and the critical surface tension

a = packing surface (m2/m3)
aPh = phase contact area (m2/m3)
DG = gas diffusion coefficient (m2/s)
DL = liquid diffusion coefficient (m2/s)
DK = column diameter (m)
da = packing diameter (m)
G = gas loading (kmol/h)
K = y/x = equilibrium constant
L = liquid loading (kmol/h)
uL = liquid velocity (m/s)
wG = gas velocity (m/s)
ηL = dynamic liquid viscosity (Pa)
e = porosity of the packing (fraction)
mG = kinematic gas viscosity (m2/s)
qG = gas density (kg/m3)
qL = liquid density (kg/m3)
rL = surface tension (N/m).

Fig. 10.10 Required heights for the gas side, and liquid side, mass transfer as a function of liquid
loading
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Example 10.1.2.1: Calculation of the HTU and the HETP Values for Metal
50-mm PALL Rings

Physical Data:

qG ¼ 1:54 kg/m3 qL ¼ 780 kg/m3 mG ¼ 7� 10�6 m2=s mL ¼ 1� 10�6 m2=s
DG ¼ 7� 10�6 m2=s DL ¼ 1� 10�9 m2=s rL ¼ 0:03N/m
DK ¼ 0:5m WG ¼ 0:6m/s uL ¼ 35m3=m2h ¼ 0:00972m3=m2s ¼ 0:00972m/s
G ¼ 22:5 kmol/h L ¼ 72:4 kmol/h K ¼ 0:45

Calculation acc. Billet/Mackowiak for metal pallrings 50 mm:

Packing Data:

da ¼ 0:05m a ¼ 112:6m2 € ¼ 0951

C ¼ 1:904� 104 m ¼ 0:815 n ¼ 0:77 q ¼ 0:26 C0 ¼ 1:88� 104

F ¼ 0:6 �
ffiffiffiffiffiffiffiffiffi
1:54

p
¼ 0:7446

bG � aPh ¼ 1:904� 104 � 0:77460:77 � 0:009720:26 � 7� 10�6� �0:67¼ 1:61=s

HTUG ¼ 0:6
1:6

¼ 0:375m

bL � aPh ¼ 1:88� 104 � 0:009720:815 � 10�9� �0:5¼ 0:0136

HTUL ¼ 0:00972
0:0136

¼ 0:71m

S ¼ 0:45 � 22:5
72:4

¼ 0:1398

HTUOG ¼ 0:375þ 0:1398 � 0:71 ¼ 0:475m

HETP ¼ 0:475 � ln 0:1398
0:1398� 1

¼ 1:08m

Calculation acc. Fair/Bolles for metal pallrings 50 mm:
Packing Data:

da ¼ 0:05m Lfull ¼ 3m W ¼ 140 U ¼ 0:06 Cfl ¼ 1

m¼ 1:24 n ¼ 0:6
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L ¼ 0:00972 � 3600 � 780 ¼ 27;294 kg=h

HTUG ¼
140 � 7�10�6

7�10�6

� �0:5
� 0:5

0:305

� �1:24� 3
3:05

� �1=3�0:305
27294
4:88 � 0:78� 10�3 � 1000ð Þ0:16� 1000

780

� ��1:25� 0:03
0:0728

� ��0:8
h i0:6 ¼ 0:356m

HTUL ¼ 0:09 � 1:0 � 3
3:05

� �0:15

� 10�6

10�9

� �0:5

� 0:305 ¼ 0:866m

HTUOG ¼ 0:356þ 0:1398 � 0:866 ¼ 0:477m

HETP ¼ 0:477 � ln 0:1398
0:1398� 1

¼ 1:09m

Calculation acc. Onda for metal Pallrings 50 mm:

Packing Data

da ¼ 0:05m € ¼ 0:951 a ¼ 112:6m2=m3 rc ¼ 0:072N=m

aph
a

¼1� exp �1:45 � 0:072
0:03

� �0:75

� 0:00972
112:6� 10�6

� �0:1
"

� 0:00972 � 112:6
9:81

� ��0:05

� 0:00972 � 780
0:03 � 112:6

� �0:2
#

aPh
a

¼ 0:9426

bG ¼ 5:23 � 7� 10�6

0:05

� �
� 7� 10�6

7� 10�6

� �0:33

� 0:6
112:6 � 7� 10�6

� �0:7

� 1
0:05

¼ 1:523

HTUG ¼ 0:6
1:523

¼ 0:394m

bL ¼ 0:0051 � 10�9

0:05

� �
� 0:052 � 9:81

10�6ð Þ2
 !0:33

� 0:00972
112:6� 10�6

� �0:67

� ð0:9426Þ�0:67

� 10�6

10�9

� �0:5

� 112:6 � 0:05ð Þ0:5¼ 0:001326

bL � aPh ¼ 0:0001326 � 0:9426 � 112:6 ¼ 0:0141

HTUL ¼ 0:00972
0:0141

¼ 0:689m

HTUOG ¼ 0:394þ 0:1398 � 0:689 ¼ 0:49m

HETP ¼ 0:49 � ln 0:1398
0:1398� 1

¼ 1:12m

The total height HTUOG or HTUOl is determined, from both HTUG for the gas
side and HTUL for the liquid side, whilst considering the gas side and liquid side
mass transfer resistances.
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HTUOG ¼ HTUG þ m � G
L

� HTUL ðmÞ ð10:1Þ

HTUOL ¼ HTUL þ L
m � G � HTUG ðmÞ ð10:2Þ

The packing height for a theoretical stage is called the HETP value.
The HETP values can be calculated from the HTUOG or the HTUOL value.

HETP ¼ ln S
S� 1

� HTUOG ðmÞ

HETP ¼ S � ln S
S� 1

� HTUOL ðmÞ

S ¼ m � G
L

G = gas loading (kmol/h)
L = liquid loading (kmol/h)
m = y/x = slope of the equilibrium line

From the Eqs. (10.1) and (10.2) the following can be derived:
If the slope of the equation line m is small, for instance in absorbing, then the
HTUG determines to a great extent the HTUOG value.

The material transport is controlled by gas phase resistance.
If the slope of the equilibrium line m is high, for instance in stripping, then the

HTUL value determines the height of HTUOL.
The liquid phase resistance controls the material transfer.
Figure 10.11 plots the HTUOG values that are calculated according to different

models depending on the gas flow velocity in the column.

Fig. 10.11 HTUOG values according to different models for 50-mm pall rings depending on the
gas velocity in the column
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Example 10.1.2.1: Calculation of HTUOG, HTUOL, and the HETP values.

G ¼ 34 kmol=h L ¼ 500 kmol=h HTUG ¼ 0:5m HTUL ¼ 0:3m

Calculation for the gas side with m = 0.3:

S ¼ 0:3 � 34
500

¼ 0:0204

HTUOG ¼ 0:5þ 0:0204 � 0:3 ¼ 0:506m

HETP ¼ 0:506 � ln 0:0204
0:0204� 1

¼ 2:01m

Calculation for the liquid side with m = 100

S ¼ 100 � 34
500

¼ 6:8

HTUOL ¼ 0:3þ 1
6:8

� 0:5 ¼ 0:37m

HETP ¼ 0:37 � 6:8 � ln 6:8
6:8� 1

¼ 0:83m

From the calculated values of HTUG and HTUL the distribution of the mass
transfer resistance on the gas and liquid phases can be determined.

RDF ¼ HTUG

S � HTUL

RDF > 1 ! the gas phase resistance determines the mass transfer
RDF < 1 ! the liquid phase resistance controls the mass transfer.

Example 10.1.2.2: Which resistance determines the mass transfer?

ðaÞ HTUG ¼ 0:5m HTUL ¼ 0:3m S ¼ 0:0204 RDF ¼ 81:7

The gas side mass transfer is the determining factor.
The resistance for the mass transfer lies in the gas phase if in the absorption the

gases are reasonably soluble and are of minor m values or if in the chemical wash
the reactions are irreversibly fast.

Examples: NH3 in H2O, SO2 in H2O, SO2 in alkali, HCl in H2O, and H2S in H2O.

ðbÞ HTUG ¼ 0:5m HTUL ¼ 0:3m S ¼ 6:8 RDF ¼ 0:245

The liquid phase resistance is the determining factor.
With poor soluble gases with large m values or slow reversible reactions the

main resistance lies in the liquid phase.
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Examples: CO2 in H2O, CO2 in NaOH, Cl2 in H2O, O2 in H2O, and H2 in H2O.
The HTU values given in Figs. 10.10 and 10.11 were determined on the fol-

lowing basis data for a cold gasoline wash.

Gas data: air with gasoline vapour

Gas density qG ¼ 1:54 kg=m3 M ¼ 29
Gas viscosity mG = 7 mm2/s
Gas diffusion coefficient DG = 7 � 10−6 m2/s
Schmidt number ScG = 1
Slope of equilibrium line m = 0.45

Liquid data: cold liquid gasoline

Liquid density qL ¼ 780 kg=m3 M ¼ 74
Liquid viscosity mL = 1 mm2/s
Liquid diffusion coefficient DL = 1 � 10−9

Surface tension rL = 0.03 N/m
Schmidt number ScL = 1000

Table 10.1–10.4 contains the HTU and HETP values calculated using different
models as a function of the liquid loading of the packings listed for a gas flow
velocity of 0.75 m/s (G = 28.2 kmol/h).

The HTUL values increase with an increasing liquid loading of 41.4–144.9 kmol/h.
The HTUOV = HTUOG values drop with increasing liquid loading uL.
According to Schultes, Fair and Bolles, and Billet and Mackowiak the HETP
values fall with increasing liquid loading.
According to Onda the HETP values rise along with the liquid loading.
The deviations between the results according to the different models are substantial.
With a lower m value the differences become even larger, for instance, for
m = 0.1:

According to Schultes (m) According to Onda (m)

HTUOG 0.215–0.124 0.458–0.437

HETP 0.62–0.499 1.32–1.75

The HETP values converted from the HTU values are given in Fig. 10.12.
HETP = required packing height for a theoretical stage.

Table 10.1 Calculation according to Schultes [12]

uL (m3/m2 h) 20 30 40 50 60 70

HTUL (m) 0.381 0.425 0.459 0.486 0.513 0.533

HTUV (m) 0.189 0.161 0.143 0.130 0.122 0.114

HTUOV (m) 0.306 0.248 0.213 0.190 0.174 0.161

HETP (m) 0.521 0.495 0.472 0.454 0.442 0.430
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Table 10.2 Calculation according to Billet and Mackowiak [8]

uL (m3/m2 h) 20 30 40 50 60 70

HTUL (m) 0.644 0.694 0.731 0.763 0.790 0.810

HTUV (m) 0.457 0.410 0.381 0.361 0.342 0.329

HTUOV (m) 0.655 0.552 0.493 0.455 0.423 0.400

HETP (m) 1.12 1.10 1.093 1.087 1.08 1.07

Table 10.3 Calculation according to Fair and Bolles [10]

uL(m
3/m2 h) 20 30 40 50 60 70

HTUL (m) 0.770 0.866 0.938 1.01 1.06 1.11

HTUV (m) 0.344 0.269 0.227 0.198 0.178 0.162

HTUOV (m) 0.452 0.390 0.358 0.339 0.326 0.317

HETP (m) 1.03 0.892 0.819 0.775 0.746 0.725

Table 10.4 Calculation according to Onda [9]

uL (m3/m2 h) 20 30 40 50 60 70

HTUL (m) 0.545 0.613 0.712 0.720 0.761 0.800

HTUV (m) 0.421 0.421 0.421 0.421 0.421 0.421

HTUOV (m) 0.588 0.546 0.530 0.510 0.499 0.491

HETP (m) 1.00 1.09 1.17 1.22 1.27 1.31

Fig. 10.12 Calculated HETP values according to different models for a cold gasoline wash
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Clearly, different HETP values result from the calculations using the different
models.

Figure 10.13 gives the HTUOG values which are calculated according to five
models as function of the liquid loading.

With increasing liquid loading HTUOG values drop.
Figure 10.14 shows the influence of the gas flow velocity at two different liquid

loadings.

Fig. 10.13 HTUOG values according to different models as a function of the liquid loading

Fig. 10.14 HTUOG values according to different models with different liquid loadings as a
function of the gas velocity in the column
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With increasing gas velocity the HTUOG values rise whereas with higher liquid
loading the values reduce.

Figures 10.15 and 10.16 show the results of an optimization study for a steam
stripper for stripping out high boiling aromatic hydrocarbons from a waste water
stream.

Figure 10.15 shows that the HTUOL values drop with increasing equilibrium
constant K.

Figure 10.16 shows the influence of the stripping steam rate and the liquid
loading on the

HTUOG, the HTUOL, and the HETP values.

• The HTUOL value falls with increasing stripping steam rate and the HTUOG

value rises.
• With a liquid loading of 15 t/h the HTUOG value is lower than at 10 t/h.
• The HTUOL values are lower at a lower liquid rate.
• At a higher liquid loading of 15 t/h the HETP value is a little lower than at

10 t/h.

Equilibrium constant k

500 kg/h steam for 15 t/h water

200 kg/h steam for 5 t/h water

Fig. 10.15 HTUOL values as
a function of the equilibrium
factor K
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A most important parameter in the determination of the HTU values is the
Schmidt number Sc which is defined as the quotient of the kinematic viscosity and
the diffusion coefficient.

Using the Schmidt number allows the HTU values to be converted to compa-
rable conditions.

Sc ¼ m
D

¼ g
q � D

Gas side: ScG ¼ mG
DG

¼ gG
qG � DG

Liquid side ScL ¼ mL
DL

¼ gL
qL � DL

HTUOG for 10 t/h

HTUOG for 15 t/h

HTUOL for 10 t/h

HTUOLfor 15 t/h

HETP for 10 t/h

HETP for 15 t/h

Fig. 10.16 HTU and HETP values as a function of the stripping steam rate for 10 t/h and 15 t/h
liquid loadings
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For other components with other physical data the HTU values can be converted
using the Schmidt numbers for the gas and the liquid side.

HTUG2 ¼ HTUG1 �
ffiffiffiffiffiffiffiffiffi
ScG2
ScG1

r
ðmÞ

HTUL2 ¼ HTUL1 �
ffiffiffiffiffiffiffiffiffi
ScL2
ScL1

r
ðmÞ

D = diffusion coefficient (m2/s)
DG = gas side diffusion coefficient (m2/s)
DL = liquid side diffusion coefficient (m2/s)
ScG1 = gas side Schmidt number for the known HTUG1 value
ScG2 = schmidt number of the new component on the gas side
ScL1 = liquid side Schmidt number for the known HTUL1 value
ScL2 = Schmidt number of the new component on the liquid side
η = dynamic viscosity (Pa)
m = kinematic viscosity (m2/s)
q = density (kg/m3)

In the following text some Schmidt numbers for absorptions in water are listed:

Temp.
(°C)

mG
(10−6 m2/s)

DG

(10−6 m2/s)
ScG mL

(10−6 m2/s)
DL

(10−9 m2/s)
ScL

Ammonia–air/water 20 15.1 23.8 0.633 1.03 1.72 598

Acetone–air/water 27 15.6 10.8 1.44 0.86 1.18 728

Methanol–air/water 27 15.6 16.5 0.95 0.86 1.44 597

Example 10.1.2.3: Conversion of the HTU values using the Schmidt number

(a) Gas side conversion:

HTUG1 ¼ 0:5m ScG1 ¼ 1

Data of the new component:

mG2 ¼ 2:0� 10�6 m2=s DG2 ¼ 4:7� 10�6 m2=s

ScG2 ¼ mG2
DG2

¼ 2� 10�6

4:7� 10�6 ¼ 0:425

HTUG2 ¼ 0:5 �
ffiffiffiffiffiffiffiffiffiffiffi
0:425
1

r
¼ 0:326 m
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(b) Liquid side conversion:

HTUL1 ¼ 0:4 ScL1 ¼ 1000

Data of the new component:

mL2 ¼ 0:7� 10�6 m2=s DL2 ¼ 5� 10�9 m2=s

ScL2 ¼ 0:7� 10�6

3� 10�9 ¼ 233

HTUL2 ¼ 0:4 �
ffiffiffiffiffiffiffiffiffiffi
233
1000

r
¼ 0:19m

(c) Calculation of the HTUOG values and the HETP values for S = 0.2:

HTUOOG1 = HTUG1 þ S � HTUL1 ¼ 0:5þ 0:2 � 0:4 ¼ 0:58m

HTUOOG2 = HTUG2 þ S � HTUL2 ¼ 0:326þ 0:2 � 0:19 ¼ 0:36m

HETP1 = HTUOG1 � ln S
S� 1

¼ 0:58 � ln 0:2
0:2� 1

¼ 1:17m

HETP2 = HTUOG2 � ln S
S� 1

¼ 0:36 � ln 0:2
0:2� 1

¼ 0:72m

Diffusion coefficients (cm2/s) and Schmidt number of some vapour in air at 25 °C:

Gas CO2 Methanol Propanol Benzene Toluene Chlorobenzene Chlorotoluene

DG 0.164 0.159 0.1 0.088 0.084 0.073 0.065

ScG 0.94 0.97 1.55 1.76 1.84 2.12 2.38

Figures 10.17 and 10.18 shows the Schmidt numbers of some components in
gases and liquids.

Figure 10.19 plots the diffusion coefficients according to the different models for
diffusion in gases at 1 bar [15].

The diffusion coefficient rises with rising temperature (Fig. 10.20) and
decreasing pressure (Fig. 10.21).

Figure 10.22 shows the diffusion coefficients in liquids as a function of the
temperature calculated using different models [16].

The diffusion coefficients for diffusion in liquids rise with increasing temperature
and decreasing viscosity (Fig. 10.23).

The dynamic viscosity of gases and vapour rises with temperature (Fig. 10.24).
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Fig. 10.17 Schmidt numbers for diffusion in gases as a function of temperature

Fig. 10.18 Schmidt numbers for diffusion in liquids as a function of temperature
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Fig. 10.19 Diffusion coefficients for the diffusion of ethane in hexane vapour according to
different models as a function of temperature

Fig. 10.20 Diffusion coefficients of gases according to Fuller as a function of temperature
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Fig. 10.21 Diffusion coefficient of butane in pentane at 50 °C as a function of pressure

Fig. 10.22 Diffusion coefficient of liquid cyclohexane in benzene using different models at
different temperatures
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Fig. 10.23 Diffusion coefficients of butane in liquid heptane as a function of liquid viscosity

Fig. 10.24 Dynamic viscosity of some vapour as a function of temperature
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10.2 Columns with Structured Packing

Figure 10.25 shows a structured, packed column by the “Sulzer” Company.

Advantages of the structured packing:

Lower pressure losses.
Higher separation efficiencies than with trays.
Larger throughput capacity than with trays.
Wider operation range than with trays.
Lower liquid content, meaning lower “hold up”.

The most important design criteria are:

HETP values (m packing height per theoretical stage).
Pressure losses (mbar/m packing height).
Flood loading (% capacity utilization).
Spray rate (m3 liquid/m2 h).

Reflux line

Liquid distributor

Bed limiter

Support plate

Liquid collector

Feed line
Liquid distributor

Bed limiter

Support plate

Vapour inlet

Column with sulzer
structured packings

Fig. 10.25 Structured,
packed column with internals
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Design guideline for structured packings:

Gas loading factor F = 2–2.5.
Liquid loading: 1–100 m3/m2h.
Liquid distribution: 100–200 droplet points per m2.
Free streaming cross section at the distributors: >50% of the column cross section.
Free streaming cross section at the support grids: 80% of the column cross section.
Maximum packing height: 15–20 theoretical stages.
Redistribution in metal sheet structured packings after 4–5 m.
Redistribution in wire gauze packings after 5–7 m.
Construction height of a collector–distributor: depending on the column diameter.

Theoretical stages: approximately five theoretical stages in wire gauze packings;
Approximately 2.5 theoretical stages in sheet metal structured packings.
Gas distribution: by a pre-distribution, for instance in a chimney tray [1].
A poor liquid distribution and a non-uniform gas flow influence strongly, i.e.,

hinder, the separation efficiency.
The HETP values and the pressure losses are dependent on the gas and the liquid

loading and the physical data.

Disadvantages of structured packings:

High tolerance requirements and high costs.
Less suitable for dirty feed products.
Less suitable for multi-phase liquids.
Less suitable for columns with several side draws.
Ignition danger for explosive air–solvent mixtures on hot wire mesh.

Selection criteria:

• For vacuum distillation in which a high number of trays and a lower pressure
loss is required an expensive fabric structured packing should be chosen.

• For large throughput capacities and low pressure losses a sheet metal structured
packing can be used.

• For high liquid loadings in the stripping section random packings are very
suitable because the film thickness is smaller than on the sheet metal structured
packing.

In individual cases the design is based on the diagrams delivered by the vendor,
including the separation efficiency for test mixtures and the pressure loss curves.

Furthermore there are suppliers (Montz, Raschig, Sulzer) of calculation pro-
grams for hydraulic designs.

“Anstaupacking” is now under development in which two different package
sizes are installed [17] for the improvement of separation effectiveness.

In the smaller package the liquid is accumulated and a bubble layer is created.
Such optimization trials restrict flexibility.
Often however it is reasonable to vary the package sizes in the column if the hydraulic

conditions are very different, for instance in the rectification and stripping sections.

358 10 Fluid Dynamic Design of Random Packings and Structured Packings …



Example 10.2.1: Separation of a binary mixture in a packed column
The required separation is specified in the following mass balance.

Component Feed F Distillate D Bottoms draw B

(kmol/h) (molfr.) (kmol/h) (molfr.) (kmol/h) (molfr.)

Light comp. 50 0.5 49.45 0.999 0.55 0.01

Heavy comp. 50 0.5 0.05 0.001 49.95 0.99

100 1.0 49.5 1.000 50.5 1.00

Relative volatility a = 1.2
Minimum reflux ratio:

Rmin = 9.98 at a liquid feed with bubble point temperature
Rmin = 11 at a vapour feed with dew point temperature

Required number of theoretical stages at different reflux:

Liquid feed Vapour feed

R/Rmin NV NS Ntot NV NS Ntot

1.4 63.6 43.1 106.8 61.7 42 103.7

1.6 58.1 39.2 97.3 56.8 38.2 95

1.8 54.7 36.9 91.6 53.6 35.8 89.4

2.0 52.2 35.2 87.4 51.4 34.2 85.6

2.2 50.4 34 84.4 49.7 33 82.7

2.4 49 33 82 48.4 32.1 80.5

Column loading Liquid feed Vapour feed

Reflux ratio R 20 22

Distillate D (kmol/h) 49.5 49.5

Vapour flow VV (kmol/h) 1040 1140

Liquid LV (kmol/h) 990 1090

Vapour flow VS (kmol/h) 1040 1040

Liquid LS (kmol/h) 1090 1090

Bottoms draw B (kmol/h) 50.5 50.5

VV = vapour flow in the rectification section (kmol/h)
NS = stripping trays
LV = liquid flow in the rectification section (kmol/h)
NV = rectification trays
VS = vapour flow in the stripping section (kmol/h)
LS = liquid flow in the stripping section (kmol/h)
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Example 10.2.2: Column design for the liquid feed at bubble point
temperature

Rectification section:

qD ¼ 3:2 kg=m3 qL ¼ 760 kg=m3 M ¼ 100 kg=kmol

VV ¼ 1040 kmol/h ¼ 1040 � 100 ¼ 104;000 kg/h ¼ 104;000m3=h

3:2 kg/m3 ¼ 32;500m3=h

LV ¼ 990 kmol/h ¼ 990 � 100 ¼ 99;000 kg/h ¼ 99;000
760

¼ 130:3m3=h

Calculation of the required column diameter Dreq for F = 2.2:

F ¼ wD � ffiffiffiffiffiffi
qD

p ¼ 2:2 wD ¼ 2:2ffiffiffiffiffiffiffi
3:2

p ¼ 1:22m/s

A ¼ VVðm3=hÞ
3600 � wDðm/sÞ ¼

32;500
3600 � 1:22 ¼ 7:4m2

Dreq ¼
ffiffiffiffiffiffiffiffiffiffiffi
A � 4

p

r
¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
7:4 � 4

p

r
¼ 3:06m

Checking the liquid loading BL of the structured packing:

BL ¼ LVðm3=hÞ
Aðm2Þ ¼ 130:3

7:4
¼ 17:6m3=m2h

Stripping section:

qD ¼ 3:3 kg=m3 qL ¼ 770 kg=m3 M ¼ 120 kg=kmol

VS ¼ 1040 kmol/h ¼ 1040 � 120 ¼ 124;800 kg/h ¼ 124;800m3=h

3:3 kg/m3 ¼ 37;818m3=h

LS ¼ 1090 kmol/h ¼ 1090 � 120 ¼ 130;000 kg/h ¼ 130;000
770

¼ 169:9m3=h

Calculation of the required column diameter Dreq for F = 2.2:

F ¼ wD � ffiffiffiffiffiffi
qD

p ¼ 2:2 wD ¼ 2:2ffiffiffiffiffiffiffi
3:3

p ¼ 1:21m/s

A ¼ VVðm3=hÞ
3600 � wDðm/sÞ ¼

37;818
3600 � 1:21 ¼ 8:68m2

Dreq ¼
ffiffiffiffiffiffiffiffiffiffiffi
A � 4

p

r
¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
8:68 � 4

p

r
¼ 3:3m
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Checking the liquid loading BL of the structured packing:

BL ¼ LSðm3=hÞ
Aðm2Þ ¼ 169:9

8:68
¼ 19:6m3=m2h

Conclusion: the stripping section requires a larger diameter than for the rectifica-
tion section.

Example 10.2.3: Column design for the vapour feed at dew point temperature
For a vapour feed to the column the vapour and liquid loadings in the rectification
section are larger than for the liquid feed.

VL ¼ 1140 kmol/h ¼ 1140 � 100 ¼ 114;000 kg/h ¼ 114;000m3=h

3:2 kg/m3 ¼ 35;625m3=h

LV ¼ 1090 kmol/h ¼ 1090 � 100 ¼ 109;000 kg/h ¼ 109;000
760

¼ 142:4m3=h

Calculation of the required column diameter Dreq for F = 2.2:

F ¼ wD � ffiffiffiffiffiffi
qD

p ¼ 2:2 wD ¼ 2:2ffiffiffiffiffiffiffi
3:2

p ¼ 1:22m/s

A ¼ VVðm3=hÞ
3600 � wDðm/sÞ ¼

35;625
3600 � 1:22 ¼ 8:11m2

Dreq ¼
ffiffiffiffiffiffiffiffiffiffiffi
A � 4

p

r
¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
8:11 � 4

p

r
¼ 3:21m

Summary: For a vapour feed a larger column diameter is required in the rectifi-
cation section than for the liquid feed.

If different packings are used then different required column diameters and
different required packing heights for the trays result.
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Rectification:

NV = 52 theoretical stages

Packing Dreq (m) Hreq (m) F value HETP DP (mbar/m)

250 Y 3.2 20.8 2.2 2.5 1.9 (39.5 mbar)

250 X 2.8 26 2.7 2 1.6 (41.6 mbar)

350 Y 3.45 14.9 1.7 3.5 1.9 (28.3 mbar)

350 X 3.03 19.3 2.2 2.7 2 (38.6 mbar)

500 Y 3.78 13 1.4 4 2.1 (27.3 mbar)

500 X 3.32 17.3 1.9 3 2 (34.6 mbar)

BX 3.3 13 1.9 4 2.3 (29.9 mbar)

Stripping section:
NS = 35 theoretical stages

Packing Dreq (m) Hreq (m) F value HETP DP (mbar/m)

250 Y 3.34 14 2 2.5 2.1 (29.4 mbar)

250 X 2.9 17.5 2.7 2 1.8 (31.5 mbar)

350 Y 3.64 10 1.7 3.5 1.9 (19.0 mbar)

350 X 3.17 13 2.2 2.7 2 (26.0 mbar)

500 Y 4 8.75 1.4 4 2.1 (18.4 mbar)

500 X 3.5 11.7 1.8 3 2 (23.4 mbar)

BX 3.5 8.7 1.8 4 2.3 (20.0 mbar)
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Chapter 11
Demister Design
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11.1 Why Use Demisters?

• To reducing material losses in absorbers, evaporators, and distillation columns,
e.g., for reducing glycol or amine losses in natural gas treatment.

• To improve product quality in distillation plants because contamination by
entrained droplets is eliminated.

• To avoiding corrosion in the downstream process units through corrosive liquid
droplets.

• To protect compressors against liquid droplets.
• To reducing droplet emissions.
• To relieve vacuum pumps.

11.2 Droplet Separation in Gravity, Wire Mesh,
and Lamella Separators

For droplet separation both vertical and horizontal separators can be used.
In vertically streamed separators the fall velocity wFall of the droplets must be

larger than the upwards directed gas stream velocity wG.

wFall [wG

In this type of design 50–75% droplet fall velocity is used.

wG ¼ 0:5 bis 0:75 � wFall

In horizontally streamed separators the fall or settling time tFall for a falling
height h must be smaller than the residence time of the streaming gases tres in the
separator.

tFall ¼ h
wFall

� tres ¼ L
wG

h = gas height above the liquid in the separator (m)
L = separator length (m)
wFall = fall velocity of droplets (m/s)
wG = flow velocity of the gas in the separator

To improve droplet separation at higher gas flow velocities separation aids are
used.
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The different types of demisters are listed in the following text with limiting
droplet size and pressure drop included.

Up to the limiting droplet diameter all droplets are completely separated.

Separator type Limit droplet (lm) Pressure loss (mbar)

Gravity 300–400 <1

Wire mesh 5–10 1–2

Vertical lamella separator 30–40 1

Horizontal lamella separator 10–30 2–10

Microfibre 1–3 5–50

Spin vane separator 50–100 6–15

Zyclon 30–50 10–50

With the exception of microfibre separators the droplets are removed from the
gas stream by mechanically operating separators, for instance by gravitational and
centrifugal force or inertia.

The different separator mechanisms are shown in Fig. 11.1.
In the following text the most important parameters for separation rate A are

discussed.

Inertia separators

Sluggish droplets do not follow the gas stream around the barriers but rather they
cross the gas stream and hit the wires of the wire mesh separator or the wall of a
lamella separator. This enlarges the droplets. Larger droplets fall faster and are
separated more easily.

A ¼ f
K � .fl � wG � d2
18 � gG � dF

� �

A = separator efficiency
d = droplet diameter
dF = wire or fibre diameter
K = Cunningham factor (>15 l = 1)
wG = gas flow velocity
ηG = gas viscosity
.Fl = liquid density.

Droplet separation improves with increasing flow velocity, increasing dro-
plet diameter, and decreasing wire or fibre diameter.

A minimum velocity is required in order to activate the inertia effect.
On the other hand a maximum velocity must not be exceeded in order to avoid

the re-entrainment of the constructed, large droplets.
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Separation by contact and collision for large droplets

When flowing through narrow tunnels the droplets come into contact with the
surface area of the wires, fibres, or lamella plates and remain attached to them.

The separation rate A is dependent on the quotient droplet diameter d to fibre
diameter dF.

A ¼ f
d
dF

� �

Larger droplets and thinner wires or fibres improve the separation.

CollisionInertia Diffusion

Wire mesh and fibre separators

Vertical

Horizontal

Lamella separators

Fig. 11.1 Separator mechanisms in demisters
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Separation by diffusion for small droplets

Due to the larger diffusion velocity of the minimum droplets across the flow
direction a better contact with the fibres occurs.

The separation rate A is dependent on the ratio d/dF and the gas flow velocity.

A ¼ f
d

wG � dF

� �

The separation improves with decreasing flow velocity and decreasing fibre
diameter.

Demister construction types

Wire mesh packets from wires with 0.1–0.28 mm diameters are mostly used.
The packages have a depth of 100–300 mm.
The wire mesh demister is an impingement separator. When streaming through

the wire mesh the gas must stream around a number of thin wires.
The heavy droplets cannot escape due to the inertia and they hit the wires. The

droplets build a film and flow downwards as large droplets.
The wire mesh demister is especially suitable for separation of small droplets in

the region of 5–10 lm.
In vertically streamed separators the allowable flow velocity is lower due to the

countercurrent flow of gas and liquid rather than with the horizontally streamed
wire meshes.

Lamella separators are advantageous for larger liquid loadings and in cases of
fouling risk.

Additionally, the gas throughput capacity is essentially higher than in wire mesh
separators which tend to flood at high liquid loadings and flow veloctites.

Droplet separation occurs by inertia because the droplets do not follow the gas
stream, instead they hit the plates when streaming through the wavy, zigzag lamella
packages.

In the vertically arranged lamella package the liquid runs off in the opposite
direction to the gas, in other words countercurrent downwards.

In the horizontally streamed lamella packages the liquid is collected with “hook
plates” and directed downwards.

Therefore, the gas capacity for a horizontal arrangement is greater because the
likelihood of re-entrainments is less.

Microfibre separators, with fibre diameters <0.02 mm, are used as diffusion or
inertia separators.

Due to the thinness of the fibres the small droplets are better separated in inertia
separators to droplet sizes of 1 lm.

In these separators gas and liquid streams horizontally through the fibre filter.
Vertically upward streaming is avoided. This is because due to the large specific

surface area in these separators flooding can easily occur.
In their use as inertia separators, higher flow velocities are required or are more

allowable than with diffusion separators.
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Cylindrical inertia separators: 1–2 m/s
Cylindrical diffusion separators: 0.05–0.2 m/s
Fibre mat, inertia separators: 2–3 m/s

With diffusion separators only low flow velocities are allowed, so large flow
cross sections must be installed.

11.2.1 Allowable Gas Flow Velocities

The allowable flow velocities wallow in demisters are calculated as follows:

wallow ¼ K �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1Þ

The design velocity wdes should lie at 75%: wdes ¼ 0:75 * wallow

The minimum flow velocity lies at 30%: wmin ¼ 0:3 * wallow

In the following text the equations for the determination of the allowable flow
velocity in different separators are listed [1–4].

Vertical gravity separator without internals, K � 0.033–0.05:

wallow ¼ 0:04 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1aÞ

Vertical separator with wire mesh demister:

wallow ¼ 0:106 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1bÞ

Other K values are valid for other conditions:
In vacuum ) K = 0.03–0.06
For plastic demister ) K = 0.065

Horizontal separator with wire mesh, K � 0.12–0.15:

wallow ¼ 0:15 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1cÞ

Horizontal gravity separator without internals, K = 0.108–0.122:

wallow ¼ 0:12 *
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1dÞ

The calculated flow velocity is valid for the free gas cross section above the
liquid.

370 11 Demister Design



Vertically streamed lamella separator, K = 0.1–0.12:

wallow ¼ 0:12 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1eÞ

Horizontally streamed lamella separator, K = 0.1–0.2:

wallow ¼ 0:02 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1fÞ

Microfibre, inertia separator, K � 0.04–0.07:

wallow ¼ 0:06 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1gÞ

Microfibre, fog separator for micro-droplets, K = 0.003–0.006.

wallow ¼ 0:006 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:1hÞ

Example 11.2.1.1: Calculation of the allowable flow velocities in different
separators at 1 bar.
Liquid density qFl = 995 kg/m3

Gas density qG = 1.2 kg/m3

Vertical gravity separator (Eq. 11.1a):

wallow ¼ 0:04 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
1:2

� 1

r
¼ 0:04 � 28:78 ¼ 1:15m=s

Vertical separator with wire mesh (Eq. 11.1b):

wallow ¼ 0:106 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
1:2

� 1

r
¼ 3:05m=s

Horizontal gravity separator (Eq. 11.1d):

wallow ¼ 0:12 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
1:2

� 1

r
¼ 3:45m=s

Horizontally streamed lamella separator (Eq. 11.1f):

wallow ¼ 0:2 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
1:2

� 1

r
¼ 5:75m=s
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Microfibre, fog separator (Eq. 11.1h):

wallow ¼ 0:006 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
1:2

� 1

r
¼ 0:17m=s

Example 11.2.1.2: Calculation of the allowable flow velocity at a lower gas
density in a vacuum

qFl ¼ 995 kg=m3 qG ¼ 0:1 kg=m3

Vertical gravity separator (Eq. 11.1a):

wallow ¼ 0:04 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
0:1

� 1

r
¼ 3:98m=s

Vertical separator with wire mesh (Eq. 11.1b):

wallow ¼ 0:06 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
0:1

� 1

r
¼ 5:98m=s

Conclusion

• Horizontal gravity separators permit higher gas flow velocities.
• Installation of a separator aids the gas capacity causing droplet separation to be

improved.

11.2.2 Liquid Capacity

The separator must have a liquid capacity which is chosen to match the problem
definition.

The required liquid capacity depends on the required residence time, for
instance for degassing, and depends on the quality of the installed level control.

The control valve must open fast when larger liquid rates occur impulsively.
The kV value of the valve must not be reduced by fouling or flash evaporation in

the valve.
In the design of the control valve both geometry and an expansion factor have to

be considered.
Required minimum residence times:
1–2 min for normal conditions
5–10 min for foaming materials
>15 min for liquid separations
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In horizontal separators the residence time is longer, and the liquid surface area
is larger, so that a better degasing occurs.

Errors caused by insufficient liquid withdrawal:

• Flooding of the gas inlet nozzle in vertical separators
• Gas cross sectional narrowing in horizontal separators.

11.3 Vertical Demisters

With vertical separators the droplet fall velocity must be higher than the upwards
directed flow velocity of the gases.

In Fig. 11.2 the calculated allowable flow velocities in a vacuum, as a function
of the gas density, are shown according to Eq. (11.1a) with K = 0.035 for gravity
separators and Eq. (11.1b) with K = 0.06 for separators with a demister.

Additionally, the fall velocities for the droplet sizes 400, 500, 700, and 800 l as
a function of the gas density, are plotted.

The calculation of the droplet fall velocity is covered in the Appendix at the end
of this chapter.

From the curves in Fig. 11.2 the following knowledge can be derived:
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Fig. 11.2 Droplet fall
velocities for four droplet
sizes and allowable flow
velocities in vertical demisters
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• With decreasing gas density the fall velocity and the allowable flow velocity in
the separator rises.

• In the design of gravity separators according to Eq. (11.1a) only droplets from a
diameter of 400–500 lm are precipitated.
Smaller droplets have a lower fall velocity and are entrained by the gas stream.

• With a wire mesh demister considerably higher flow velocities are allowed
because the droplets are enlarged by the coalescence effect of the wires.
A better droplet separation is achieved, and lower flow cross section or smaller
separator diameter is needed.

• A comparison of the allowable gas flow velocity for a demister, with the fall
velocities for different droplet sizes, shows that by using a demister the droplets
are enlarged to a diameter of approximately 700–800 lm.

Liquid loading of vertical demisters

Vertical demisters are used for low liquid loading and short allowable liquid resi-
dence times tres, of 1–2 min.

tres ¼ D2 * p=4 * hFl
VFl

ðhÞ ð11:2Þ

D = separator diameter (m)
hFl = liquid height (m)
VFl = liquid loading (m3/h).

11.4 Horizontal Demisters

Horizontal demisters are preferably used if higher liquid loadings or sudden liquid
strokes occur.

For the droplet separation the residence time tres of the gas in the separator must
be longer than the required falling time tFall of the droplets for a falling height h.

tFall ¼ h
wFall

� tres ¼ L
wG

� L
wallow

ð11:3Þ

wG ¼ VG

fG � D2 � p=4 � 3600 ð11:4Þ
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D = demister diameter (m)
L = demister length (m)
h = gas height in the demister (m)
fG = cross section part for the gas flow = FG/Fges

FG = cross section for gas flow (m2)
Fges = total cross sectional area of the demister (m2)
VG = gas loading (m3/h)
wG = gas flow velocity (m/s)
wallow = allowable flow velocity (m/s).

Example 11.4.1: Checking of a horizontal demister

D ¼ 1m L ¼ 3m h ¼ 0:5m VG ¼ 4:000m3=h

Liquid density .Fl ¼ 995 kg=m3 fG ¼ 0:5

Gas density .G ¼ 1:2 kg=m3 Gas viscosity g ¼ 18 * 10�6 Pa

It is important to check whether the residence time is sufficient.

Available flow velocity wG:

wG ¼ 4000
0:5 � 12 � 0:785 � 3600 ¼ 2:83m=s

Allowable flow velocity wzul according to Eq. (11.1d) for a horizontal
gravity demister:

wallow ¼ 0:12 �
ffiffiffiffiffiffiffiffi
995
1:2

r
¼ 3:45m=s

The existing flow velocity wG is less than the allowable velocity wallow.

Checking the residence time for L = 3 m.

First the droplet fall velocity must be calculated (see Appendix at the end of this
chapter).

wFall = 0.3 m/s for droplets with ddroplet = 100 lm

tFall ¼ h
wFall

¼ 0:5
0:3

¼ 1:68 s

tres ¼ L
wG

¼ 3
2:83

¼ 1:06 s

The residence time tres is less than the required falling time tFall.
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The demister is enlarged from L = 3 m to L = 5 m in order to extend the resi-
dence time.

L ¼ 5m

tres ¼ 5
2:83

¼ 1:77 s

tres > tFall The residence time is longer than the required falling time.
Figure 11.3 shows the falling or required settling periods for droplet sizes 100,

200, 300, 400, and 500 lm as function of the given droplet falling height in the
demister.

Conclusion:

The required settling periods of the droplets increases with decreasing droplet
diameter and increasing falling height.

Additionally, the residence times tres for demister lengths L = 3 m and L = 6 m
are plotted in Fig. 11.3.

The residence times were determined via the allowable flow velocity wallow

according to Eq. (11.1d).
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Fig. 11.3 Droplet fall
periods in a horizontal
demister as a function of the
falling height
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This makes it clear that in the design, according to Eq. (11.1d), droplets >
100 lm are separated if the separator is 6 m long.
For shorter demisters the allowable flow velocity must be corrected according

to the respective length of the demister.

wallow ¼ L
6
� 0:12 �

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r

ðm=sÞ ð11:5Þ

Liquid loading

Horizontal demisters are preferably used for higher liquid loadings.
In the dimensioning the required residence time of the liquid tres in the demister

has to be considered.

tres ¼ fL � D2 � L � p=4
VL

ðhÞ ð11:6Þ

D = demister diameter (m)
L = demister length (m)
fL = cross sectional part of the liquid stream
VL = liquid loading (m3/h)

Example 11.4.2: Calculation of the liquid residence time in a demister

VL ¼ 8m3=h L ¼ 4m D ¼ 1m fL ¼ 0:5

tres ¼ 0:5 � 12 � 4 � 0:785
8

¼ 0:196 h ¼ 11:8min

In the dimensioning of the demister two criteria have to be considered: sufficient
droplet separation and required liquid residence time.

Therefore, both required diameters DG for the gas flow and Dfl for the liquid
capacity have to be determined.

Starting with the length to diameter ratio L: D = 3 the first estimates of the
required dimensions can be estimated according to the following equations.

Required diameter DG for the gas capacity

DG ¼ VG

fG � 3600 � wallow � p=4
� �1=2

wallow ¼ L
6
� 0:12 �

ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl
.G

� 1
r ð11:7Þ

11.4 Horizontal Demisters 377



Required diameter DFl for the liquid capacity

DFl ¼ tres � VL

fL � 3 � p=4
� �1=3

ð11:8Þ

Example 11.4.3: Calculation of the diameter

VL ¼ 4m3=h tres ¼ 5min: fL ¼ 0:5
L
D

¼ 3

.Fl ¼ 995 kg=m3 .G ¼ 1:2 kg=m3 fG ¼ 0:5

VG ¼ 1000m3=h wzul ¼ 1:72m=s for L¼ 3m

DG ¼ 1000
0:50 � 3600 � 1:72 � 0:785

� �1=2

¼ 0:64m

DFl ¼ 5=60 � 4
0:5 � 3 � 0:785

� �1=3

¼ 0:656m

The determining factor is the liquid capacity !D ¼ 0:656m:
For the assumed ratio L/D = 3 the demister length results as follows:

L ¼ 3 � D ¼ 3 � 0:656 ¼ 2m:

However, the assumed flow velocity of 1.72 m/s is valid for L = 3 m.
Using Eq. (11.5) the allowable gas velocity for L = 2 m can be determined.

wallow ¼ fG *
L
3

*
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qFl
qG

� 1
r

¼ 0:5 *
2
3

*

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995
1:2

� 1

r
¼ 1:15 m=s

Due to the lower allowable gas velocity of wallow = 1.15 m/s the diameter
increases according to Eq. (11.7):

DG ¼ 1000
0:5 � 3600 � 1:15 � 0:785

� �1=2

¼ 0:78m

Instead of the expensive diameter enlargement the demister length is increased to
L = 3 m.

Design: D ¼ 0:7m L ¼ 3m:
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Cross check calculation

wG ¼ 1000
0:5 � 3600 � 0:72 � 0:785 ¼ 1:44m=s

wallow ¼ 1:72m=s for L ¼ 3m ) wG\wallow

Checking the residence time:

tres ¼ 0:5 � 0:72 � 0:785 � 3
4

¼ 0:144 h ¼ 8:65min

wFl ¼ VL

0:5 � D2 � p=4 ¼ 4
0:5 � 0:72 � 0:785 ¼ 20:8m=h

tres ¼ L
wFl

¼ 3
20:8

¼ 0:144 h ¼ 8:65min

The design is OK!

11.5 Selection Criteria and Dimensioning

Recommended design at atmospheric pressure:

Vertical gravity demister: K = 0.04 or 75% of the droplet falling velocity.
Horizontal gravity demister: K = 0.10.
Vertical wire mesh demister: K = 0.106.
Vertical lamella demister: K = 0.12.
Horizontal lamella demister: K = 0.2.
Horizontal wire mesh demister: K = 0.15.

Example 11.5.1: Design of a demister for VG = 1000 m3/h

.G ¼ 1:2 kg=m3 .Fl ¼ 995 kg=m3 gG ¼ 18 * 10�6 Pa

Vertical demister

(a) Gravity demister:

wallow ¼ 0:04 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
995� 1:2

1:2

r
¼ 1:15m=s

wdes ¼ 0:75 � 1:15 ¼ 0:86m=s ! D ¼ 0:64m
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(b) Design for 75% of the falling velocity of a 100 l droplet:

wFall ¼ 0:297m/sðsee Appendix at the end of this chapterÞ
wdes ¼ 0:75 * 0:297m=s ¼ 0:22m=s ! D ¼ 1:26m

(c) Design for 75% of the falling velocity of a 200 l droplet:
wFall = 0.65 m/s (see Appendix at the end of this chapter)

wdes ¼ 0:75 * 0:65 ¼ 0:487m=s!D ¼ 0:85m

(d) Wire mesh demister:

wallow ¼ 0:106 * 28:77 ¼ 3:05 m=s

wdes ¼ 0:75 * 3:05 ¼ 2:28m=s !D ¼ 0:4m

(e) Vertical lamella demister:

wallow ¼ 0:12 * 28:77 ¼ 3:45m=s

wdes ¼ 0:75 * 3:45 ¼ 2:6m=s !D ¼ 0:37m

Horizontal demister

(a) Gravity demister:

wallow ¼ 0:1 * 28:77 ¼ 2:87m=s

wdes ¼ 0:75 * 2:87 ¼ 2:16m=s

fG ¼ 0:5 50% gas cross sectionð Þ !D ¼ 0:57m

(b) Horizontal lamella demister:

wallow ¼ 0:2 * 28:77 ¼ 5:77 m=s

wdes ¼ 0:75 * 5:77 ¼ 4:3m=s

fG ¼ 0:5 50% gas cross sectionð Þ !D ¼ 0:4m

(c) Horizontal wire mesh demister:

wallow ¼ 0:15 * 28:77 ¼ 4:31m=s

wdes ¼ 0:75 * 4:31 ¼ 3:32m=s

fG ¼ 0:5 !D ¼ 0:46m
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(d) Cross check of the settling time for a gravity demister:

wFall ¼ 0:165 * 0:75 ¼ 0; 123m=s for a 60 lmdroplet

D ¼ 0:6m Falling height h ¼ 0:3m wallow ¼ 2:16 m=s

tFall ¼ h
tFall

¼ 0:3
0:123

¼ 2:43 s tres ¼ L
wzul

¼ 6
2:16

¼ 2:77 s

tres [ tFall!droplets[ 60 lmwill be separated!

Remark

In the design of horizontal demisters the flow cross section for the liquid flow
section must be subtracted from the total flow cross section.

Advantages of the gravity demisters

• No plugging and flooding danger.
• No demister installation costs.

Disadvantages of the gravity demisters

• Small droplets are not separated.
• In vertical demisters the allowable flow velocity is essentially lower than in

demisters with wire mesh or lamella internals.
• Due to the low allowable flow velocity the demisters must have larger

diameters.
• In pressure vessels the required wall thickness rises proportionally to the

diameter.
• Thicker walls make the equipment significantly more expensive because of the

disproportionate weight increase.

Advantages of separator aids

• In vertical separators less than 50% of the flow cross sectional area is needed
with a remarkably improved droplet separation. The required smaller separator
diameter reduces the costs of the equipment, especially at higher pressures.

• In horizontal separators the gas capacity increases insignificantly in vertical
installations, however, the small droplets are separated. With horizontally
arranged lamella separators higher gas velocities are allowed.

Dimensioning of demisters [5]

Figure 11.4 shows what happens in the dimensioning of demisters in addition to the
calculated required flow cross sections.
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11.6 Droplet Separation at High Pressures [6]

A typical application for demisters operating in the high-pressure sector is the
separation of glycol droplets from natural gas at pressures of 80–200 bar.

A flow diagram of an LTS unit with cooling by Joule–Thomson release, for the
condensation of higher boiling hydrocarbons and water, is shown in Fig. 11.5.

Liquid

Liquid

Dimensioning of a vertical separator

Dimensioning of a horizontal separator

Fig. 11.4 Dimensioning of
demisters
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In order to avoid pluggages of hydrate formation glycol is dosed and is recov-
ered using demisters.

Often the separated liquid consisting of water, glycol, and hydrocarbons causes
problems due to foaming and formation of emulsions, leading to residence times of
20–30 min being required for the liquid.

The droplet fall velocities at pressures of 40–100 bar are listed in Table 11.1.
The falling velocities are calculated for the following physical data.

.G ¼ 0:8 kg=m3
N .Fl ¼ 850 kg=m3 gG ¼ 15 * 10�6 Pa

The dimensioning of separators often is carried out with the so-called “practical
formula”, for instance according to Campbell’s “Gas Conditioning” [6] for gas
throughput.

Vertical separators:

Q ¼ 135:6 � D2 � P
PN

� 1
z
� 273

T
�

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl � .G

.G

r
ðm3=hÞ ð11:9Þ

Horizontal separators:

Q ¼ 304:5 � D2 � P
PN

� 1
z
� 273

T
�

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
.Fl � .G

.G

r
ðm3=hÞ ð11:10Þ

Q = gas capacity (mN
3 /h)

P = operating pressure (bar)
PN = normal pressure = 1013 bar
z = compressibility
D = separator diameter (m)

Table 11.1 Droplet fall
velocities at different
pressures

Droplet
size (lm)

Falling velocities (m/s) at different pressures

(40 bar) (60 bar) (80 bar) (100 bar)

40 0.0391 0.0343 0.0312 0.0289

60 0.0622 0.0546 0.0497 0.0459

100 0.1110 0.0979 0.089 0.0824

200 0.246 0.216 0.197 0.182

300 0.391 0.344 0.312 0.289
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Vertical separators

Figure 11.6 shows the falling velocities of droplets with 60, 100, 150, and 200 lm
diameters as a function of pressure.

!With increasing pressure the falling velocity of the droplets becomes
smaller!

In the same Fig. 11.6 the calculated allowable flow velocities wallow for gravity
separators without demisters are drawn, calculated according Eq. (11.1) with
K = 0.0335.

Conclusion: In this design only droplets >150 lm are separated.

Horizontal separators

The criterion for the droplet separation is a sufficient residence time for the gas so
that the droplets can settle down when flowing through the separator.

Figure 11.7 shows the required residence times for droplet sizes 20, 40, 60, and
100 lm for different falling heights at 80 bar.

In addition, the effective residence time teff when streaming through a 6 m long
separator is drawn in in Fig. 11.7 whereby the allowable flow velocity, according to
Eq. (11.1) with K = 0.108, has been calculated.
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Fig. 11.6 Droplet falling
velocity and allowable flow
velocity as a function of the
pressure in vertical separators
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Conclusion: Only droplets > 60 lm in a 6 m long horizontal separator are
separated!
In comparison to the vertical separator the gas capacity of the horizontal separator is
on the free gas cross sectional area higher.

Also, the droplet separation in a horizontal separator is better.
This shows the following comparison.

P = 80 bar Vertical separator Horizontal separator

wallow (m/s) 0.121 0.392

Limiting droplet (lm) 150 60

In horizontal separators the falling height can be considerably shortened by the
installation of parallel plates.

Thereby, the required falling time is reduced and the separation is improved.

tFall ¼ h
wFall

h ¼ falling height ðmÞ

The required plate spacing hreq is calculated from the available residence time
tavail as follows:

Fig. 11.7 The required
residence time for different
droplet sizes as a function of
the falling heights in
horizontal separators
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hreq ¼ tavail * wFall ðmÞ

Figure 11.8 shows the residence times in a horizontal separator with 800 mm
diameter and fG = 0.804 for different separation lengths.

Additionally, the required droplet falling times for droplet sizes 20, 40, 60, 100
and 150 lm, as a function of the falling height h, are drawn in Fig. 11.8.

Using this figure the required falling height can be determined.
For instance, by installation of horizontal separation plates with h = 200 mm the

separator length can be shortened from 6 to 3 m.
Thereby, the limiting droplet size of 60 lm is reduced to 40 lm so that a better

droplet separation is achieved.

Recommended design at higher pressures.

Vertical separator

Gravity: K = 0.03 until 0.05 or 75% of the droplet falling velocity.
With wire mesh: K = 0.06.
With lamella separator: K = 0.10.

Horizontal separator

Gravity: K = 0.108.
With lamella separator: K = 0.15.
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Fig. 11.8 Required residence times for different droplet sizes and separator lengths as a function
of the falling height
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Example 11.6.1: Design of a demister for 100,000 mN
3 /h natural gas at 100 bar

Voperation ¼ 435:75 m3=h .G ¼ 95:24 kg=m3 .Fl ¼ 800 kg=m3

Vertical separator

(a) Gravity separator without internals:

wallow ¼ 0:03 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
800� 95:24

95:24

r
¼ 0:0816m=s

wdes ¼ 0:75 * 0:0816 ¼ 0:0612 m=s !D ¼ 1:59m

(b) Design for 75% of the falling velocity of a 100 l droplet:
First of all the falling velocities are calculated (see Appendix at the end of this
chapter).

Droplet size (lm) Droplet falling velocity (m/s)

50 0.0323

80 0.0553

90 0.0633

100 0.0714

115 0.0838

120 0.0880

150 0.1135

200 0.1570

wFall ¼ 0:0714 m=s

wdes ¼ 0:75 * 0:0714 ¼ 0:0536 m=s !D ¼ 1:7 m

(c) Wire mesh separator:

wallow ¼ 0:06 * 2:722 ¼ 0:163 m=s

wdes ¼ 0:75 * 0:163 ¼ 0:122 m=s !D ¼ 1:12m

(d) Lamella separator:

wallow ¼ 0:1 * 2:722 ¼ 0:272 m=s

wdes ¼ 0:75 * 0:272 ¼ 0:204 m=s !D ¼ 0:87m
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Horizontal separator with fG = 50% gas cross section

(a) Gravity separator:

wallow ¼ 0:108 * 2:722 ¼ 0:2938m=s wdes ¼ 0:75 * 0:2938 ¼ 0:22m=s

fG ¼ 0:5ð50% gas cross section) !D = 1:18m

Checking:

Fges ¼ 1:1m2 FG ¼ 0:55m2 FFL ¼ 0:55m2

wG ¼ 435:75
0:55 � 3600 ¼ 0:22m=s Gas velocity

(b) Horizontal lamella separator:

wallow ¼ 0:15 * 2:722 ¼ 0:408 m=s wdes ¼ 0:75 * 0:408 ¼ 0:306 m=s

fG ¼ 0:5 ! D = 1m

(c) Check of the settling time for a gravity separator:

wFall ¼ 0:0323 m=s for 50 lmdroplet wdes ¼ 0:75 * 0:0323 ¼ 0:0242

h ¼ 0:6 m

tFall ¼ 0:6
0:0242

¼ 24:8 s

tres ¼ L
wG

¼ 6
0:22

¼ 27:3 s

The residence time is sufficient for the settling of a 50 l droplet!

(d) Reduction of the settling time by installation of parallel plates with
h = 200 mm:

h ¼ 0:2m tFall ¼ 0:2=0:0242 ¼ 8:26 s ð50 lmdropletÞ

Allowable flow velocity at L = 3 m:

wG ¼ L
tFall

¼ 3
8:26

¼ 0:36m=s

fG ¼ 0:5 ! D ¼ 0:66m

As a consequence of installation of a parallel plate package the diameter can be
reduced from 1.2 to 0.7 m and the length from 6 to 4 m!

11.6 Droplet Separation at High Pressures [6] 389



11.7 Fog Separation in Fibre Filters or by Droplet
Enlargement

Fog is a disperse distribution of small liquid droplets in a gas phase.
The droplet sizes lie in the range 0.1–5 lm. These small droplets cannot be

separated with normal wire mesh separators from the gas stream because the inertia
principle does not hold due to their lack of mass.

The small droplets occur during the shock-cooling of gases with condensation in
the gas phase or with chemical reactions in the gas phase to products whose dew
points are exceeded, for instance, sulfuric, phosphoric, and nitric acid.

Fog formation occurs during condensation of vapour containing inert gas at large
temperature differences between the cooling medium and the inert gas–vapour
mixture, for instance, when cooling solvent containing exhaust gas streams with
vaporizing liquid nitrogen.

The danger of fog formation increases with [7]:

– Lower cooling medium temperature.
– Increasing inlet partial pressure.
– Decreasing diffusion velocity or increasing mole weight.
– Increasing temperature conductivity.

11.7.1 Fog Separation in Fibre Filters

For the separation of very small droplets on fibres Brownian particle movement is
utilized, the back and forth movement of fine components by diffusion.

The diffusion velocity increases with decreasing particle size.
A small particle of 0.1 lm diameter moves 15 times as much as a 5 lm particle.
By strong diffusion the probability that the small droplets collide with a fibre

rises.
In order to give the particles sufficient time to diffuse to the fibres only small

flow velocities of 5–20 cm/s are allowed in diffusion separators.
The calculation of the allowable flow velocities follows, according to

Sect. 11.2.1, Eq. (11.1h).

With increasing flow velocity and increasing fibre diameter the droplet sepa-
ration deteriorates according to the diffusion principle.

When correctly designed, droplets up to 0.5 lm are separated.
Usually fibre filters in candle form are used as a diffusion separator (Fig. 11.9).

390 11 Demister Design



When streaming through the microfibre tissues the separated liquid droplets in
the fibre package agglomerate and run out downwards.

11.7.2 Droplet Enlargement by Condensation

Very small droplets with diameters <0.5 lm must first of all be enlarged in order to
effect a separation.

Gas Feed with droplets

Purified Gas outlet

Liquid

Fig. 11.9 Fog separation in
fibre filters
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Fig. 11.10 Droplet
enlargement by condensation
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The process is shown in Fig. 11.10.
First, the raw gas stream is saturated with water vapour, for instance in a pre-

ceding column.
The thinest water droplets are then injected into this wet saturated gas stream

which are unstably vaporized due to their high water vapour pressure at their bent
surface areas.

Thereby, zones form with oversaturated water vapour.
As soon as a fog droplet passes through the wet saturated zone, water vapour

condenses on the droplet and enlarges the diameter.
Next, the droplets which are enlarged by condensation stream through a coa-

lescence film and come out with droplet diameters >6 lm.
For the coalescence of small droplets wire mesh or fibre tissue is used, operated

under flooding conditions, meaning the droplets are entrained.
The droplets which are enlarged by condensation and coalescence are separated

from the gas stream using wire mesh and fibre filters.

Appendix: Calculation of the Falling Velocity of Droplets
in Air or Gas

First, the Archimedes number Ar, according to Formulas 11.11 and 11.11a, is
calculated and therefore by using Eqs. (11.12a) and (11.12c) the Reynolds number
Re is determined.

The falling velocity for the different Reynolds number regions is calculated with
Formula 11.13a to 11.13c. Alternatively, the falling velocity can be calculated
using the Eq. 11.13d for Re >1.

1. Archimedes number Ar

Ar ¼ d3 � g � qGðqFl � qGÞ
g2G

ð11:11Þ

Ar ¼ Re2 � ðqFl � qGÞ
Fr � qG

ð11:11aÞ

Fr = Froude number
2. Reynolds number Re

Re ¼ wFall � d�qG
gG

ð11:12Þ

Because the falling velocity is unknown the Reynolds number has to be
determined using the Archimedes number. The following relationships are
valid for different regions:
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Ar\3:6 Re ¼ Ar
18

ð11:12aÞ

3:6\Ar\83000 Re ¼ Ar
13:9

� �1=1:4

ð11:12bÞ

Ar[ 83000 Re ¼ 1:73 �
ffiffiffiffiffi
Ar

p
ð11:12cÞ

3. Falling velocity wFall

wFall ¼ Re � gG
d � qG

ðm=sÞ ð11:13Þ

3:1 For the region Re < 0.2 Stoke’s Law is valid

wFall ¼ d2ðqFl � qGÞ � g
18 � gG

ðm=sÞ ð11:13aÞ

3:2. In the region Re = 500 to Re = 150,000 the relationships of Newton are
valid

wFall ¼ 5:48 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
d � ðqFl � qGÞ

qG

s
ðm=sÞ ð11:13bÞ

3:3. In the intermediate region 0.2 < Re < 500 the following equation is valid

wFall ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4
3
:
d
c
:
g:ðqFl � qGÞ

qG

s
ðm=sÞ

C ¼ 18:5=Re0:6
ð11:13cÞ

3:4. Alternatively, for Re > 1

wFall ¼ 0:153 � g0:71 � d1:143 � ðqfl � qGÞ0:714
q0:286G � g0:429 ðm=sÞ ð11:13dÞ

d = droplet diameter (m)
g = acceleration of gravity (9.81 m2/s)
ηG = gas viscosity (mPa)
.G = gas density (kg/m3)
.G = liquid density (kg/m3)
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Example 1 d ¼ 0:1mm qG ¼ 1:2 kg=m3 gG ¼ 0:015mPa qFl ¼ 1:000 kg=m3

Checking of the falling velocity using Eq. (11.13c):

wFall ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4
3
� 0:1 � 10

�3

10:48
� 9:81 � ð1000� 1:2Þ

1:2

r
¼ 0:32m=s

C ¼ 18:5=2:5750:6 ¼ 10:48

Ar ¼ ð0:6 � 10�3Þ3 � 9:81 � 1:2ð1000� 1:2Þ
ð15 � 10�6Þ2 ¼ 52:26

Re ¼ 52:26
13:9

� �1=14

¼ 2:575

wFall ¼ 2:575 � 15 � 10�6

0:1 � 10�3 � 1:2 ¼ 0:32m=s

Example 2: Data as in Example 1, but qG = 0.1 kg/m3

Ar ¼ 4:359 Re ¼ 0:436

wFall ¼ 0:436 � 15 � 10�6

0:1 � 10�3 � 0:1 ¼ 0:65m=s

Example 3: Data as in Example 1, but qG = 10 kg/m3

Ar ¼ 431:6 Re ¼ 11:64

wFall ¼ 11:64 � 15 � 10�6

0:1 � 10�3 � 10 ¼ 0:17m=s

Conclusion Falling velocity increases with decreasing gas density (in a vacuum)!

Example 4: Check of Example 1 using Eq. (11.13d)

wFall ¼ 0:153 � 9:810:71 � 0:00011:143 � ð1000� 1:2Þ0:714
1:20:286 � ð15 � 10�6Þ0:429

wFall ¼ 0:32m/s
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Example 5: Check of Example 2 using Eq. (11.13c)

wFall ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4
3
� 0:1 � 10

�3

30:44
� 9:81 � ð1000� 0:1Þ

0:1

r
¼ 0:65m=s

c ¼ 18:5=0:4360:6 ¼ 30:44

Example 6: Data as in Example 1, but d = 2 mm

Ar ¼ ð2 � 10�3Þ3 � 9:81 � 1:2ð1000� 1:2Þ
ð15 � 10�6Þ2 ¼ 418; 058

Re ¼ 1:73 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
418058

p
¼ 1118:6

wFall ¼ 1118:6 � 15 � 10�6

2 � 10�3 � 1:2 ¼ 7m=s

Check of the falling velocity using Eq. (11.13b):

wFall ¼ 5:48 �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:002 � ð1000� 1:2Þ

1:2

r
¼ 7m=s

Check of the Archimedes number using Eq. (11.11a):
Fr = Froude number

Table 11.2 qG = 1.2 kg/m3 qFl = 995 kg/m3ηG = 0.018 mPa

d (lm) Ar – Re – wFall (m/s)

100 36.1 1.977 0.297

200 288.9 8.73 0.65

300 974.9 20.82 1.04

400 2310.9 38.57 1.44

500 4513.5 62.22 1.87

600 7799.3 91.96 2.29

800 18,487.3 170.34 3.19

1000 36,108 274.8 4.12
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Fr ¼ w2

d � g ¼ 72

0:002 � 9:81 ¼ 2497:4

Ar ¼ 1118:62 � ð1000� 1:2Þ
2497:4 � 1:2 ¼ 417013

Results tables

See Tables 11.2 and 11.3; Fig. 11.11.

Table 11.3 qG = 0.1 kg/m3 qFl = 995 kg/m3 ηG = 0.018 mPa

d (lm) Ar – Re – wFall (m/s)

100 3.01 0.167 0.6

200 24.1 1.48 1.33

300 81.3 3.53 2.1

400 192.7 6.54 2.9

500 376.5 10.55 3.79

600 650.7 15.55 4.67

800 1542 28.89 6.5
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Fig. 11.11 Falling velocities
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