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Preface

Dear reader,

In this book the reader is shown the design aspects which must be considered
when designing distillation columns in practice. The influencing parameters are
presented, well explained and the equations governing them given. Several
numerical examples are given. This book is written with a focus on both experi-
enced designers as well as those who are new to the subject.

In spite of the multitude of available literature on distillation, a void still exists.
Most of the existing works are academic. Hence there is a need for a book which
covers the comprehensive information necessary to practically design distillation
columns in a compact, clear and concise way. This book is written to fill this gap.

Today, computer programmes are used for column design. However, before the
1960s, in the pre-computer era, diverse distillation processes were also designed
and operated including azeotropic distillation.

In those days the required number of trays and the reflux ratio were graphically
determined with the McCabe-Thiele diagram or with Fenske—Underwood—
Gilliland short cut methods.

While working with the McCabe-Thiele diagram on graph paper one appreciates
the difficulty of separation.

Nowadays, you get computer output with all the data. The calculation results are
generated very quickly. If the user does not have a thorough understanding of what
the computer is asked to do, the user can easily misinterpret the output as an
accurate design even if this is not the case. Some process simulators facilitate the
trace of the calculation steps performed by the computer to a desired level. It is
therefore possible to generate a very large output containing all the calculation
steps. If desired, the user can then check each step by written calculation. However,
this is very impractical due to the enormous effort involved. Following the guide
given in this book, the designer will be able to develop the required skills needed
for practical column design and will therefore be in a position to make a better
judgement of the calculation results presented by the computer.

A very good understanding of the principles involved is inevitable. Starting with
the selection of the appropriate equilibrium correlation, there is a great number of
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measured equilibrium data for the same material system. For instance, there are
more than 100 for ethanol/water. Besides, different computer models also exist for
the calculation of equilibrium. If another method for the calculation of the equi-
librium is chosen, for instance, direct input of vapor pressure data or if different
models are used for the equilibrium calculation, such as NRTL, Wilson, Uniquac or
UNIFAC, the resulting required number of trays and reflux ratios will be different.
Further inaccuracies occur in the determination of the efficiency of cross-flow trays
or the HTU and HETP values in random and structure packed columns.

In Chap. 1 it is shown right from the start how small inaccuracies in equilibrium
and in tray efficiency influence the calculated results. Often, an additional pilot plant
distillation is required for the design, for instance if an odour or colour specification
has to be met or if a potassium permanganate test has to be performed for methanol
or if the water content specification is required in ppm.

A pilot plant distillation is recommended for extractive and azeotropic distilla-
tion in order to avoid product impurities by entrained or washing agents. A good
fractionation can only be achieved at a uniform hydraulic loading. With pulsating
reflux, an intermittent evaporation or a fluctuating vacuum in the column good
fractionation is not achievable. In addition, proper functioning of the evaporator and
the condenser without a pulsating stream is the prerequisite for a properly func-
tioning distillation plant. An adequate process control system is very important for
the given separation task, for instance the control of the pressure, the heating, the
loading and the levels. With potentially explosive materials expolosions can occur
(own experience) if the maximum allowable temperature is exceeded for a long
period of time. All these important aspects of distillation column practical design,
along with many more, are covered in this book.

Hamburg, Germany M. Nitsche
2016 R. Gbadamosi
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Chapter 1
Planning of Distillation and Absorption
Columns

1.1 Planning Information

The basis for each plan of a distillation or absorption plant is the determination of
the required number of trays and the required reflux ratio for fractionating, the
required absorption fluid flow rate for absorption or the stripping gas flow rate.

These calculations are mostly performed with computers. However, care must be
taken in the unchecked acceptance of a computer generated result.

There are several measured physical properties and measured vapour—liquid
equilibrium data showing comparably deviating results. Small inaccuracies in
vapour pressure or different equilibrium data or the choice of the calculation model
for the equilibrium can result in substantial deviations in the design.

Figure 1.1 shows how the required number of trays and the reflux ratio change if
the equilibrium is better or worse, by the order of 0.2%, than that assumed. Since
the number of trays in an existing plant cannot be increased distillation has to be
achieved with a higher reflux ratio, for instance, with R = 20 instead of R = 15, if
the vapour—liquid equilibrium is worse.

Figure 1.2 shows the influence of tray efficiency on the required reflux ratio.

If the tray efficiency is poor the reflux ratio has to be increased, for instance from
R =16 to R = 18.5 for 60 trays, if the tray efficiency is only 75% rather than 80%.

The additional vapour and liquid loadings at a higher reflux ratio, due to poorer
vapour-liquid equilibrium or poorer tray efficiency, must be considered while
designing column internals. Sufficient reserve capacities must be available in the
column.

Reboilers and condensers must be dimensioned for higher heat loads at higher
reflux ratios.

© Springer International Publishing AG 2017 1
M. Nitsche and R. Gbadamosi, Practical Column Design Guide,
DOI 10.1007/978-3-319-51688-2_1
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Rules for a trouble-free operation

The flow chart in Fig. 1.3 shows the required accessories for a distillation plant.
Each individual piece of equipment, each pump, each control valve, each vessel and
each component of piping must be accurately designed and its control system must
function properly:
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1 Planning of Distillation and Absorption Columns

A sufficient feed height must be present for top condensers in order to avoid
reflux variations [2].

Where there is condensation in tubes, for instance in air coolers, the maximal
vapour flow capacity of the condenser must be determined with an adiabatic
flow factor [1, 2].

The outlet pipe from the condenser to the accumulator should be self-venting [1].
Vibrations in the U-tube formed by the column and thermosiphon reboiler can
be a problem. The frequency of the vibrations depend on the tube length. These
vibrations can be removed by applying a greater pressure drop, for instance by
using a larger circulation, or an orifice plate, in the downcomer.

When drawing boiling liquids as side streams from the column, a sufficient
liquid height over the nozzle must be provided in order to avoid flash evapo-
ration in the withdrawal pipe [1].

Measurement nozzles for temperature, pressure and level must be provided.
The piping with flow meters and control valves must be accessible in the steel
framework for maintenance purposes.

Depending on the mass and energy balance and the available utilities, for
instance 12-bar of steam and cooling water at 25 °C, the reboilers, condensers
and heat exchangers used for heating the feed and cooling the distillate and
bottoms streams must be appropriately dimensioned [2].

When using the pumps the required Net Positive Suction Head (NPSH) value
must be kept in order to avoid cavitation [1].

In practice the columns are installed on 3-m foundations in order to provide
sufficient liquid height.

If the boiling point is higher than the temperature of the given heating medium
the vacuum distillation has to be adopted.

In order to decide on the dimensions of the vacuum pump the required suction
pressure and the required suction capacity is needed [3]. There should be a
minimum pressure drop in the vacuum piping.

The choice of the column internals should be determined using the allowable pressure
loss and the available construction height, for instance in a production hall.
Demisters should be used in order to minimize the loss of valuable materials and
to protect the vacuum pumps and compressors.

When deciding upon the dimensions of the piping for the product and utility
streams, high-pressure losses or cavitation on bottlenecks should be avoided [1].
The control valves must be designed for a functional working pressure drop [1].
If sharp reduction occurs in valves which are designed too large, choked flow
with cavitation may occur in the valve.

Construction notes

The columns must be calculated based on the pressure or vacuum and wind
loads. The columns should not sway at high wind velocities.

In construction, consideration must be given to how internals can be installed
into the column (manways) and what type of support is necessary in the column.
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e The support rings must have tight tolerances in order to allow an even instal-
lation of the trays or liquid distributors.

e The nozzles for the evaporator, condenser, feed and side streams or side strip-
pers must be properly arranged.

e Sufficient flexibility must be provided for thermal expansion of hot piping in
order to avoid large thermal stresses and protect the equipment and pump
nozzles. Leakages must be avoided especially in the vacuum columns.

e In order to avoid heat loss, and to provide surface protection, hot surfaces are
appropriately insulated, mostly with mineral wool mats [3].

What basic data are required for the design?

e Flow rates with physical properties and equilibrium data, compositions, tem-
peratures and pressures.

e Heating and cooling medium along with temperatures and pressures: steam,
organic heat transfer media, cooling water, cold water, and cooling brine.

e Required materials: steel, stainless steel, monel, plastic, and graphite.

1.2 Mass Balance for the Separation Task

The starting point for every separation calculation is a mass balance with the
required component distributions.

Example 1.2.1: Mass balance for a four-component mixture

Component | Feed Distillate Bottoms
M ke/h |kMolh |xg |kg/h |kMolh |[xp |kg/h |kMolh | xg
Light comp. |78 1952 |25 0.25 | 1952 |25 0.48 (0.0 |00 0.0
LK 92.1 2303 |25 0.25 | 2081 |22.6 0.44 (219 (24 0.05
HK 106.1 |2652 |25 0.25 | 228 |2.15 0.04 | 2425 |22.85 0.48
Heavy 104.1 2602 |25 025 |239 |23 0.04 | 2580 |24.77 0.47
comp.
9508 | 100 4500 |52.05 5008 |47.95
Conversions:
kmol/h:@
M

M = mole weight

Average mole weight M,,, = > x; * M;
Feed: M, = 95.075

Distillate: M,,, = 86.37

Bottoms: M., = 104.46

LK = light key component
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HK = heavy key component

xg = feed compositions (molfraction)

xp = distillate compositions (molfraction)
xp = bottoms compositions(molfraction)

Conversion of weight, volume, and mole percentages

. _ Vol%A = p, . Weight%A/pA
Weight76A = Vol%axp, + VOl%B x py Vol%A = Weight%a/p, + Weight%s/p,

: _ Mol%A «m _ Weight%a/m,
Weight%A = Mol %A « My + M()AI%B * Mg Mol%A = Weightia/m, + Weight%s/my
Molfraction A = _Ml(gé% Weightfraction A = Wiell (%)ht%

1.3 Separation Conditions

First, the pressure and temperature in the column have to be fixed for the given
problem definition.

With a steam heated reboiler the boiling temperature in the bottom should be at
least 20 °C below the dew point temperature of the available heating steam.
A remedial measure for lowering the boiling temperature is vacuum distillation.
Often the bottom temperature must not exceed a certain value in order to avoid
thermal cracking of the product. One supporting measure for lowering the
boiling temperature is vacuum distillation.

A high pressure drop in the column, for instance from bubble cap trays with
large slot seals, increases the bottom pressure and therefore increases the boiling
temperature. One remedial measure is to have column internals demonstrating
low pressure losses, for instance random or structured packing.

With low top temperatures, for instance those under 30 °C, chilled water must
be used to cause condensation. Alternatively, a higher pressure would also
increase the dew point.

The decision becomes difficult if in the bottom a high boiling material can only be

evaporated under vacuum and the separated low-boiling component on the top can
only be condensed under pressure (e.g., stripping of gasoline from gasoil in order to
improve its flash point). One remedial measure is steam-stripping distillation.

1.4 Vapour-Liquid Equilibrium [4]

The appropriate equilibrium- and physical property models must be chosen for the
given mixture.
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1.4.1 The Ideal Equilibrium According to Raoult-Dalton
1.4.2 Equations of State

The equation of states being: Benedict—-Webb—Rubin for KWST C, to C; (BWR);
Soave—Redlich—-Kwong (SRK) for hydrocarbons; Redlich-Kwong (RK); and Peng—
Robinson (PR) for small non-polar molecules

1.4.3 Equilibrium Models for Non-polar Materials
Considering the Non-ideal Behaviour in the Liquid
Phase Based on Pure Component Data

The models include: Chao—Seader (CS) for hydrocarbons from —20 to 260 °C and
Grayson-Streed (GS) | CS with corrected data for higher temperatures and pres-
sures, which is better suited to mixtures containing hydrogen.

1.4.4 Equilibrium Models for Polar Components with High
Non-ideal Behaviour in the Liquid Phase

Here is a list of models with interaction parameters from measured vapour-liquid
equilibria data for mixtures: Margules; van Laar; Wilson; NRTL; Uniquac; and
UNIFAC (which is a group contribution method for structural groups).

1.5 Energy and Mass Balance in the Column

These balances are required for the fluid dynamic design of stages or packings and
for the dimensioning of reboilers and condensers.

1.5.1 Mass Balance (Fig. 1.4)

In the rectification section—the section of the column above the feed stage—results
from the vapour and liquid loading from the distillate flow rate and the reflux ratio.
The loadings in kg/h or kMol/h are constant if the molar latent heat does not change
and if no side draws exist. If the reflux feedback to the column is subcooled the vapour
and liquid loadings increase. In the stripping section—the section of the column
under the feed stage—the heat loss of the column must be additionally considered as
must the thermal condition of the feed which is characterized by the g-value.
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Fig. 1.4 Mass balance of a

Qc
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Due to the fact that the feed rate is mostly fed into the column in a subcooled
condition the vapour and liquid flow rates in the stripping section increase
accordingly.

It has to be considered that, over the length of the column, the physical prop-
erties change as a function of pressure, temperature, and composition. In particular,
in vacuum distillation columns, the vapour volume changes greatly as pressure
changes due to the pressure loss at the stages.
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Example 1.5.1
Here is a calculation of the vapour loading for 2500 kg/h vapour at different
pressures.

At column top 10 stages below
P = 6.65 mbar P =26.6 mbar

T =185 °C T= 220 °C

op = 0.0473 kg/m® op = 0.178 kg/m®
V = 52,854 m’/h V = 14,045 m’/h

where T = temperature; P = pressure; V = vapour volume (m*/h); and ¢, = vapour
density (kg/m).

At the top of the column the vapour loading is greater than 10 stages below by a
factor of 3.7.

In a 3.5 m diameter column the vapour flow velocity at the top of the column is
1.52 m/s and 10 stages below it is only 0.4 m/s.

Checks must be completed to identify if the separation is hindered by droplet
entrainment at high vapour flow velocities or by weeping at low gas flow velocities.

Explanations for the mass and energy balances in Figs. 1.4 and 1.5

Rectification section:

D = distillate flow rate (kg/h)

E = feed flow rate (kg/h)

Gk = vapour flow rate to the condenser = (RV + 1) * D (kg/h)
RV = reflux ratio

Gv = vapour flow rate in the stripping section = Gk + Gg (kg/h)
Gr = vapour flow rate for heating the reflux to top temperatures

R _
Gr=—" KR (:K %) (kgh)

R = reflux flow rate (kg/h)

¢ = specific heat capacity (Wh/kg K)

tx = column top temperature (°C)

tr = reflux temperature (°C)

Ly = liquid flow rate in the stripping section = R + Gg = RV * D + Gy (kg/h).

Stripping section:

B = bottom draw flow rate (kg/h)

G = vapour flow rate in the stripping section = Gy + Gg + Gw (kg/h)

Gg = vapour flow rate for heating the feed (E) from the feed temperature (¢7) to the
column temperature (tg) on the feed stage

E = feed flow rate (kg/h)
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Q¢ =Gy *r +Gy *c*(tx —tgr)
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Qr = Qc+qgp+9e+9qv—qe
Qe = Qr+9e—qo—9s—9v

Fig. 1.5 Energy balance for a fractionation column

Gw = vapour flow rate for balancing the heat losses (kg/h)
r = latent heat (Wh/kg)
L, = liquid flow rate in the stripping section (kg/h).

Energy:
QOc = condensation duty = G * (r + ¢ * (tx — r)) (W)
r = latent heat (Wh/kg)

¢ = specific heat capacity (Wh/kgK)
tx = top temperature (°C)
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tr = reflux temperature (°C)

gr = heating load for the reflux (R)

gr =R * ¢ * (tx — 1r) (W)

gp = heat content of the distillate (D)

gp = D* ¢ * 1p (W)

D = distillate flow rate (kg/h)

tp = distillate temperature (°C)

ge = heat content of the feed

ge =E* c* 17 (W)

t7 = feed temperature (°C)

tg = bottom draw temperature (°C)

gg = heat content of the bottom draw (B)

gs =B *c* 13 (W)

Or = reboiler duty = G * r (W) = Qc + gp + gg + qgv — g (W)
G4 = vapour flow rate in the stripping section (kg/h)
gv = Ow = heat loss of the column (W).

When determining the flow loadings in the rectification and stripping sections
the thermal condition q of the feed mixture must be considered. This q value also
has an influence on the required number of theoretical stages. The calculation of the
q value is covered in Chap. 3.

q = 1 for the liquid feed at bubble point temperature.

q = 0 for the vapour feed at dew point temperature.

q = 0.75 for a two-phase mixture with 75% liquid.

q < 0 for superheated vapour.

q > 1 for the liquid feed below the bubble point temperature.

Calculation formula for the loading in the column:

Gy = (RV+1)*D =G+ (1 — q) * E (kg/)
Ly = RV x D (kg/h)
Ga =Gy — (1 —q) *E = Ly — B (kg/h)
Lx = Ly +q * E (kg/)
Gy — Ga = (1 — q) = E (kg/)
La — Ly = (1 —q) = E (kg/).

1.5.2 Energy Balance (Fig. 1.5)

The required heating energy is supplied by the reboiler with the necessary cooling
energy by the condenser. Within the column the heating energy is transported with
the vapour and the cooling energy with the liquid. For a subcooled reflux or a cold
feed more vapour is needed to heat the liquid. The condensed vapour for heating
increases the exiting liquid flow rate. The calculation equations listed in Figs. 1.4
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and 1.5 are used whilst preparing the energy and mass balances. The use of these
equations is shown in the following examples.

Example 1.5.2.: Flow and energy balance of a distillation column

Calculation data:

Feed flow rate, E = 2467 kg/h

Distillate flow rate, D = 740 kg/h

Bottom draw flow rate, B = 1727 kg/h
Feed temperature, ¢, = 174 °C or 90 °C
Temperature at the feed stage, 1z = 174 °C
Top temperature, tx = 160 °C

Bottom temperature, tg = 210 °C

Latent heat, » = 100 Wh/kg

Specific heat capacity, ¢ = 0.4 Wh/kgK
Reflux ratio, RV = 12.5

Reflux temperature, tg = 160 °C or 153 °C.

Example 1.5.2.1: Mass and energy balance for liquid feed with a bubble point
temperature (g = 1) Without heat loss

tR=1txk =160°C 1z =1 =174°C g=1 RV =125 gy =0w=0W

Mass balance in the rectification section:

Vapour flow rate in the rectification section, Gy = (RV + 1) * D= (125 + 1) *
740 = 9990 kg/h
Liquid flow rate in the rectification section, Ly =RV * D=125 *
740 = 9250 kg/h

Mass balance in the stripping section:
Vapour flow rate, Go = Gy — (1 —q) * E=9990 — (1 — 1) * 2467 = 9990 kg/h
Liquid flow rate, Ly = Ly + g * E =9250 + 1 * 2,467 = 11,717 kg/h

Bottom draw flow rate B = Ly — G = 11,717-9990 = 1727 kg/h
Distillate flow rate D = E — B = 2467 — 1727 = 740 kg/h

Energy balance:

Condenser duty, Qc = Gk * r = 9990 x 100 = 999,000 W

Reboiler duty Or = Oc +¢p +¢qB +qv — g

Distillate heat gp=D * ¢ *tp =740 * 0.4 * 160 = 47,369 W
Bottom draw heat ¢gg =B * ¢ * tg = 1727 * 0.4 * 210 = 145,068 W
Feed heat ge =E * ¢ *tg=2467 * 04 * 174 = -171,703 W
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Or = 999,000 447,369 4 145,068 + 0—171,703 = 1,019,734 W
Cross-check:

1019734

— 10197 ke/h > 9990 kg/h
100 gh = &

A
Lan = Gao+B=10,197+ 1727 = 11,924kg/h > 11,717 kg/h
For energy balances, insignificant higher vapour and liquid loadings result in the
stripping section at q = 1.
Example 1.5.2.2: Mass and energy balance for vapour feed at dew point
temperature (g = 0) without heat losses

IR:lK:16OOC Z‘Z:IE:174OC q:O RV =125 qV:QWZOW

Mass balance in the rectification section:

Vapour flow rate, Gy =RV + 1) * D+ (1 —q) * E

Vapour flow rate Gy = (12.5 + 1) * 740 + (1 — 0) * 2467 = 12,457 kg/h
Liquid flow rate, Ly = Gy — D = 12,457 — 740 = 11,717 kg/h

Distillate flow rate, D = Gy — Ly = 12,457 — 11,717 = 740 kg/h

Mass balance in the stripping section:

Vapour flow rate, G = Gy — (1 — ¢g) * E =9990 — 0(1 — 0) * 2467 = 12,457 —
2467 = 9990 kg/h

Liquid flow rate, Ly = Ly + g * E= 11,717 + 0 * 2467 = 11,717 kg/h

Bottom draw flow rate, B = Lo — Ga = 11,717-9990 = 1727 kg/h

Energy balance:

Condenser duty, Qc = G * r = 12,457 % 100 = 1,245,700 W
Reboiler duty, Or = Oc+¢gp +¢gs +gv — gt

Distillate heat gp =D * ¢ * tp =740 * 0.4 * 160 = 47,360 W

Bottom draw heat gg = B * ¢ * tg = 1727 * 0.4 * 210 = 145,068 W
Feed heat ge = E * (c*tg+r)=2467 * (0.4 * 174 + 100) = 418,403 W

Or = 1,245,700 + 47,360 + 145,068 + 0 — 418,403 = 1,019,725 W
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Cross-check:

1,019,725

— 10,197 k kg/h
00 0,197 kg/h > 9990 kg/

A
La = Go+B=10,197 + 1727 = 11,924 kg/h > 11,717 kg/h
With the energy balance, insignificant higher vapour and liquid loadings result in
the stripping section.
Example 1.5.2.3: Mass and energy balance for ¢ = 0.75 (25% vapour) and
Ow=0
R=txk =160°Ctz=tg =174°Cqg=0.75 RV =125 qgy=Q0w=0W

Mass balance in the rectification section:

Vapourflowrate, Gy =RV + D*D+ (1 —q*E =125+ 1)*740 + (1 — 0.75) *
2467 = 10,607 kg/h

Liquid flow rate, Ly = Gy — D = 10,607 — 740 = 9867 kg/h

Distillate flow rate, D = Gy — Ly = 10,607 — 9867 = 740 kg/h

Mass balance in the stripping section:

Ga=Gy—(1—-—¢q) * E=10,607—- (1 —0.75) * 2467 =10,607 — 617 =
9990 kg/h vapour

La=Ly+qg * E=9867 +0.75 * 2467 = 11,717 kg/h liquid in the striping
section

Bottom draw, B = Ly — G = 11,717-9990 = 1727 kg/h bottom draw flow rate

Energy balance:

Condenser duty, Oc = Gk * r = 10,607 * 100 = 1,060,700 W
Reboiler duty, Or = Oc +¢gp + g8 +gv — gk

Distillate heat gp =D * c *1tp =740 * 0.4 * 160 = 47,360 W
Bottom draw heat gg =B * ¢ * tg = 1727 * 0.4 * 210 = 145,068 W

Feed heat Ge=E* (c*tg+ (1 —q) * r)=2467 * (0.4 * 174 + 25)
= 233378 W

Or = 1,060,700 +47,360 + 145,068 + 0 — 233,378 = 1,019, 750 W
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Cross-check:

1019750

- — 10197 k k
' =100 0197 kg/h > 9990 kg/h

Lo = Ga+B=10,197+ 1727 = 11,924kg/h > 11,717kg/h

With the energy balance, insignificant higher vapour and liquid loadings result in
the stripping section.

Example 1.5.2.4: Mass and energy balance for ¢ = 1 considering a heat loss of
Ow = 60 KW in the column

R=tx =160°C 7 =t =174°C g=1 RV =125 qVZQW:60kW

Mass balance in the rectification section:

Vapour flowrate, Gy =RV + D*D+ (1 —g@)*E=(125+D*740+ (1 — 1)
* 2467 = 9990 kg/h

Liquid flow rate, Ly = Gy — D = 9990 — 740 = 9250 kg/h =RV * D =125 *
740

Distillate flow rate, D = Gy — Ly = 9990-9250 = 740 kg/h

Mass balance in the stripping section with Gy for the heat loss
QW =qv = 60 kW
Ow _ 60000

== k
Gw == = =55~ = 600 ke/h

Vapour flow rate, Go=Gy—(1-¢q) * E+Gyw=9990-(1-1) *
2467 + 600 = 10,590 kg/h

Liquid flow rate, Ly = Ly + g * E + Gw = 9250 + 1 * 2467 + 600 = 12,317 kg/h

Bottom draw flow rate, B = Ly — G = 12,317 — 10,590 = 1727 kg/h

Energy balance:

Condenser duty, Qc = Gk * r = 9990 x 100 = 999,000 W

Distillate heat gp=D *c*tg =740 * 0.4 * 160 = 47,360 W
Bottom draw heat gg =B * ¢ * g = 1727 * 0.4 * 210 = 145,068 W

Feed heat qge =E*c*1t;,=2467 * 04 * 174 = 171,703 W
Heat loss Ow = gv = 60,000 W

Reboiler duty, Or = Oc +¢gp + g8 + Ow — ¢E
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Or = 999,000 447,360 + 145,068 4 60,000—171,703 = 1,079,725 W
Required vapour flow rate to bring the required heat from the bottom:

1,079,725

= 10,797 k 1 k
00 0,797 kg/h > 10,590 kg/h

A

La = Go+B=10,797 + 1727 = 12,524 kg/h > 12,317 kg/h

With this energy balance, rather higher vapour and liquid loadings result in the
stripping section due to heat losses.

Example 1.5.2.5: Mass and energy balance for real conditions with heat loss,
subcooled reflux, and subcooled feed
t7=90°C tr =153°C ¢ =1336 heatloss Qw = gv = 60kW
Mass balance in the rectification section considering the subcooled reflux:
Refluxrate R = RV % D = 12.5 % 740 = 9250kg/h

Calculation of the vapour flow rate, Gg, for heating the subcooled reflux to the
top temperature:

G _ Rxcx (g —tr) 9250 % 0.4 (160 — 153)
R r - 100

=259 kg/h

Vapour flow rate, Gy = (RV + 1)*D + Gg = (12.5 + 1) *740 + 259 = 10,249 kg/h
Liquid flow rate, Ly = R + Gg = 9250 + 259 = 9509 kg/h
Distillate flow rate, D = Gy — Ly = 10,249 — 9509 = 740 kg/h.

Mass balance in the stripping section considering the heat loss of the column
and the subcooled feed:

Heat loss of the column, Qw = gy = 60,000 W

Required vapour flow rate, Gy, to balance the heat loss

~ Qw _ 60,000

Gw == 100

= 600 kg/h

Calculation of the g value for the subcooled feed with 90 °C

A% (174 —
|y 04 (174 - 90)

=1
100 ,336

q:
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Calculation of the vapour flow rate, Gg, for heating the subcooled feed to the
bubble point temperature of the feed stage:

Ge = (q— 1)+ E = (1336 — 1) x 2.467 = 828.9kg/h

Vapour flow rate, Ga = Gy + Gg + Gw = 10,249 + 828.9 + 600 = 11,677.9 kg/h

Vapour flow rate, Go =Gy — (1 —q) * E+ Gw =10,249 — (1 - 1.336) *
2467 + 600 = 11,677.9 kg/h

Liquid flow rate, Ln=Ly+ (g * E)+ Gw=9,509 + 1,336 * 2467 +
600 = 13,404.9 kg/h

Bottom draw flow rate, B = Ly — Ga = 13,404.9 — 11,677.9 = 1727 kg/h

Energy balance:

Condenser duty, Oc = Gk * (r+c* (txk — r)) = 9990 * [100 4+ 0.4 * (160 — 153)]
= 1,026,972 W

Distillate heat gp=D *c*tg =740 * 0.4 * 153 = 45,2883 W
Draw stage heat ¢gg =B * ¢ * tg = 1727 * 0.4 * 210 = 145,068 W
Feed heat qge =E * ¢ *t; =2467 * 0.4 * 90 = 88,812 W
Heat loss Ow = gv = 60,000 W

Reboiler duty Or = Oc +¢gp + g8 + Ow — ¢E

Or = 1026,972 4 45,288 4 145,068 + 60,000—88,812 = 1,188,516 W
Required vapour flow rate to bring the required heat to the bottom:

1,188,516

= 11,885 kg/h > 11,677.9 kg/h
A 100 ’ g > ’ g

Lan = Ga+B = 11,885+ 1727 = 13,612kg/h > 13,404.9kg/h

With this energy balance, slightly higher vapour and liquid loadings result for
the stripping section.

1.5.3 Required Column Diameter

The required flow cross section, A, in the column or the column diameter, D, for the
vapour flow rates, Gy and G,, in the rectification and stripping section are deter-
mined with the F factor (see Chaps. 9 and 10)
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G(kg/h) G R
= = F:
3600  F + \/py 3600*W*p\,(m) WEVPY
4xA
D=
“2 (m)

where A = flow cross section (mz); D = column diameter (m); w = vapour flow
velocity (m/s); and pp = vapour density (kg/m”)

Example 1.5.3.1: Determination of the required column diameter

Gy =5000kg/h F=12 py=145kg/m’

F 1.2
W—=—=—=
Vov V145
5000/3600 5000/3600
_ 300073600 _ ) g 2 3000/3600 _ o o
1.2 %/1.45 1+1.45

D— /0.96*4:1'1m
T

1.6 Selection of Column Internals

In selecting the column internals the following points have to be considered:
throughput capacity, pressure loss, number of separation stages, side draw facility,
fouling dangers (for instance, by residue or tar).

The internals determine the required height of the column. For instance you may
have a 13-m high column for 50 theoretical stages with gauze packing or 25-m high
column for 50 theoretical stages with cross flow stages.

Design criteria

Random packed and structured packed columns:

HTU value = packing height for a transfer unit (m packing)

HETP value = packing height for a theoretical stage (m packing)

Flooding factor and pressure drop

Minimum irrigation rate

Internals: support plates, liquid distributors, liquid collectors and redistributors, and
gas distributors

Design information:

Random packing: NT = 1.5-2 theoretical stages per metre of packing height
Sheet packing: NT = 2-3 theoretical stages per metre of packing height
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Gauze packing: NT = 4-5 theoretical stages per metre of packing height

Ratio of column diameter/packing diameter ~ 10: 1

Gas loading factor, F = w * ,/pg = 2—2.5

Liquid loading ~ 4-80 m*/m*h

Pressure drop ~ 1-4 mbar/m

A good liquid distribution is very important for to the overall effectiveness of the
process.

Tray columns:

NT = 1.6 theoretical stages per metre of column height for valve, sieve, tunnel, or
bubble cap trays

Allowable vapour velocities in view of entrainment and pressure drop
Dimensioning of the downcomer area for the liquid

Design information:

Gas loading factor, F = w * /pg = 1.5-2.

Gas velocity = 80% of Wax-

Determination of the column diameter assuming an 80% active area for the vapour
and a 20% active area for the liquid downcomer.

Free hole area ~ 8-10% of the cross sectional area.

Weir height ~ 30-60 mm.

Weir overflow height ~ 5-40 mm.

Tray spacing ~ 400-600 mm.

Cross-check calculations for weeping, entrainment, and flooding for all column
cross sections with different vapour and liquid loadings should be carried out. In
Chaps. 9 and 10 the fluid dynamic dimensioning is covered in detail.

1.7 Condensers [2]

The selection of an adequate condenser and the calculation of dew and bubble
points as well as the condensation lines and the determination of the heat transfer,
and overall heat transfer, coefficients for a given problem are dealt with in
numerous examples found in the “Heat Exchanger Design Guide” [2].

The different condenser construction types are shown in Fig. 1.6:

e Condensation horizontal in shells or in the tubes.
e Condensation vertical in shells or in the tubes.
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Horizontal
in the shell

Horizontal
in the tubes

+2
Vertical Vertical
in the tubes in the shell
D = Vapor inlet K = Condensate outlet

E = Venting W = Cooling Water

Fig. 1.6 Condenser construction types

1.8 Reboiler [2]

The different evaporator types are shown in Figs. 1.7 and 1.8. The advantages and
disadvantages of the different construction types along with the designs with the
calculations of the overall heat transfer coefficients are covered in the “Heat
Exchanger Design Guide” [2]. Reboiler/evaporator types are:
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Circulating thermosyphon reboiler
< Eﬂ : D
K

Vertical

Horizontal

Forced circulation reboiler
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D77 OF
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L | |
|
K 2
Vertical Horizontal
D = steam K = Condensate F = Circulation rate

Fig. 1.7 Thermosiphon and forced circulation evaporators

Thermosiphon circulation reboiler, vertical or horizontal.
Thermosiphon once-through reboiler, vertical or horizontal.
Forced circulation and flash evaporator.

Shell-and-tube and internal evaporators (heating coils).
Falling film reboiler.

1.9 Vacuum Pumps [3]

First the required suction capacity is determined for a given problem and then a
suitable vacuum pump, with a corresponding suction capacity at the required
operating pressure, is selected.

In addition to the leak rate from leakages, non-condensable gases from reactions
or degassings have also to be considered.
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Fig. 1.8 Reboiler types for Flash evaporator
distillation plants .
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In the “Wérmetausch-Fibel II” [3] it is shown how required suction capacities for
different problem definitions is determined in addition to what has to be considered
in the selection of the different vacuum pumps, i.e.:

Required suction capacity for the evacuation.
Required suction capacity for inert gases and vapours.
Determination of the leak rate from the equipment.
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Flow velocities and pressure drops in the vacuum lines.
Unloading of the vacuum pumps by condensation.
Optimal combination of different vacuum pumps.

Selection of vacuum pumps with advantages and disadvantages:

Oil lubricated rotary disk pumps (problem: vapor condensation).

Liquid ring pumps (problem: cavitation and suction capacity).

Dry running vacuum pumps (problem: high temperature and explosion protection).
Steam jet pumps (problem: waste water contamination).

1.10 Control Facilities [5]

The required process conditions in a column are determined by the composition of
the feed mixture and the required specifications for the top and bottom product. In
order to achieve the desired separation the column must operate under equilibrium
conditions.

The evaporator must steadily supply the required heating energy.
The pressure in the column must be held constant.

The condensation of the vapour must be correctly controlled.
The flows must be fed and drawn steadily.

e Instruments for the following problem definitions are required:

e Feed flow control and control of product draws from the column: distillate, side
streams and bottom products.

e Level control and heat supply control from steam or hot oil.
Cooling of the condenser and the after coolers for the products.

e Column pressure control.

Often a special control has to be installed for the special separation problem. In
the following text are some examples of the control facilities in distillation columns
(Figs. 1.9, 1.10, 1.11, 1.12, 1.13, 1.14, 1.15, 1.16, 1.17, 1.18, 1.19, 1.20, 1.21, 1.22,
1.23, 1.24, 1.25 and 1.26).
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Fig. 1.9 Conventional
column control according to
F.G. Shinskey (5)
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Fig. 1.11 Feed control from
tank

Fig. 1.12 Level control for
bottom product

Fig. 1.13 Distillate control
for constant feed

Vo

Fig. 1.14 Distillate control

co i
for variable feed NTROL SET
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Fig. 1.15 Cascade control CONTROL SET
for feed

Fig. 1.16 Heat supply on
level control
el

CONTROL SET é E

Fig. 1.17 Heat supply on

flow control HEAT
UPPLY

Pl

.
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Fig. 1.18 Heat supply on
temperature control

Fig. 1.19 Stable heat flow by
temperature and flow control

Fig. 1.20 Optimum
temperature point for
controlling heat supply
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Fig. 1.21 Temperature
controlled reflux

Fig. 1.22 Differential
pressure control for heat
supply

Fig. 1.23 Temperature
controlled cooling water

Fig. 1.24 Pressure control by
venting

1 Planning of Distillation and Absorption Columns

HEAT SUPPLY

PRC
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Fig. 1.25 Pressure control
with cooling water

Fig. 1.26 Pressure control by
flooding condenser bundle

1.11 Heating Systems with Steam or Hot Oil [3]

The most important aspects in the selection of a heating system with steam- or
liquid-heating fluids are covered in [3] and what has to be considered in the design
and control of the heating system is also shown.

1.11.1 Heat Transfer Coefficients

Figure 1.27 shows that the heat transfer coefficients of condensing steam and hot
water are substantially better than the heat transfer coefficients of organic heat
transfer fluids.

1.11.2 Steam Heating [3]

Steam heating is preferentially used because it has great advantages:

e Extensive isothermal heating over the whole heating area.
e Very good heat transfer coefficients >6000 W/m*K.
e No large circulation rates as in heat transfer fluids.

Figure 1.28 shows the steam feed control, for fast control, whereas in Fig. 1.29
the control of the condensate drain is shown for a very wide working range [3].
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Fig. 1.27 Heat transfer coefficients of condensing steam, hot water, and hot oil
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Fig. 1.28 Steam feed control for steam heated equipment
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Fig. 1.29 Condensate drain control for steam heated equipment

Fig. 1.30 Primary heating
circuit for hot oil
5
} :
/)
NS

Constant high hot oil inlet temperature and relief valve

®

[

Threeport control valve for hot oil with bypass line

Disadvantage: High inlet temperature for all consumers
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Fig. 1.31 Hot oil heating
R . . A
with secondary circulations O

A J

Secondary circuit with variable inlet temperatures

7 O

N

Secondary circuit for heating and cooling

Advantage: Heating with the lowest required inlet temperature
1.11.3 Heating with Hot Oil [3]

An organic heat transfer agent has the advantage that the heating system and the
heated equipment only needs to be designed for low pressures even at high tem-
peratures above 200 °C.

Disadvantages:

Poor heat transfer coefficients in comparison to steam or hot water.
No isothermal heating.

Large heat exchange areas are required.

Large heat transfer fluid rates must be moved by pumping.

The possible heating systems are shown in Figs. 1.30 and 1.31.

In the primary heating circulation, according to Fig. 1.30, all heat exchangers are
fed with the highest oil temperature exiting the oil pipe still. Therefore, thermal
damage of the product can occur.

The heating loads are influenced by the heating demands of other consumers and
by the variations in the heater. By throttling the hot oil rate the flow velocity is
reduced and hence so is the overall heat transfer coefficient.

Heating with secondary circulations is shown in Fig. 1.31 and is considered
much better.
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Fig. 1.32 Cooling water systems
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1.12 Cooling Systems [3]

1.12.1 Cooling Water Circulation Systems

Figure 1.32 shows the different possible systems for cooling the water: river water
cooling, air cooling, as well as open and closed cooling towers.

1.12.2 Comparison Between a Cooling Tower and an Air
Cooler

Advantages of the cooling tower

e Lower cooling water temperatures than with air coolers because the wet-bulb
temperature and not the dry-air temperature determines the possible cooling.

e Due to the constant wet-bulb temperature there are only low variations in the
cooling water flow temperature.

e Lower investment costs.

Disadvantages of the cooling tower

Treatment and fresh water costs leading to higher operating costs.
Enrichment of salts and of air in the cooling water leading to corrosion and
precipitation.
e Salt precipitation makes this method unsuitable for higher temperatures >50 °C.
e Fog and ice formation at cold temperatures.

Advantages of the air cooler

e No problem with corrosion, salt precipitation, biological fouling, and freezing.
e No additional water and water treatment needed — inhibiting costs.
e No problems with product contamination.

Disadvantages of air coolers

e Strong dependence on the air temperature leading to high water exit tempera-
tures in the summer.

e Overdimensioned design for hot days in summer leading to overcooling in the
winter.

e Maldistribution by wind and fouling.
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The main problem with air coolers is their dependency on the ambient temper-
ature which can be in the range 35-40 °C for summer daytime. This can be
resolved by spraying water which leads to evaporation and thus a reduction in the
air temperature. For example, 35 °C hot air with a 40% relative humidity can be
cooled to 27 °C using this technique.

The following points must be considered thereby

e The danger of salt or calcium precipitation from salty water exists. It is rec-
ommended to use condensate during the hottest summer days.

e The indosed water droplets must vaporize before the heat exchanger in order to
affect air cooling. The residence time must therefore be sufficient.

e Salty droplets must not hit and evaporate on the finned tubes of the heat
exchanger.

1.12.3 Cooling Water by Evaporating a Refrigerant
or Adiabatic Evaporation

If very low water temperatures are required a refrigeration unit must be used. The
flow chart in Fig. 1.33 illustrates this mode of operation [3].

Another method is adiabatic water evaporation in the vacuum. In Fig. 1.34 the
cooling time at different suction capacities of the vacuum pump is shown.

Fig. 1.33 Chilled water
circulation cooled by a
refrigeration unit

Refrigeration unit

e

[ ]
1 T ]

Chilled water circuit

7 3
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1.12.4 Direct Condensation in Columns [6]

If the vapour to be condensed contains a high melting point product, for instance
Naphthalene with a melting point of 80 °C, these products crystallize out in a
water-cooled condenser and create a blockage. In such cases it makes more sense to
bring the vapour into direct contact with a suitable lean oil, for instance tar oil, in a
packed column for direct condensation.

Another example is the direct condensation of solvents from exhaust air. The
heat transfer coefficient in the condensing solvent vapour, containing inert gas, is
poor and the undesired fog formation results in heavy cooling.

In such cases a cold wash is adopted. The exhaust air stream is washed with a
cold solvent. For instance exhaust air containing methanol is washed with —20 °C
cold liquid methanol or on the other hand exhaust air containing gasoline with
—30 °C cold liquid gasoline.

The flow sheet of a “cold wash with its own juice” is shown in Fig. 1.35.
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Chapter 2

Equilibria, Bubble Points, Dewpoints,
Flash Calculations, and Activity
Coefficients

2.1 Vapour Pressure Calculations

The basis for all phase equilibrium calculations are the vapour pressures of the
components. The vapour pressure is derived using the Antoine Equation and
Antoine Constants A, B, and C.

A—B
Antoine Equation : 1 ==
qu EP0=CC0)

Example 1.1: Calculation of the vapour pressures of benzene and toluene
(Fig. 2.1).

Benzene Toluene

A=7.00481 A =17.07581
B =1196.76 B = 1342.31
C =219.161 C =219.187

Temperature Benzene vapour pressure  Toluene vapour pressure

50°C pop = 362 mbar por = 123 mbar
98°C pos = 1704 mbar por = 698 mbar
103°C pos = 1950 mbar por = 812 mbar

2.2 Phase Equilibrium of Ideal Binary Mixtures

The equilibrium between the liquid and the vapour phase is calculated according to
the laws of Dalton and Raoult.

© Springer International Publishing AG 2017 39
M. Nitsche and R. Gbadamosi, Practical Column Design Guide,
DOI 10.1007/978-3-319-51688-2_2
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Fig. 2.1 Vapour pressure of 1400 — T
different components as a
function of temperature 1200
% 1000
Z 1000
8
£ 800
‘
£ 600
5
;i’_ 400

200
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Temperature (°C)

—i— Water =4—Isopropanol =8-Ethyl acetate
—8—Hexan —=—Benzene =6=Toluene

Dalton:
P1 =1 * Pt Po=p1+p2+p3+...p;i
Raoult (Fig. 2.2):

P1 = X1 * po1 P2 = X2 % po2

Pioy = X1 % po1 + X2 % poz + X3 % po3 + . ... X; * poj

Equilibrium equation: y; * P, = p; = x; * po;

_Xi*poi _ Pi
= B2
P tot P tot
y; = concentration of the component i in the vapour phase (mole fraction)
x; = concentration of the component i in the liquid phase (mole fraction)

P = total pressure (mbar)
Poi = vapour pressure of the component i (mbar)
p; = partial pressure of the component i (mbar)

Example 2.2.1: Calculation of the partial pressures and the vapour compositions
for an ideal binary mixture.

x1 = 0.6 po; = 800 mbar
Xy = 0.4 Po2 = 1300 mbar
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Calculation of the partial pressures according to Raoult:

p1 =x1 *po; = 0.6 x 800 = 480 mbar
P2 = x % pop = 0.4 % 1300 = 520 mbar
P, = 1000 mbar

Calculation of the vapour concentration according to Dalton:

Pi 480
=—=—=04 Ifr. =4 1
= 5= 1000 0.48 mo 8 mol%
m 520
=~ =——=0.52 molfr. = 52 mol
¥2= 5= 1600 molfr mol%

In order to simplify the calculation of phase equilibria a separation factor o is
introduced, often also called the relative volatility o, defined as the ratio of the
vapour pressures of the two components, or the ratio of the equilibrium constants,
K, of the components of the ideal mixture.

I St
27 Py K,

Calculation with the relative volatility o assumes that both vapour pressure
curves are fairly parallel in the logarithmic representation (see Fig. 2.3).

In Fig. 2.4 it can be seen that the relative volatility becomes smaller with rising
temperatures. The separation becomes more difficult with increasing temperatures.

Due to the fact that the relative volatility in the rectification section, and in the
stripping section, is different, a geometrical average is formed from the separation
factor ay in the rectification section and the separation factor o4 in the stripping
section.

Fig. 2.2 Graphical
representation of the laws of Poz2
Dalton and Raoult for an ideal T )
mixture LOQ\KO“

@ *P1

z L\ %)

- o0

£ @

*QO'L &
Po1 Q{—‘i"f' %
<l *Po,
Xy =1 Xp=1
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Fig. 2.3 Vapour pressure curves of benzene, toluene, and xylene
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Fig. 2.4 Relative volatilities for the separation of benzene/toluene and benzene/xylene as a
function of temperature

Oay = /Oy * 04

Using the relative volatility o one gets a very simple equation for the calculation
of the phase equilibrium between the composition in the vapour and the compo-
sition in the liquid.
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o * X
I+ (—1)%x

(molfraction) x=— 2 (molfraction)

I Ca—(x—1)*y

Example 2.2.2: Calculation of the vapour composition y, for a liquid composition
of X1 = 0.2. Po1 = 400 mbar Po2 = 200 mbar X1 = 0.2 Xy = 0.8

400

- _9
"= 200
ok X 2%0.2

A I (- D*x 1+(2-1)%02
Piot = X1 % por +x2 % poz = 0.2 % 400 + 0.8 + 200 = 240 mbar
_xy1#por _ 0.2%400

= 0.33 molfr.

=0. Ifr.
Y1 P, 240 0.33 molfr
Cross-check calculation for x:
Vi 0.33
frng = = 0.2 lf .
N T (= D*y 2-(2-1)%0233 ottt
x| = Yi*Po 0.33 %240 = 0.2 molfr.

Po1 400

In American literature the equilibrium constant K, which is defined as the ratio of
the compositions in vapour and liquid, is often used instead of the relative volatility o.

K =i _ Poi
Xi Pges
% % 1-K,
= *X] = *
Y1 1 1 1 K —K,
n 1=K
Xl =75 =
Ky K —K;

Example 2.2.3: Equilibrium calculation with the equilibrium constant K.

x1 =0.6 po; =800mbar p; = 0.6 x 800 = 480 mbar
x; = 04 pep =1300mbar p, = 0.4 % 1300 = 520 mbar P, = 1000 mbar

Calculation of the equilibrium factor K:

yi  por 800
K =2t =00 7 g
YTy P 1000

1
_n_pe 130,

K — - =
27 %, Po 1000
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Calculation of the vapour composition y:

v = K; xx; = 0.8 % 0.6 = 0.48 molfr.
- K 1-1.3

1
=K = 0.8 x ———— = 0.48 molfr.
=R TR, “08—-13 ot
Cross-check calculation of x;:
0.48
m:%%:6§:06mMﬁ
1-K 1-13
X 2 _ = 0.6 molfr.

K —-K, 08-13

2.3 Bubble Point Calculation

The bubble point of a mixture is defined as follows:
2y, =2K;xx; =1
The bubble pressure Py can be calculated directly.
Proit = x1 % po1 + X2 * poa

A simple method for calculating the bubble temperature of a mixture is the
calculation of the bubble pressure from the sum of the partial pressures.

At the bubble temperature the bubble point pressure must be equal to the system
pressure P, The following example shows the procedure.

Example 3.1: Iterative bubble point calculation for a benzene-toluene mixture
30 mol% benzene in the liquid phase (x = 0.3)
70 mol% toluene in the liquid phase (x = 0.7)
Py = 1000 mbar pgg = vapor pressure of benzene
por = vapor pressure of toluene

First choice :  t=95°C pog = 1573 mbar por = 634.4mbar

Ppoit = 0.3 % 1573 + 0.7 * 634.4 = 916 mbar Proit is too low!

Second choice : = 100°C pop = 1807 mbar por = 740 mbar
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g. 2.5 Bubble point determination by graphical interpolation

Proit = 0.3 % 1807 4+ 0.7 x 740 = 1060 mbar Phoil 1s too high!
Third choice : ¢t =98°C pop = 1710 mbar por = 696 mbar
Proi = 0.3 % 1710 + 0.7 * 696 = 1000 mbar Pioii = 1000 mbar = correct!

Figure 2.5 shows how the bubble point determination can be simplified by
graphical interpolation. The sum of the two partial pressures must be equal to the
system pressure.

Cross-check calculation of the bubble point at 98 °C:
Vapour pressure of benzene pog = 1710 mbar
Vapour pressure of toluene pyr = 696 mbar

pos 1710
K =28 _ " 171
' Pt 1000
por 696
K, =2 — 272 _ 0.696
27 Po 1000

ZK,- =K #x;+Ky%x3 = 1.71 % 0.3 + 0.696 % 0.7 = 1

The bubble point specification is therefore fulfilled.
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2.4 Dew Point Calculation

The dew point of a mixture is defined as follows:
in = Zyl/Kl =1
The dew point pressure Pge, can be calculated directly.

L _»n_»

yi|
= P = -—
Piew  Po1 Po2 dow {Z }

Poi

1

The dew point temperature for a specific pressure is calculated iteratively until

the sum of the quotients y;/py; is equal to the reciprocal value of the system pressure
P,y The following example shows the procedure.

Example 2.4.1: Iterative dew point calculation for a benzene-toluene mixture.
30 mol% benzene in the vapour phase (y = 0.3)

70 mol% toluene in the vapour phase (y = 0.7)
P, = 1000 mbar

First choice :

t=100°C pos = 1807 mbar por = 740 mbar
— =4+ = =——+—=0.0011 Pgew = 899 mb too low!
Paw poi | poo 1807 740 de mbaris toofow
Second choice : = 104°C

pos = 2013 mbar por = 834.4 mbar

1 ! y2 0.3 0.7

=" 4 " =0.00099 Pgey
Piew por poz 2013 834.4 de

1012 mbar is too high!
Third choice : ¢ = 103.8°C por = 2002 mbar

por = 829 mbar
Ly > 03 0.7

= —— =0.001 Py, = 1000 mbar i t!
Paw Dot | poz 2002 ' 829 e mpariscorree

Cross-check calculation for the dew point at 103.8 °C:

2002 829
limil'gg Kzfmf0.824
Z& 0.3 n 0.7
K; 199 0.824

The condition for the dew point is fulfilled.

Figure 2.6 shows how the dew point can be determined by graphical
interpolation.
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Fig. 2.6 Dew point determination by graphical interpolation

2.5 Dew Point Calculation of Vapour
Containing Inert Gases

The dew point of a vapour mixture containing inert gas is reached if the sum of the
partial pressures of the vapours (3 y; * Pg,) reaches the vapour pressure of the
liquid phase by cooling.

Zyi*PD = ZZi*Ptot = in*l’(n

Pp = Pyt — PN

Pp = sum of the vapours partial pressures (mbar)

Py = inert gas partial pressure (mbar)

P, = total pressure in the system with inert gas (mbar)

y; = vapour composition based on the vapour partial pressure Pp

z; = vapour composition based on the total pressure P, with inert gas

Calculation of the dew point pressure without inert gas:

—1
_ Yi Vi ~__ Do
Poes — (zp—m) Yror k=l
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Calculation of the dew point pressure with inert gas:
z\ ! Zi Poi
P = i g K =24
w-(Th) Tk sh

Example 2.5.1: Dew point pressure calculation without inert gas.

y1 = 0.413 Py = 3009.3 mbarat 102°C
vo = 0.587 Py = 830.8 mbar

—1 —1
Vi 0413 0.587
Piew = = | — 1185 mb
d [Z POJ [3009.3 * oAt

830.8

3009.3 830.8
—277 954 Ky=—""—0.
"7 8s > 2= T185 07

ZX' 0413 N 0.587
T 254 07

Example 2.5.2: Dew point pressure calculation with inert gas.

40 Vol% vapour + 60 Vol% inert gas

y1 = 0.413 molfr. Poy; = 3009.3 mbar at 102 °C
v, = 0.587 molftr. Py, = 830.8 mbar

71 =04 x yy =04 *x 0.413 = 0.165 molfr.
22 =04 *x y, = 0.4 % 0.587 = 0.235 molfr.

Vapour fraction : Zzl +22=04
Inert gas fraction: z = 0.6

5 0.165  0.235
P ew — - = |\~~~ — =2961.3 mb
’ [ZPOJ [3009.3 * 830.8} mbar

3009.3 830.8
Ki=>—""—-1016 K,= —0.28
1720613 27 2961.3
S 0165 0235 _
"7 1016 028

With inert gas the dew point pressure is much higher and the dew point tem-
perature lies lower than it would without inert gas. In addition, with inert gas in the
vapour a much deeper cooling must take place in order to condense the vapour.
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2.6 Dew and Bubble Point Lines of Ideal Binary Mixtures

The bubble point of a liquid mixture is defined such that the sum of the partial
pressures of the mixture reaches the system pressure with the first droplet being
evaporated. Due to the preferred evaporation of light-boiling components,
high-boiling components increase in concentration and the bubble point rises. The
curve of the boiling temperature as a function of the composition of the
light-boiling components in the mixture is known as the boiling line.

Equation for the boiling point line:

_ Piot — po2 (

= molfraction light boilers in the liquid)
Pot — po2

X1 :f(l‘

The boiling point temperature increases with decreasing composition of
light-boiling components.

The dew point of a vapour mixture is the temperature at which the first droplet is
condensed. Due to the preferred condensing of high-boiling components the vapour
mixture is enriched with light-boiling components and the dew point temperature
drops.

The representation of the dew point temperature as function of the vapour
composition is referred to as the dew point line.

Equation for the dew point line:

_Po Po—po

yi=f(t) =
Q Pyt po1 — Po2

(molfraction light boilers in the vapor)

A diagram with bubble and dew point lines is called a phase diagram or tem-
perature—composition diagram.

Example 2.6.1: Construction of the temperature—composition diagram for
benzene [1]-toluene [2] at 1013 mbar

Procedure:

1. Calculation of the two boiling points with the Antoine Equation.
The two boiling points are the end points in the temperature—composition
diagram.
Bubble point of benzene: 80.1 °C
Bubble point of toluene: 110.6 °C

2. Calculation of vapour pressures at different temperatures with the Antoine
equation.

3. Determination of the liquid composition x and the vapour composition y at the
different temperatures using the equations for the bubble and dew pointo lines.
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Calculation results:

Temperature (°C) Po1 (mbar) Po2 (mbar) x1 (molfr.) y1 (molfr.)
80.1 1013 390 1.000 1.000

83 1107 430 0.861 0.941

86 1211 476 0.731 0.874

89 1322 525 0.612 0.799

92 1442 578 0.504 0.717

95 1569 636 0.404 0.626

98 1705 698 0.313 0.527

101 1850 765 0.229 0.418

104 2004 836 0.151 0.300

107 2168 913 0.080 0.170
110.6 2378 1013 0.0 0.0
Bubble point line : x; = f(temperature) Dew point line : y; = f(temperature)

Po1 = vapour pressure of benzene py, = vapour pressure of toluene
x1 = liquid composition of the lighter boiling component of benzene (molfraction)
y; = vapour composition of the lighter boiling component benzene (molfraction)

Figure 2.7 depicts the temperature—composition diagram of the benzene—toluene
mixture.

The dew point of a vapour mixture with 30 mol% benzene and 70 mol% toluene
lies at 104 °C. The bubble point of the mixture lies at 98 °C. The first liquid droplet

1
x 09 —
2 \.\-. b\“----.... [ . |
£ 08 /\‘ s —] | Dew line |
> o7 '\\ <
o —
8 oo —| Bubble line [—< = &=
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N o2 Boiling point/ L
g NN
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iy
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—+—Bubble line = Dew line_

Fig. 2.7 Temperature—composition diagram for the benzene—toluene mixture
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condenses at a 104 °C dew point. At the bubble point of 98 °C the total mixture is
liquid. In order to condense the total mixture the mixture has to be cooled down
from 104 to 98 °C. When evaporating, the mixture must on the contrary be heated
from the bubble point to the dew point.

2.7 The Bubble Point and Dew Point
of Immiscible Mixtures

One example of common mixtures of this type is the mixture of hydrocarbons and
water. In an immiscible mixture both liquid phases exert temperature dependent
vapour pressures.

Bubble point:
The bubble point pressure Py results from the sum of the hydrocarbon vapour
pressures P, and the water vapour pressures Py,

Pboil=P0rg + Pw

This equation is the foundation for steam stripping.
By introducing water or steam the bubble point of hydrocarbons is reduced.

Example 2.7.1: Bubble point of a toluene-water mixture at 1010 mbar.
Temperature: 84 °C.
Toluene vapour pressure at 84 °C = 444 mbar.
Water vapour pressure at 84 °C = 566 mbar.
Pyoir = 444 + 666 = 1010 mbar.

The bubble point for the toluene-water mixture is 84 °C at 1010 mbar.
Dew point:

In the dew point calculation the composition of the vapour is used as opposed to the
bubble point calculation. The dew point is defined as the point at which the partial
pressure equals the vapour pressure of the respective component. In a vapour
mixture the component that first condenses out is the component whose partial
pressure reaches the vapour pressure of the component. The higher the vapour
composition the higher the partial pressure and the earlier condensing out of the
component occurs.

Porg :yorg*Ptot Pw = yw * Pt

The dew point is reached when the vapour pressure of the component falls below
the partial pressure of the component.
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Poorg < Porg  The vapour pressure of the organic component is lower than the
partial pressure, leading to the dew point of the organic component.

Pow < Py  The vapour pressure of water is lower than the partial pressure,
leading to the dew point of water.

Example 2.7.2: Determination of the dew point of a toluene-water mixture.

(a) Water condenses first:
Water vapour composition in the vapour yw = 0.63; P, = 1 bar.
Water vapour partial pressure Py = 0.63 * 1000 = 630 mbar.
Water has a vapour pressure of Pyw = 630 mbar at 87.2 °C.
The dew point is 87.2 °C.
Water condenses first.

(b) Toluene condenses first:
Toluene composition in the vapour yo, = 0.578; P = 1 bar.
Toluene partial pressure Py, = 0.578 * 1000 = 578 mbar.
Toluene has a vapour pressure of Py, = 578 mbar at 92 °C.
The dew point is 92 °C.
Toluene condenses first.

2.8 Flash Calculations for Ideal Binary Mixtures [1]

At the bubble point the total mixture is liquid.

At the dew point the total mixture is vapour.

The vapour and liquid rates change between bubble point and dew point.

When heated to t; and vaporized at pressure P, a part of the liquid will be
vaporized (Fig. 2.8).

When cooling the vapour mixture to the temperature t, a part of the vapour
condenses (Fig. 2.8).

Using the flash calculation the vapour composition of the mixture at tempera-
tures between bubble point and dew point is calculated. The compositions in the
vapour and liquid phase when cooling or heating are also determined with the
equilibrium factors.

How much of the mixture is vapour at temperatures between bubble point and
dew point?

The calculation of the vapour fraction V of the feed F is accomplished with the
use of the equilibrium constants K; and K, for the vapour composition of the
light-boiling component z; as follows:
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s V,y‘.

Cooling h

Cooling and condensation of vapours

Fig. 2.8 Flash separation after heating liquid mixtures or cooling vapour mixtures

Ki-K,
V_axig -1

F K -1

What is the composition of the liquid and vapour fractions of the mixture?

1-K,
X =——
K —K,
y1 = Kj *x;

V = vapour rate (kmol/h).

F = feed rate (kmol/h).

K, = equilibrium constant of the lighter component 1.

K, = equilibrium constant of the heavier component 2.

z; = composition of the lighter component 1 in the feed (molfraction).

x; = composition of the lighter component in the liquid phase (molfraction).
y1 = composition of the lighter component in the vapour (molfraction).
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Example 2.8.1: Flash calculations for a benzene-toluene mixture with
Z1 = 0.3 = 30 mol% benzene in the vapour.

At the bubble point (98 °C) all is liquid.

At the dew point (104 °C) all is vapor.

Feed composition: 30 mol% benzene (z = 0.3 molfr.).

The vapour fraction at 100 °C has to be calculated:
t =100 °C.
P = 1000 mbar.
Vapour pressure of benzene pog = 1807 mbar.
Vapour pressure of toluene por = 740 mbar.

Py = 1000 m:
Benzene K| = l% = % = 1.807
Toluene K, = I;Z)Tt = % =0.74
V_ 03I o1 e

F 1.807-1
Therefore, 28.64 mol% from the feed is vapour at 100 °C!

Calculation of the compositions in liquid and vapour at ¢ = 100 °C:

1-0.74

“iso7—o7a 0*

X1

=> 24.37 mol% benzene in the liquid.

vy = 1.807 * 0.2437 = 0.44

= 44 mol% benzene in the vapour phase.

For the design of condensers and reboilers for mixtures the condensation curve
or the flash curve is required.

In these curves the vapour fraction V/F of the mixture based on the feed rate F is
plotted over the temperature of the mixture.

Example 2.8.2: Calculation of the condensation curve for the mixture ben-
zene—o0—xylene.
Inlet composition: z = 0.576 = 57.6 mol% benzene with vapour mixture.

T (°C) K, K, VIF X Wi

96 1.57 0.22 0 0.576 0.906
98.9 1.74 0.25 0.2 0.502 0.874
104 2 0.3 0.4 0.41 0.82
110.2 2.34 0.37 0.6 0.318 0.748
116.2 2.72 0.448 0.8 0.242 0.66
121 3.07 0.52 1 0.188 0.576
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Calculation at T = 96 °C:

Ki-K 1.57-0.22
1% Zl*lK 1 0576*1022_

F K -1 1.57 -1

1—K, 1-022
_ _ —0.576 — K, +x, = 1.57%0.576 = 0.906
NTKCK 157-022 =R ¥

Calculation at T = 98.9 °C:

\% 0576*174 0.25 -1

1-0.25 _
F- ama—1 02
1-025
M =174 005 OV i = 1.74 % 0.502 = 0.87

Calculation at 7 = 116.2 °C:

V 0576*272 —0.448 —1

_ 1-0.448 —=0.8
F 272 —1
1 —0.448
X = 5 e = 0242 y1 =272 % 0.242 = 0.66

Calculation at 7 = 121 °C:

V. 0.576 x 3072052 _ 4

T1-052 :1
F 3.07 — 1
1-052
=307 052 188 y1 =3.07 % 0.188 = 0.576

The condensation curve for the benzene—o—xylene mixture is depicted in
Fig. 2.9. The molar vapour fraction V/F drops from V/F = 1 at dew point at 121 °C
to V/F = 0 at bubble point 96 °C. The concentration of the light components of
benzene in the vapour and liquid phase against temperature are plotted in Fig. 2.10.

The required heat loads for the condensation of the benzene—o—xylene mixture
result from the enthalpies for the cooling of the vapour mixture along with the con-
densing and the cooling of the condensate. Figure 2.11 gives the calculated heat loads
for condensing a mixture of 1000 kg/h benzene and 1000 kg/h o—xylene as function
of temperature. In condensing and cooling from the dew point (121 °C) to the bubble
point (96 °C) of the mixture the required heat load increases from O to 230 kW.
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Fig. 2.9 Condensation curve for the benzene—o—xylene mixture given in Example 2.8.2
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Fig. 2.10 Benzene compositions in the vapour and liquid phase as function of temperature
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Fig. 2.11 Heat load curve for the condensation of 2 tonnes/h of the benzene—o—xylene mixture as
a function of temperature

Example 2.8.3: Flash calculations for a mixture of 30 mol% butane and

70 mol% pentane.

Pressure (bar) Boiling point temperature (°C) Dew point temperature (°C)
Xgu = 0.3 Xpen = 0.7 YBut = 0.3 Ypen = 0.7

1 19.5 28.9

2 41 50

3 55.3 64

4 66.3 74.7

Flash calculation at 4 bar:

Temperature (°C) Molar ratio V/IF
66 0.0
67 0.061
68 0.149
69 0.242
70 0.341
71 0.448
72 0.567
73 0.703
74 0.861
75 1.0
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V = vapour rate (kmol/h); F' = feed rate (kmol/h)

Figure 2.12 depicts the bubble points and dew points of the mixture as a function
of pressure.

The flash curve of the mixture of 30 mol% butane and 70 mol% pentane at a
pressure of 4 bar is shown in Fig. 2.13.

Temperature (°C)

10

et i B —
1 1,56 2 25 3 3,5 4
Pressure (bar)
- Boiling_te_;riperafure (°C) —=Dew point tgmperatﬁre{_‘c']m

Fig. 2.12 Bubble points and dew points of the butane—pentane mixture as function of pressure

1,2

0,8 //
' pes
06 + o~
ol .
et _

8 69 70 7 72 73 74 75
Temperature (°C)

Molar V/F ratio

Fig. 2.13 Flash curve for the V/F ratio of the butane—pentane mixture at 4 bar as a function of
temperature
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2.9 Calculation of the Equilibrium and the Bubble
and Dew Point Temperatures of Ideal
Multi-component Mixtures

In principle the same laws and equations hold as in the calculations for binary
component mixtures.

Pyt = X1 * po1 + X2 * poz + X3 * po3 + X; * po;

Do Pot i
yl 1 2 1 Pt()l 14 yl pol Kl

With the relative volatility o based on the vapour pressure pg, of the heaviest
component

Poi P2 Po3
o =— Oy = — o3 = —

Poh Pon Poh

oy * X1 ok X

y1 = =

St(og kxyFopxxa oz kxs) Y okx

y1/061 )’/0C

X1 = =

S (/o +y2/o0+y3/03) Y yi/ou

Example 2.9.1: Calculation of the vapour phase composition for a benzene—
toluene—xylene mixture.

Benzene : 30mol% x; = 0.3 po; = 1795 mbar at 100 °C
Toluene : 60mol% x, = 0.6 pgy = 732 mbar at 100°C
Xylene : 10mol%  x3 = 0.1 po3s = pos = 306 mbar at 100 °C

Calculation of the bubble pressure:
Proit = 0.3 % 17954 0.6 * 732+ 0.1 * 306 = 1008 mbar

The bubble point lies at 100 °C and 1008 mbar total pressure.
What is the composition of the vapour?

Po1 1795
B = — = 0.3 ¥ —— = 0.534 molfr.
enzene y; = xj * P, *1008 molfr
732
Toluene y, = 0.6 x 1008 — 0.435 molfr.
306
Xylene y; = 0.1 * —— = 0.031 molfr.

1008
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Cross-check calculation for the liquid composition x; of benzene:

o v * Pt()t o 0.534 % 1008
T Py 1795

= 0.3 molfr.

X1

Alternative calculation of the vapour composition using the relative volatility a
based on the vapour pressure of the heaviest component xylene with
Py, = 306 mbar:

1795 732 306
— 2P 587 _ 22539 20
= 306 %2 =306 %= 306

0.3%5.87

_ — 0.534 molfr.

I T 03%587+0.6%239+0.11 ot
0.6 %2.39

- — 0.435 molfr.

Y2 = 03%587+0.6%239+01x1 ot

- 0.1+1 — 0.031 molfr

Y3 03+5874+0.6%239+01x1 '

Cross-check calculation for xq:

TS y/a T 0.534/5.87+0435/2.39+0.031/1

The calculation of the bubble and dew points follows using the equations from
Sects. 2.3 and 2.4.

The bubble point of a mixture is defined as follows: Xy; = XK, xx; = 1

The bubble pressure can be calculated directly: Ppoj; = X1 * po1 + X2 * po2 + X3 * po3
The dew point of a mixture is defined as follows: X x; = X'y K; = 1

The dew pressure for the vapour composition z can be calculated directly:

1 21 22 23 24 [ Zi ] -
e s Piow = | > —
Poew pot P02 P03 Pos o ZP()i

Example 2.9.2: Calculation of the bubble point for a four-component mixture
C14-Cy7 at a pressure of 100 mbar.

x1=0315 x =0.276 x3=0.227 x4=0.182

The vapour pressures of the individual components are calculated.
The sum of the partial pressures > P; is plotted against temperature.
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Temperature (°C) Vapour pressure (mbar) S xixpoi =Y. P
Cuy Cis Cis Ciz

175 116.4 68.7 40.7 24.5 69.3 mbar

180 137.2 82.3 49.5 29.9 82.6 mbar

184 156.1 94.6 57.5 349 94.7 mbar

186 166.3 101.4 62 37.6 101.3 mbar

A bubble point temperature of 185.5 °C at 100 mbar is achieved by interpolation
(Fig. 2.14).

100 - — ey g — - ———— /_
- /
S -~
E /

2
3
% 80
(=9
o
© 70
[ii]
175 177 179 181 183 185

Temperature (°C)

Fig. 2.14 Bubble point determination for the C;,—~C,; mixture

Example 2.9.3: Calculation of the dew point for a four-component C4~Cy;
mixture at 100 mbar.

Vapor composition : z; = 0.315 72 = 0.276 z3 = 0.227 74 = 0.182

The vapour pressures are calculated using the Antoine Constants.

The quotient Y z;/py; is calculated for different temperatures.

At total pressure P = 100 mbar the dew point lies at the quotient > z/pg; =
1/100 = 0.01.

Temperature (°C) Vapor pressure (mbar) > zidpoi
Cus Cis Cis Ciz

200 255.0 160.2 101.3 62.7 0.0081

198 240.3 150.4 94.7 58.4 0.00866

196 226.4 141.1 88.4 544 0.00925

194 213.0 132.3 82.5 50.6 0.00985

192 200.5 123.9 76.9 47.1 0.0106
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Fig. 2.15 Determination of the dew point temperature for a C;4,—C;; mixture

A dew point temperature of 193.6 °C at 100 mbar is achieved by interpolation
(Fig. 2.15).

2.10 Flash Calculations for Ideal Multi-component
Mixtures [2]

For mixtures with more than two components the calculation must be performed
iteratively. The individual V/F values of the different components are calculated
with an estimate of V/F. The sum of the V/F values of the component must equal
the V/F estimate.

\% Zi L F 1
e —F —:——1:7
F ZH# vV v V/L

F Zi F Zi
i =% | —— Xi=—=% | —>——F
Yi=vy T+ vk Vo o\K+£L

The following is required for the calculation: the vapour composition z; of the
individual components as mole fractions and the equilibrium constants K; = pg;i/Pyor.
The calculation is carried out iteratively with an estimate of V/F value.
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VIF = molar ratio of the vapour rate V to the feed rate F.
F/V = molar ratio of the feed rate F to the vapour rate V.
L/V = molar ratio of the liquid rate L to the vapour rate V.

Example 2.10.1: Calculation of the L/V ratio.
VIF = 0.5 which means that 50% of the feed in kmol/h is vapour.

F 1 ! 1=1
v v 05
Example 2.10.2: Flash calculation for a four-component C;4~C,; mixture.
Pressure: 100 mbar
Temperature: 188 °C
First estimate: V/F = 0.3; L/F = 2.33

Component z; (molfr.) Py; (mbar) K; H;T*Kl

Cl4 0.315 177 1.77 0.1359

Cl15 0.276 109 1.09 0.0879

Cl16 0.227 67 0.67 0.0507

C17 0.182 41 0.41 0.0272
0.3017 = VIF,

> VIF; = 0.3017 > V/Fposen — choose the higher value for V/F — V/
F=032 — L/IV=2.125

Component z; (molfr.) HZZT*KL

Cl4 0315 0.14315

cis 0276 0.09357

Cl6 0227 0.05442

c17 0.182 0.02944
0.32058 = VIF;

> "VIF; > VIF hosen — choose the higher value for V/IF — V/IF =0.33 —
L/V =2.03

Component z; (molfr.) HQZ—I(B*%,

Cl4 0.315 0.14671

Cl15 0.276 0.09641

Cl6 0.227 0.05632

C17 0.182 0.03058
0.33002 = VIF;
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Fig. 2.16 Flash curve for the C;4,—C;7 mixture with a molar V/F ratio as a function of temperature

If the ratio Y V/F; < VIF — choose the lower value of V/F!
If the ratio > V/F; > V/IF — choose the higher value for V/F!
A deviation of 0.0005 is sufficiently accurate!

The flash curve for the C,4,—C;; mixture is depicted in Fig. 2.16.

2.11 Phase Equilibrium of Non-ideal Binary Mixtures

With non-ideal mixtures the laws of Raoult and Dalton are invalid. The partial
pressure lines are non-linear. Instead they curve upward or downward. Figure 2.17
shows the real partial pressures of methanol and water at 60 °C, considering the
activity coefficient and also the total pressure resulting from the partial pressures as
functions of the methanol composition.

With the ideal calculation the curves are linear according to the laws of Raoult
and Dalton. This is shown in Fig. 2.2. With the real calculation, considering the
activity factor y for the non-ideal behavior, the curves of partial pressure and total
pressure curve upward. A higher total pressure and a lower bubble point temper-
ature results for the mixture.

With azeotropic mixtures vapour pressure maxima and vapour pressure minima
can occur. This is shown in Figs. 2.18 and 2.19 for a mixture from A and B. The
calculation must be performed with a correction factor for the interaction of
the partial pressures. This correction factor is termed the activity coefficient y. The
activity coefficient is dependent on the composition in the liquid phase and the
temperature.
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Fig. 2.17 Partial pressure
and total pressure for the
non-ideal methanol-water
mixture at 60 °C as function
of methanol composition in
the liquid

Fig. 2.18 Partial pressures
for A and B and total pressure
A + B for an azeotropic
mixture with a bubble point
minimum
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In the calculation of the equilibria for two-component and multi-component
mixtures the interactions of the partial pressures are considered using the activity
coefficients. Section 2.12 shows how the activity coefficient is calculated using
different models. The following table of activity coefficients for methanol and water
at 60 °C illuminates the influence of the composition on the activity coefficient.
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Fig. 2.19 Partial pressures
for A and B and total pressure Boiling point maximum
A + B for an azeotropic A
mixture with a bubble point ¢
maximum 2
4
&
&
s
+
2
=
-]
A
o Liquid concentration ’.0
Methanol composition Activity coefficient of methanol Activity coefficient of water
(molfraction)
0.01 2.3069 1.002
0.05 2.0657 1.0035
0.1 1.8356 1.0131
0.2 1.5263 1.0462
0.4 1.2113 1.152
0.6 1.0737 1.2967
0.8 1.0153 1.4737
0.9 1.0035 1.5737
0.99 1.000 1.67

The correction of the partial pressures of the components of a mixture using the
activity coefficient y influences the vapour-liquid equilibrium as follow:

Pioi = 71 % X1 % po1 + 75 * Xz * pop(mbar)
Y1 % Prot = 71 * X1 * po1

Vapor composition:

* * * *
yi = X1 xPot * Ty (molfr.) yy = X2 % Pot * 72 (molfr.)
P tot P tot
Equilibrium constant:
* *
K, _Poi *7 K _Po2*7s



2.11 Phase Equilibrium of Non-ideal Binary Mixtures 67

Separation factor = Relative volatility a:

Ki 1% Por
Ky vy, %Py
K, = equilibrium factor for component 1
K> = equilibrium factor for component 2
P = total pressure in the system (mbar)

Po1 = vapour pressure of component 1 (mbar)
Po2 = vapour pressure of component 2 (mbar)
x1 = liquid composition of component 1

y1 = vapour composition of component 1

X, = liquid composition of component 2

Y, = vapour composition of component 2

y1 = activity coefficient of component 1

Y2 = activity coefficient of component 2

The activity coefficient y is strongly dependent on composition and can be
calculated using different models: Wilson, NRTL, Uniquac, and Unifac.

Example 2.11.1: Non-ideal equilibrium for methanol-water
Below is the equilibrium calculation for a methanol [1]-water [2] mixture at
92.1 °C and P, = 1000 mbar.

Required data for calculation:

x; = 0.0535 X2 = 0.9465
y, = 1.848 7, = 1.004
Por = 2.817 mbar py, = 756.4 mbar

_1.848 % 0.0535 % 2817

y = 1000 =0.279

. 1.004 = 01%4(1)?)5 * 756.4 — 0701

K, = %Oémlz = 55,221188 K, = % =0.761
o= é = g = 0-853

For comparison purposes the ideal relative volatility, without considering the
activity coefficient, is calculated below:

po1 _ 2.817

ideal = — =3.724
el = 756.4

Conclusion: The influence of y is substantial! Due to the activity coefficient
the separation factor is nearly doubled. The activity coefficient 7 depends on the
temperature and very strongly on the composition in the liquid phase.
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Example 2.11.2: Activity coefficient at different compositions.
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Influence of the composition on the activity coefficient of methanol [1] in water [2]

at 30 °C.

x1 = methanol composition in the liquid y; = activity coefficient of methanol

X1

0.001

0.01

0.1

0.15

0.2

71

2.596

2.521

1.968

1.765

1.609

The dependency on the temperature is shown in the following table for x = 0.1.

Temperature

30 °C

60 °C

85 °C

y according to Wilson 1.968

1.836

1.744

Remark At an azeotropic composition y = x and o = 1. Thus it follows that =
Po1/Po2 = V2/71

An azeotropic point is reached if the activity coefficient in the diluted phase is
greater than the vapour pressure ratio. In the following Figs. 2.20, 2.21, 2.22 and
2.23 some vapour-liquid equilibria of non-ideal mixtures are depicted. To illumi-

nate the pressure dependency of the phase equilibrium the equilibria at different
pressures are shown.
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equilibrium of acetone—water
at different pressures

0,6

-‘\-‘-‘-‘-"“"‘-—.

0,5

0,4 /

0,3

Vapour concentration (molfr.)

0,2

—E

0,1 |

0 -
0 01

02 03 04 05 06 O7 08 09 1
Liquid concentration (molfr.)

—+—1,013 bar — Diagonal —&— 6,89 bar —#—17,2 bar



2.11 Phase Equilibrium of Non-ideal Binary Mixtures 69

Fig. 2.21 Equilibrium of the 1

azeotropic ethanol-water 0.9
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Other examples for azeotropes with minimum bubble points are:
Ethylacetate—ethanol

Isopropanol-water

Methanol-benzene

Water—butanol

Methanol-trichlorethylene

Sulphur carbon—acetone
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Fig. 2.23 Equilibrium of the
azeotropic acetone—
chloroform mixture at

1013 bar with a maximum
bubble point

Other examples of azeotropes with maximum bubble points are:

Saltpetre acid—water
Water—formic acid

2.12 Calculation of the Activity Coefficients

2 Equilibria, Bubble Points, Dewpoints, Flash Calculations ...
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The calculation of the activity coefficients using different models is described in the
Refs. [3-6]. The required data for the calculations are given in [7]. In the following
text the calculation of the activity coefficients using 3 models is shown. A fourth
method is the Unifac Model, a group contribution method which does not require

measured equilibrium data.
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2.12.1 Calculation According to Wilson for Miscible
Components [8]

A :E*ex Mo
1.2 V1 P RxT

A :E*ex Mo
2=y PP R T

Ar Az
Iny, =—In(X; +Xp *xAjo) + X * ’ B 7
bl (X1 + Xz Ar2) + X {X1+X2*A1,2 X+ X1 % Aoy

Iny®=1-InAp— Ay

Required data:
A12 and 1y, = interaction parameter.
v, and v, = molar volume of the liquid.

Example 2.12.1: Methanol [1]-water [2] at 30 °C and x; = 0.1.

A1p = —107.389 v, =40.73
)Ql = 469.578 V) = 18.07

18.07 —107.389
A2 = g5z exp( 7) =0.371

~ 1.987 % 303
40.73 469.578
A2 = 15 o7 * P ( m) = 1.033

0.371 1.033
In 7, = —In (0.1 +0.371  0.9) + 0.9 -
ny ==~ In(01+0.371+0.9)+09 [0.1 10371%09  1.033 *o.1+0.9]

2,5

NR."

N

£
2
S |, "
S [ S—
> . -~
£ 1 ik
=
<
0,5
|
u | E— e OSSR e I—
0 0,1 0,2 0,3 0,4 0,5 0,6 0,7 0,8 0,9 1

Methanol concentration x (molfraction)

=i~ Methanol =li~Water

Fig. 2.24 Activity coefficients of methanol and water at 60 °C as a function of the methanol
composition in the mixture
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In y; = 0.677 = y, = 1.968

In y® =1-1n0.371 - 1.033 = 0.958 y* = 2.607

7% = activity coefficient at infinite dilution.

In Fig. 2.24 the activity coefficients of methanol and water at different compo-
sitions are shown.

Example 2.12.2: Calculation of the vapour-liquid equilibrium at 75.7 °C.
Methanol composition x; = 0.3909

Water composition x, = 0.6091

Methanol vapour pressure py; = 1.526.8 mbar

Water vapour pressure pg, = 413.8 mbar

A5 =0.47525

Ay = 0.98356

P.. = 1013 mbar

Calculation of the activity coefficient y; of methanol:

Aip Az }
Iny; = —In(x; +x2 % Agp) +x2 % ‘ B "
il (o1 432 % Arz) +x2 L1+x2*/\1,2 Xy +x1% g1

Iny, = —In(0.3909 + 0.6091 * 0.47525)

0.47525 0.98356
+0.6091 * —
0.3909 4+ 0.6091 % 0.47525  0.6091 + 0.3909 * 0.98356
Iny, =0.2076 v = 1.231
Calculation of the activity coefficient y, of water:

Ar Aa g
Iy, == ln(xz L /\2‘1) B Lcl +x % A1o _x1 * Ay +x2]
Iny, = —In (0.6091 + 0.3909 * 0.98356)
0.47525 0.98356
0.3909 + 0.6091 * 0.47525  0.6091 + 0.3909 0.98356}
In y, = 0.120359 1y, = 1.128

—0.3909 *

Calculation of the methanol composition y; and the water composition y, in the
vapour:
Xy xpop * 7y 0.3909 % 1526.8 = 1.231
= =

— 0.72 molfr.
P 1013 ottt

X2 %poa k7, 0.6001 %413.8  1.128
¥2 P 1013 028 molir

Calculation of the vapour composition with relative volatility o:

,_ 7ixpo_ 1.231%1526.8
72 % pm 1128 %4138
makxi 4027 %0.3909
I+ (2 — 1) #x 1+ (4027 — 1) 0.3909

=4.027

=0.72

1=
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S

Relative volatility
o

"-q...‘_‘.

0 0,1 0,2 0,3 0,4 0,5 0,6 0,7 0,8 0,9 1
Liquid methanol concentration (molfr.)

Fig. 2.25 Relative volatility o for methanol-water as function of the methanol composition in the
liquid phase

From Fig. 2.25 it can be seen that the separation factor o for the non-ideal
mixture methanol-water decreases with increasing methanol composition.

2.12.2 Calculation According to NRTL for Partially
Miscible Components with Two Liquid Phases [9]

T — 812 - 821
27 RsT AT RwT

G =exp(—apn *112) Gop = exp(—op; * 121)

Gy 2 T12 * G12
Tyl * + 3
X1+X2+G21 (X2+X1*G12)

Iny, = X3 *

o0
P =1+ 112 % G2

Required data:
g12 and g, = interaction parameter
®12 = 01 = non-randomness factor

Example 2.12.2.1: Methanol [1]-water [2] at 30 °C and x; = 0.1.
g12 = —253.965 cal/mol g,; = 845.16 cal/mol a5, = 0.299

~253.965 845.16

= T 0420 oy =D
1987303 ° 21 = 1987 % 303

Gy = exp(—0.299 x —0.422) = 1.134

Gy = exp(—0.299 x 1.404) = 0.657

T12
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657 2 —0.422 % 1.134
In y; =0.9% 1.404*( 0.65 ) a2 )
0.1+0.9 % 0.657 (0.9+0.1%1.134)

In y; = 0.65 = y, = 1.915
In 77 = 1.404 + (—=0.422) * 1.134 = 0.925 = y7° = 2.522

2.12.3 Calculation According to Uniquac for Components
with a Miscibility Gap

T = ex (_ﬂ) o1 = ex (_ 021 )
12 p R+T 21 p R+T
i x X; q,-*x,-

wi:Zri*xi i_Zqi*xi
z
li=5%(ri—qi) = (ri—1)

Iny, =Inyc+Inyg

¢z U r
lnylczln;Jri*q]*ln(p—lJrqoz*(ll—E*lz)

In yg = —q1 * In(F) + 121 % 9,)

21 T12
+ 9 x gy * —
2r <191+T21 ) 192+T12*191>

Required data:

u1, and u,; = interaction parameters.

r = volume parameter (van der Waals).
q = surface parameter (van der Waals).
z = coordination number (mostly = 10).

Example 2.12.3.1: Calculation of activity coefficient of methanol in a metha-
nol-water mixture at 30 °C.

up; = —328.451 cal/mol  uy; = 506.088 cal/mol
r = 1.4311 r, =0.92
g1 = 1.432 g = 1.40

Methanol composition Xpyeq, = 0.1 molfr. = 10 mol%
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0.1 1.4311

1T 01 %14311+09+0.92
0y =1 —0.1473 = 0.853
1 0.1%1.432 010

T01%1432+09+1.4
Py =1—0.102 = 0.898

I, =102 % (14311 — 1.432) — (1.4311 — 1) = —0.4356
L, =102 * (0.92 — 1.40) — (0.92 — 1) = —2.32

—328.451
T = exp<—1.987 " 303) = 1.7255

506.088
T2 = exp(— 71987 " 303> =0.4314
0.147 10 0.102
ln /lc —ln W —+ 7* 14311 *ln m
1.4311
+0.853 « [—0.4356 ~ 092 * (—2.32)] = 0471

In yz = —1.432 % In (0.102 4 0.4314 % 0.898) + 0.898 * 1.432

. 0.4314 _ 1.7255
0.10240.898 % 0.4314  0.898 4-0.102 * 1.7255

) = 0.0908

In vy, = 0.477 + 0.0908 = 0.5678 = y; = 1.764

2.12.4 Critical Comparison of the Activity Coefficients
Calculated Using Different Models

The available models for equilibria calculations of distillation and absorption plants
or the design of condensers and evaporators can be simplified with the use of
computer. Substantial discrepancies can be seen if the results of the different cal-
culation methods are compared. This is shown in the following Examples 2.12.4.1
and 2.12.4.2.

Example 2.12.4.1: Activity coefficients for a pentane—toluene mixture.
Composition: 10 mol% Pentane, 90 mol% Toluene
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1,4
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Temperature (°C)

—+—Wilson -8~ NRTL —— Uniquac

Fig. 2.26 Activity coefficient of pentane in toluene as function of temperature, using different
models

Interaction parameters:

Wilson: )Lll =0 ;le = —296.9388 ;"21 = 1145.5506 122 =0
NRTL en=0 |gn=14017145 |gy = 4904151 |gn=0 |o=0298
Uniquac u =0 up, = 869.1587 ur; = —436.4687 Uy =0

Conclusion: The activity coefficients calculated using different models for
pentane in toluene deviate considerably (Fig. 2.26). The activity coefficient of
pentane becomes greater with increasing temperature. Additionally the
non-temperature dependent activity coefficients of pentane are calculated according
to Margules and van Laar.

Margules: v = 1.44 for Pentane.

van Laar: v = 1.47 for Pentane.

The activity coefficient of toluene lies constantly at 1.

Example 2.12.4.2: Activity coefficients for the a hexane, ethyl acetate, and
toluene mixture

Composition:
Hexane: x = 0.3 = 30 mol%.
Ethyl acetate: x = 0.3 = 30 mol%.
Toluene: x = 0.4 = 40 mol%.
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Interaction parameter Wilson Uniquac NRTL Alpha
1/1 0 0 0 0
172 107.1217 302.7052 427.6309 0.2995
1/3 21.0210 112.6399 130.3146 0.3016
2/1 618.7792 —83.8122 255.6205 0.2995
2/2 0 0 0 0
2/3 135.1766 —62.3228 63.3896 0.3021
31 246.4956 —57.7374 131.5420 0.3016
32 15.6079 63.3994 86.1714 0.3021
3/3 0 0 0 0

Calculation results:
Wilson Uniquac NRTL
20 °C 30 °C 20 °C 30 °C 20 °C 30 °C

Hexane 1.373 1.36 1.37 1.358 1.376 1.363
Ethyl acetate 1.264 1.257 1.251 1.246 1.269 1.26
Toluene 1.031 1.03 1.017 1.018 1.029 1.028

The deviations range 0.2—1%!

2.13 Bubble Point, Dew Point, and Flash Separation
for Non-ideal Binary Mixtures

For non-ideal mixtures the influence of the activity coefficient Y must be considered
in the calculation of the partial pressure.

Example 2.13.1: Bubble point calculation with the activity coefficient for the
methanol [1]-water [2] mixture.

X1 = 0.1 Xy = 0.9
po1 = 2438 mbar  pg; = 646 mbar

t=87.8°C P = 1000 mbar

Poon=x1 * y1 * por+x2 * y2 * pe2=0.1 * 1.705 * 2438 + 0.9 * 1 *
646 = 997 mbar ~ 1 bar

Cross-check calculation of the bubble point:

1 %646
1000

_ yp*por  1.705 % 2438

K
! Py 1000

=4.167 =0.64

K, =

2K *x;=01%4167+09 *0.64 =1
Therefore, the bubble point condition is fulfilled at 87.8 °C!
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Without considering the activity coefficient 7y a bubble point temperature of
93.1 °C rather than one of 87.8 °C is obtained.

Example 2.13.2: Dew point calculation with the activity coefficient y for the
methanol [1]-water [2] mixture.

y1 =0.1 v, =0.9 t=97.1°C Py = 1.000 mbar
=22 7, = 1.0
po1 = 3.343mbar  pg; = 910.3 mbar
1 0.1 0.9
-y L2 1 = 0.001 Pgew = 1 bar

Piew 71%Pot  72xpo  2.2%3343 ' 9103

Cross-check calculation of the dew point:

2.2 %3343 1%910.3
K ="2"2 9373 Ky=———"2_0912
! 1000 373 K 00~ 201

0 9125
Therefore, the dew point condition is fulfilled at 97.1 °C!

Example 2.13.3: Flash calculation for the methanol [1]-water [2] mixture

Pt = 1bar = 1000 mbar =92.1°C Feedrate = 100 kmol/h
Feed compositions: z1 = 0.1 molfr. 2o = 0.9 molfr.
y; = 1.848 7, = 1.004
po1 = 2823.7mbar py, = 758.3 mbar
1.848 x 2823.7 1.004 % 758.3
! 1000 5218 K 1000 076

Ki—K %
IETL: STEE e I
PR 5218 — 1 '

At 92.1 °C 20.58% of the feed is vapour.
Vapour rate V = 0.2058 * 100 = 20.58 kmol/h
Liquid rate L = 100-20.58 = 79.42 kmol/h

Composition calculation in the liquid and the vapour:

1-K, 1-0.7614
_ — — 0.0535 molfr.
MT K ZK, 5218—07614 MmOt

Xy = 1-0.0535 = 0.9465(molfr.) = 94.65 mol%

y1 = K * x; = 5.218 % 0.0535 = 0.279 molfr. = 27.9 mol%
y2 = K3 % xp = 0.7614 % 0.9465 = 0.721 molfr. = 72.1 mol%
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Without consideration being given to the activity coefficient vy, the following
incorrect results at 92.1 °C are obtained:

K, =274 K,=0.758
V=0 L = 100 kmol/h

Nothing is vaporized because the bubble point lies with y = 1 at 93.1 °C above
92.1 °C.

2.14 Non-ideal Multi-component Mixtures

The equilibria calculation of mixtures with more than two components is very
complex and therefore done using computers. The compositions, the temperature,
and the Antoine Constants for the vapour pressure and the interaction parameters
for the equilibrium must be input. The activity coefficients are strongly dependent
on the composition of the liquid phase. Example 2.14.1 shows how strongly the
activity coefficient of water increases with decreasing water composition in the
liquid phase.

Example 2.14.1: Activity coefficient of water at different compositions.

Activity coefficient y

x (molfr.) 30 °C 50 °C
n-Heptane 0.2 1.1 1.014
Methyl ethyl ketone 0.2 1.138 1.13
Ethyl acetate 0.2 1.14 1.142
Toluene 0.2 1.63 1.606
Water 0.2 4.287 422

Activity coefficient y

x (molfr.) 30 °C 50 °C
n-Heptane 0.225 1.138 1.128
Methyl ethyl ketone 0.225 1.088 1.087
Ethyl acetate 0.225 1.102 1.104
Toluene 0.225 1.338 1.323
Water 0.1 6.055 5912

Activity coefficient y

X (molftr.) 30 °C 50 °C
n-Heptane 0.2475 1.262 1.243
Methyl ethyl ketone 0.2475 1.066 1.07
Ethyl acetate 0.2475 1.096 1.098
Toluene 0.2475 1.133 1.125

Water 0.01 8.912 8.578
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Example 2.14.2: Flash calculation for a four-component mixture with differ-
ent compositions at 1 bar total pressure as function of temperature.

Mixture 1 x (molfr.) Activity coefficient
n-Heptane 0.25 1.65

Methyl ethyl ketone 0.25 1.331

Ethyl acetate 0.25 1.273

Toluene 0.25 0.974

Mixture 2 x (molfr.) Activity coefficient
n-Heptane 0.1 1.83

Methyl ethyl ketone 0.1 1.314

Ethyl acetate 0.4 1.112

Toluene 0.4 1.013

In Fig. 2.27 the flash curves for both of the different compositions are shown.

Figure 2.28 shows how the composition of a non-ideal mixture of n-heptane,
methyl ethyl ketone, ethyl acetate, and toluene changes in nine consecutive vapor-
ization stages. After four vaporization stages the compositions scarcely change.
If toluene is distilled off then the composition of the mixture remains constant:

Ethyl acetate: 45.7 mol%
Methyl ethyl ketone:  37.5 mol%
n-Heptane: 16.8 mol%

The composition curves in Fig. 2.28 result from Fig. 2.29 with the equilibrium
constants K of the different components. After four vaporization stages the toluene
has vanished and the K values lie at 1. At K = 1 the vapour composition y equals
the liquid composition x. This is a ternary azeotropic mixture.

o ! & - e

& rd
os 4 ot

VIF ratio
Ly
S

0,3 /.
0,2 7
0,1

0 J l/( - !
78 80 82 84 86 88 20 92 94
Temperature (°C)

=t mixture 1 =l=mixture 2

Fig. 2.27 Flash curves for two non-ideal mixtures as a function of temperature
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Although the three light components have different vapour pressures the sepa-
ration factor « is set to 1 by the activity coefficient.
The determining factor for the separation is the relative volatility.

Bubble point (°C) Mole weight
Ethyl acetate 77 88
Methyl ethyl ketone 80 72
Heptane 98.4 100
Toluene 110.6 92
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Example 2.14.3: Calculation of the relative volatility « at 73 °C and

Ptot = 977 mbal’.

Po (mbar) Po/Pror Y K
1. n-Heptane 448.7 0.459 2.155 0.99
2. Methyl ethyl ketone 800.5 0.827 1.206 0.998
3. Ethyl acetate 878.8 0.899 1.117 1.005
4. Toluene 302.4 0.309 1.017 0.315
o _'))1*P01 _2155*4487_
V2 WPy 1.206 %8005
Vs % P 1.206 * 800.5
tyy =202 —0.98
= = = 0.985
M WPy 1117 %8788
V3 * P 1.117 % 878.8
063/4:/3* 03: * =3.19
v4x Poa  1.017 % 302.4
VP * P 2.155 % 448.7
051/4:/1* 01: =3.19
Vg4 * P04 1.017 %« 302.4
Vs * P 1.206 = 800.5
063/4:/2* 02: i =3.19
v4*x Poa  1.017 % 302.4
Conclusion

The first three components with a separation factor oo = 1 do not allow separation.
However, toluene with a separation factor « = 3.19 allows very simple separation.

Figures 2.30 and 2.31 show the

calculation results for another non-ideal

four-component mixture with non-ideal behaviour.

Fig. 2.30 Equilibrium 16
factors K for the different
components of the mixture

dependent of the temperature 12
oo
» 8 -
[
X
0

Hexane

Acetone

Butanol

B | T ¥ Ly L3 x T b5
40 T,,50 60 70 80 T, 90

T

Temperature (°C)
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Fig. 2.31 Flash curve for the 1.0
non-ideal, four-component
mixture as function of 0.8
temperature . P =1bar
.2 0.6+
g Mixture composition:
3 0.4 - 25 mol% Pentane
- 25 mol% Acetone
25 mol% Hexane
25 mol% Butanol
0.2 ’
0.0 ol | T Y T 2 T v T ™
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Chapter 3
Fractionation of Binary Mixtures

3.1 Material Balance

Prior to the design of each new column a material balance should be prepared,
considering the specifications of the distillate and bottoms.

Fsxxp =Bxxg+Dxxp=(F—-D)*xxg+Dx*xp

Xr—Xs B Xp—Xr
* — _——=
XD—XB D XF_XB

D=F

X = feed composition (molfr.)

Xp = bottoms composition (molfr.)
Xp = distillate composition (molfr.)
F = feed rate (kmol/h)

B = bottoms rate (kmol/h)

D = distillate rate (kmol/h)

Example 3.1.1: Preparation of a mass balance
A mixture with 33% A in feed is to be enriched in the distillate with 97% of A and
should only contain 4% of A in the bottoms.

Feed rate = 100 kmol/h
xg = 0.33 molfr.
xp = 0.97 molfr.
xg = 0.04 molfr.

033 —0.04
D =100 %2> "9 34 5kmolh
00597 .04 ~ 212 kmol/

B =100 — 31.2 = 68.8 kmol /h.

© Springer International Publishing AG 2017 85
M. Nitsche and R. Gbadamosi, Practical Column Design Guide,
DOI 10.1007/978-3-319-51688-2_3
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Condenser

Cooling water

Column

Hot oil

Feed Distillate cooler

Bottom coole; . Distillate pump
- Bottom

product

Fig. 3.1 A continuous fractionation column
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Cross-check:

Xp — Xr 0.97 —0.33

D TR 310427200 g 8kmol/h
*Xr — Xg *0.33 - 0.04 o

The vapour and liquid loadings of the column in the rectification section and the
stripping section result from the reflux ratio and the thermal condition of the feed
(g value).

3.2 Vapour-Liquid Equilibria

In order to determine the required theoretical stages and the reflux ratio the vapour—
liquid equilibrium is needed.

3.2.1 Egquilibria of Ideal Mixtures

__ b1 X1 *po1

y1 =
Pioy Py

K = Y1 _ Poi Ky = Y2 _ P2
X1 Py X Py

Py, = total pressure (mbar)

p1 = partial pressure of the light component (mbar)

po1 = vapour pressure of the light component (mbar)

x; = composition of the light component in the liquid (molft.)
y1 = composition of the light component in the vapour (molfr.)
Po2 = vapour pressure of the heavy component (mbar)

X, = composition of the heavy component in the liquid (molfr.)
y, = composition of the heavy component in vapour (molftr.)
K = equilibrium constant = y/x

o = relative volatility

o K _pot
Ky  pom
o o * X
y1_1+(oc—1)*x1
O(*Kz—l
V="
o—1
M*Kz—l
Xy =

Kz—O(—l
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The relative volatility « changes with temperature in the column. In general the
geometrical average of the top, feed, and bottom temperature is inserted.

o= \7 Otop * Ofeed * Xbottom
If heavy deviations are present the calculation must be made segment-wise with
different o values.

Example 3.2.1.1: Calculation of vapour-liquid equilibrium at P,,, = 340 mbar
Component 1 x; = 0.7 molfr. Vapour pressure po; = 400 mbar

Component 2 x> = 0.3 molfr. Vapour pressure pg, = 200 mbar

Partial pressure p; = x1 * po; = 0.7 * 400 = 280 mbar
Partial pressure p, = x, * pg; = 0.3 * 200 = 60 mbar
Total pressure Py = p; + p2 = 280 + 60 = 340 mbar

Calculation of the vapour compositions for x; = 0.7 and x, = 0.3 using the
partial pressures:

P 280

60
=—=—=0.82 =0.18
M= P 340 2= 50

Calculation of the relative volatility o from the vapour pressures:

_Por _ 400
TPy 200

Calculation of the vapour compositions for x; = 0.7 using relative volatility:

o % X _ 2x0.7
I+ (—1)*x 14+(2-1)%0.7

y1i= =0.82

Calculation of the equilibrium constant K from the vapour pressure and the total
pressure:

Py 400 — 200
Ki = = 5 = 1176 Ky =52 =20 — 0,588

Relative volatility o = K—; = —(1)‘588 =2

3
G\

Calculation of the vapour compositions for x; = 0.7 and x, = 0.3 with the
equilibrium constants K; and Kj:

y1 = Ky xx; = 1.176 % 0.7 = 0.82 molftr.
=K, xx, = 0.588 % 0.3 = 0.18 molfr.
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3.2 Vapour-Liquid Equilibria
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Fig. 3.3 Vapour-liquid 1
equilibrium for an ideal 0.9
mixture with different relative
volatilities

0.7

o | N
0.5 | / Ve 4 /
N7
0.2 / / 7

0.1

Vapour concentration(Molfraction)

0 0.2 0.4 0.6 0.8 1
Liquid concentration (Molfraction)

]-I-Relative volatility= 1.2 =&~ Relat. volatility = 1.5 |
+ Relat. volatility = 2 —@—Relat. volatility = 3 J
——Diagonal

Calculation of the total equilibrium curve using the constant relative volatility
o =2

X1 0.01 0.05 0.1 0.20 0.40 0.6 0.8 0.9 0.950 0.99
i 0.02 0.10 0.18 0.33 0.57 0.75 0.89 0.95 0.97 0.99

The relative volatility o changes less with temperature than the equilibrium
constants K, and is therefore more suitable for the preparation of an equilibrium
curve. The equilibrium curves for different relative volatilities o are given in
Fig. 3.3.

3.2.2 Egquilibria of Non-ideal Mixtures

With non-ideal mixtures, for instance alcohol/water, the specific activity coefficients
v for each component pair must be considered additionally. The partial pressure of
the component and the vapour-liquid equilibrium is influenced by mutual
interaction.

Py = 71 % X1 % po1 + 75 * X2 * po2
V1 * Piot = 71 % X1 % poy

In the calculation of the vapour—liquid equilibrium the activity coefficient y must
be considered and it is found to be strongly dependent on the composition in the
liquid phase.
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3 = Y1 * X1 * Poi
== 0
Proy
*
K _Y1_71*Po1
X1 Piot
*
K, = Y2 _ V2 *Po2
X2 Prot

_ K pixpor  yix(1—x)
Ky ppxper xix(1—yp)

Example 3.2.2.1: Calculation of the methanol vapour composition of a
methanol-water solution at 92.1 °C and P;,; = 1000 mbar

Py = 1000 mbar.
Methanol : x; = 0.0535molfr. Water : x, = 0.9465 molfr.

71 = 1.848 7, = 1.004

po1 = 2816.7 mbar Po2 = 756.4 mbar
b= 1.848 * 0.;)338‘ # 28167 _ oo

b= 1.004 * oizz(tgs #7564 o)

1= % =5218
K, = % =0.761

K, 5.218
o= F; = gy = 0-853

In comparison the ideal relative volatility without activity coefficients from the
vapour pressures is calculated:

po1  281.6
e =20 2220 3904
el = 756.4

Conclusion: the influence of 7y is severe!
The relative volatility is almost doubled by the activity coefficients when going
from ideal o = 3.724 to non-ideal o = 6.853.

The activity coefficient y is dependent on the temperature and is very strongly
dependent on the concentration in the liquid phase.
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3.3 Minimum Number of Trays and Minimum Reflux
Ratio

This calculation is valid for ideal mixtures with a constant relative volatility o in the
column. In order to separate a mixture by fractionation a minimum number of
stages at infinite reflux and a minimum reflux ratio at infinite number of stages is
needed. Using these calculation parameters the required actual number and the
reflux ratio for a separation task can be determined very easily.

Calculation of the minimum number of stages for a separation at infinite reflux

Niin = 1
go
x; = Light boiling component composition (molfr.)
x, = Heavy boiling component composition (molft.)
D = Composition in the distillate
B = Composition in the bottoms

Minimum number of stages for the rectification section:

Nuinv = lg o

D = composition in the distillate
F = composition in the feed

Minimum number of stages for the stripping section:

e |(2),7(2),)

N, minA —
lga
B = composition in the bottoms draw.
Calculation of the minimum reflux ratio at an infinite number of stages [2]:

Rpin = ! « (2 —0 % L
o—1 Xk /) Xr/,

R. —DYF __ Yxx
™ e —xe - 1+ (e — 1) *xp
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Xxp = composition in the distillate (molfr.)

xg = liquid composition in the feed (molfr.)

yg = corresponding vapour composition to xg (molfr.)

(xp/xp); = ratio of the distillate composition to feed composition for the light
boiling component

Remark: In non-ideal equilibrium lines the minimum reflux ratio can be graphi-
cally calculated from the coordinates of the intersection point between the equi-
librium and the operating line.

L Rmin L. ) .
(V) min: R+ 1 Minimum slope of operating line

L = liquid rate in the rectification section (kmol/h)
V = vapour rate in the rectification section (kmol/h)

Example 3.3.1: Calculation of the minimum number of stages and the mini-

mum reflux ratio for a given separation task

Relative volatility o = 2.  Feed rate = 100 kmol /h.

Separation task:

Component Feed molfr. Distillate molfr. Bottoms draw molfr.
A 0.5 0.95 0.05
B 0.5 0.05 0.95

- Dicti _ 05-0.05 _
Mass balance: Distillate D = 100 * y5—55= = 50 kmol/h

Calculation of the minimum number of stages for the separation:

Ny =GR *65) _ g 5
Ig 2
0.95 . 0.9
G5 *53) _ 4 05

Nmin =
v lg 2
0.5 , 0.95
N — BB 58) 4 55

lg 2
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Required minimum reflux ratio

1 0.95 0.05
Runin = —— * (——2*—) =17

2-1 \05 0.5
2%0.5
=05 = """  —0.67
A o1 r(2-1)%05
0.95 — 0.67
Rpjn = ———— =1,
T 0.67 — 0.5 7

3.4 Conversion of the Minimum Number of Trays
to the Actual Number of Trays [3]

The calculated minimum number of theoretical stages is only valid for an infinite
reflux ratio without distillate draw and the minimum reflux ratio for a column with
an infinite number of stages. The determined values must therefore be converted to
actual process conditions for the existing number of stages and a chosen reflux
ratio. The following approximations are used for the conversion.

N—Nuwin _ y
N+1
Y = 0.75 — 0.75 * X0-5668
R—Ruin __
T =X
X = (o.g%g;z)l/o.%és

Example 3.4.1: Determination of the required number of theoretical stages for
R=2
From Example 3.3.1: Ry, = 1.7 Nyin = 8.5 Chosen: R =2

2-1.7
3
Y = 0.75 % 0.75 % 197908 = .547

X = =0.1

N — Npin = 0.547N +-0.547

0.453N = 8.54+0.547 =9.047 = N =20

Therefore, 20 theoretical stages are required for a reflux ratio R = 2.
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3.5 Determination of the Feed Tray According
to Kirkbride [4]

The ratio of the rectification trays Ny to the stripping trays N, is calculated
according to the method of Kirkbride.

XA xag)’ B
XB XBD D

Example 3.5.1: Determination of the feed stage for the separation task in
Example 3.3.1

0.206
Ny

Na

5\ 0206
Ny _ E* 0.05 _q
Na  \0.5 \0.05 B

1
Ny = 7* 20 =10

The feed stream should be fed to the 10th theoretical tray of the column.

3.6 Graphical Determination of the Number of Trays
According to Mcabe—-Thiele (Fig. 3.4)

Required Information

— Relative volatility o or the vapour—liquid equilibrium.
— Feed composition xg.

— Desired distillate composition xp.

— Required bottoms composition xg.

— Reflux ratio R.

— Thermal condition of the feed (g value).

Figures 3.5 and 3.6 show how to graphically determine the required theoretical
trays for a given fractionation task in the Mcabe-Thiele diagram.

First, the equilibrium curve y = f(x) must be drawn. These are the calculated
values for y and x using the relative volatility or measured equilibrium values for
the mixture which is to be separated. Subsequently the g-line is drawn in from the
intersection point of xg with the diagonal. The g-line is vertical, if the product is
introduced into the feed tray at boiling temperature. Next, the operating lines
in the rectification and stripping section are drawn in for the chosen reflux
ratio R.
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Equilibrium line
= ~
* i ~
_ o *x “ Xo
_ T+ (o —1)*x
g
<
g YF S ~
St
S ~
g Operating line rectification
: Slope = Ly /Vy
c‘
= ~ a_.l
= q- line q
s Slope = poea
g Y2 i 9
= F
e
~
F S
=
g
= ™ s - .
> | Operating line stripping section
Slope=1L, /V,
Y
X2
XB Rminz(L/D)min=(XD_YF)/()'F_XF)

Liquid concentration (molfraction)

Fig. 3.4 Mcabe-Thiele diagram for the determination of the theoretical number of trays

Rectification line: From xp with a slope Ly/Vy = R/R + 1.

Ly = liquid rate in the rectification section of the column (kmol/h)
Vy = rising vapour in the rectification section of the column (kmol/h)

Stripping line: From xg with a slope LA/Va = RA/Ra — 1.

La = liquid rate in the stripping section of the column (kmol/h)
Va = rising vapour in the stripping section of the column (kmol/h)

First the slopes of the rectification line and the stripping line are determined
considering the thermal condition q of the feed. Starting from xp and xg the the-
oretical trays are then drawn between the equilibrium curve and the operating lines.

Advantages of this method

[lustrative method for different reflux ratios.

Considers different feed conditions (g values).

Offers direct steam heating without a reboiler.
Considers side draws and the influence of the feed tray.
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Suitable for changing o values and non-ideal mixtures as well as non-equal molar
latent heat using a corresponding correction.

Disadvantages

Time consuming and inaccurate for small o values and very high
end-concentrations of distillate or bottoms products.

No temperatures considered.

Correction is required at different molar latent heats.

Example 3.6.1: Graphical determination of the required theoretical stages for
R=3

Feed composition xp = 0.5 molfr. Required distillate composition xp = 0.95 molfr.

Relative volatility a=24 Total pressure Py, = 1 bar R=3

Thermal condition g = 1 slope of the g-line = co

L R
Slope of the reflux line — = ——=—-=0.75
V. R+1 4

Fig. 3.5 Graphical

determination of the number Continous fractionation

of theoretical stages for R = 3 with 9 theoretical stages 48.3 kmol
100 kmol
51.7 kmal
1.0
. i
a "X

0.9 =
fg 4 1+{a—1)*x 2
= 0.8 4 3
-
g s xy =0.95
£ 071 4
g
= 06 - 5
5
'ﬁ' 0.5 s R=3
E n=29
& 0.4 4
s 7
: 0.3 1 G )5 F =100 kmol
g o =  48.3 kmol
2 021 8 V = 193.2 kmol
>

0.1 4

x4=0,08
0.0 T

T T | p— T T T T
00 01 02 03 04 05 06 07 08 09 1.0

Liquid concentration (molfraction)
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From figure Bild 3.5 it can be seen that with 9 theoretical trays at a reflux ratio
of R = 3 the bottoms product exits with a composition of xg = 0.08 molft.

Mass balance:
Feed rate F = 100 kmol/h.

D =Fx

AF — XB

0.5—-0.08

xp—xg  0.95—0.08

Bottoms draw rate B = 51.7 kmol/h
Required total vaporization V= (R + 1) * D =4 * 48.3 = 193.7 kmol/h

Fig. 3.6 Graphical
determination of the number
of trays for R = 1.5

Vapour concentration (molfraction)

= 48.3 kmol/h

!
Continous fractionation -
with 15 theoretical stages 50 kmol
100 kmol
50 kmol
1.0
0.9 4 y = R T,
1+(e=1)*x 0
08
e % =0.95
0.7 4
0.6 1
0.5 " = 1.5
n =15
0.4 4 "
0.3 1 % =0.5 F = 100 kmol
D = 50 kmol
0.2 4 m V = 125 kmol
0.1 4 3,
0.0 =

T T T T T T T T T
0001 02 03 04 05 06 07 0B 09 10

x5=0.05

Liquid concentration (molfraction)
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Example 3.6.2: Graphical determination of the number of theoretical stages
for R = 1.5

Feed composition xg = 0.5 molft. Required distillate composition xp = 0.95 molfr.

Relative volatility =24 Total pressure Py, = 1 bar R=1.5

Thermal condition g = 1 — slope of the g-line = o

L R 1.5
Sl f the reflux line —=——-=-—=0.6
ope of the reflux line VoRLI 25

From Fig. 3.6 it can be seen that with 15 theoretical trays at a reflux ratio of
R = 1.5 the bottoms product exits with a composition of xg = 0.05 molft.

Mass balance:

Feed rate F' = 100 kmol/h.

XF — XB 0.5 —0.05
= 100 % —> " _ 50 kmol/h
P 095005 mol/

D=Fx

Bottoms draw rate B = 50 kmol/h
Required total vaporization V= (R + 1) * D = 2.5 * 50 = 125 kmol/h.

3.7 Calculation of the Number of Trays Using
the McCabe-Thiele Method [5]

Starting from the distillate composition the compositions for the trays are calculated
from top down. When the feed composition is achieved the calculation must be
switched from the rectification calculation to the stripping calculation.

Required information: see Sect. 3.6 and the ratio D/F.

D = distillate rate (kmol/h)

F = feed rate (kmol/h)

La = liquid rate in the stripping section (kmol/h)
B = bottoms draw rate (kmol/h)

Advantages

No drawing/plotting required.
More precise at high concentrations in the distillate and bottoms.

Disadvantages

Less illustrative.
Only valid for g = 1 and equal molar latent heats.



100 3 Fractionation of Binary Mixtures

Recommendation: Estimate the reflux ratio beforehand using approximation

methods.
Procedure for calculating the rectification section of the column

_L_ R B— XD
TV R+1 T R+1

Starting at xp = y; at the top, the corresponding liquid composition x; of the
uppermost top tray to this vapour composition is calculated.
XD
k(1 X)
1+

X1 =
a(l xD)

V = vapour rate rectification (kmol/h)
L = liquid rate rectification (kmol/h)
xp = distillate composition (molft.)

The rising vapour from tray 2 at the top then has the following composition:

R
=A B=—x
V2 * X+ Ril )Cl—l—R_i_1

Consequently, x, is calculated for tray 2 from the top:

i
=
ok (1-y2)
This calculation is repeated until the liquid concentration is less than the feed
composition xg.
Calculation for the stripping section of the column

R L
A . RA:7A

C = =
Ry —1 Ra —1 B

Starting from xg or the last x value from the rectification calculation, the rising
vapour composition y,; from the first stripping tray below the feed tray is
calculated:

Ra xB

=Cxx—D= —
YAl * X RA_l*.x RA_I
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The liquid composition x; on the first stripping tray is calculated as follows:

VAL

Xp| = ax(1=ya1)
).
1 + 9‘*(1A*1)’A1)

The calculation is repeated until the liquid composition gets below the desired
bottoms composition.

Remark: The o values can be varied in the calculations for different trays.
Efficiencies can also be considered [6].

Example 3.7.1: Determination of the number of trays by calculation according
to Mcabe-Thiele

w=05 |xp=095 =005 |R=2 DF=05 |u=2
g=1 F =100 kmol/h D =50 kmol/h B = 50 kmol/h
V=2+1)*50 =150 kmol/hLy = 2 * 50 = 100 kmol/hL, = 200 kmol/h

Calculation for the rectification section from top down to the feed tray:

0.95
2+(1-0.95)

X1 :W:0.9048

1+ 50609
_L_ _R _2 _ _ 095
A_Vz_R+l_§ B_RX-fl_T

y2 =3%0.9048 + 22 = 0.9198 x, =0.8516

vz =0.8844 x3 =0.7927
vs = 0.8452 x4 =0.7318
Yio = 0.6567 X10 = 0.4888
For the 10th tray from the top the calculated liquid concentration is:
x = 0.4888 < xp = 0.5.

Calculation for the stripping section of the column from the feed tray to the
bottom:

_ Ly 200
AT B 50
Li 200 Ry 4
s % 133
Vi 150 Ry—1 4-—1
Y _ 005 _ 0167

D = =
Ry—1 4-1
yar = 1.33%0.4888 — 0.0167 = 0.6351

0.6351
2+(1-0.6351)

= 0.6351
1+ 2+(1-0.6351)
Ya2 = 0.6037 XA2 = 0.4324

a3 = 0.5599 xa3 = 0.3888

XAl = 0.4653



102

3 Fractionation of Binary Mixtures

Calculated compositions of the trays according to McCabe-Thiele

Trays Vapour composition (molft.) Liquid composition (molft.)
1 0.9500 (xp = 0.95) 0.9048

2 0.9198 0.8516

3 0.8844 0.7927

4 0.8452 0.7318

5 0.8046 0.6730

6 0.7653 0.6199

7 0.7299 0.5747

8 0.6998 0.5383

9 0.6755 0.5100

10 0.6567 0.4888 (xg = 0.5)
11 0.6351 0.4653

12 0.6037 0.4321

13 0.5599 0.3888

14 0.5017 0.3348

15 0.4298 0.2737

16 0.3483 0.2109

17 0.2645 0.1524

18 0.1865 0.1029

19 0.1205 0.0641

20 0.0688 0.0356 (xg < 0.05)

The graphical determination of the number of trays in Fig. 3.7 gives the same
result as the calculated method.

3.8 Tray to Tray—Calculation Using the Flow Rates

and Relative Volatility « [6]

In this calculation the component mass balance is combined with the equilibrium

calculation.

Required information

Vapour and liquid rates in the rectification section and the stripping section.
Distillate rate d and bottoms rate b.
Relative volatility o or equilibrium factors K; and K.

Advantages

The flows and compositions are determined.

Adequate for different g-values.

Calculation procedure
The calculation is started from condenser down and from the reboiler up and is
continued from tray to tray until the compositions overlap.
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1.0

0.9+
0.8+ R=2

n=
0.74
0.6+
0.5+

=10
0.4 % xr=0.5

0.3 F = 100 kmol/h

D =50 kmol/h
0.2 B = 50 kmol/h

Vapour concentration y (molfraction)

0,14

0.0 T T T T T T T T T
00|01 02 03 04 05 06 07 08 08 1.0

0.05 Liquid concentration x (molfraction)

Fig. 3.7 Graphical determination of the number of trays in Example 3.7.1

Rectification

(a) Make a list of distillate flows d and relative volatilities o.
(b) Calculate d/o« and X d/o.

(c) Determine the liquid rates 1 of both components and their sums X1.

I (d/o) * L
Z(d/a)

L = reflux rate (kmol/h) = R« D

(d) Determine of the vapour rate v = [ + d rising from the next tray.

Example 3.8.1: Determination of the number of trays in the rectification sec-
tion using R = 2

Distillate D = 50 kmol/h  Reflux L = 100kmol/h  xg = 0.5

From condenser Tray 1 below the condenser
Component d (kmol/h) o d/o [ (kmol/h) v (kmol/h) y (molfr.)
A 47.5 2 23.75 90.5 138 0.92
B 2.5 1 2.5 9.5 12 0.08
26.25 100 150 1.0
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Stripping

(a) Make a list of bottoms draw rates b with a separation factor o.
(b) Calculate b * o and b * .
(c) Determine vapour rates v of the components and the sum

(axb)xV
Y(ax D)

V = V4 = the rising vapour rate from the reboiler (kmol/h).
(d) Determine the liquid rate running down from the next tray [ = v + b.

Example 3.8.2: Determination of the number of trays in the stripping section

Bottoms draw B = 50kmol/h V = 150 kmol/h

From reboiler Bottom draw above reboiler
Components b (kmol/h) o o*b v (kmol/h) [ (kmol/h)
A 2.5 5 14.3 16.8
B 47.5 475 135.7 183.2
68.8 52.5 150 200

Remark: Both calculations starting from the top and bottom do not meet each
other at one point. The compositions are drawn over the numbers of trays and the
point of intersection of the liquid concentration calculated from the top and the
bottom, with the feed composition xg = 0.5, is chosen as a feed tray (see Fig. 3.8).

1 R R T TS R — . . - — - - e, — —

s 0
~ @™

0,6 +

s
=

0,3 |
02

Concentrations y and x (molfraction
o
[5.]

0,1 1

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17 18 19 20
Tray number from the top

=#—y acc. McCabe-Thiele <8—x acc. McCabe-Thiele =&~y acc. Flow rates =i~x acc. Flow rates

Fig. 3.8 Calculated vapour and liquid compositions on the theoretical trays according to the
Mcabe-Thiele and flow rate calculations
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Results of the tray-to-tray-calculation with flows and compositions

From column top to the feed tray

105

Tray number 1 2 3 4 8 9 10 11

vy (kmol/h) 47 138 133 127 105 101 98.5 96
v, (kmol/h) 2.5 12 17 23 45 49 515 54

y1 (molfr.) 0.95 0919 |0.884 |0.845 0.699 0.675 0.657 0.643
Iy (kmol/h) 90.5 85 80 73 54 51 49 47

I (kmol/h) 9.5 15 20 27 46 49 51 53

x; (molft.) 0.905 0.852 |0.793 0.732 | 0.538 0.51 0.489 0.473

From reboiler to the feed tray

Tray number |20 19 18 17 14 13 12 11 10

vy (kmol/h) 14.3 232 342  |465 80.3 87.8 93.3 97.2 99.8
v, (kmol/h) 135.7 |126.8 |115.8 |103.5 |69.7 62.2 56.7 52.8 50.2
y1 (molfr.) 0.095 |0.155 |0.228 |0.31 0.535 [0.586 |0.622 |0.648 |0.665
I (kmol/h 2.5 16.8 25.7 36.7 73 82.8 90.3 95.8 99.7
I (kmol/h 47.5 1832 | 1743 |163.3 |127 117.2 |109.7 |104.2 |100.3
X, (molft.) 0.05 0.084 |0.129 [0.183 |0.365 |0.414 |0.452 |0.479 |0.498

On tray 10 the vapour rates and the liquid composition of the light component
are almost the same:

Rectification Stripping
vy 98.5 99.8
123 51.5 50.2
X 0.489 0.498

3.9 Analytical Calculation According to Smoker [7-10]

Starting with a given reflux ratio and the compositions xg, xp, and xg, as well as the

relative volatility o, rectification and stripping trays are calculated.
Advantages

Quick method, especially for small o values with many separation stages in the
corners of the diagram.
More accurate than the determination of the minimum tray number according to

Fenske.

The calculation method is well described in the essays of Stage and Juilfs [9].
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Example 3.9.1: Calculation of the required number of trays n for the rectifi-
cation according to Smoker
Data: see Example 3.6.1 xp =05 xp =095 oa=2 R=2

A=o- 1=2-1=1
B=A*xk=1%05=05
D=A*xp=1%095=0.95
E=A*R=1%2=2

_Eta-D 242-095

=1.525 V? =2.326
2 2

W2 =V>—D*R=2326-0.95*2=0426 W = 0.652
K, =V-W=1525-0.652=0.873

K> = K,/R = 0.873/2 = 0.437
c=K,+1=0437+1=1437 d=c*=2064
G=D-K,=0.95-0437 =0.513
H=B-K,=05-0437 = 0.063

Cax(R+1)  2x3

bF=—a7k 2062 '3

F=c*(P-1)=1437 *0.453 =0.652
N=F—-G=0.652-0.513=0.139
M=F - H=0.652 — 0.063 = 0.589
. _G*M_0.513>k0.589_

gy 1g345
"TH*N  0.063%0.139

345 n=-=27 _
"Tlef g 1.453

Required rectification trays: 10 theoretical trays.

3.10 Thermal Condition of the Feed [10]

The thermal condition of the feed is characterized by the g-value.
In the following it is shown how the g-value is determined and what influence
this has on the fractionation and the vapour and liquid loading of the column.

(a) Cold feed with a temperature Ty below the boiling temperature Tg of the feed

Cp] * (TS — TF)
r

Treed <Ts = Thot = q>0 g=1+

(b) Feed at boiling temperature Tgeq = Ts = Thot — q=1
(c) Feedof avapour—liquid mixture — 0<q<1 = q = liquid fraction
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(d) Saturated vapour at the dew point Tgeeq = Tgew —q=0
(e) Overheated vapour with feed temperature Ty

—cp*(Tr—Taew)
r

Treea > Taew — q<0 g=

Using the g-value the equation of the g-line is determined:

q XF
l—q*x+1—q

Slope of the g — line = 1L
—q

y:

Tr = feed temperature (°C)

Ts = boiling temperature (°C)

T4ew = dew point temperature (°C)

cp = specific heat capacity of the vapour (Wh/kgK)
cp = specific heat capacity of the liquid (Wh/kgK)
r = latent heat of the feed mixture (Wh/kg)

Example 3.10.1: Calculation of the slope of the g-line
{a) Subcooled feed with Ty = 20 °C
Ts =953°C c¢p =0.79Wh/kgk r =161 Wh/kg

0.79 * (95.3 — 20)
_|_

=1.37
161 3

q=1

Slope of the g-line = 1.37/0.37 = 3.7
(b) Feed = 66% vapour = q = 0.34

Slope of the g-line = 0.34/0.34 — 1 = - 0.51
(c) Feed = saturated vapour = q =0

Slope of the g-line = 0/1 —0 =0
(d) Feed = overheated vapour with Ty = 130 °C

Taew = 100°C  ¢p = 0.3 Wh/kgK  r = 120 Wh/kg

~ —03% (130 — 100)

120 = —0.075

q

The g-value influences

— The vapour and liquid loading in the column.
— The optimal feed tray.
— The number of trays and required reflux ratio.
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In mass balance in the rectification and stripping sections the g-value must
absolutely be considered. The vapour and liquid loadings in the column are cal-
culated as follows:

Vy=(R+1)*D Ly =R*D
VA:VV—(I—q)*F Vv—VA:(l—q)*F
W=Va+(1—¢q)*F

Ly =Ly+g*xF LAfLV:(I*q)*F

F = feed rate (kmol/h)

D = distillate rate (kmol/h)

R = reflux ratio

Va = vapour rate in the stripping section of the column (kmol/h)
La = liquid rate in the stripping section (kmol/h)

Vy = vapour rate in the rectification section (kmol/h)

Ly = liquid rate in the rectification section (kmol/h)

Example 3.10.2: Mass balances in the rectification and stripping sections at
different g-values

F=100kmol/h D =30kmol/h B=70kmol/h R =3

(a) Feed at boiling temperature = q = 1

Vy =4 %30 =120kmol/h Ly = 3 %30 = 90 kmol/h
Vy = VA = 120kmol/h La =90+ 100 = 190 kmol/h

(b) Subcooled feed = q = 1.5

Vv = 120 kmol/h Ly, = 90 kmol/h

Va =120 - (1 - 1.5) * 100 = 170 kmol/h
Va =240 — 70 = 170 kmol/h

Lan =90+ 1.5 * 100 = 240 kmol/h

(c) Vapour feed = q=0

LA = LV = 90 kmol/h

Va =120 — 100 = 20 kmol/h

Vy =Va + F =20+ 100 = 120 kmol/h
Va =90 — 70 = 20 kmol/h

(d) Feed = vapour-liquid mixture with 50% vapour = q = 0.5

La =90 + 50 = 140 kmol/h
Va =120 — 50 = 70 kmol/h
Vy =70 + 50 = 120 kmol/h
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Figure 3.9 show the influence of q on the required number of trays and the
correct feed tray.

Fig. 3.9 a Feed with boiling
temperature = g = 1.
Required number of trays: 11.
Feed tray: seventh tray from
the top. b Subcooled feed =
g = 1.37. Required number of
trays: 10. Feed trays: fifth tray
from the rop. ¢ Feed = 2/3
vapour = ¢ = 1/3. Required
number of trays: 12. Feed
tray: seventh tray from the top
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3.11 Column Loading in the Rectification and Stripping
Section

The vapour and liquid rates in the rectifying and stripping section of the column
result from the mass balance, the reflux ratio, and the thermal condition of the feed
or the g-value.

F = feed rate (kmol/h)

D = distillate rate (kmol/h)

B = bottoms rate (kmol/h)

Vy = vapour rate in the rectification section (kmol/h)
Ly = liquid rate in the stripping section (kmol/h)

Va = vapour rate in the stripping section (kmol/h)
L, = liquid rate in the stripping section (kmol/h)

R = Ly/D = reflux ratio in the rectification section
Ra = LA/B = reflux ratio in the stripping section

Rectification section
VWw=(R+1)*D Ly=Rx*D
Slope of the operating line for the rectification section = Ly/Vy
Lv _ R
Vv R+1
Stripping section

Va=VW-(0-q *F=Ls-B
La=Lyv+gq*F=R*D+q*F=Rs*B
Slope of the operating line for the stripping section = La/Va
Lan  Ra

Vo Ra—1

Example 3.11.1: Vapour and liquid loadings in the rectification and stripping
sections

(@ q=1 R=3.05 F=100 kmol/h D = 31.2 kmol/h
Rectification section

Vy=@3.05+1) * 31.2 = 126.36 kmol/h

Ly =3.05 * 31.2 = 95.16 kmol/h

Ly/Vy = 95.16/126.36 = 0.753 = 3.05/4.05 = slope of the rectification operating
line
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Stripping section

La =95.16 + 1 * 100 = 195.16 kmol/h
Va = 126.36 — (1) * 100 = 126.36 kmol/h
La/Va =195.16/126.36 = 1.54 = slope of the stripping operating line

(b) q=125 R=3.05 F=100kmol/h D =31.2kmol/h
Rectification section

Vy = 4.05 * 31.2 = 126.36 kmol/h
Ly =3.05 * 31.2 = 95.16 kmol/h
Ly/Vy = 0.753 = slope of the rectification operating line

Stripping section

La =95.16 + 1.25 * 100 = 220.16 kmol/h
Va = 126.36 — (1 — 1.25) * 100 = 151.36 kmol/h
La/Va = 1.45 = slope of the stripping operating line

3.12 Design Data for the Column Internals

From the calculated column loading in kmol/h the vapour and liquid flows in kg/h
and m>/h must be determined using the average mole weights and the vapour or
liquid densities at column temperature and the column pressure:

Vapour rate = **»  (m’/h)  Liquid rate = L’;—Tﬂ (m?/h)

M, = average mole weight of the mixture
V = vapour loading (kmol/h)

L = liquid loading (kmol/h)

or = liquid density (kg/m?)

ov = vapour density (kg/m?)

Example 3.11.1: Separation of a benzene-toluene mixture with relative
volatility « = 2

Component Xg (molfr.) Xp (molfr.) xg (molfr.)
Benzene 0.5 0.9734 0.0266
Toluene 0.5 0.0266 0.9734
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Rate (kmol/h) 100 50 50

Rate (kg/h) 8512.7 3924.44 4588.26
Average M 85.13 78.49 91.77
Temperatures 91.7 °C 80.2 °C 108.9 °C

Feed at boiling temperature = q = 1
Calculation of the minimum number of trays

0.9734  0.9734
N — Ig (G556 * Gos6) — 820

Ig2.4
Ig (09734 05

3
Nuiny = 70-1‘2626 1 03) _ 4.11

Calculation of the minimum reflux ratio

Rmin =

1 0.9734 0.0266
* —24x— ) =13

24 -1 0.5 0.5

Required number of theoretical trays at the chosen reflux ratio R = 1.5

R—Ryn  15-13

Ri1 25 008
Y =0.75 — 0.75 % X*%% = 0.75 — 0.75 % 0.08°°%%% = .57
N =204

Calculated number or trays according to McCabe-Thiele

Total number of trays Nior = 20
Rectification trays ny =10
Stripping trays na =10
Feed tray ng =10

Column loading at q = 1 without heat losses

Vy = (1.5 + 1) * 50 = 125 kmol/h

Vy = 125 * M,, = 125 * 78.49 = 9811 kg/h
Ly = 1.5 * 50 = 75 kmol/h

Ly = 75 * 78.49 = 5886 kg/h

V, = 125 kmol/h = 125 * 85.13 = 10.641 kg/h
La =75 + 100 = 175 kmol/h

La = 175 * 85.13 = 14.898 kg/h
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Design data for the column internals
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Rectification

Stripping

ov = 2.66 kg/m> at 1 bar

ov = 2.8 kg/m®

Vy = 9811 kg/h = 3688 m*/h

Va = 10.641 kg/h = 3800 m*/h

oL = 814 kg/m’®

o1, = 780 kg/m®

Ly = 5886 kg/h = 7.23 m*/h

La = 14.898 kg/h = 19.1 m*h

Example 3.11.2: Influence of the g-value on the separation in Example 3.11.1
The separation effort at the fractionation of a benzene—toluene mixture is strongly
influenced by the thermal condition of the feed.

(a) Feed at boiling temperature = q = 1

Vy = 125 kmol/h

Ly =75 kmol/h

Va = 125 kmol/h

La =175 kmol/h

xg = 0.50 molft.

xp = 0.9734 molfr.

xg = 0.0266 molfr.

(b) Feed subcooled to 30

°C = q = 1.287

Vy = 125 kmol/h

Ly =75 kmol/h

Va = 154 kmol/h

La =200 kmol/h

xg = 0.5 molfr.

xp = 0.9847 molfr.

xg = 0.0153 molfr.

Conclusion: The separation is lightly better!
(c) Feed as overheated vapour at 120 °C

Vy = 125 kmol/h

Ly =75 kmol/h

Va = 14 kmol/h

La = 64 kmol/h

xg = 0.5 molfr.

xp = 0.7768 molfr.

xg = 0.2232 molfr.

Conclusion: The separation is clearly worse!

For comparison, the output of a computer simulation for Example 3.11.1 is
shown in Figs. 3.10 and 3.11.
The results are nearly identical. The great advantage of the computer calculation
is the output of data for many components, needed for fluid-dynamic design and
calculation of the condenser and the reboiler. Using computer programs the
column design is made easier because the components are included in the program
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STREAM FEEDF1

KGMOL /HR
1 BENZENE 50.000
2 TOLUENE 50.000
100.006

TEMPERATURE 91.7 €

FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 85.13
VOLUME 10.64 CU.M/HR
9.72 CU.M/HR
HEAT CAPACITY 2.0880 KJ/KG-C
SURFACE TENSION 19.99 DYNE/CM

STREAM DIST

KGHMOL/HR
1 BENZENE 48.668
2 TOLUENE 1.332
50.001

TEMPERATURE 80.2 C

FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 78.49
VOLUME 4.82 CU.M/HR

4.45 CU.M/HR
HEAT CAFPACITY 2.0643 KJ/KG-C
SURFACE TENSION 21.10 DYNE/CM'

SETREAM TOPVAP
IS ZERO

STREAM BTMS

KGMOL /HR
1 BENZENE 1.332
2 TOLUENE 48.668
49.999

TEMPERATURE 108.9 C

FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 91.77
VOLUME 5.86 CU.M/HR
5.25 CU.M/HR
HEAT CAPACITY 2.1490 KJ/KG=-C
SURFACE TENSION 18.35 DYNE/CM

3 Fractionation of Binary Mixtures

MOL FR. KG/HR WT.FR.
0.5000 3905.68 0.4538
0.5000 4607.02 0.5812

8512.70
PRESSURE  1.0000 BARA
ENTHALPY  ©0.413 MMWATT
SPECIFIC GRAVITY 0.8005 ( 91.7 C)
0.8764 ( 15.6 C)
VISCOSITY 0.288 CENTIPOISE
THERM.COND 0.11972 WATT/M-C

MOL FR. KG/HR WT.FR.
0.9734 3801.66 0.9687
0.0266 122.77 0.0313

3924.44
PRESSURE  1.0000 BARA
ENTHALPY  0.150 MMWATT
SPECIFIC GRAVITY ©0.8155 ( 80.2 C)
0.8825 ( 15.6 C)
VISCOSITY 0.319 CENTIPOISE
THERM.COND 0.12633 WATT/M-C

MOL FR. KG/HR WT.FR.
0.0266 104.01 0.0227
0.9734 4484.25 0.9773

4588.26
PRESSURE  1.0000 BARA
ENTHALPY 0.284 MMWATT

SPECIFIC GRAVITY O.7832 ( 108.9 C)
0.8742 ( 15.6 C)

VISCOSITY 0.244 CENTIPOISE

THERM.COND 0.11310 WATT/M-C

Fig. 3.10 Computer simulation of the benzene—toluene separation, Part 1

along with the equilibria. Therefore, the sometimes laborious generation of physical
properties is no longer necessary. It is important to critically check computer
results. From the computer output the influence of the g-value, reflux ratio, side
draw, and feed tray on the required separation effort can not be seen as it can in the

McCabe-Thiele diagram.
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COLUMN BLOCK BENZOL-T

COLUMN SUMMARY. FLOWS ARE IN KGMOL/HR

STAGE TEMF PRESS FLOW FROM BTAGE FEED PRODUCT HEAT ADDED
< BARA VAPOR LIQUID MM WATT
20 80.2 1.0000 0.0 75.0 50.0 LIQ =1.078
19 81.1 1.0000 12s.0 T4.4
18 82.2 1.0000 124.4 73.7
17 83.7 1.0000 123.7 72.8
16 a5.4 1.0000 12z2.8 71.9
158 7.2 1.0000 121.9 7iL.2
14 as.8 1.0000 121.2 70.6
13 90.1 1.0000 120.6 70.2
iz 91.1 1.0000 120.2 69.9
11 ?1.9 1.0000 119.9 69.8
10 $2.3 1.0000 i19.8 169.4 1o00.0
? 23.3 1.0000 119.4 169.0
8 94.7 1.0000 11%.0 1ea.4
7 96.6 1.0000 118.4 167.7
6 99.0 1.0000 117.7 167.2
5 101.7 1.0000 117.2 166.9
4 104.2 1.0000 116.9 166.8
3 106.2 1.0000 116.8 187.0
2 107.8 1.0000 117.0 167.2
1 108.9 1.0000 117.2 50.0 LIQ 1.094
FEED STREAM FEEDF1 TO STAGE 10 = 100.0 KGMOL/HR
LIQUID STREAM DIST FROM STAGE 20 = 50.0 KGHOL/HR
VAPOR STREAM TOPVAP FROM STAGE 20 = 0.0 KGMOL/HR
BOTTOMS STREAM BTHMS - 50.0 KGMOL/HR

EXTERNAL REFLUX RATIO= 1.5%00
INTERNAL REFLUX RATIO= 1.488

POR LIQUID

WT FLOW HW VOL FLOW DENSITY WT FLOW MW VOL FLOW DENSITY
STAGE KG/HR M3 /HE KG/H3 KG/HR M2 /HR KG/H3
20 0.0 78.3 0.00  2.6636 s886.7 78.5% 7.23 814.7
19 9811.1 78.5 3681.11  2.6652 5881.4 79.0 7.23  813.5
18 9805.8 78.8 3675.49 2.6679 5877.4 79.8 7.24 B11.7
17 9801.8 79.3 3668.38  2.8720 5877.2  B0.7 7.26  BO9.6
16 9801.6 79.8 3660.49  2.6777 5882.8 Bl.8 7.29 807.3
s 9807.3 80.4 I653.04 2.6847 5894.1 8z.8 7.32 805.0
14 9818.5 81.0 3647.13  2.6921 5908.5 83.7 7.36 803.1
13 9833.0 81.5 3643.19%  2.6990 5923.0 84.4 7.39  801.5
12 9847.5 81.9 3640.94  2.7046 5935.4  84.9 7.42  800.3
11 98%9.8 82.2 23639.81 2.7089 5944.9 as.2 T.a4 799.5
10 9869.3 B82.4 3639.31 2.7118 14477.5 a8s.4 18.12 799.0
E] 9889.2 82.8 3638.54 2.7179 14511.4  85.9 18.19 798.0
8 9923.1 83.4 3637.99  2.7276 14566.9  B86.5 18.29 796.5
7 9978.7 84.3 3638.64 2.7424 14652.1 87.4 18.44  794.4
6 10064.0 85.5 3642.38 2.7630 14769.5 8a.3 18.65 792.0
5 10181.3  86.9 3651.38  2.7883 14910.5 89.3 18.89 789.4
4 10322.2 88.3 3666.44  2.8183 18085.8  90.2 19.13  786.9
3 10467.2 89.6 3685.53  2.8401 15184.r  90.9 19.34  784.9
2 10595.9 90.6 3704.87  2.8600 15284.8 91.4 19.51  783.4
1 10696.5 91.3 3721.31  2.8744 4588.3 9l.s 5.86 782.4
- ~~VAPOR-~ -- LIQUID
VISCOSITY THERM.COND. VISCOSITY THERM.COND. SURF.TENSION
STAGE  CENTIPOISE WATT/M-C CENTIPOISE  WATT/M-C DYNE/CH
20 ©.00%01 0.01523 ©0.319 0.12633 21.10
19 0.00902 0.01531 0.317 0.12576 21.02
18 ©0.00903 0.01843 0.313 0.12498 20.91
17 0.00905 0.015589 ©.309 0.12404 20.77
16 0.00%07 0.01577 ©.308 0.12301 20.60
15 0.00909 0.01597 0.300 0.12201 20.42
14 0.00910 0.01615 ©0.296 0.12114 20.27
13 0.00911 ©0.01631 0.292 0.12046 20.14
12 0.00912 0.01643 ©.290 0.11997 20.04
11 0.00912 0.01651 0.288 0.11963 19.97
10 0.00913 0.01657 0.287 0.11940 19.92
? 0.00913 0.01669 0.284 0.11897 19.83
L] ©0.00914 0.01686 o.281 ©.11835 19.70
7 0.00915 0.01710 0.276 0.11753 19.51
& ©0.00915 ©.01741 0.270 0.11656 19.28
s 0.00916 0.01776 0.263 0.11557 19.03
4 0.00916 ©.01810 0.256 ©.11467 18.79

Fig. 3.11 Computer simulation of the benzene—toluene separation, Part 2
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3.13 Fractionation of Non-ideal Binaries

With the distillation calculations for ideal mixtures you can calculate, to a large
extent, with a constant relative volatility o. This makes the calculation easy. With
the fractionation of non-ideal mixtures the relative volatility in the column changes
from tray to tray because the activity coefficient y strongly depends on the con-
centration. Much more time is needed for a distillation calculation because the
compositions vary inside the column and for each new composition the activity
coefficient for the equilibrium has to be determined once again. Figure 3.12 shows
the curve of the activity coefficients for a methanol-water mixture depends on the
methanol composition.

Figure 3.13 shows how the relative volatility for the methanol-water mixture
varies on the different theoretical trays. In the design of a column there needs to be
made an iterative calculation until the equilibrium corresponds to the tray com-
position. First of all the composition of a tray is sized up using the equilibrium of
the previous theoretical tray. Then the activity coefficient for the new composition
is determined and the new equilibrium on the theoretical tray is calculated until the
right equilibrium for the composition on the tray is determined. Much time is
needed for this calculation. Therefore, such calculations are completed using a
computer. Figure 3.14 depicts the curve for the composition in a column for the
separation of methanol and water.

25
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°
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0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1

Methanol concentration x (molfraction)

|=&—=Methanol =#i=Water |

Fig. 3.12 Activity coefficients of methanol and water as a function of methanol concentration in
the liquid phase



117

3.13 Fractionation of Non-ideal Binaries
8 T
| .l
7 . f :
z | |
= 8
T
c
< s ST
>
5
E 4 T
~ |
R | :
[~
2
1 +
1 2 3 4 5 6 7 ] ® 10 M 12 13 14

16

Tray number

Fig. 3.13 Relative volatility on different trays

of a methanol-water column
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Fig. 3.14 Composition of methanol and water on the column trays

The graphical design of a column for a non-ideal, two-component mixture is
very easy. The vapour-liquid equilibrium and an A3-sheet paper is all that is
needed. The application is shown in Example 3.12.6 and Fig. 3.15.

Example 3.12.6: Distillative separation

effort for an isopropanol-water mixture

IPA-feed composition:

50 weight% = 23.06 mol%

IPA-distillate composition:

>86.1 weight% = 65 mol%

IPA-bottoms composition:

<14.93 weight% = 5 mol%
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0.9 -
0.8
0.7 -
0.6
0.5 -
0.4 - m=1

0.3 4

l'-: 0.879
v

0.2 5

Vapour conccntration (molfraction)

0.1+

0.0 T T T T T T T T T
0.0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 09 1.0

Xg=0.012 Xp=0.23 Xp=0.663
Liquid concentration x (molfraction)

Fig. 3.15 Graphical design of a column for isopropanol-water separation

From the McCabe-Thiele diagram shown below the following separation con-
ditions result:

L R 0.879

—=0879=—— R=0879%*R+0879 R=_—"—=7.26

v R+1 R 0.121
Required rectification trays: 4 Required stripping trays: 1

Total number of theoretical trays: 5

The following computer simulation of Example 3.12.6 in Fig. 3.16 gives the
same result as the graphical design.



3.13 Fractionation of Non-ideal Binaries

COLUMN SUMMARY. FLOWS ARE IN KGMOL/HR

STAGE FLOW PROM STAGE FEED PRODUCT  HEAT ADDED
VAPOR LIQUID MM WATT
s 0.0 631.5 86.9 LIQ -8.050
4 7i8.4 630.5
3 717.4
2 718.3
1 708.0 288.6 201.7 LIQ B.069

FEED STREAM FEEDF1
LIQUID STREAM DIST
VAPOR STREAM OVHD FROM STAGE S
BOTTOMS STREAM BTHS - 201.7
EXTERNAL REFLUX RATIO= 7.268
INTERNAL REFLUX RATIO= 7.257

TO STAGE 1 =

FROM STAGE 5 =

288.6 KGMOL/HR

86.9 KGMOL/HR
- 0.0 KGHOL/HR
EGHOL /HR

LIQUID
WT FLOW MW  VOL FLOW DENSITY WT PLOW MWW  VOL PLOW DENSITY
STAGE KG/HR M3 /HR KG/M3 XG/HR M3 /HR KG/H3
s 0.0 46.0 0.00  1.5673 28648.4  45.4 37.53  763.4
4 32590.1  45.4 21077.47  1.5462 27828.2  44.1 36.28  767.1
3 31772.2 3 21087.09  1.5088 26215.9  41.7 33.84 7747
2 30159.7  42.2 21028.27  1.4342 22233.4 35.8 27.89  797.1
1 26175.4  37.0 21043.08  1.2439 4088.3  20.1 4.37  928.9
VISCOSITY  THERM.COND. VISCOSITY THERM.COND. * SURF.TENSION
STAGE CENTIPOISE WATT/M-C CENTIPOISE  WATT/M-C DYNE/CH
s 0.00983 0.02072 0.457 ©0.14617 20.27
4 0.00986 0.02072 ©0.451 0.14957 20.72
3 0.00991 0.02073 0.439 0.15734 21.71
2 0.01003 0.02079 0.410 0.18544 24.92
1 0.01041 0.02126 0.334 0.51108 61.25
STREAM FEEDF1
T T — KGHOL/HR  MOL FPR.
1 WATER 222.033  0.7694
2 ISOPROPANOL £6.860 ©.2306
288.594 8000.00
TEMPERATURE  80.0 € PRESSURE  1.0000 BARA
ENTHALPY  0.329 MHWATT

FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 27.72
VOLUME 9.47 CU.M/HR

8.91 CU.M/HR
HEAT CAPACITY 3.7876 KJ/KG-Cf
SURFACE TENSION 33.00 DYNE/CM

STREAM DIST

KGHOL /HR

1 WATER 30.409
2 ISOPROPANOL 56.475
86.884

TEMPERATURE 79.7 €
FRACTION LIQUID 1.0000
AVERAGE HOL.WT. 45.37
VOLUME 8.16 CU.M/HR

4.73 CU.M/HR
HEAT CAPACITY 3.4914 KJ/KG-C
SURFACE TENSION 20.27 DYNE/CM

STREAM OVHD
I8 IERO

STREAM BTMS
_—

1 WATER
2 ISOPROPANOL

TEMPERATURE  84.3 C
FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 20.12
VOLUME 4.37 CU.M/HR

4.20 CU.M/EHR
HEAT CAPACITY 4.0832 KJ/KG-C
SURPACE TENSION 61.25 DYNE/CH

Fig. 3.16 Computer simulation of isopropano

KOMOL /HR
191.624 0.9500
10.086 0.0500

201.710

SPECIFIC GRAVITY 0.8460 ( 80.0 €)
0.8986 ( 15.6 C)

VISCOSITY 0.380 CENTIPOISE

THERM.COND 0.26866 WATT/H-C

MOL FR. KG/HR WT.FR.
0.3800 S47.84 0.1390
0.6500 3393.91 0.8810

3941.74
PRESSURE 1.0000 BARA

ENTHALPY 13204.6 WATT

SPECIFIC GRAVITY 0.7641 { 79.7 €)
0.8342 ( 15.6 C)

VISCOSITY 0.457 CENTIPOISE

THERM.COND 0.14617 WATT/M-C

KG/HR WT.FR.
3452.16 O.8507
606.10 ©0.1493

MOL FR.

4088.26
PRESSURE 1.0000 BARA
ENTHALPY 0.334 MMWATT

BPECIFIC GRAVITY 0.9298 ( 84.3 C)
0.9679% ( 15.6 C)

VISCOSITY ©.334 CENTIPOISE

THERM.COND 0.51105 WATT/H-C

I-water separation
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Chapter 4
Calculation of Multi-component
Fractionation Plants

4.1 Basic Data for the Design

4.1.1 Mass Balance for the Separation Task

First a preliminary mass balance for the specified separation task is prepared:

e Feed composition.
e Distillate composition.
e Bottoms composition.

These compositions are required in order to determine the bubble point tem-
peratures of the feed and bottoms product and the dew point at the column top in
order to determine the average relative volatility « for the given fractionation task.

The calculation method is essentially reduced to the separation of two key
components, i.e., the light key (LK) and the heavy key (HK) components.

Example 4.1.1: Mass balance for a four-component mixture

Component Feed Distillate Bottoms

M

kg/kmol |kg/h |kmol/h |xg kg/h | kmol/h | xp kg/h | kmol/h |xp
Light |78 1952 |25 025 [1952 |25 0.48 |0.0 0.0 0
LK 92.1 2303 |25 025 [2081 |22.6 044 (219 |24 0.05
HK 106.1 2652 |25 025 | 228 |2.15 0.04 | 2425 |22.85 |0.48
Heavy |104.1 2602 |25 025 [239 |23 0.04 |2580 |24.77 |0.47

9508 | 100 1.0 4500 |52.05 5008 |47.95 1.0

© Springer International Publishing AG 2017 121
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Average mole weight My, = > x; * M;
Feed: M, = 95.075 Distillate: M, = 86.37 Bottoms: M, = 104.46

HK = heavy key component.

LK = light key component.

M = molecular weight (kg/kmol).

xg = feed composition (molfraction).

xp = distillate composition (molfraction).
xg = bottoms composition (molfraction).

4.1.2 Calculation of the Average Relative Volatility
o for Ideal Mixtures

For the determination of the averaged relative volatility, the temperatures at the
column top, in the column bottom, and at the feed stage are required in order to
determine the averaged relative volatilities for the different temperatures at the top,
the feed stage and the bottom.

Calculation of the bubble points and dew points is shown in Chap. 2.

Bubble Point Equation:

S = 1= Y Ky = YT
PtOt

Dew Point Equation:

inzlzz%zzyi*f’wt

Yi * Poi

The activity coefficient y must be considered for non-ideal mixtures!

Py = total pressure (mbar).

Py; = vapour pressure of component i.

x; = composition of component i in the liquid (molfraction).
y; = activity coefficient of component i.

y; = vapour composition of component i (molfraction).

K = equilibrium constant = y/x.

In multi-component mixtures the relative volatility « is derived from the vapour
pressures and is based on the HK component.
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Relative volatility of component 1: «; = Por.
POHK
. . Po2
Relative volatility of component 2: o, = ——
POHK
Relative volatility of component LK: o;x = PoLx
POHK

Po1 = vapour pressure of component 1.
oy = relative volatility of component 1.
Doz = vapour pressure of component 2.
o, = relative volatility of component 2.
PoLk = vapour pressure of the LK component.
Pouk = vapour pressure of the HK component.

The vapour pressures at different temperatures are calculated and hence the
average relative volatilities o, derived:

Om = C/ Oltop * Ufeed * Obottom

Example 4.1.2.1: Determination of the Relative volatilities for a
benzene/toluene/ethyl benzene/styrene mixture

Top Bottom Feed
Temperature (°C) 101 138.1 108

Po o Po o Po o
Component mbar - mbar - mbar -
Benzene 1387 5.20 3398 4.25 1690 4.99
Toluene 573.4 2.15 1562 1.95 715.2 2.11
Ethylbenz 265.7 1.0 800 1.0 338.8 1.0
Styrene 199.8 0.75 627.5 0.78 257.3 0.76

Benzene: o, = V5.2 %425 x4.99 = 4.79
Toluene: oy = V2.15%1.95%2.11 =2 LK
Ethylbenzene: o3 = Vixl%1=1 HK
Styrene: oy = v/0.75 % 0.78 x 0.76 = 0.76

Below are the chosen average relative volatilities for the determination of the
required theoretical stages N and the required reflux ratio R:

Light boiling benzene: o, = 4.79
LK component toluene: o, = 2.0
HK component ethyl benzene: o, = 1.0
High boiling styrene: oy, = 0.76.
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4.1.3 Component Distribution According to Relative
Volatilities [1, 6]

After the relative volatilities are determined the preliminary mass balance, with
component distribution, is prepared according to the method of Hengstebeck—
Geddes [1].

d;
lg ;za—&—b*lg o

f; = feed flow rate of component i (kmol/h).

d; = distillate flow rate of component i (kmol/h).

b; = bottoms flow rate of component i (kmol/h).

o; = relative volatility of component i based on the HK component.

u— lg( bk /fux >
1 — buk /fux

dik/fix buk /fiux
. Ig {I*dLK/fLK * 1*hHK/fHK:|

lg OlLK
d,' _ 107 x Otb
fi 14104 % ab
b; 1

ST S

Example 4.1.3.1: Calculation of Components Distribution

Component Volatility Feed
M o (kmol/h)
Light 78 4.79 25
LK 92.1 2 25
HK 106.1 1 25
Heavy 104.1 0.75 25
100

Required separation: bk = 22.85 kmol/h dyx = 22.6 kmol/h

bux fik 22.85/25
1L Pt N 1 )71
1~ bu/fux 21— 22.85/25

dix/fi bk /i 22.6/25 | 22.85/25
B log [1-2?,(/?,( * 1—21.(4,(/?;.(} log |:1—22.6/25 *1°2285/25

log oy x - log 2

a = —log

} = 6.645
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Calculation of the distillate and bottoms flow rate for the HK component:

10° x o A
= %k =
1+ 109 %o 7K T 1110~ 1:0264 4 16645

duk

buk

Result of the Distribution Calculation:

10~ 1.0264 % 16.645

Tl 109 % o * ik = 11 10 10264 4 6645

* 25 = 0.086 * 25 = 2.15 kmol

%25 =0.914 % 25 = 22.85 kmol

Component Feed Distillate Bottoms
(molfr.) (kmol/h) (kmol/h)
Benzene 0.25 24.99 0.01
Toluene 0.25 22.6 24
Ethyl benzine 0.25 2.15 22.85
Styrene 0.25 0.34 24.66

4.2 Short-Cut Method for Ideal Multi-component
Mixtures [2-7]

With the short-cut method both the required minimum number of trays N, at total
reflux and the required minimum reflux ratio R.,;, at infinite number of trays is
determined. Using a simple conversion the required number of theoretical stages for
a certain reflux ratio R is determined. The method is very simple and illustrates the
difficulty level of a separation. However, the short-cut method is not suitable for
non-ideal vapour-liquid equilibria because the relative volatility strongly changes
with concentration for non-ideal mixtures.

4.2.1 Calculation of the Minimum Number of Trays N,,;,
Jor a Given Component Distribution According
to Fenske [8]

The minimum number of stages at total reflux for the separation of the LK and HK
components is calculated. The compositions for the calculation are taken from the
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components distribution according to Hengstebeck—Geddes, described in
Sect. 4.1.3. Alternatively, the minimum number of trays for an estimated compo-
nents distribution can be performed and then the mass balance can be determined
according to Sect. 4.2.2. The determination of the required relative volatilities is

shown in Sect. 4.1.2.
),
MK/ top YLK / bottom

Nmin =
lg ok

op g = relative volatility of the LK component based on the HK component.
xpx = composition of the LK component at the top and the bottom.
xyk = composition of the HK component at the top and the bottom.

4.2.2 Calculation of the Components Distribution
at the Minimum Number of Trays N,,;,

The flow distribution according to the relative volatilities for the calculated mini-
mum number of trays is determined:

! d
A:O(ﬁvm,“k (bHK> B=A+1
HK

A
di:E*fi bi== fi=di+bi

b; = bottoms flow rate of component i (kmol/h).

d; = distillate flow rate of component i (kmol/h).

f; = feed flow rate of component i (kmol/h).

o; = relative volatility of component i based on HK component.

(4) 4 = distribution of the HK component to the distillate and bottoms.

4.2.3 Determination of the Minimum Reflux Ratio R,,;,
According to Underwood [9]

First the operand ® for the feed composition and the thermal condition of the feed,
characterized by the g-value, is determined. Then, with the help of the ®-value,
which is determined iteratively by trial and error, the minimum reflux ratio R, is
calculated.
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- o * X;F
l_q_zui7®

o * X;
Rmin""lzzu‘i(:))

4.2.4 Conversion to the Real Number of Trays at a Real
Reflux Ratio R [10]

The calculated minimum number of trays is valid for an infinite reflux ratio without
distillate draw and the minimum reflux ratio for a column with an infinite number of
trays. The derived values must therefore be converted to realistic operating con-
ditions for a definite number of trays and a definite reflux ratio. The following
approximation formula can be used for the conversion:

N_Nmin J—
N+l — Y
Y = 0.75 — 0.75 % X0-5668
RiRmin —
T =X
_ (0.75-y)\1/0.5668
X= ( 0.75 )

4.2.5 Determination of the Feed Tray According
to Kirkbride [11]

The ratio of the rectification trays Ny to the stripping trays Ny, is calculated.

, 70206
N _ YHKE ) o (XkB ) 4 B
Na XLKF XHKD D

Ny = 11\1/\7/3;?\/,\ * Niot
Np = Nyt — Ny.

4.3 Vapour and Liquid Loading of the Column

The vapour and liquid flow rates in the rectification and stripping sections result
from the mass balance, the reflux ratio, and the thermal condition of the feed or the
g-value (see Chap. 3). The thermal condition of the feed mixture is characterized by
the g-value.
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Feed of a liquid at boiling temperature Tieeq = Thou = ¢ = 1
Feed of a cold liquid with Tgeeq < Tpoii = g > 1

Feed of vapour at dew point Tgeeq = Tgew = ¢ =0

Feed of overheated vapour with Tieeq > Tgew = ¢ <0

The g-value is required for the determination of the vapour and liquid flow rates
in the column. For instance, the liquid flow rate in the stripping section is increased
with a cold liquid feed.

Rectification section:

Vapour flow rate Vy = (R +1) * D Liquid flow rate Ly = R x D

Slope of the operating line for rectification

Ly R

VW R+1
Stripping section:

Vapour flow rate Vo = Vy — (1 —q) «x F =L — B
Liquid flow rate Ly = Ly + g+« F =RxD+qg* F = Ry x B
Slope of the operating line for stripping

Lan  Ra
Vo Ra—1

F = feed flow rate (kmol/h).

D = distillate flow rate (kmol/h).

B = bottoms flow rate (kmol/h).

Vy = vapour flow rate in the rectification section (kmol/h).
Ly = liquid flow rate in the rectification section (kmol/h).
Va = vapour flow rate in the stripping section (kmol/h).
La = liquid flow rate in the stripping section (kmol/h).

R = Ly/D = reflux ratio in the rectification section.

Ra = La/B = reflux ratio in the stripping section.
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Example 4.3.1: Column Loading at different g-Values
(a) Feed of liquid with bubble point temperature: Tr.cq = Thon

q=1 R=305 F=100kmol/h D = 31.2kmol/h

Rectification:

Vy =(3.05+ 1) * 31.2 = 126.36 kmol/h
Ly =3.05 * 31.2 = 95.16 kmol/h
Slope of the rectifying line Ly/Vy = 95.16/126.36 = 0.753

Stripping:

Lp=95.16 +1 * 100 = 195.16 kmol/h
Va =126.36 — (1 — 1) * 100 = 126.36
Slope of the stripping line Lx/Va = 195.16/126.36 = 1.54

(b) Feed of cold liquid: Tgeeq < Thoin

q=125 R=305 F=100kmol/h D = 31.2kmol/h

Rectification:

Vy = 4.05 * 31.2 = 126.36 kmol/h
Ly =3.05 * 31.2 = 95.16 kmol/h
Slope of the rectifying line Ly/Vy = 0.753

Stripping:

La =95.16 + 1.25 * 100 = 220.16 kmol/h
Va =126.36 — (1 — 1.25) * 100 = 151.36 kmol/h
Slope of the stripping line La/Va = 1.45

From the calculated column loading in kmol/h the vapor and liquid flow rates in
kg/h must be calculated using the average mole weights and the vapour and liquid
densities at column temperature:

Vx My
Vapor flow rate = L (m*/h)
Pv

L+ My
Liquid flow rate = i (m*/h)
PL
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M, = average mole weight of the mixture.
V = vapour loading (kmol/h).

L = liquid loading (kmol/h).

or = liquid density (kg/m®).

oy = vapour density (kg/m3).

The described “short-cut” or approximation methods for the determination of the
required theoretical stages, the required reflux ratio, the feed stage, as well as the
flow distribution for the different streams according to Fenske, Underwood,
Gililand, and Kirkbride are particularly suitable for the design of fractionation
plants for ideal homogeneous mixtures, such as:

Hydrocarbons.

Aromatic mixtures.

Fatty alcohols, fatty acids, and fatty acid methyl ester.
Nitrochlorid- and nitroparaffin components.

In the separation of non-ideal, multi-component mixtures with activity coeffi-
cients a computer program is needed because the composition changes for every
tray and the activity coefficient is strongly concentration dependent. This is an
enormous calculation task. Often, however, the problem can be reduced to a binary
component separation and hence can be graphically solved according to Mcabe—
Thiele. With unknown mixtures additional pilot plant fractionation is recom-
mended. This is particularly true for aceotropic and extractive distillations as well as
for hybrid plants with intermediate membrane permeation.

Example 4.3.2: Column Calculation for a Mixture of Benzene, Toluene, Ethyl
benzene and Styrene
The following mixture is to be separated such that 90.49% of the LK component
toluene is produced at the top and 91.39% of the HK component ethyl benzene is
produced at the bottom.

Feed flow rate: 100 kmol/h.

1. Component Distribution according to Hengstebeck—Geddes with Relative
Volatilities

a=—-10264 b=6.645

Component Feed Distillate Bottoms
(molfr.) (kmol/h) (Xp) (kmol/h) (xB)
Benzene 0.25 24.99 0.499 0.01 0.000
Toluene LK 0.25 22.6 0.451 24 0.048
Ethylb HK 0.25 2.15 0.043 22.85 0.458
Styrene 0.25 0.34 0.007 24.66 0.494
1 50.08 1 49.92 1
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2. Calculation of the minimum number of trays N, with relative volatility
a = 2 for the separation of toluene/ethyl benzene

lg (0.451 0.458

0015 * 0o3s) — 665

Nuin = lg )

3. Calculation of the component distribution at N,

Nanin = 6.65  (b/f )yx= 22.85/25 = 0.9139  (d/b )= 2.15/22.85 = 0.094

Component Feed Distillate Bottom
(kmol/h) (kmol/h) (kmol/h) A B
Benzene 25 24.99 0.01 3143.1 3144.1
Toluene 25 22.6 24 9.44 10.44
Ethyl benzine 25 2.15 22.85 0.094 1.094
Styrene 25 0.34 24.66 0.014 1.014
100 50.08 49.92

4. Minimum reflux ratio according to Underwood

Calculation using the estimate ® = 1.33 for g = 1

Zai*xipzl_qzl_lz

o — °]
o XE o * Xp e i*%;
Benzene 4.79 0.25 1.1975 1.33 0.3461
Toluene 2 0.25 0.50 1.33 0.7463
Ethyl benzene 1 0.25 0.25 1.33 —0.7576
Styrene 0.76 0.25 0.19 1.33 —0.3333
0.0015

Calculation of R, with ® = 1.33

O * X

Ryin=19-1=09 Rpin=09

XD Xp * o o

0.503 2.409 0.696

0.451 0.902 1.346

0.040 0.040 —0.121

0.007 0.005 —-0.009
1.9
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5. Required number of trays at R =1
X=592=-005 =Y=0613
N — Npin = 0.613 N +0.613
0.387 N =0.6134+6.65 N=19atR=1

With a reflux ratio of R = 1 you require 19 theoretical trays.

6. Determination of the feed stage for Ny, = 19
N: 0.25 0.051\* 50.3 0200 1.11
AR ( ) * 1 =1.11 Ny ==——%19=10

Nx 025 \0.039) Fa97 211

NA:N[ot_NV:19_10:9

Therefore, 10 rectification trays (Ny) and 9 stripping trays (N,) are
required.

7. Column loading at g = 1

Feed = 100 kmol/h.

Distillate = 50 kMol/h.

Bottoms = 50 kMol/h.

Total vapor flow rate rectification = (R + 1) * D = (1 + 1) * 50 = 100 kmol/h.
Liquid flow rate rectification = R * D = 1 * 50 = 50 kmol/h.

Vapor flow rate stripping =R+ 1) *D-(1-¢q) * F=2%*50—-(1 - 1) * 100
= 100 kmol/h at g = 1.

Liquid flow rate stripping=R * D +qg * F=1* 50+ 1 * 100 = 150 kmol/h at

qg=1.
8. Design data for the column internals

Rectification:
oy =2.8kg/m* M =892
Vy = 100 * 89.2 = 8.920 kg/h = 8.920/2.8 = 3.186 m*/h
oL = 784 kg/m® M =943

Ly = 50 % 94.3 = 4.715 kg/h = 4.715/784 = 6.01 m’ /h
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Stripping:

4 Calculation of Multi-component Fractionation Plants

oy =29kg/m®> M =96.4

Va = 100 % 96.4 = 9.640 kg/h = 9.640/2.9 = 3.324 m> /h

o, =778 kg/m* M = 100.8

La = 150 % 100.8 = 15.120 kg/h = 15.120/778 = 19.43 m* /h

The computer calculation below, in Figs. 4.2 and 4.3, gives the same result as
the short-cut approximation method for Example 4.3.2.

STREAM FEEDF1

1 BENIENE
2 TOLUENE

3 ETHYLBENIEME

4 STYREWE

TENPERATURE
FPRACTION LIQUID 1.0000
AVERAGE MOL.WT.

VOLUME

HEAT CAPACITY 2.1491 KJ/KG-C
SURPACE TENSIOR

STREAM OVED

KGHOL /HR
2%.000
25,000
28,000
25.000

100.000
PREBASURE
ENTHALPY

MOL FR.
0.2500
0.25%00
0.2500
0.2500

108.% C

95.14

12.01 CU.M/HR
10.81 CU.M/HR
VISCOSITY
20.61 DYNE/CM

KG/HR
1952.84
2303.5)2
2654.17
2603.80

96514.33

1.0000 BARA
0.599 MHHWATT

BPECIFIC GRAVITY 0.7932

0.8811

(
(

WT.FR.
0.2053
0.2421
0.279%0
0.2737

108.5 C)
15.6 <€)

©0.267 CENTIPOISE
THERM.COND 0.11441 WATT/N~C

KGMOL/HR  MOL FR. KG/BR WT.PR.
1 BENZIENE 24.997 0.4999 1952.%8 ©0.4552
2 TOLUENE 22.623 0.4528 2084.49 0.4860
3 ETHYLBENZENE 2.15¢ 0.0431 228.66 0.0533
4 BTYRENE 0.226 0.453E-02 23.59 0.550E-02
80.000 4289.32
TEMPERATURE 101.0 C PRESSURE  1.0000 BARA
FRACTION LIQUID 0.0000 ENTHALPY  0.678 MMWATT

AVERAGE MOL.WT. 85.79
VOLDME 1514 .56 CU.M/HR
HEAT CAPACITY 1.4247 KJ/KG-C
THERM.COND 0.01747 WATT/M-C

STREAM BTHS

KGMOL /HR

1 BEMIENE 0.001
2 TOLUENE 2.378
3 ETHYLBEMIENE 22.847
4 BTYRENE 24.774
$0.000

TEMPERATURE 138.1 C
PRACTION LIQUID 1.0000
AVERAGE HOL.WT. 104.50
VOLUME 6.75 CU.M/HR
5.88 CU.M/HR
HEAT CAPACITY 2.2720 KJ/K@-C
SURFACE TENSION 20.44 DYNE/OM

Fig. 4.2 Computer simulation for Example 4.3.2

COMPRESSIBILITY 0.9738

VISCOSITY 0.00917 CENTIPOISE
MOL FR. XG/ER WT.FR.
0.241E-04 0.09 O0.180E-04

0.0476 219.1% 0.0419

0.4569 2425.%6 O0.4642

D.4955 2580.22 0.4938
5225.03

PRESSURE  1.0000 BARA

ENTHALPY  O.440 MMWATT

SPRCIFIC GRAVITY 0.7752 ( 138.1 C)
0.8888 ( 15.6 C)

VISCOSITY 0.235 CENTIPOISE
THERM.COND 0.10714 WATT/M-C
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COLUMN SUMMARY .

ATAGE

20
19
is
17
16
1s
14
i3
12
i1
10

°

FNUsAAYD

VAPOR

ATAGE

FLOWS ARE IN KGMOL/HR

135

TEMP PRESS FLOW FROM BTAGE FEED PRODUCT HEAT ADDED
[ BARA VAPOR LIQUID MM WATT
101.0 1.0000 s0.0 B0.0 VAP -0, 482

L06.0 1 .0000 100.0 49.1
109.0 1.0000 29.1 48 .4
111.1 1.0000 o8.4 47.9
112.6 i.0000 7.9 47.5
113.8 1.0000 a7.8 a7.2
114.7 1.0000 7.2 46.9
115. 4 1.0000 96.9 46.7
115.9 1.0000 6.7 46.6
116.4 1.0000 PE6.6 46.4
116.7 1.0000 96. 4 147.0 100.0
121.2 1.0000 97.0 147.9
124.2 1.0000 °27.9 l48.4
126.% 1.0000 o8.4 l48.8
i28.8 1.0000 i48.86
130.4 1.0000 148.5
132.4 1.0000 148.4
134.4 1.0000 l48.4
136.4 1.0000 l148.4
138.1 1.0000 50.0 LIQ 1.001
FEED STREAM FEEDF1 TO ATAGE 10 = 100.0 KGMOL/HR
STREAM OVHAD FROM STMAGE 20 = 50.0 KGMOL/HR
BOTTOMS STREAM BTMS - 50.0 KGMOL/HR
EXTERNAL REFPLUX RATIO=- 1.000
INTERNAL REFLUX RATIO= O.982
VAPOR: IQUID
WT PFLOW MW VoL FPLOW DENSITY WT PLOW L VOL FLOW DENSITY
KG/HR M3 /HR KG/H3 KG/HR M3 /AR KG/H3
438%9.2 B85.8 1555.34 2.7578 4512. 4 20.3 5.71 790.8
aso01.7 BB.0 31%2.46 2.7920 4555.5 2.8 5.79 786.8
anss.8 as.2 3149.21 2.8086 4570.0 94.3 S5.82 784.9
a8%9 . 4 S0.0 314 7e 2.8172 4573.5 95.5 7Ba4.0
ascz.8 90.5 3140.37 2.8222 4572.6 96.3 783.6
BB62.2 20.9% 3136.76 2.8252 4569.1 95.8 S.83 7a3.5
8858.6 21.1 3133.92 2.82&6 4563.5 *7.2 S.a2 783 .7
aasz.9 1.3 3131.87 2.8270 A556.2 27.58 5.81 784.0
BBa4S .6 91.4 3129.50 2.8265 4547. 8 7.6 s.80 7B4.4
8837 .2 21.% 3127.61 2.8255 4538.8 7.7 5.78 TR4.9
anza.2 21.5 3125.84 2.8243 l4383.8 7.8 18.31 Tes. 4
S158.6 4.4 2.8794 14663.3 99.1 18.75 781.9
9438.23 96.4 2.9181 19.0% 779.6
2629.0 °7.8 2.9441 19.26 778.1
9759 .6 9.0 2.9638 19.42 777 .0
883 .8 100.0 2.9816 19.57 776.0
9961L.8 101.1 3321.48 2.9990 1s284.5 103.0 i9.72 778.2
10059.% 102.2 333as_ 77 3.0158 18376.9 103.6 19.85 T7A. B
10151.8 103.2 3350.66 3.0298 15453.7 104.1 19.96 774.3
10228.7 103.9 3365%.00 3.0397 522%.0 104.85 &.75 T74.5
VISCOSITY THERM . COND .
CENTIPOISE WATT/M-C
D.00917 0.01747
0.00918 0.0179a
O.00918 0.01821
0.00918 0.01834
O.00918 0.01842 ©.254 ©0.11190 19.13
0.00918 0.01847 0.253 0.1116%9 19.24
0.00%18 O.01881 0.253 0.11180 i9.38
0.00%18 o.olas3 0.252 0.111%9 19.53
O.00919 0.01858 0.282 0.11163 19.69
0.009%19 O.01836 0.2351 ©.11170 19.85
0.00919 0.01887 0.251 0.11180 20 .01
0.009%16 0.01900 0.243 0.11054 192.75
©.00912 0.01926 0.239 O.10972 19.61
0.00%10 0.01940 0.237 O.10913 A9.56
©.00908 O.01948 0.236 0.10864 19.56
0.00905 0.01951 0.236 0.108148 19.61
©.00903 0.019582 0.236 0.10776 19.69
©.00%00 0.01981 0.236 0.10741 19.84

"
WAROYD WO

Fig. 4.3 Computer simulation for Example 4.3.2
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Example 4.3.3 Separation of an aromatic mixture with low relative volatilities o
A five-component aromatic mixture is to be separated by fractionation.

Requirements for the separation:

m-xylene yield in the distillate: 99.5%
o-xylene yield in the bottoms: 97.5%

Feed flow rate and composition:

Component kg/h o M kmol/h mol%
Ethyl benzene 215 1.23 106 2.028 21.5
p-xylene 180 1.17 106 1.698 18.0
m-xylene (LK) 400 1.145 106 3.774 40.0
o-xylene (HK) 200 1.0 106 1.887 20.0
Cumene 5 0.815 120 0.042 0.5
1000 9.429 100

1. Component Distribution according to Hengstebeck—Geddes

Component Feed Distillate Bottoms
(molfr.) (molfr.) (molfr.)
Ethyl benzene 0.215 0.2695 47 %107°
p-xylene 0.18 0.2254 0.0011
m-xylene 0.40 0.4989 0.0099
o-xylene 0.20 0.0063 0.9643
Cumene 0.005 2.1 %107 0.0247

2. Mininum number of stages Npin

lg 0.4989 , 0.9643
Npin = (0,0063 0,0099) — 66.1

lg 1.145
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3. Component distribution at total reflux

Nuin = 66.1  d/b=1-0.975=0.025
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Component Feed Distillate Bottoms
(kmol/h) (kmol/h) (kmol/h)
Ethyl benzene 2.028 2.028 9 * 107
p-xylene 1.698 1.696 0.002
m-xylene 3.774 3.755 0.019
o-xylene 1.887 0.046 1.841
Cumene 0.042 1.4 *%107° 0.042
9.429 7.525 1.904
Feed Distillate Bottoms
Average M 106.23 106.17 106.48
Flow rate (kg/h) 1001.64 798.91 202.73

4. Minimum Reflux Ratio according to Underwood
®=1.030 = Run,=7.28

Figure 4.4 shows how the required number of stages as function of the quotient
R/R i changes.

5. Required number of stages for R = 15
N = 89.6 Chosen : Ny, = 90 stages

At reflux R = 15 the requirement is 90 theoretical stages.

6. Determination of the feed stage for Ny, = 90

_0.0995%3.774 __ 3.755 __
D = 009953774 — 3183 — 7,524 kMol/h

_ 0975%1.887 __
B = IS8T _ 1 905 kMol/h

N: 02 0.0099\2 , 1.905] *2%
= { 1 * (0.0063) * 7.524] = 0.787

Ny = % x 89.6 = 39.5

Ny = 40stages = Np = Nyt — Ny = 90 — 40 = 50 stages

The feed stage is the 50th from the bottom.
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Fig. 4.4 Required theoretical
stages as a function of R/R i,

7. Column loading at g = 1

Required number of stages
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In the rectification section above the feed stage:

Vapor flow rate = (15 + 1) * 7.525 = 120.4 kmol/h = 12790 kg/h

Liquid flow rate = 15 * 7.525 = 112.875 kmol/h = 11970 kg/h

In the stripping section below the feed stage:

Vapor flow rate = vapor flow rate rectification = 120.4 kmol/h = 12790 kg/h
Liquid flow rate = 112.8 + 9.429 = 122.304 kmol/h = 12976 kg/h

The computer simulation of Example 4.3.3 in Fig. 4.4 gives the same results as
the short-cut approximation method.

Result:

Number of stages = 90

Feed stage = 50th from the bottom

Reflux ratio = 15

The mass balances of both of the designs (short-cut and computer) are identical.
The mass balance of the computer simulation is given below in Fig. 4.5.

“Short-cut” Computer calculation
Feed flow rate (kg/h) 1001.64 1001.64
Distillate flow rate (kg/h) 798.91 798.91
Bottoms flow rate (kg/h) 202.73 202.73
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BTREAM FEEDFl

W e W N

KGMOL/HR

ETHYLBENZENE 2.028
pP-XYLENE 1.698
m-XYLENE 3.774
o=-XYLENE 1.887
CUMENE 0.042
9.429

TEMPERATURE 138.9 C
FRACTION LIQUID 1.0000

AVERAGE MOL.WT. 106.23
VOLUME 1.32 CU.H/HR
1.15 CU.M/HR
HEAT CAPACITY 2.2651 KJ/KG-C
SURFACE TENSICON 16.37 DYNE/CH

BTREAM DIST

W WwNe

KGMOL /HR
ETHYLBENZENE 2.028
p~XYLENE 1.696
m-XYLENE 3.760
o-XYLENE 0.040
CUMENE 0.000
7.528

TEMPERATURE 137.7 €

FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 106.17
VOLUME 1.05 CU.M/HR
0.92 CU.M/HR
HEAT CAPACITY 2.2560 KJ/KG-C
SURFACE TENSION 16.22 DYNE/CH

STREAM TOPVAP

IS ZERO

STREAM BTMS

Vs w N

KGMOL /HR
ETHYLBENZENE 0.000
pP-XYLENE 0.002
m-XYLENE 0.014
©-X¥YLENE 1.846
CUMENE 0.042
1.904

TEWPERATURE 143.9 C

FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 106.48
VOLUME ©0.26 CU.M/HR

0.23 CU.M/HR
HEAT CAPACITY 2.3014 KJ/KG-C
SURPACE TENSION 16.93 DYNE/CM
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MOL FR. KG/BR WT.PR.
0.2151 215.31 0.2150
0.1801 180.27 0©.1800
0.4003 400.67 0.4000
0.2001 200.34 ©0.2000
0.445E6-02 5.05 0.504E-02

1001.64
PRESSURE  1.0000 BARA

ENTHALPY 86897.6 WATT

SPECIFIC GRAVITY 0.7608 ( 138.9 C)

0.8754 ( 15.6 C)
VISCOSITY 0.231 CENTIPOISE
THERM.COND 0.10349 WATT/M-C
MOL FR. KG/HR WT.FR.
0.2695 215.30 0.2695
0.2254 180.08 0.2254
0.4997 399.23 0.4997
0.538E-02 4.30 0.S38E-02
0.679E-08 0.00 ©0.768E-08

798.91

PRESSURE 1.0000 BARA
ENTHALPY 6B406.4 WATT

SPECIFIC GRAVITY 0.7583 ( 137.7 C)

0.8724 ( 15.6 C)
VISCOSITY 0.227 CENTIPOISE
THERM.COND 0.10340 WATT/M-C
HOL FR. KG/HR WT.FR.
©.384E-04 0.01 O0.383E-04
0.952E-03 0.19 0©0.949E-03
0.716E-02 1.45 O.714E-02
0.9698 196.04 0.9670
0.0221 5.05 0.0249
202.73
PRESSURE 1.0000 BARA

ENTHALPY 18550.4 WATT

SPECIFIC GRAVITY O0.7704 ( 143.9 C)

0.8876 ( 15.6 C)
VISCOSITY 0.246 CENTIPOISE
THERM.COND ©.10384 WATT/M-C

Fig. 4.5 Computer mass balance for Example 4.3.3
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Example 4.3.4: Short-cut calculation for a hydrocarbon mixture at 27.6 bar
Compositions and relative volatility:

Component XE o Xp XB
Methane 0.05 18.03 0.123 0
Ethane (LK) 0.35 5.125 0.847 0.01
Propylene (HK) 0.15 2.45 0.02 0.239
Propane 0.2 22 0.01 0.33
i-butane 0.1 1.243 0 0.168
n-butane 0.15 1 0 0.253

Feed flow rate F = 100 kmol/h
Distillate flow rate: D = 40.6 kmol/h
Bottoms draw B = 59.4 kmol/h

Liquid feed with bubble point temperature (g = 1): Ryyin = 1.42  Nyin = 9.38
Chosen: R/R i, =12 =2 R =1.71

Rectification section:

Gy =2.71 * 40.6 = 110 kmol/h
Ly =1.71 * 40.6 = 69.3 kmol/h
Ny = 9.2 theoretical stages

Stripping section:

Ga = 110 kmol/h
L, =110 + 59.4 = 169 kmol/h
N4 = 12.8 theoretical stages

Vapour feed with dew point temperature (g = 0): Ry, = 2.87 Npin = 9.38
Chosen: R/R i, = 1.2 =2 R = 3.45

Rectification section:

Gy =4.45 * 40.6 = 180 kmol/h
Ly = 3.45 * 40.6 = 140 kmol/h
Ny = 8.7 theoretical stages

Stripping section:

Ga =180 — 100 = 80 kmol/h
L, = 140 + 0 = 140 kmol/h
Na = 12.1 theoretical stages
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Liquid feed (g = 1) Vapour feed (g = 0)
RIRmin Ny Na Niot Ny Na Niot
1.2 9.2 12.5 21.7 8.7 12.1 20.8
14 7.8 10.8 18.6 7.3 10.1 17.4
1.6 7 9.7 16.7 6.5 9.1 15.6
1.8 6.4 8.9 15.3 6.1 8.4 14.5
2.0 6.1 8.4 14.5 5.7 8 13.7

4.4 Calculation of the Compositions on Theoretical Stages
[12, 13]

The concentration of the individual components of a multi-component mixture on
the stages in the column can be determined for a given reflux ratio according to the
Lewis—Matheson method with the relative volatilities o of the components for a
given vapour and liquid loading.

For the rectification section the calculation is made from the condenser down
until the feed composition is reached.

Required data:

Required concentration in the top product.
Distillate flow rate of the individual components.
Relative volatilities based on the HK component.
Liquid flow rate in the rectification section.

For the stripping section the calculation is made from the reboiler up to the feed
composition.

Required data:

Required concentration in the bottoms product.
Bottoms draw flow rates of the individual components.
Relative volatilities.

Vapour flow rate in the stripping section.

The intersection of the concentrations of both key components, from the
downwards calculation from the top and upwards calculation from the bottoms, is
chosen as the feed stage. The components which are lighter than the LK compo-
nents vanish very quickly under the feed stage and the components which are
heavier than the HK component vanish very quickly above the feed stage. In
practice it is only a matter of the separation of the two key components. In the paper
of Bakowski [13] the calculation procedure for the determination of the composi-
tions on the stages for different stage efficiencies is shown with examples.



142

4 Calculation of Multi-component Fractionation Plants

Scheme for the calculation of the compositions in the rectification section from
the condenser down:

The liquid concentration which is in equilibrium with the vapour streaming
upward is calculated.

Liquid concentration x =

Vapor concentration y =

y/o
PORYL

Vaporrate v=xx* Ly +d

v

v

Ly = Liquid rate in the rectification section (kmol/h)

d = Distillate rate of the component (kmol/h)

Example 4.4.1: Concentration calculation for the stages below the condenser
Problem definition with basic data:

Xp F D o b XB B
Benzene 0.25 25 25 4.79 0.5 0 0
Toluene 0.25 25 22.6 2 0.45 0.048 2.4
Ethyl benzene 0.25 25 2.2 1 0.04 0.456 22.8
Styrene 0.25 25 0.2 0.76 0.01 0.496 24.8
50 1 1 50
R=1 Vy=50kmol/h g=1 Ly =50kmol/h Ls = 150 kmol/h
Concentration calculation:
o d YD yp/o X1 v Y1
Benzene 4.79 25 0.50 0.104 0.273 38.6 0.386
Toluene 2 22.6 0.45 0.225 0.588 52 0.52
Ethyl benzene 1 2.2 0.04 0.04 0.104 7.4 0.074
Styrene 0.76 0.2 0.01 0.013 0.034 2 0.02
50 1 0.382 1.0 1.0 100 1.0
yi/o X2 v Y2 X3 X4
Benzene 0.0806 0.1828 34.2 0.3416 0.1490 0.3245
Toluene 0.26 0.5897 52.1 0.5213 0.5445 0.4982
Ethyl benzene 0.074 0.1678 10.6 0.1064 0.2222 0.1331
Styrene 0.0263 0.0597 3.1 0.0307 0.0843 0.0442
0.4409 1.0 100 1.0 1.0 1.0
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Scheme for the calculation of the concentration profile in the stripping section
from the reboiler upward:

The vapour composition, which is in equilibrium with the liquid streaming
downward, is determined.

. X * 0
Vapor concentration y = ———
X %0
Liquid rate (kmol/h) I =y * V4 +b
Lo . l
Liquid concentration x = @

Va = Vapor rate in the stripping section (kmol/h)
b = Bottoms draw rate of the component (kmol/h)

Example 4.4.2: Concentration calculation on the stages above the evaporator
Va = 100 kmol/h.

o 1 Xo x*a Yo 1 X X>
Benzene 4.79 0 0.0 0.0 0.0 0 0 0
Toluene 2 24 0.048 0.096 0.1033 12.7 0.0849 0.1315
Ethyl benzene 1 22.8 0.456 0.456 0.4909 71.9 0.4792 0.4779
Styrene 0.76 24.8 0.496 0.377 0.4058 65.4 0.4359 0.3906
50 1 0.929 1 150 1 1

The calculated liquid compositions on the individual stages in Examples 4.4.1
and 4.4.2 are shown in Fig. 4.6 (stage 1 is the bottom of the column, stage 21 is the
top of the column). The intersection point of the composition curves with the feed
composition of the key components xg = 0.25 lies approximately on stage 10. This
is identical to the short-cut calculation in Example 4.3.2.

0.7

0.6

Pa
"N Pl

Liquid concentration (molfr.)

- N
0.1 )/ )
— TN

41 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17 18 19 20 21
Stage number

B ——Tol —#—Ethyl benzene =#=Styrene |

Fig. 4.6 Composition curve for benzene, toluene, ethyl benzene, and styrene in the column



144

4 Calculation of Multi-component Fractionation Plants

Example 4.4.3: Calculation of the concentrations on the stages

& 3» 50 kmol/h
R=3 N,=15
Vy=200 kmolh L, =150 kmol/h
100 kmol/h ¥, =200 kmol'h L, =250 kmol/h
50 kmol'h
Problem definition:

Component o XE Xp Distillate XB Bottoms

(molfr.) (molfr.) (kmol/h) (molfr.) (kmol/h)
A 4 0.25 0.5 25 0.0001 0.0001
B 2 0.25 0.49 24.5 0.1 0.5
C 1 0.25 0.01 0.5 0.49 24.5
D 0.5 0.25 0.0001 0.0001 0.5 25

Calculation results:

Stage 15 14 13 12 11 10 9 8
XA 0.5 0.222 0.162 0.128 0.105 0.086 0.066 0.049
XB 0.45 0.723 0.738 0.7 0.618 0.492 0.34 0.21
Xc 0.01 0.053 0.094 0.15 0.22 0.28 0.299 0.25
XD 0.0005 0.0019 0.006 0.02 0.056 0.14 0.294 0.49
Stage 0 1 2 3 4 5 6 7 8
XA 0.0001 0.0004 |0.0016 0.006 0.018 0.05 0.13 0.27 0.43
XB 0.01 0.023 0.046 0.08 0.135 0.2 0.25 0.26 0.21
Xc 0.49 0.61 0.68 0.693 0.66 0.58 0.46 0.33 0.23
XD 0.5 0.36 0.27 0.22 0.19 0.17 0.15 0.14 0.13

Stage 15 = column top with distillate.
Stage 0 = column bottoms with bottoms draw.

In Fig. 4.7 the results of the composition calculations for the individual stages
are shown. The concentrations of the key components B and C intersect the feed
composition of xg = 0.25 on stage 8.
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Fig. 4.7 Composition curve 16
for the individual stages of the
column
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Cross-check calculation using the short-cut method:
Nmin = 7.9 theoretical stages Ry, = 1.06
The short-cut calculation confirms the composition calculation from stage to

stage. At a reflux ratio R = 3 you require 8 rectification stages and 8 stripping
stages.

R/R i Ny Na Nees
1.2 134 13.4 26.8
1.4 114 114 22.8
1.6 10.2 10.2 20.4
1.8 9.5 9.5 19
2 8.9 8.9 17.8
2.2 8.5 8.5 17
2.5 8.1 8.1 16.2
3 8 8 16
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4.5 Fractionation of Non-ideal, Multi-component Mixtures

For ideal systems with an almost constant relative volatility « the calculation of the
composition curve of the different components in the column according to Lewis—
Matheson or Thiele-Geddes is relatively simple. The calculations start from the top
down and from the bottom up. At the feed stage the concentration curves of both
key components intersect the feed composition xg of both LK and HK components.

For non-ideal systems the calculation must be iteratively performed until the
composition on the stage corresponds to the vapour-liquid equilibrium for the
liquid composition. A computer program is needed to complete the great number of
computations. The operation of these simulation programs is described in Ref. [14].

Required data:

Antoine Constants of all components for the vapour pressure determination: A,
B, and C.

Binary interaction parameters pertaining to the equilibrium models for all
components contained in the mixture, for instance for the Wilson model.

Interaction parameters:

M2 = M3 — hig
Aot — A2z — A
A3p — A3z — Ay
a1 — hgz2 — g3

Mole volumina: vy, v, V3, V4

In the following the application of a computer program for a fractionation task is
shown. The task is that 99% methanol is to be separated from a mixture of ethanol,
isopropanol, n-butanol, and water.

Example 4.5.1: Distillation for the production of 99% methanol
Feed stage 12:

Component Flow rate (kg/h) weight (%)
Methanol 600 60
Ethanol 100 10
Isopropanol 100 10
n-butanol 100 10
Water 100 10

1000 100




4.5 Fractionation of Non-ideal, Multi-component Mixtures 147

Specifications for the separation task:

Distillate with 99 weight% methanol and 99% methanol yield.

Uniquac interaction parameters are entered for the equilibrium calculations.

The physical properties, for instance vapour pressures, molecular weights, and
physical data are supplied with the program.

The specifications for the separation must be input (i.e., top composition of
methanol and methanol yield in the distillate or number of stages and reflux and
feed stage).

This gives as its result the composition curve for the stages from bottoms (stage 1)
to the top of the column (stage 20), as shown in Fig. 4.8.

The flow rates and the compositions in the feed, distillate, and bottoms are given
in Fig. 4.9.

Figure 4.10 shows how the equilibrium constants K change from stage to stage
in this non-ideal mixture.

The relative volatilities shown in Fig. 4.11 change less, making an estimation of
the number of stages and reflux possible. This is shown in Example 4.5.2.

A great advantage of the simulation program is the output of the vapour and
liquid loadings on the different trays in the column. This simplifies the choice of

Fig. 4.8 Liquid 1
compositions of the
components on the stages 0.9
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Stream Feed

KGMOL /HR
1 METHANOL 18.725
2 ETHANOL 2.171
3 ISOPROPANOL 1.664
4 n-BUTANOL 1.349
5 WATER 5.551
29.460
TEMPERATURE 72.0 C
FRACTION LIQUID 0.4639
AVERAGE MOL.WT. 33.94
Stream Top KGMOL /HR
1 METHANOL 18.538
2 ETHANOL 0.112
3 ISOPROPANOL 0.001
4 n-BUTANOL 0.000
5 WATER 0.043
18.694
TEMPERATURE 64.2 C
FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 32.10
VOLUME 0.81 Cu.M/HR
0.75 CU.M/HR

HEAT CAPACITY 3.7709 KJ/KG-C
SURFACE TENSION 18.94 DYNE/CM

Stream Bottoms

KGMOL /HR
1 METHANOL 0.187
2 ETHANOL 2.058
3 ISOPROPANOL 1.663
4 n-BUTANOL 1.349
5 WATER 5.508
10.766
TEMPERATURE 86.0 C
FRACTION LIQUID 1.0000
AVERAGE MOL.wWT. 37.15
VOLUME 0.51 CU.M/HR
0.47 CU.M/HR

HEAT CAPACITY 3.5620 KJ/KG-C
SURFACE TENSION 24.13 DYNE/CM

STREAM SUMMARY

4 Calculation of Multi-component Fractionation Plants

MOL FR. KG/HR WT.FR.
0.6356 600.00 0.6000
0.0737 100.00 0.1000
0.0565 100.00 0.1000
0.0458 100.00 0.1000
0.1884 100.00 0.1000

1000.00
PRESSURE  1.0000 BARA
ENTHALPY 80087.2 WATT

MOL FR. KG/HR WT.FR.
0.9917 594.00 0.9900
0.600e-02 5.17 0.861E-02
0.554E-04 0.06 0.104e-03
0.815€e-09 0.00 0.188E-08
0.229E-02 0.77 0.128e-02

600.00
PRESSURE  1.0000 BARA
ENTHALPY-B83123.4 wATT
SPECIFIC GRAVITY 0.7414 ( 64.2 C)
0.8005 ( 15.6 C)

VISCOSITY 0.347 CENTIPOISE
THERM.COND 0.18880 WATT/M-C

MOL FR. KG/HR WT.FR.
0.0174 6.00 0.0150
0.1912 94.83 0.2371
0.1545 99.94 0.2498
0.1253 100.00 0.2500
0.5116 99.23 0.2481

400.00
PRESSURE 1.100 BARA

ENTHALPY 3420.8 WATT

SPECIFIC GRAVITY 0.7885 E 86.0 ©)
0.8558 15.6 C)

VISCOSITY 0.393 CENTIPOISE
THERM.COND 0.19063 WATT/M-C

KG/HR .
Einsatz Kopf sumpf
1 METHANOL 600.00 594.00 6.00
2 ETHANOL 100.00 .17 94.83
3 ISOPROPANOL 100.00 0.06 99,94
4 n~-BUTANOL 100.00 0.00 100.00
5 WATER 100.00 0.77 99.23
1000.00 600.00 400.00
Fig. 4.9 Mass balance with compositions for Example 4.5.1
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Fig. 4.10 Equilibrium constants of the components on different stages
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Fig. 4.11 Relative volatility of the components on different trays

suitable column internals and the fluid dynamic design of the trays, packings, or
structured packings. In Fig. 4.12 the loadings for the methanol column in
Example 4.5.1 are given.

If this exercise is calculated using the short-cut method for all five components
one gets a similar result. However, the average relative volatilities of the individual
components in the column must be known. If the calculation is performed as a
binary mixture it is even simpler.

The separation between the components methanol and ethanol is calculated.

The heavier materials isopropanol, n-butanol, and water are added to ethanol.



150 4 Calculation of Multi-component Fractionation Plants

-------------- VAPOR-==========uu mmmmmmm e LIQUID- - - - - — - - - - - -
WT FLOW MW VOL FLOW DENSITY WT FLOW MW VOL FLOW DENSITY
STAGE KG/HR M3/HR KG/M3 KG/HR M3/HR KG/M3
20 0.0 32.1 0.00 1.1592 4131.8 32.1 5.58 740.7
19 4731.8 32.1 4060.27 1.1654 4133.6  32.1 5.58 740.7
18 4733.6 32.1 4039.57 1.1718 4135.0  32.2 5.58 740.8
17 4735.0 32.2 4018.05 1.1784 4135.5 32.2 5.58 741.1
16 4735.5 32.2 3995.17 1.1853 4134.2  32.3 5.57 741.7
15 4734.2 32.3 3970.19 1.1924 4129.9 32.5 5.56 742.7
14 4729.9 32.4 3942.16 1.1998 4121.6 32.6 5.54 744 .4
13 4721.6 32.6 3910.01 1.2076 4112.5 32.9 5.51 746.9
12 4712.5 32.8 3872.87 1.2168 4613.4 33.6 6.14 750.8
11 4213 .4 33.3 3407.73 1.2364 4658.8 34.2 6.20 752.0
10 4258.8 34.0 3370.72 1.2635 4725.7 35.1 6.28 753.0
9 4325.6 35.0 3329.80 1.2990 4810.3 36.2 6.38 753.7
8 4410.2 36.1 3288.32 1.3412 4898.4 37.2 6.50 754.0
7 4498 .3 37.2 3249.57 1.3843 4971.6 38.1 6.59 754.3
6 4571.6 38.2 3214.85 1.4220 5014.6  38.7 6.64 754.9
5 4614.8 38.9 3183.82 1.4494 5013.7  38.9 6.63 756.6
4 4613.8 39.1 3155.50 1.4621 4948.9 38.7 6.51 760.1
3 4548.7 38.8 3128.67 1.4539 4795.6  37.8 6.25 766.9
2 4395.7 37.8 3101.78 1.4171 4579.3  36.5 5.88 778.6
1 4179.3 36.4 3072.46 1.3602 400.0 37.2 0.51 787.8
———————— VAPOR----==--~ e I (011} 1)
VISCOSITY THERM.COND. VISCOSITY THERM.COND. SURF.TENSION
STAGE CENTIPOISE WATT/M-C CENTIPOISE WATT/M-C DYNE/CM
20 0.01102 0.01915 0.347 0.18880 18.94
19 0.01103 0.01917 0.347 0.18871 18.95
18 0.01103 0.01919 0.348 0.18861 18.98
17 0.01104 0.01950 0.349 0.18852 19.03
16 0.01104 0.01954 0.350 0.18845 19.11
15 0.01105 0.01959 0.353 0.18843 19.25
14 0.01106 0.01967 0.357 0.18845 19.47
13 0.01107 0.01977 0.363 0.18836 19.79
12 0.01107 0.01992 0.372 0.18716 20.20
11 0.01106 0.02004 0.379 0.18524 20.33
10 0.01103 0.02018 0.387 0.18249 20.44
9 0.01098 0.02035 0.395 0.17912 20.52
8 0.01091 0.02052 0.401 0.17571 20.56
7 0.01083 0.02066 0.405 0.17287 20.61
6 0.01076 0.02079 0.407 0.17104 20.70
5 0.01070 0.02089 0.408 0.17061 20.90
4 0.01067 0.02098 0.407 0.17225 21.31
3 0.01068 0.02109 0.403 0.17735 22.10
2 0.01074 0.02126 0.396 0.18692 23.41
1 0.01083 0.02152 0.393 0.19063 24.13
Fig. 4.12 Vapour and liquid loadings for the methanol column in Example 4.5.1
Example 4.5.2: Short-cut calculation for Example 4.5.1.
Component Methanol Ethanol
Feed composition (weight%) 60 40
Distillate composition (weight%) 99 1
Bottoms composition (weight%) 2 98

Using the average relative volatility « = 1.6 for the separation of methanol/ethanol
in the column the following results are obtained:

Minimum reflux ratio R;, = 2.52.
Minimum number of trays N, = 15.9.
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In order to convert to 20 theoretical stages, as in Example 4.5.1, a reflux ratio

R = 6.9 is required. In addition, the mass balances are almost the same.

Feed (kmol/h) Distillate (kmol/h) Bottoms (kmol/h)
Computer program 29.46 18.694 10.766
Short-cut method 29.5 18.7 10.8
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Chapter 5
Extractive and Azeotropic Distillation

5.1 Extractive Distillation [1, 2]

In boiling mixtures with an equilibrium curve close to the 45°-line one will need a
high number of theoretical stages and a high reflux ratio with a correspondingly
high-energy expense for normal distillation. A typical example is the separation of
xylene isomers. For such separation tasks the extractive distillation shown in
Fig. 5.1 is suitable.

By introducing the washing agent E in the rectification section the volatility of
component A is increased so that the separation becomes simplified. In the first
column the light boiling component A flows over the top and component B is
washed out to the bottom using washing agent E. The mixture B + E is then
separated in the second column. The washing agent E that flows out in the bottoms
of the second column is then recycled into the rectification section of the first
column. The extractive distillation is also quite suitable for the recovery of
low-boiling alcohols and ketene which form an azeotrope with water. The com-
monly used azeoptropic distillations with light boiling “entrainers” have the dis-
advantage that the solvents get contaminated by the low-boiling entrainer.

Figure 5.2 shows an extractive distillation for the recovery of ethanol from an
aqueous phase using propylene glycol as washing agent. Due to the extractive agent
the activity coefficient of water is lowered and so yields water-free ethanol as a
distillate. The azeotropic distillation shown in Fig. 5.9 yields ethanol however as a
bottoms product. The extractive distillation is a secure process with respect to
fluctuating water compositions in the feed because the sensible phase separation of
the ternary top product is omitted.
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?

e

B+E E

B+E F A E B+E B

— XA —xg

Fig. 5.1 Extractive distillation with the introduction of washing agent E

5.2 Azeotropic Distillation [3-8]

If the equilibrium curve crosses the 45°-line you have homogeneous or hetero-
geneous azeotropes.

Figure 5.3 shows the vapour—liquid equilibrium for n-butanol-water as an
example of azeotropic equilibrium. At the point of intersection between the diag-
onal and the equilibrium curve sits the azeotropic composition. Above the azeo-
tropic liquid composition the light boiling component r-butanol accumulates into
the high-boiling component and the water accumulates in the vapour.

In azeotropic composition the boiling point of the mixtures is constant and the
mixtures cannot be separated with simple distillation. The condensate of hetero-
geneous azeotropes have a mixture gap so that the distillate separates into two
liquid phases with different compositions which can be separated by decantation.
The process is shown in Fig. 5.5 with compositions from the Mcabe-Thiele dia-
gram. Using the different liquid phase compositions in the decanter the azeotropic
point can be bypassed.
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Ethanol
+
Water Ethanol

Glycol
- —

Feed

A

Water Glycol + Water

Water + Ethanol

Fig. 5.2 Ethanol recovery by extractive distillation using propylene glycol

Vapour-liquid equilibrium
water + 1-butanol

@ P=1013kPa
— NRTL
9 @ P=101325kPa

y(Water) [molimol]

I
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.8 1
x(Water) [mol/mol]

Fig. 5.3 Vapour-liquid equilibrium for n-butanol-water from Dortmund Data Bank Software
Package (DDBST)
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The homogeneous azeotropes yield a fully miscible liquid as a condensate. In
such cases a separation can be achieved using “fractionation with pervaporation”
or “membrane permeation” as shown in Fig. 5.4.

An alternative is the method of entrainer distillation shown in Fig. 5.9.

By introducing the entrainer the condensation of two liquids with different
compositions can be achieved, which can then be separated by means of
decantation. The homogeneous azeotropic distillation is thereby converted to a
heterogeneous azeotropic distillation.

Further alternatives are pressure change or reactive distillation.

Azeotrope
—— Retentate
/ Isopropanol
A
Isopropanol Permeate
+ Water > nd Pervaporation

—p Water

1 [

- Distillate

— / —— Retentate
— Membrane
— Permeate I separation
— %
Feed ——pd —
% » Bottoms

Fig. 5.4 Azeotropic fractionation with membrane permeation
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5.2.1 Heteroazeotropic Distillation (Fig. 5.5)

The easiest separation is the separation of hetero-azeotropes, when the azeotropic
mixture dissipates into two liquid phases with different compositions. Typical
examples are butanol-water and butyl acetate—water separations. The butyl acetate—
water azeotrope contains 27% water and in the butyl acetate phase of the condensed
azeotrope only 1.3% of the water is miscible at 25 °C.

If the azeotrope water composition and the water solubility in the solvent are
almost identical, and a phase separation is not possible, the conditions have to be
changed. For instance in an Methyl ethyl ketone (MEK)—water mixture the com-
position of the azeotropic mixture is distilled off by changing the distillation
pressure to such an extent that a phase separation in the decanter becomes possible.
Figure 5.5 shows hetero-distillation for the separation of butanol from water.

A+B A+B
4 y
o C,
R, y
RN
o4 R
Fi
—Ll
A+B

W —
> 4¢—

. [ .
B F Ry C; A Ra Gy

-—th —--)(B
H,O0 / Butanol Butanol / H,0

Fig. 5.5 Hetero-azeotropic distillation for the separation of butanol from water
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Example 5.2.1.1 Mass balance for the separation of butanol/water

Feed flow rate F = 100 kmol/h X.;, = 0.4 = 40 mol% butanol.
Product composition in B = 99 mol% butanol = x = 0.4.
Product composition in A = 0.1 mol% butanol in water =» x = 0.001.

~ 100 % (0.4 — 0.001)

B= — 40.3 kmol/h
0.99 — 0.001 03 kmol/
100 * (0.4 — 0.99)
000 —099 207 kmolh

For an inlet composition of 20 mol% butanol in the feed with x = 0.2:

100 % (0.2 —0.001)

0.001 009 201 kmolh
100 % (0.2 — 0.99)
A= 0,001 —0.99 = 79.9 kmol/h

The requirement is that the distillate composition in the hetero-distillation is
dependent on the composition of the given reflux R, or R, [3] at the column top. The
reflux composition R from the decanter is not equal to the top composition C.

Example 5.2.1.2 Separation of an i-butanol-water mixture

Feed: 1000 kg/h

Composition: 10 weight% i-Butanol, 90 weight% water

Water from the bottoms of the first column with 9 theoretical stages:
901.6 kg/h with 99.79 weight% water

i-butanol from the bottoms of the second column with 4 theoretical stages:
98.4 kg/h with 99.8 weight% i-butanol

The required equilibrium data are shown in Figs. 5.6 and 5.7. The results of a
computer design are given in Fig. 5.8.

5.2.2 Entrainer Distillation (Fig. 5.9)

If the azeotropic mixture is homogeneous and does not dissipate into two phases,
after condensation, a separation can be achieved by entrainer distillation as shown
in Fig. 5.9. Thereby a third component, a so-called “entrainer”, is added in order to
form a ternary heterogeneous Azeotrope with a miscible gap. What this sepa-
ration achieves is analogous to the hetero-azeotrope distillation. The azeotrope
mixture dissipates into two liquid phases with different compositions and this is
used for the separation. A typical example is the separation of the ethanol-
water-mixture by entrainer distillation with toluene or cyclohexane as the entrainer.
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Vapour-liquid equilibrium
water + 2-methyl-1-propanol

® P=101325kPa
0.9 — NRTL

0.8
0.7
alte
0.6 [ ]

0.5

0.4

y(Water) [molimol]

03

0.2

0.1

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.8 1
x(Water) [mol/mol]

Fig. 5.6 Vapour-liquid equilibrium of i-butanol-water from DDBST

Figure 5.9 shows the process. Ethanol is component A and water is component
B. First the ethanol-water azeotrope is separated from water in column K;. The
azeotrope distillate from column K, together with entrainer C is introduced to
column K, from where ethanol is drawn from the bottoms.

Due to the entrainer a light boiling ternary azeotrope is formed which can be
drawn from the top of K, as a distillate. After the condensation dissipates into two
liquid phases they are separated in a decanter. The ethanol-rich phase R, goes as
reflux back into column K,. The aqueous phase R, is used in the stripper K3 from
which pure water is drawn from the bottoms. The ternary azeotrope goes out of the
top of column K3 and is recycled into the decanter.

The correct design of the decanter for the separation of the two liquid phases is

very important especially when a phase reversal, by a little heating or cooling, is
affected.
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Liquid-liquid equilibrium
2-methyl-1-propanol + water

130 -

@ xn
120 > x2
110 % ——— NRTL (alpha(i,j}=0.2)

T[Cl

10 ‘

0 01 02 03 04 05 06 07 08 09 1
xI1,x12(2-Methyl-1-propanol) [mol/mol]

Fig. 5.7 Liquid-liquid equilibrium for i-butanol-water from DDBST
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Fig. 5.8 Result of the simulation for the i-butanol-water separation
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Azeotrope A+B+C A+B+C
c, A+B cs C’T
L %
— N -
. 3 _»
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Fy K Kz K3
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A+B F2
c l
Entrainer
B B
Water Ethanol Water

F Cy A Fz Ry C2
—x, —=Xp/c

Fig. 5.9 Entrainer Distillation for homogeneous Azeotropes with Entrainer for the forming of

ternary Azeotropes

5.2.3 Decanter Mass Balance

The dimensioning of decanters is covered in Chap. 7 (Fig. 5.10).

Decanter mass balance for a binary mixture:

F, Xsp

Fiy Xy

Fy, x4,
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Fig. 5.10 Determination of the phase height in decanters

F = F| +F, (kg/h)
F*XA]: = XAl *F1+XA2*F2 = XAl *F1—|—XA2*(F—F1) (kg/h)

F, = TP T g (kg/h)
XAl — XA2

F, =AY B (kg/h)
XA2 — XAl

= inlet flow rate (kg/h)
F, = light phase (kg/h)
F, = heavy phase (kg/h)
Xap = input concentration of component A (weight fraction)
Xxa1 = concentration of component A in F; (weight fraction)
Xa2 = concentration of component A in F, (weight fraction)
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Example 5.3.1: Decanter mass balance

F =695kg/h xar = 0.58 = 58 weight% xa; = 0.78 xa2 = 0.09

0.58 % 695 = 0.78 % F| +0,09 x (695 — F))
403 = (0.78 — 0.09) * Fy + 62.5

340.5
F :m:493.5 kg/h Fy =695 —493.5 = 201.5 kg/h
0.58 — 0.09
0.58 — 0.78
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Chapter 6
Discontinuous Batch Distillation

In Fig. 6.1 the flowsheets of a batch distillation and a batch stripper are shown.

Cooling water

Fic

ORORG

steam

Batch rectification

Cooling
water

Batch stripper

Fig. 6.1 Batch rectification and batch stripper
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6.1 Differential Evaporation (Fig. 6.2)

The simplest form of discontinuous distillation is differential evaporation without a
column and reflux, whereby the plant consists of (see Fig. 6.2) a vessel with a
heating coil, a condenser, and several product drums. Large separations cannot be
achieved with differential evaporation. The following equations are valid for an
ideal equilibrium with constant volatility for mass separation:

A B
lnxO = OlAB * lnE0 (6.1a)
Ao Co
In— = In— 6.1b
IIA oac * In C ( )
By Co
In— = In— 6.1
- = opcxIn- (6.1c)

Ap = liquid quantity of component A at the beginning.

A = rest quantity of component A in the batch.

B = rest quantitys of component B in the batch.

C = rest quantity of component C in the batch.

oap = volatility for components A/B.

aac = volatility for components A/C.

apc = volatility for components B/C.

Using the Egs. (6.1a—c) the compositions of distillate and residue for
four-component mixtures can be determined at any time so that it is possible to
develop appropriate distillation curves.

Example 6.1.1: Mass balance of differential evaporation for three components
Batch filling: 300 kmol benzene(component Ag)

400 kmol toluene(component By)
300 kmol xylene(component Cp)

Fig. 6.2 Flow diagram for v
differential evaporation

dv

Heating




6.1 Differential Evaporation (Fig. 6.2) 167

Specification: 50% of the Benzene shall be distilled off! — A = 150 kmol
The distillate rate and the remaining rest rate of toluene in the batch is to be
calculated.

Separation of benzene (A)/toluene (B) with volatility a,g = 2.18:

300 400
l —=1In E 2.18 x In ?
0.318 :ln@ 1.3743 :@
B B
400
=13743 291 kmol

It can be see that of the 400 kmol toluene there is a remaining rest of 291 kmol
in the batch after distilling off 150 kmol of benzene.

Separation of benzene (A)/xylene (C) with volatility a,c = 5.67:

300 300
In ——l — =
A 150 367+
C= 300 = 265.3 kmol
1.13

It can be seen that of the 300 kmol xylene there is a remaining rest of
265.3 kmol in the batch after distilling off of 50% of the benzene.

Cross-check calculation with agc = 2.59:

In—2 = OlpC * ln@
B C
400 300

o> — 9.
Noor — 2033

2.59 % 0.1229 = 0.318

Result of the calculations:

Feed Distillate Residue
Benzene 300 kmol 150 kmol 150 kmol
Toluene 400 kmol 109 kmol 291 kmol
Xylene 300 kmol 34.7 kmol 265.3 kmol
Sum 1000 kmole 293.7 kmol 706.3 kmol
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6.2 Batch Rectification [1-3]

A batch fractionation plant is shown in Fig. 6.3. It consists of a distillation batch
with heating by a heating bundle or a falling film evaporator, a fractionation column
for enriching the light boiling components, a top condenser for liquifying the rising
vapour, and coolers for distillate and bottoms products. The condensate from the
top condenser is partly recycled back to the column as reflux and partly drawn off as
distillate.

The given batch rectification in Fig. 6.3 is advantageous for high, light boiling
concentrations in the feed and for high-purity specification for light boiling com-
ponents. The light boiling components are enriched in the rectification column and
are taken off as distillate over the top. As a consequence of distilling off of the light
components their concentration in the distilling batch decreases and therefore a
constantly higher separation effort is necessary with increasing reduction of the
light boiling components in order to maintain the required distillate composition. In
order to keep the distillate composition constant the reflux ratio must therefore be
increased if the light boiling components concentration in the batch decreases. The
special advantage of batch distillations is their great flexibility. It is suitable for:

Different flow rates and compositions.

Physical or chemical pre-treatments.

Distillation at different pressures.

Dirty feed products (because only evaporated materials rise in the column).

The design of batch distillations with unsteady state conditions is extensively
covered in the literature [4-8].

In discontinuous batch distillation there are two different modes of operation:

1. Rectification with constant reflux and varying distillate compositions (see
Fig. 6.4):

Distillate D1 with the distillate composition xp; = 0.9 and bottoms composition
Xs1 = 0.5

Distillate D2 with the distillate composition xp, = 0.7 and bottoms composition
Xg2 = 0.3

Distillate D3 with the distillate composition xp3; = 0.5 and bottoms composition
Xs3 = 0.17

The different fractions are stored in different storage tanks. The required final
product is produced as a blend of individual distilled off fractions.
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6.2 Batch Rectification [1-3]
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Fig. 6.3 Distillation batch with rectification column
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Fig. 6.4 Batch distillation
with constant reflux ratio and
different distillate
compositions D1, D2, and D3

Fig. 6.5 Batch distillation
with constant distillate
compositions and different
reflux ratios R1, R2, and R3
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2. Rectification with constant distillate composition xp = 90 mol% and dif-
ferent reflux ratios (see Fig. 6.5):

The reflux ratio is increased with decreasing concentration of the light boiling
components in the distillate batch or increasing required separation effort up to

an economically justifiable reflux highest value.
With reflux ratio R1 = 1 a bottoms composition of xg; = 0.5 is reached.

With reflux ratio R2 = 1.94 a bottoms composition of xg, = 0.3 is reached.

With reflux ratio R3 = 7 a bottoms composition of xg3 = 0.1 is reached.

Thereafter the fractions in between are produced which have to be re-distilled.
The optimization problem in the batch distillation is to minimize the interme-

diate fractions and to maximize the distillate yield.



6.2 Batch Rectification [1-3] 171

Discontinous Fractionation
with different reflux ratios

/\ 51.7 kmol
1.0 -
i e e oy ;
0.9 - 1+(a‘—1)“x ——
2|12
0.8 - Ry 9 e
D,= 32.8 kmol h7/ xp =0.95
- J V,=131.2 kmol {43
0.7 1 |
8 n= 8 ——~/
= :5 v
S 0.6 R,=3 Al
- vy R,=13
8 054 iz 2
oo 0.4 5 R,= 13
2 D,= 15.5 kmol
% 0 8 xg =0.5 V=217 kmol
-
0.2 4 v
x5 =0.28
0.1 4 V,, = 131.2 + 217 = 348.2 kmol
x5,=0.08
0.0 =

00 01 02 0.3 04 05 06 07 08 09 1.0
Liquid Concentration x

Fig. 6.6 Improvement of the distillate yield by increasing the reflux ratio

Example 6.2.1: Improvement of the distillate yield with a higher reflux

In Fig. 6.6 using the Mcabe—Thiele diagram it is shown that the distillate yield can
be increased from 32.8 to 48.3 kmol by increasing the reflux ratio from R = 3 to
R =13.

Feed quantity = 100 kmol.
Light boiling feed composition xg = 0.5 = 50 mol%.
Required distillate composition xp = 0.95 = 95 mol%.

Number of theoretical stages = 8.
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With a reflux ratio R =3 a bottoms concentration of xg; = 0.28 can be
achieved with eight stages, this means that the light boiling composition in the
batch will be reduced from 50 to 28 mol%. This produces a distillate rate of
32.8 kmol, with a concentration of 95 mol%.

In order to improve the distillate yield, and to decrease the bottoms concentration
of the light boiling component further to xg, = 0.08 = 8 mol%, the reflux ratio must
be increased to R = 13.

The slope L/V of the operation line is thereby increased and the distance
between the equilibrium curve and the operating line becomes larger.

With 8 stages a bottoms concentration of 8 mol% and a top composition of
95 mol% is achieved for light boilers.

Using the second distillation step with R = 13 an additional distillate rate of
15.5 kmol is produced. Thereby, the total distillate amount increases to 48.3 kmol.

Below a light boiling component composition of 8 mol% in the batch a
distillate composition of 95 mol% is no longer achievable with reasonable effort. In
this case, the reflux ratio is reduced and an intermediate run is produced, which is
re-distilled later.

L = liquid loading of the column (kmol/h).

V = vapours loading of the column (kmol/h).

The reflux ratio R is decisive for the energy requirement of batch distillation.
The higher the reflux ratio the more vapours must be vaporized.

_ RM _ Reflux rate (kg/h)

" D  Distillate rate (kg/h)

R L Liquid loading (kmol/h)
R+1  V  Vapor loading (kmol/h)

L)V

1-L)V

As a first estimate for the required reflux ratio R the so-called minimum ratio
(L/V)min, at an infinite number of stages, can be determined:

Ly & -y
\%4 min Ax Xp — X1
The real reflux ratio lies around a factor of 1.5-5 higher than the minimum reflux
ratio.

A mass balance for the batch distillation, ignoring the column hold-up, is
performed as follows:

Xso — XSE
D=8y ——>=
XD — XSE

Xs0

XD —
SE:SO*—
XD — XSE

D =S8y — Sg
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D = distillate quantity.

Sy = batch quantity at the beginning.

S = batch content at the end.

xp = distillate composition of the light boiling component.

xso = feed composition of the light boiling component.

xsg = final composition of the light boiling component in the batch.

Here, D is the distillate rate which is produced with the concentration xp at a
composition variation Xgg - Xsg, in the batch. At the same discontinuous distillation
step the batch rate is reduced from Sy to Sg.

Example 6.2.2: Mass balance for a batch distillation
Feed quantity Sy = 40 t with xsg = 50%.
Distillate composition xp = 95%.

From the MCabe—-Thiele diagram it can be seen that with the existing number of
trays, and the chosen reflux ratio, the composition of the light boiling component
can be lowered to: xqg = 25%.

50 - 25

D=40x ——— =144t
0%95 23
95 -50

As an alternative to the graphical determination of the number of trays,
according to Mcabe-Thiele, one could use the calculation method described in
Chap. 3 (i.e., from tray to tray according to Mcabe-Thiele the compositions on
the trays below the condenser, up to the batch for a certain number of trays and a
given reflux ratio, can be determined by calculation [see Example 6.2.3)].

Example 6.2.3: Concentration profile and distillate yield at different reflux
ratios

Here we are required to calculate the achievable distillate yield in a rectification
column with 10 trays at the refluxes R = 3 and R = 5.

So = 1000 kmol xg9p = 0.6 o=24



174 6 Discontinous Batch Distillation

Light boiling component—Iliquid concentrations

R=3 R=5

Distillate 0.95 0.95
Condenser 0.8879 0.8879
Tray 1 0.7958 0.7862
Tray 2 0.6772 0.6450
Tray 3 0.5496 0.4881
Tray 4 0.4359 0.3512
Tray 5 0.3506 0.2550
Tray 6 0.2945 0.1972
Tray 7 0.2607 0.1656
Tray 8 0.2414 0.1493
Tray 9 0.2307 0.1411
Tray 10 0.2249 0.1370
Distillate quantity 517.3 kmol 569.5 kmol
Residue 482.7 kmol 430.5 kmol

By increasing the reflux ratio from R = 3 to R = 5 the concentration of the light
boiling component in the batch can be lowered to x = 0.137 and the distillate rate
can be increased to 569.5 kmol.

Alternatively, the number of the required rectification trays can be analytically
calculated according to Smoker (Chap. 3) for the following conditions:

xp =095 xx=02249 aa=24 R=3

Required number of trays n = 11.

The result according to Smoker is identical to the tray to tray calculation
according to MCabe-Thiele. The required distillation period or the required col-
umn diameter, for the given distillation period and the required energy input, can
be determined stepwise per discontinuous step, or by smoothly changing the reflux
ratio by integration over different steps. The distillation period is strongly depen-
dent on the reflux ratio and the column diameter. A higher reflux ratio requires
larger reboilers and condensers and a larger column cross section. The equipment
consequently becomes more expensive.

As part of the total production time the following times must be considered:

e Filling of the distillate batch.

e Unsteady state heating of the feed product to boiling temperature, for instance
from 30 to 150 °C.

e Unsteady state cooling of the residue in the bottoms, for instance from 200 to
60 °C.

e Pumping out the residue from the distillate batch.

Figure 6.7 shows a typical flow diagram for batch distillation.
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Fig. 6.7 Flow diagram for batch distillation with a fractionation column
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6.3 Technical Equipment

Fractionation column with internals:

The column internals—trays or packings—are designed according to the problem
definition: throughput, number of trays, efficiency, HETP-value or HTU-value,
pressure loss, flexibility, and hold up (See Chaps. 9 and 10).

The “hold up” in the column influences the achievable degree of separation:

In the region of low reflux values and small numbers of trays the effect of the
hold up on the degree of separation is insignificant.

At high reflux values, that means slow distillation, the column has more time to
reach equilibrium and a higher hold up deteriorates the degree of separation. This is
because the light boiling components are stored in the hold up and therefore the
concentration of the light boiling components in the distillate batch reduces.

In principle batch distillation internals with lower hold up should be used,
especially, if small single fractions must be separated.

Condensation:

Preferably water-cooled or air-cooled top condensers, as shown in Fig. 6.3, should
be installed on the top of the column. The following advantages are thereby achieved.

e The hold up is much lower as with the condenser with reflux drum installed at
the base.

The single fractions will not be “smeared” and a smaller flushing duration, for
setting the required concentration in the accumulator, is required.
The required flushing period At is calculated using the following equation:

VS Cp — (1
=——Ih——

At (h)

D Cp — Cp
VS = accumulator volume (m?).
cp = distillate concentration (%).
cp = required product concentration (%).
D = distillate rate (m>/h).
¢ = starting concentration in the accumulator (%).

Example 6.3.1
Flushing period calculation for a product concentration cp = 99%.

VS:4m3 D:2m3/h CD=995% C1:90% Cp:99%

4 99.5 — 90
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For a top condenser with a hold up of VS = 0.2 m® the flushing period is
reduced to 0.3 h.

e The vapour line from the column top to the condenser installed below can be
omitted and hence so can the pressure loss in the vapour line.

e No reflux pumps and distillate pumps are needed because sufficient pressure head
is available. Problems in the condensation of freezing or sluggish products are
avoided with the use of warm water or cooling by air circulation.

If in the condensation a two-phase mixture forms, a phase separator must be
installed.

The right hydraulic dimensioning of the gravity driven reflux flow through a
syphon back to the column, especially with vacuum distillation [9], is very
important.

If the liquid feed height is insufficient, reflux variations occur and hence poor
fractionation is achieved.

Heating and evaporation

The adequate selection of a heating system is important for the proper functioning
of the batch distillation unit. For heating coils, according to Fig. 6.8, tall instal-
lation heights and pipe lengths are necessary. In steam heating the forming con-
densate blocks the heating area and dangerous steam shocks or condensation shocks
can occur. Due to the large installation height of such heating coils the application
range of the batch is limited because the heating pipes should always be covered
with liquid. If this is not the case then the evaporator efficiency decreases and the
vapour can be thermally damaged on the hot pipes.

Example 6.3.2
In a still with a 3 m diameter the following residue amounts form:
Heating coil pipe with 700 mm minimum filling height: remaining residue =
1254 1/m length.
Heating bundle with 350 mm minimum filling height: remaining residue =
460 l/m length.

Therefore, the heating tube bundle shown in Fig. 6.9 is preferred because it can
be built very low and can easily be removed for cleaning. Particularly low instal-
lation heights are achieved using finned tubes and a configuration according to
Fig. 6.10. Due to fin effectiveness, which considers the temperature drop at the fin,

Fig. 6.8 Heatig coil




178 6 Discontinous Batch Distillation

Fig. 6.9 Heating tube bundle

Fig. 6.10 Finned tubes

P ——
\:—- J [

only tubes with low fin heights are used [9]. Due to the fin the outer area is
increased by a factor of 2-3 and the heat duty per square meter of heating area is
increased. This decreases the installation height of the fin heating tube bundle and
increases the operation volume of the still. A danger of greater fouling of the fin
tubes does not exist according anecdotal evidence.

A further alternative for increasing the operating capacity of the still is the
configuration of a thermosyphon or forced-flow reboiler outside the batch.
However, the specific problems of thermosyphon evaporators, and the required
fluid-pumping rate for uniform evaporation, must be considered [9].

All the heating systems discussed so far have the disadvantage that the boiling
temperature is raised by the hydrostatic pressure of the liquid above the heating area.
This problem is predominant in vacuum distillation. For instance, in vacuum distil-
lation it is not important to minimize the pressure loss of the column internals if in the
still 2 m of liquid lies over the heating areas thus raising the boiling temperature.

That is why it is preferable, in vacuum distillation units, to use falling film
evaporators with circulating pumps having low pressure drops (shown in
Fig. 6.11). Sufficient circulation is important in order to avoid composition varia-
tions and a uniform and sufficient liquid feed on the tubes. In all cases a drying up
of the evaporator has to be avoided. In addition, a minimum wetting rate must be
kept [9]. The pump must circulate the product at high temperatures and has to be
completely closed because of the dangers of explosions linked to air penetration.
For example magnetic coupling pumps or canned motor pumps are adequate.

Due to the necessary NPSH value of the pump the batch has to be installed
approximately 3 m above the pump suction nozzle.

If the batch distillation unit is also operated from time to time in continuous
mode, the hold up of the distillation batch should be reduced in order to avoid
thermal damage of the product by its long residence time in the hot bottoms. For
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this reason the distillation batch is equipped with a small “receiver” from which the
product is pumped through the falling film evaporator. In special cases batch
heating can be effected with direct steam through a “steam spin”, for instance with
dirty feed products. Fouling of the heating area is avoided and thereby boiling point
of the high boiling components is reduced.

Process control of the batch distillation

The loading control of batch distillation is simple (see flow diagram—Fig. 6.7).
The heating medium feed is fed differentially or is bottoms pressure controlled.
A differential pressure for the column is specified which is maintained by heating
with steam or hot oil. Thereby, the temperature in the batch rises. This is different to
the case in which for safety reasons, for instance with nitroparaffins, a maximum
temperature may not be exceeded in order to avoid decomposition or explosion. In
such cases the loading or the differential pressure of the column is controlled by the
top pressure. Instead of raising the bottoms temperature the top pressure is lowered.

What is more difficult is analytic control of the distillate composition in which
the concentration constantly changes and the optimum setting of the reflux ratio, in
order to achieve the desired distillate composition and yield with a low-energy
input. Therefore, the analyses must be performed constantly, manually, or with a
process chromatograph in order to optimize the reflux ratio. In a stepwise increase
of the reflux equilibrium disturbances in the column can occur. A uniform change
of the reflux rate is recommended.

For two-component separations a constant concentration dependent control can
relatively simply be achieved with a DVP controller. The top composition is
thereby held constant and the reflux is increased permanently according to the
additional separation task. Alternatively, the reflux ratio can be controlled
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depending on the batch temperature or the temperature difference between top and
bottoms. The start-up of a batch distillation is such that the initial contents of the
batch are heated to boiling temperature and then the equilibrium in the column is set
at total reflux. Subsequently, distillate take-off begins.

Special problems

When dimensioning a batch distillate unit the ratio between batch volume and
hold up of column and condenser is very important. If the still is underdesigned a
reasonable separation or yield cannot be achieved. Therefore, it makes sense to
choose a column with low hold up and a top condenser. If a still is too small only
short distillation periods are allowed.

A case is known to the authors in which after the start-up the total batch charge
was as hold up in the column and in the reflux drum under the condenser.

In addition, for heating with a heating bundle in the batch, a sufficiently large
batch volume is required in order to avoid “dry line” on the top of the heating tubes
shortly after start-up and continuous reduction of the evaporator surface.

The boiling point temperature rises with increasing operation time because the
light boiling components are distilled-off. The driving temperature gradient for
the evaporation is thereby reduced. A large hold up in the distillation plant, for
instance a bubble cap tray column with a condenser on the base with an accumu-
lator for the condensed distillate and a reflux pump and a reflux line to the column
top, makes it particularly difficult to distill small amounts of a component.

The plant can be operated with total reflux in order to drive out parts of the
polluting components and then quickly switch over to the distillate draw in order
to remove the pollutants enriched in the distillate. Alternatively, it is possible to
draw off the enriched polluting component in its vapour phase at a total reflux with
reduced condensation in the vacuum. A third possibility is to install catch trays at
different locations in the column.

First the polluting components are enriched in a certain region of the column at total
reflux. Then the heating is turned off and the hold up of the column section, with
enriched polluting components, flows into the installed catch tray below via a side
draw. If there remains a small amount of light components to be evaporated, and there
is insufficient vaporizing liquid available in the batch, a higher boiling carrier can be
filled into the batch to transport the light boiling component into the column.

If two liquid phases exist in the batch then intermittent evaporation occurs. This
must be avoided by introducing an azeotrope entrainer.

Strong foaming products or overfilling of the batch make the start-up difficult
because evaporation is hindered by the narrowed vapour outlet cross section.

This disturbance can be identified in the fact that the temperature rises only
slowly because the light components are not able to escape.

In batch evaporation pollution residues must always be expected. These can partly
be removed only in a “mining fashion”. This must be considered in the design:
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e Man holes for access and dirt removal.
e Removable heating bundle on slides.
e Heating tube bundles with quadratic pitches.

6.4 Batch Stripper

The batch stripper shown in Fig. 6.12 is advantageous for small concentrations of
light boiling components in the feed as well as high-purity specifications for the
high boiling component or the stripper draw. From the batch the feed is fed to the
column top as a liquid. The high boiling components run out in the bottoms and the
light boiling components are evaporized with the help of the reboiler and boiled out
from the high boiling component. The light boiling component vapour, which has

A 4

Venting

HzOS%) | o

OW@_ : AR

Fig. 6.12 A discontinuous batch stripper
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Fig. 6.13 Mcabe-Thiele diagram with two operating lines for a batch stripper

been driven out of the column, is liquidized in the condenser on the top of the batch
and then run back into the batch itself. Thereby, the high boiling component
composition in the batch is reduced, and a shallower slope L/V of the operating line
is required in order to achieve the necessary concentration of the high boiling
component, or the allowable light boiling component concentration in the stripper
draw (see Fig. 6.13).

L = Liquid loading of the column (kmol/h).

V = Vapour loading of the column (kmol/h).

With a fixed evaporation load in the reboiler for the vapour rate V the ratio L/V
can be reduced by reducing the feed rate L in order to lower the slope of the
operating line (Fig. 6.13).

The light boiling component concentration is reduced with operating line 1 with
L/V = 1.4 from x = 0.57 down to x = 0.1. Consequently the high boiling compo-
nents are enriched from x = 0.43 to x = 0.9. With operating line 2 the light boiling
component composition is reduced with L/V = 1.1 from x = 0.81 to x = 0.1. The
high boiling components are then enriched from x = 0.19 to x = 0.9.
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The particular advantages of a batch stripper are highlighted as follows:

e The total batch contents do not need to be heated to the boiling temperature
before the start of the distillation.

e The residence time in the hot section is much shorter, thus reducing ther-
mal damage.

e Suitable for separation of a mixture with minimum azeotropes.

The compositions on the stages above the reboiler, up to the feed tray, for a
certain number of stages and a given evaporation load or vapour rate, can be
determined using the described tray-to-tray calculation according to MCabe—Thiele
(given in Chap. 3).

Example 6.7: Calculation of a batch stripper

The high boiling component yield that can be achieved in a batch stripper with 10
trays plus a reboiler at different evaporation loads from V, = 180, 300, and
500 kmol/h, is calculated where the bottoms 60 kmol/h high boiling component,
with xgg = 0.95, is drawn.

So = 1000 kmol x50 =0.6 a=24

With an evaporation load V, = 180 kmol/h the high boiling component con-
centration in the feed batch can be reduced from xgg = 0.6 to xgg = 0.4062 over 10
trays and the evaporator. From this results the high boiling component yield
L = 356.4 kmol.

Mass balance for V = 180 kmol/h:

Xp — X350 0.4062 — 0.6
Sg = So# 270 _ 1000 5« — 2 " 20 _ 356 4 kmol
B0 e *0.4062 — 0.95 o

With an evaporated vapour rate of V, = 300 kmol/h, a high boiling component
concentration in the batch of x = 0.2725 and a high boiling component yield of
L = 483.4 kmol, is reached.

Mass balance for 300 kmol/h:

XD — Xso 0.2725 - 0.6
—_ = ——————— = 483.4 kmol
" Xp — xse 02725095 e
Still better is the yield with an evaporation load of V, = 500 kmol/h.
Mass balance for 500 kmol/h:

XD — XS0 0.176 — 0.6
Sp = So % 20 _ 1000 & —— > "2 _ 547.8 kmol
B R0 *0.176 — 0.95 o
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High boiling component concentration in the batch: x = 0.176. High boiling
component yield L = 547.8 kmol.

High boiling component liquid concentrations

Va =180 Va =300 Va =500 kmol/h

Tray 10 0.4062 0.2725 0.1760
Tray 9 0.4105 0.2759 0.1787
Tray 8 0.4186 0.2827 0.1846
Tray 7 0.4330 0.2963 0.1970
Tray 6 0.4584 0.3226 0.2226
Tray 5 0.5005 0.3708 0.2730
Tray 4 0.5644 0.4510 0.3628
Tray 3 0.6497 0.5650 0.4979
Tray 2 0.7454 0.6959 0.6568
Tray 1 0.8343 0.8135 0.7977
Reboiler 0.9034 0.8982 0.8945
Bottoms 0.95 0.95 0.95

High boiling component yield 356.4 kmol 483.4 kmol 547.8 kmol

Figure 6.14 shows the curve of the high boiling component composition over

the theoretical number of trays.

High boiler concentration x

4

6

Tray number (1 = bottom)
==V = 180 kmol/h ==V = 300 kmol/h ==V = 500 kmol/h

Fig. 6.14 High boiling concentration on the different trays at different evaporation rates
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Fig. 6.15 Discontinuous
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Figure 6.15 shows a batch stripper which might be used for the purification of
waste water.
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Chapter 7
Steam Distillation

Steam distillation requires that the mixture is immiscible with water. In steam
distillation the total vapour pressure in the system is the sum of the individual
vapour pressures of water Poy and the water immiscible organic component Poog
or the sum of the partial pressures Pors + Pyw.

Plot:POOrg+POW:Porg+PW

Steam distillation is used in order to lower the boiling point of high boiling
components using the water vapour pressure.

The organic high boiling component is distilled off with the water vapour acting
as a carrier medium.

The Hausbrand diagram in Fig. 7.1 shows how the boiling point of a water
immiscible solvent is lowered by steam. In steam distillation the boiling point of the
organic component lies at the point of intersection between the vapour pressure
curve of the component with the curve total pressure minus water vapour pressure
Pyt — Pow = 1000 — Pyy.

As an example, the boiling point of toluene is lowered at P, = 1000 mbar from
110.7 to 84 °C in steam distillation.

Examples of applications of steam distillation:

e Vaporization of organic products by direct heating with steam, e.g., vaporization
of high boiling turpentine oil or of gas oil.

e Stripping off solvents from residues containing solvents, e.g., synthetic resin and
paint or colour from materials used in paper production.

e Stripping out of the light boiling components from organic high boiling com-
ponents, e.g., gasoline from gas oil or benzene from lean oil.
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Fig. 7.1 Hausbrand diagram for steam distillation

7.1 Calculations of Steam Distillation [1]

One must differentiate between steam distillation with water in its liquid phase,
i.e. two liquid phases, and steam distillation without water in its liquid phase.
Here, Gibb’s phase rule applies: F =2+ C — P

F = degrees of freedom.
C = number of components.
P = number of phases.

For two liquid phases (P = 2) and two components (C = 2) there is one degree
of freedom.

F=2+2-3=1

Only the temperature or pressure can be set.
For one liquid phase and two components there are two degrees of freedom
result.

F=242-2=2

Pressure and temperature can be chosen independently from each other.

If the organic component only contains a small fraction of non-volatile materials
or is stripped out of solid residues the solubility of the organic light boiling com-
ponent in the high boiling component or solid bottoms draw can be ignored.
Stationary conditions apply.
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Calculation equations for steam distillation:

P P
Vapor concentration  yorg = — - Yy = —
PlOt Pt()[
L Poy  Pw
Boilingpoint » y=1= -
2R R,

Required specific stripping steam rate :
I’lw_PW*l kmol mw_Mw*PW*l kg
kmol Morg N Myg Pog n \kg

Norg P org N

Calculation of the bubble point and dew point in steam distillation:

The bubble point is defined as the temperature at which the sum of the vapour
pressures of water and hydrocarbon is equal to the total pressure of the system.

Piot :POOrg + Pow

The concentration of both components is not used in the calculation.

Example 7.1.1: Bubble point calculation of a toluene-water mixture at
1010 mbar

Temperature T = 84 °C.

Porol = P1ol = 444 mbar.

Pyw = Pw = 566 mbar.

Pior = 444 + 566 = 1010 mbar.

The bubble point for the water—toluene mixture is 84 °C.

In the calculation of the dew point the composition of the vapour mixture is
important because the partial pressure of the components results from the molar
composition y of the vapours.

Porg:yorg*Pges PW:yW*Pges

The dew point is reached when the vapour pressure of the component falls below
the partial pressure of the component.

POorg<P0rg P0W<PW
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Example 7.1.2: Dew point calculation for a water—toluene vapour with 63 mol %
water

Vapour compositon of water yyw = 0.63 molfr.

Total pressure Py, = 1 bar.

Partial pressure of water Pyw = 0.63 * 1000 = 630 mbar.
Vapour pressure of water at 87.2 °C: Pyw = 630 mbar.
Water starts condensing at 87.2 °C.

The dew point is 87.2 °C.

7.2 Required Stripping Steam Rate

In the calculation of the required stripping steam rate it must be taken into account
that there is a difference between steam distillation with one or two degrees of
freedom.

7.2.1 Required Stripping Steam Rate for One Liquid
Phase (Fig. 7.2)

Temperature and pressure can be set independently from each other according to
Gibb’s phase rule. This enables the optimization of the stripping process, i.e., a
reduction of the required stripping vapour rate.

Mog  Porg . Morg . <kg organ.Component)

my P — Pog My kg steam

Ptot = Porg + (Plot - Porg) (mbar)
Required stripping steam rate taking account of the stripping efficiency #:

Poi — P Py — P
tot org *1 (kmol) MW = Morg * tot org % MW *l (kg)
Porg n Porg Morg n

In case a light boiling organic component is to be stripped out of a large rate of
high boiling components, for instance benzene from lean oil, the light boiling
component concentration is lowered in the high boiling component oil during
stripping, in a similar manner to differential distillation. The conditions are
unsteady.

The partial pressure of the light boiling component decreases with increased
stripping.

This has to be considered, for instance, by an average logarithmic partial pres-
sure Pj,.
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Porg

Poyrg1 = partial pressure of the organic component at the beginning (mbar).
Po.q> = partial pressure of the organic component at the end (mbar).

The calculation of the required stripping steam rate is carried out using the
average logarithmic partial pressure Py,.

Pyt — P 1
nw = Norg * MTIH * p (kmol)
n
Ptot - P]n MW 1
= K — %k — — k
mw = Miorg Pr Morg + ’7( g)

An alternative calculation according to Ellerbe [1]:

Nin

P P
nwy = (i — 1) * (i’lin — nou[) + norg * 71*% * In (kmOI)

n* P Oorg Oorg Nout

Figure 7.2 shows a flow diagram for steam distillation without liquid water.
Steam distillation operates at temperatures above 100 °C or in a vacuum, so that
no steam is condensed.

Vent

Cooling
water

K2 Heating steam

¢ D
—— .

Organic phase

Water

Bottoms draw off

&

Feed

Fig. 7.2 Steam distillation without water in the liquid phase with two degrees of freedom



192 7 Steam Distillation

The feed product is indirectly heated to azeotrope boiling temperature.

The stripping steam is overheated and is introduced, evenly distributed across
the total cross section, by means of a steam spider.

The vapours of the light organic component are stripped out, with the stripping
steam a carrier, and liquified in the condenser.

The condensation starts at dew point and ends at bubble point.

In the decanter, the organic and the liquid phases are separated and drawn off.

The unit can either be operated continuously or discontinuously.

When organic products are evaporated from solid residues the residue is col-
lected and then stripped.

Example 7.2.1.1: Steam distillation of toluene at 84.1 °C and 1013 mbar or
600 mbar

Pyt = 444.2mbarat84.1°C n=1 Mgy =92.1 My = 18

At atmospheric pressure P, = 1013 mbar:

MToluol - PTol * MTol o 444 .2 92.1

mw  Pu— Proy . Mw 1013 — 4442 * ST 4 kg Toluene/kg steam
YTol = % = % = 0.44 = 44 mol%
W= ;‘Z = % = 0.56 = 56mol%
In a vacuum at Py = 600 mbar:
V:lnzzl = 600‘%% * 912—81 = 14.58 kg toluene/kg steam
YTol = % = 0.74 = 74 mol%

600 — 444.2

%00 =0.26 = 26 mol%

yw

In a vacuum the toluene yield rises from 4 to 14.58 kg toluene/kg steam.

The quantity of the organic component distilled off per kg stripping steam
depends on the vapour pressure ratio and the molar weights.

In a vacuum the quotient (Poo/Pior — Porg) rises and the stripping becomes more
efficient.

The over-distilled organic product rate per kg of stripping steam increases.
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Example 7.2.1.2: Steam distillation of n-nonane at 90 °C

Vapour pressure of nonane Pyponan = 144.5 mbar.
Mnonan = 128.

At atmospheric pressure Py, = 1000 mbar:

ANonan 144.5 B
mw 1000 — 1445 0.169 kmol Nonane/kmol steam
MNonan 128
——— = 0.169 x — = 1.2 kg Nonane/kg steam
144.5 1000 — 144.5
=0.144 yw=————=0.856

Nonan = 66) 1000

In a vacuum at P;,; = 600 mbar:

onan 1445
niw = 500 1445~ 0.317 kmol Nonan/kg steam
MNonan 144.5 128

= — =2.25kgN /ko st
My 600 — 144.5 * 18 g Nonan/kg steam
144.5 600 — 144.5

onan =~ = 0.24 S B 7

a 600 W <00

In a vacuum the nonan yield increases from 1.2 to 2.25 kg per kg of stripping steam.

For evaporation of high boiling oils the boiling point can be reduced by
injecting stripping steam.

Using the steam as a carrier the organic component is stripped out in the ratio of
the partial pressures.

Norg  Porg  kmolorgan. Component

nw Pt — Porg kmol steam

Example 7.2.1.3: Evaporation of a high boiling oil with stripping steam

Oil rate my; = 2000 kg = 10 kmol.

Molar weight of the oil 5 = 200.

Bubble point = 188 °C at 1 bar.

The bubble point is to be decreased to 170 °C.

Vapour pressure of the oil Py, = 650 mbar at 170 °C.
Required water vapour pressure Py = 1000 — 650 = 350 mbar.

Bubble point check:

o 650 350 _
Y =1000 " 1000
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Required stripping steam rate for 2000 kg oil:

Py — Po; 1000 — 650
nw = Ngil * “’t?ﬂ(" =10 * —0 - 5.4 kmol steam
my = 5.4 % 18 = 96.9 kg steam
Py — Poyi My 1000 — 650 18
= gy ¢ —2 ot =2000 « ———— % —— = 96.9 kg st
mwy = Mgj * P *MOH * 50 * 200 96.9 kg steam

Example 7.2.1.4: Stripping benzene from a large lean oil rate at 177 °C

Feed: 10,000 kg lean oil (M = 220) with 10% benzene.
Required benzene rest content: 50 kg benzene = 0.64 kmol.
Benzene vapour pressure at 177 °C: Pgpen, = 9.443 mbar Py, = 1013 mbar n = 0.9

Feed mass balance:

Rate Rate Composition Vapour Partial
pressure pressure
Component (kg) M (kmol) (molfraction) (mbar) (mbar)
Benzene 1000 |78 12.82 0.239 9443 2257
Lean oil 9000 [220 |40.9 0.761 -

Required outlet mass balance for lean oil:

Rate Rate Composition Vapour Partial
pressure pressure
Component (kg) M (kmol) (molfraction) (mbar) (mbar)
Benzene 50 78 0.64 0.015 9443 141.6
Lean oil 9000 |220 |40.9 0.985

At a lean oil temperature of 177 °C the partial pressure of benzene at 2257 mbar
is higher than the total pressure of 1013 mbar.

Much of the benzene is vaporized until its partial pressure is reduced to
1013 mbar.

Calculation of the molar composition at Py,.,, = 1013 mbar:

Piot 1013
= =——=10.107 Molfr.
Ben = 9443 o
0.107
XBenz = al = 0.1198 kmol Benzene/kmol Oil

1—x 1-0.107

Due to flash evaporation at 1013 mbar the benzene composition in the lean oil is
reduced from 0.239 to 0.107 molfr.
The benzene partial pressure drops from 2257 to 1013 mbar.
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Cross-check calculation:
Pgen; = 0.107 % 9.443 = 1.013 mbar
Calculation of the amount of benzene remaining in the lean oil after flashing:
NBenz = X * Nojp = 0.1198 % 40.9 = 4.9 kmol Benzol

The remaining amount of benzene, 4.9 kmol, in the lean oil must be reduced to
the required rest value of 0.64 kmol using steam stripping.

The benzene composition must be reduced from 0.107 molfr., at the beginning
of the steam stripping process, to 0.015 molfr. in the lean oil.

During stripping the benzene partial pressure falls with dropping benzene con-
centration from 1013 to 141.6 mbar.

For the determination of the required stripping steam rate the average logarith-
mic partial pressure Py, is needed.

Porgl — Poz 1013 — 141.6

P, = j- = T3 = 442 .8 mbar
In 3£

n
Pores 141.6

nw _ Po —Pn 1013 —439.1
NBen,  N*Pn  0.9%439.1

= 1.452 kmol steam/kmol Benzene

my

18
= 1.452 * — = 0.335 kg steam/kg Benzene
MBenz 78

nw = 1.452 % (4.9 — 0.64) = 6.18 kmol steam
my = nw * My = 6.18 x 18 = 111.3 kg steam

Alternative calculation according to Ellerbe [1]:

P, P, i
nw = ( ot _ 1) * (Nin — Nout) + Morg * % % In 2 (kmol)
N *

n* POorg Oorg Nout
1013 1013+ 49
= (— 1 4.9 —0.64) +40.9 x ————— x In—— = 6.17 kmol st
nw <0.9*9443 )*( 9 =064 +40.9 4 550145 * g gq — 617 kmol steam

my = 6.17 % 18 = 111.1 kg steam

7.2.2  Required Stripping Steam Rate for Two Liquid Phases
(Fig. 7.3)

For two liquid phases the total vapour pressure of both components results from the
sum of both of the individual vapour pressures.
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Vent

Cooling
water
<
Ne
E K= Heating steam
i =D
NeNeNe N (o Stripp
q TR SterfllllJIng Organic phase
Water
Bottoms draw off
Feed
Fig. 7.3 Steam distillation with water in its liquid phase (F = 1)
Plot = POorg +POW (mbar)
Only one degree of freedom F exists.
The pressure is also fixed with the temperature.
Required stripping steam rate considering the stripping efficiency #:
P 1 P M 1
nw = Horg * Wy~ (kmol) My = Mlorg * W W o= (kg)
POorg n POorg Morg n
m P M P M,
org Oorg % org _ Oorg % org . (kg/kg)
mwy POW MW Pto[ - POorg MW

Figure 7.3 shows the flow diagram of steam distillation with water in its liquid
phase.

The plant can be operated continuously or batch-wise.

The light organic component is drawn off together with the stripping steam and
is liquified in the condenser. The decanted water in the separator is either moved
back into the evaporator or drawn off.

Heating to the azeotrope boiling point can occur directly with stripping steam or
by indirect heating through the vessel wall or a built-in heating coil.

The choice of temperature determines the pressure, which is the sum of the
vapour pressures of the components.
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Fig. 7.4 Vapour pressures of
toluene and decane in steam
distillation
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This relationship for the steam distillation of toluene and decane is shown in

Fig. 7.4.
Example 7.2.2.1: Calculation of the steam distillation of toluene at different
temperatures
Temperature (°C) Pow Porol Pioe Mol My, YTol
(mbar) (mbar) (mbar) (kg/kg) (molfr.)
60 198.7 185.3 383.9 4.77 0.48
70 310.9 271.2 582.6 4.46 0.47
80 472.7 388.3 861 4.2 0.45
90 700.4 542.3 1242.7 3.96 0.44

With increasing temperature the toluene yield drops.
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Example 7.2.2.2: Steam distillation of turpentine oil at atmospheric pressure
and in vacuum

Total pressure Py, = 1010 mbar at 95.5 °C:

Vapour pressure of turpentine Pyryp = 151 mbar.
Steam pressure Pow = 859 mbar.
Mole weight of turpentine My, = 136.

u 151 136 .
W;\;p =359 * 8= 1.33 kg Turpentine/kg steam

Total pressure Py, = 400 mbar at 72 °C:

Porurp = 59.85 mbar.
Pow = 339.15 mbar.

WTurp - PTerp * MTurp - 59.85 % 136

= =133kgT tine/ke st
ww Py My  339.15x18 g Turpentine/kg steam

With water in its liquid phase no turpentine yield advantage is achievable in a
vacuum.

Legends:

M.z = mole weight of organic component.

My = mole weight of water.

Mg = molar stream of organic component (kg/h).
my = molar stream of water (kg/h).

Norg = Molar stream of organic component (kmol/h).
nyw = molar stream of water (kmol/h).

n;, = molar inlet of organic component (kmol).

noye = molar outlet of organic component (kmol).

Py = total pressure (mbar).

Py; = vapour pressure of component 1 (mbar).

Poorg = vapour pressure of organic component (mbar).
Pow = vapour pressure of water (mbar).

Pg = partial pressure of organic component (mbar).
Py = partial pressure of water (mbar).

Yorg = Vapour composition of organic component (molfraction).
yw = steam composition (molfraction).

n = stripping efficiency (3 = 0.7-0.9).
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7.3 Design of the Decanter for the Separation of Two
Liquid Phases [2—4]

For the dimensioning of a decanter the settling and the rising velocities of the
droplets in the continuous phase, as well as the required resident times for the

separation of the two different heavy liquids, are needed.

7.3.1 Calculation of the Droplet Settling Velocities

The settling or rising velocity wg is calculated according to Stokes:

_ 981 » ps—pL
Ws = ¢ *d” x " (m/s)

For a droplet size of 0.1 mm = 100 p:
ws = 5.45 % 107 % % (m/s)

ws = 327 % 1070 % Ps— L (mm/min)
n

Maximum falling velocity = 250 mm/min

d = droplet diameter (m).

wg = falling or rising velocity (m/s or mm/min).
ps = density of the heavy liquid (kg/m>).

pr. = density of the light liquid (kg/m?).

n = viscosity of the continuous phase (Pa).

Example 7.3.1: Calculation of the falling and rising velocities for 100-p

droplets

ps =986 kg/m® 5y =0.5mPa p, =867 kg/m® u = ImPa

986 — 867
Settling velocity wg = 327 % 107 % Tel02 = 38.9 mm/min
% 103
986 — 867
Rising velocity wg = 327 % 107 ¥ ———— = 77.8 mm/min

0.5% 103
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7.3.2 Dimensioning of the Decanter

For a given phase height h the required settling or rising time t;; of the droplets can
be determined:

_ h (mm)
ws (mm/min)

(min)

Tis

The residence time t,. results from the flow rates F' and the settler volume Vg:

L Vs (m?) _A(mz)*L(m)( in)
STF (m3/min) T F (m3/min) min

A = cross sectional area of a phase in the separator (m?).
F = throughput of a phase (m*/min).
L = settler length (m).

The resident time should be twice the rising time.
fres = 2 * s (min)
The maximum allowable settling height is /,;,x:

A x L*xwg

hmax = W (mm)

The required decanter length L for a desired residence time ., results as follows:

F(m®/min) * te
A

L=

(m)

The rule of thumb for the first estimation of the decanter diameter D:

A separator’s diameter for an estimated residence time #,..s is determined.
A good estimate for the residence time #,.; = 10 min.

1/3
D— (i*tres*Fl> (m)

T rxy

F, = throughput rate of the larger phase (m>/min).
r = L/D = quotient from length and diameter of the decanter, mostly r = 3.4.
y = F/F = quotient from the larger phase/total rate.
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Fig. 7.5 Decanter with
designations Ac ‘
FL¢ !
i W% e
A g
N
h
Fs
Venting

FL ¢

\ \
A, T2 -
| WV

Ag = circle area for the gas (m?).

Ay, = circle area for the light phase (m?).

Ag = circle area for the heavy phase (m?).

D = diameter of the horizontal decanter (m).

F, = total feed rate of both phases (m*/min).

Fy, = throughput rate of the light phase (m*/min).
Fs = throughput rate of the heavy phase (m*/min).
H,, = total liquid height in the decanter (mm).

h = layer height of the light liquid (mm).

L = separator length (m).

x = height difference between the nozzles for both phases (mm).
z = layer height of the heavy liquid (mm).

Example 7.3.2.1: Estimation of the decanter dimensions (Fig. 7.5)

FL=2156m’/h  FL=F  r=34  fe = 10min
Fs =8.15m°/h
Fiop = 30.41m’ /h



202 7 Steam Distillation

2156

Y=30a1 %7
fres * F1\ /3 10 % 21.56/60\ /*
D= (1275 T (07, J0F2LS6/60NT o
rxy 3.4%0.7
L=r+*D=34%124=421m
Example 7.3.2.2: Decanter design
Wsettle = 38.9 mm/min Wiising = 77.8 mm/min Estimate : f,, = 15 min

FL=1m’/h  Fs=2m’/h  Fy=3m’/h y=0.666

15%2/60 \ '/
Esti f di D=[12Tx—7"——] =0.
stimate of diameter ( 7 * e 0.666) 0.65m

Chosen separator diameter D = 0.8 m
Light phase Fi. = 1 m®/h = 0.0166 m® /min Su/D =0.8 Su = segmental height
Sy=08%08=0.64m A =0.18m’

Heavy phase Fs = 2 m®/h = 0.0333 m*/min ~ Sy/D = 0.5
Sy=05%08=04m As=025m’

Calculation of the settling and rising times:

g = 220 =400 i 400

tisine = —— = 5.14 mi
389 siig = 778 o

Required residence time:

tes = 12 min for the light phase.
tes = 10 min for the heavy phase.

Calculation of the required decanter length L for ¢, = 12 min or 10 min:

L tes * F 12 %0.0166 11 L 10 % 0.0333 13
= = = 1.1m == 1.0Im
FTA 0.18 S 0.25
Cross-check calculation for the chosen length L = 1.5 m:
tres = A;;‘L =08l — 16min Ay = 225389 — 316 mm > 240 mm for settling

_ AgfL _ 025415 _ . _ 0.25¢1.5477.8
fes = “p- = o333 — L1.3min - Ay = S555503

=438 mm > 400 mm for rising
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The following table can be used for quick determination of the circle diameter
areas Ap, As, and Ag depending on the quotient: segmental height Sy/diameter D.
Circle section area A = C * D?

Su/D |0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9
C 0.0409 |0.1118 |0.1982 |0.2934 |0.393 [0.492 |0.587 |0.674 |0.745

Example 7.3.2.3: Calculation of the cross sectional areas in the decanter for
D=08m

Sy/D=0.5 Ags =As = CxD* =0.393%0.8> = 0.25 m’
Su/D =08 Agg=Cx*D?>=0.674+0.8> =043 m’
AL = Apg — As = 0.43—0.25 = 0.18 m?

7.3.3 Setting of the Phase Height in the Decanter

—» Venting

> Light phase

Zh

Feed T =

Light phase

N Heavy phase

y

/i

Heavy phase

The height of the light phase & and the heavy phase z in the decanter is set with
the difference of the draw heights x for the light and the heavy liquid, or with the
draw height H of the heavy phase.

Calculations:
Layer height of the light phase h = 1 f o (mm)
Ps
Difference of the draw heights x = & * (1 — &> (mm)
Ps
Hx pg —hxpy

Layer height of the heavy phase z = (mm)

Ps
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hx (pL — ps) + Hot * ps
Ps

Draw height of the heavy phase H = h P, (mm)
Ps

Draw height of the heavy phase H =

HtO[ :H+x: h"—z (mm)

Example 7.3.3.1: Calculation of the draw height H for h = 240 mm and
Z =400 mm

Hi =240 +400 = 640mm  pg = 986kg/m®  p; = 867 kg/m’

H— 240 x (867 — 986) + 640 * 986

986 =611 mm
H:240*% +400 = 611 mm
x =240 * (1 —%) =29 mm
His = H+x=611+29 = 640 = h + z = 240+ 400 = 640 mm
h:%:240mm

986
611 * 986 — 240 * 867
=

986 = 400 mm

Example 7.3.3.2: Calculation of the layer heights /2 and z and the total height H,,,

H=180mm x=20mm  pg = 1000kg/m®  p, = 850kg/m’

20 180 * 1000 — 133 * 850
h=——=133mm = 67 mm
— 30 1000
Ho=H+x=180+20=200=z+h =67+ 133 =200 mm
» Venting
|
8! as phase
s Gas p! / - > Light phase
F‘,‘? fLight phase . ’ Heavy phase
& = 2
Feed o < =
‘E \t[eavy phase ‘“\.\‘ I} -
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7.4 Stripping Steam Distributor Design [5]

A distributor for stripping steam or stripping gas must be designed for compressible
flow, i.e. using the flow function .
The following calculation equations are valid [6]:

Throughputrate G = o % x A % /2 * Py * p, (kg/s)
K+l

P, 2/1»‘7 P\ =
P Py
o ()
ok x /2% P xp

4% A
Hole diameterd = 1000 # {/—— (mm)
n*xTm

A = flow cross sectional area (mz).

G = throughput rate (kg/s).

n = number of holes.

P, = static inlet pressure in the distributor (Pa).
P, = static pressure outlet (Pa).

o = resistance coefficient of the hole = 0.61.

K = isentropic exponent.

p1 = inlet density in the distributor (kg/m®).

Adiabatic flow function y = *

—_

K—1

Required cross section area A =

For a reasonably uniform gas or steam distribution over the total cross section it
is important that the static pressure P; in the distributor pipe, before the holes, is
kept unchanged as much as possible. With decreasing pressure P, the gas or steam
throughput decreases at equal hole diameters.

The static pressure in the distributor pipe changes because of the pressure drop in
the pipe and the variation of the dynamic pressure due to the velocity reduction.

Pi = Pin—APgice — Apayn (Pa)

P;, = inlet pressure in the distributor pipe (Pa).
APy = friction pressure loss in the distributor pipe (Pa).
Apgyn = variation of the dynamic pressure with decreasing flow velocity (Pa).

By choosing a larger distributor pipe diameter with a low flow velocity the inlet
pressure P can widely be held constant.
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Fig. 7.6 Sieve trays with hexagonal and concentric pitches

Upon reaching the critical pressure ratio P,/P; the sound velocity persists in the
holes and the adiabatic flow function  reaches its maximum.

K=14 Py/Pig = 0.528 ,,,, = 0.484
k=13 P,/Pie = 0.546 = 0.473

The stripping steam should be distributed over the cross section of the evaporator as
evenly as possible, for instance using a circular ring or an Archimedes spiral or sieve tray.

The holes can be arranged as a hexagon or as circular rings (Fig. 7.6).

For the calculation of the pitch T and the total number of holes n the following
equations apply:

Hexagonal pattern:

R R?

T=—"—— (mm) n=3%-2
V5 +025-05

T2
R, = netradius without border flange (mm)

Circular pattern:

3.63 % R2 R
T = /22250 (mm) n=363%n
n T?

With the circular pattern 21% more holes can be accommodated.

Example 7.4.1: Calculation of the pitch and number of holes

RadiusR = 0.4m Border flange S = 10 mm R, =400 — 10 = 390 mm n =100

Circular pattern:

/3.63 % 3902 3.63 * 3902
100 3 mm n 13 00
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Example 7.4.2: Stripping air distributor design

P, = 1bar o =0.61
Air density p; = 1.428 kg/m? at 20 °C and 1.2 bar k=14
Gasrate : 100m®/h = 142.8kg/h G = 0.03967 kg/s Holesn = 10

(a) Py =12bar  p,= 1.428kg/m’

1.4 1\ /14 1\ 2414
=" (=) —(— =037
VeyTao1” [(1.2) (1.2)

0.03967
A =
0.61 %037 V2% 1.2 % 105 % 1.428

d = 1000 % /2500903 _ ¢ 1g mm
10x 7

(b) Py =15bar  p,=1.785kg/m’

14 [\ 214 1\ 24/14
= =" (=) —(— = 0.463
VENTaoT [(1.5) <1.5>

0.03967

= 0.0003 m?

A= = 0.000192 m?
0.61 % 0.463 x V/2 % 1.5 % 105 % 1.785
4% 0.000192
d = 1000 % | 170000192 o im
10x 7

¢) Py=2bar p;=2.38kg/m’

14 [\2/14 o 24/14
14—1" [(E) _<§) = 0.484

<
|
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A= 0.03967 = 0.000138 m?
0.61 *0.484 x V2«2 % 10° % 2.38
d = 1000 % [ FF 0000138 1o mm
10x 7

The required hole diameter for a specific air rate changes with the variation
of the inlet pressure P;.

7.5 Design Example

Steam distillation for dirty toluene at 84 °C:

Vapour pressure of toluene Pyr, = 444 mbar Mo = 92.1 mro = 450kg
Pw = 566 mbar P, = 4444566 = 1.010 mbar n=0.75

Boiling point check:

3 _ A4 566
Y= 7010 T 1010

7.5.1 Required Stripping Steam Rate with Efficiency

n=075
Pw My 1 566 * 18 1
— p %W 450 % 7w — — 149.5 kg st
mw mTl*PTol*MTol*n >k444*92.1*0.75 & seam

Chosen steam rate: 150 kg.

Distillate mass balance:

Quantity (kg/h) Weight% mol%
Toluene 450 75 37
Steam 150 25 63
Total 600 100 100

Average mole weight of the vapour M, = 0.37 * 92.1 + 0.63 * 18 = 45.4.

454 1010 273

22.4 1013 273+ 84

600
Vapor volume Vp, = 154= 390m®/h

Vapor density pp = = 1.54kg/m’
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7.5.2 Required Steam for Heating from 24 to 84°C
and Evaporating the Toluene

Specific heat capacity cro; = 0.58 Wh/kg K Toluene rate mrto = 450 kg/h

Latent heat r1,; = 100.9 Wh/kg

Oiot = Oheating + Qevapor = Mol * (€ * At +r) = 450 % (0.58 * 604 100.9) = 61,065 W
Qpeating = 15.660 W Qevapor = 45.405 W

Heating steam : 4 bar, 143.6 °C Latent heat ryy = 592.5 Wh/kg

Vapour enthalpy iwp = 760.5 Wh/kg

Required steam rate for indirect heating and evaporating over the vessel wall:

61,065
592.5

= 103 kg steam

Msteam =

Theoretically, the sensible heat of the stripping steam that is fed with the 150 kg
stripping steam can be subtracted from the heating steam requirement.

In the adiabatic flash from 4 bar to 1 bar the steam is cooled from 143.6 to
130 °C.

Sensible heat introduced with the stripping steam:

Quenssieam = 130 0.545 « (130 — 84) = 3760 W
3760

Saving of steam Amiygeam = 5925 = 6.3 kg steam

Total steam requirement Mg, = 103 — 6.3 = 96.7 kg steam
Required steam rate for direct heating with condensing steam:

Orot 61,065
Mgteam = ~ ; =
. Isteam — Iwater  700.5 —97.4

= 92.1 kg steam

Heating with direct steam requires a little less steam because the condensate is
subcooled to 84°C.

Due to the problems with water in the residue (i.e., an additional separator and
waste water treatment being required) indirect heating should be adopted.

7.5.3 Evaporator Design

Required heating area A for an overall heat transfer coefficient of U = 250 W/m’K.
Due to fouling, a small overall heat transfer coefficient is chosen.
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Qu 61,065

_ _ 2
=~ U+LMTD _250x8534  >56m

Chosen: vessel with a nominal content of 1 m3, D =12 m, H = 1.55 m, heating
height Hy = 0.5 m.

Heating area at the shell Fy; = 1.87 m?
Heating area at the bottom F = 1.3 m?
Total heating area A = 1.87 + 1.3 = 3.17 m*

7.5.4 Check on the Entrainment of Droplets

Flow velocity w of the vapour for D = 1.2 m:

390

_ —0.096
" = 3600 % 1.22 % 0.785 o6 m/s

Allowable flow velocity w0 in a vertical droplet separator:

813
Wallow = 0.04 % /pﬂ —1=0.04%/——1=0.92m/s

Conclusion: the determining factor for deciding on the evaporator diameter is the
required heating area.
Chosen: D = 1.2 m.

7.5.5 Condenser Design for 450 Kg/H Toluene
and 150 Kg/H Stripping Steam

Heat load:

Qcon = 450 % 100.9 + 150 = (760.5 — 97.4) = 144,870 W

Dew point Tt = 87.5°C

Bubble point T5 = 84°C

LMTD = 54.5°C

Overall heat transfer coefficient U = 1000 W/m*K
Cooling water 25-35 °C
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Calculation of the required heat exchanger area A:

A Qena 144870
U+LMTD 1000 * 54.5

Chosen: A = 3.7 m? with 12 tubes 25 x 2, 4 m long, in triangular pitch 32 mm,
shell DN 150

Required cooling water rate:

_ Ocon 144,870
Cew*(35-25) 1.16%10

= 12,488 kg/h

7.5.6 Decanter Design

FL = 450kg/h = 0.554m /h = 0.0092m>® /min toluene p; = 813kg/m> # = 0.207 mPa
Fs = 150kg/h = 0.152m’/h = 0.0025m? /min  water pg = 986kg/m®> 1 = 0.325 mPa

Calculation of the settling velocity of the water droplets in toluene:

986 — 813

— 2 _—
Weet = 327 % G 103

= 273 mm/min

Calculation of the rising velocity of toluene droplets in the water phase:

986 — 813 _ 174 mm/min

=327k 00
Yris * 0325103

Chosen: wy, = 250 mm/min
Estimate of the decanter dimensions:

10 % 0.0092\ /3
D=(127+——"""2) =035 L=34%035=12
( * 3.4*0.786> m * m
Chosen:
L=1m
D = 400 mm

Calculation of the layer heights in the decanter:
Chosen draw height of the heavy liquid H = 300 mm, x = 30 mm
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X 30
Ps 986

Hy = H+x =300+ 30 = 330 mm
Hxpg—h=p. 300986 — 171 = 813
o Ps - 986
Hyt = h+7=1714159 = 330 mm

= 159 mm

Calculation of the circular sectional areas Ag and Ay :

159
o204 C=02934  Ag=0.2934 % 0.4% = 0.0469 m>
D~ 400
He 330
zt)t =700 =08 C=0674  AL=(0.674—02934) 0.4> = 0.0609 m>

Cross-check of the residence times #,; and the settling or rising times fse and ,s:

As+L  0.0469 % 1.0 . hoo171 A
Water : f,0, = = —18.8 fols = —— = —— = 0.62
atet Fs 0.0025 i s = e 273 i
A L 0.0609 % 1.0 159
Toluene : £ = - —6.6min fy = —— — > — 0.6 mi
oluene : t 3 0.0002 min e =250 min

7.5.7 Stripping Steam Distributor Design

Steam condition : 4 bar, 143.6 °C Steam density p = 2.16 kg/m’ k=13
G = 150kg/h = 0.0417 kg/s P; = 4bar Py = 1bar n = 20holes
P,/P, = 1/4 = 0.25 — super critical pressure ratio with . = 0.473

A 150/3600
0.61 % 0.473 V2 x 4 % 105 * 2.16

4%0.00011
d = 1000 x ,/w:mmm
20%

Chosen: 20 holes each being 4 mm diameter = A = 0.00251 m?
Calculation of the maximum possible throughput G,.x:

=0.00011 m?

Gmax = 0.61 % 0.473 % 0.000251 * V2 * 4 % 10° x 2.16 = 0.0952 kg/s = 342.7 kg/h

Construction: distributor ring DN 50 with 1 m diameter and length L = 3.14 m
Having 20 holes each with a 4 mm diameter; pitch distance = 157 mm
The steam rate is measured and control fed to the evaporator.



References 213

References

R.W. Ellerbe, Steam-distillation basics. Chem. Eng. 81, 105/112 (1974)

. J. Bocangel, Design of liquid-liquid gravity separators. Chem. Eng. 93 (1986)

B. Sigales, How to design settling drums. Chem. Eng. 82, 157/160 (1975)

M.W. Abernathy, Design horizontal gravity settlers. Hydrocarbon Process. (1977)
. W.J. Litz, Design of gas distributors. Chem. Eng. 79, (1972)

M. Nitsche, Rohrleitungsfibel, Vulkan-Verlag Essen 2011

S UE



Chapter 8
Absorption and Stripping Columns

8.1 Equilibria for the Design of Absorption
and Desorption Columns

In absorption and desorption the potential for the mass transfer is determined by the
deviation from the phase equilibrium (Figs. 8.1 and 8.2).

Knowledge of the solution equilibrium in the physical absorption and the
chemical equilibrium in chemical washing is a prerequisite for the design of
technical absorption and desorption plants.

8.1.1 Physical Equilibrium [1-3]

In the following it is shown how to calculate the equilibrium between the vapour or
gas concentration of a component y; and the liquid composition x;.

In the absorption, the composition y; of a component in the gas stream is to
be reduced.

H _V*DPoi*Xi _ Di
KX = = ——
Ptot Pt()l Ptot

Vi = :K*x,- (81)

H = Henry-coefficient

y = activity coefficient

x; = gas composition in the washing liquid (molfraction)

y; = gas composition in the gas mixture to be cleaned (molfraction)
P, = total pressure (bar)

poi = vapour pressure of the component to be absorbed (bar)

p; = partial pressure of the component to be absorbed (bar)

K = equilibrium constant = y/x

© Springer International Publishing AG 2017 215
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Purified gas
Vacuum
H,0
FAY
«——
Refrigerant
-
g Refrigerant
<«
H, 0
Feed E - E Steam
Distillate
@ < ‘Washing agent

Fig. 8.1 Flow diagram of an absorption—desorption plant

s0C K1
Cooling
water
e
130 m /e ¢
L J
Py
QJJ— Stripping steam
S0

Cold water

Fig. 8.2 Flow diagram of an SO,-stripper
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From Eq. (8.1) it can be derived that the outlet loading y; reduces after an
absorption:

with low values of H and y: => selection of the washing agent and the washing
temperature

at low liquid concentrations x;: =» good desorption of the absorbent and high
washing fluid rates

with increasing total pressure Py,: =2 absorption at high pressure

with low vapour pressures po; =» low absorbent temperature

The absorptive is only absorbed by the washing liquid if the partial pressure in
the gas is larger than the partial pressure in the washing liquid.

Vi ¥ Prot > H * X;0r > 7 * poj * X;

In desorption the liquid composition x; of a component in the liquid is to be
reduced.

‘:yi*Plot:yi*Ptot
l H Y * Poi

y; = composition y; of the component in the stripping gas (molfraction)

The desorption becomes greater and the rest loading x; in the liquid becomes
smaller:

with greater values for H and y: =» absorption media and high temperature in
stripping

at low y; values in the stripping gas: = stripping gas cleaning and high flow rate

with decreasing total pressure P,,: =2 desorption in vacuum

with increasing vapour pressure p;: =2 higher temperatures with stripping.

In exhaust air purification based on the values given in the Technical Guidelines,
i.e., TA Luft in Germany, the concentration x; in the washing fluid should be reduced
to approximately 50% of the equilibrium value of the permitted outlet concentration.

In boiling washing fluids, for instance water, the good end purification to low x;
values by distillation is no problem. However, with high boiling organic wash
media which are not boiling, the absorbed light boiling components must be
stripped out with steam or nitrogen (Fig. 8.3).

This creates new problems: contamination of the solvent or emissions within the
stripping gas.

Requirements of absorbents:

High capacity and selectivity: =>» low y and mole weight M.

Low vapour pressure and low viscosity (<5 mPas).

No problem with regards to corrosion, ex-protection, and MAK-value.

Easy to regenerate, i.e., to desorb.

For absorption the Henry coefficient H, or the activity coefficient y, should
be small.

For desorption the Henry coefficient H, or the activity coefficient y, should
be large.
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Nitrogen recycle

Cooling Vacuum Cooling 'y
water pump water
Purified air

Organic washing fluid Regeneration
column J
Y 9 |
Absorption ::::‘:i"g - . Decanter
column E 7 7 1/
Water
»
! P Siripping media
Waste gas 4 !
with N
solvents — Steam Recovered
y solvent

distillate

Loaded
absorbent
Fresh ahsorbent

Fig. 8.3 Absorption of solvents with high boiling organic absorbents

8.1.1.1 Equilibrium Calculation with the Henry Coefficient H
for Super-Critical Gases

The Henry coefficient is dependent on the material system and on the temperature
and can be found in data tables.
Henry’s law should only be used in diluted solutions with x; < 0.02 applications.
Equilibrium calculation using the Henry coefficient (Table 8.1):

Table 8.1 Henry constants T N, Co, H,S S0, NH;
for different gases in water cO) (bar) (bar) (bar) (bar) (bar)
10 64,700 1090 370 15.5 0.45
20 75,500 1440 496 24.4 0.77
30 87,100 1860 652 37.5 1.27

40 99,600 2360 843 56 2
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i . H % Do
yi:—:K*x,' K:&: l:yoo Poi
Py X; Py P,

Example 8.1.1: Equilibrium of CO, in water at 25 °C and P, = 1 bar

H = 1650 bar xcoz = 0.586 * 10~*molfr. CO,
yeoz = 1650 % 0.586 % 10~* = 0.0967 molfr. CO, = 9.67 vol% CO,

For the calculation of the equilibrium line several values of y; and x; are
necessary.

H 1650

Vi=Kixx; = —xx; = * x; = 1650 * x;
Plot
Xi 0.1%107* 0.2%107* 0.3%107* 0.4%10™* 0.5%10™*
Vi 0.0165 0.033 0.049 0.066 0.0825

8.1.1.2 Equilibrium Calculation for Ideal Condensable Vapour
withy =1

In this case Raoult’s law is valid.

% P . .
yi:x—z OIZK*XI' K:&:&
Py Xi Py

Example 8.1.2: Oil wash for dichloromethane at 50 °C and P, = 1 bar and at
Ptot = 5 bar

Vapour pressure of dichloromethane at 50°C :  p,; = 1417 mbar
Mpc =849 MgL =360 My =29 xpc = 0.08molfr.
Equilibrium at a total pressure of P, = 1 bar:

_poi 1417
T P 1000

1.4 vi=1l4xx;
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| Sbar | ———]

Gas concentration y (molfraction)

0 —— 1 + 4 —l L 4
0.03 0.05 0.07 0.09 0.11

Liquid concentration x (molfraction)

=+=1 bar uck ===5 bar druck

Fig. 8.4 Equilibrium lines for dichloromethane in wash oil at 1 bar and at 5 bar

X; 0.04 0.06 0.08 0.1 0.12
Vi 0.056 0.084 0.112 0.14 0.168

Equilibrium at a total pressure of P, = 5 bar:

Doi 1417
K=—=—"——=0.283
P 51000
Calculated equilibria at 5 bar:
X; 0.04 0.06 0.08 0.1 0.12
Vi 0.011 0.017 0.0226 0.0283 0.034

In Fig. 8.4 both of the equilibrium lines at 1 and 5 bar are given.

It can be clearly seen that using a pressure wash at 5 bar the dichloromethane
concentration in the gas phase is more strongly reduced than by absorption at 1 bar.

However, it must also be considered that under pressure a lot of inert gas is
dissolved in the wash oil. After flashing at 5 bar in the washing column to 1 bar in
the oil tank the inert gas flashes off and escapes as an emission into the atmosphere.

Example 8.1.3: Hexane washing for the absorption of butane at 6 bar and
25 °C

Dissolved nitrogen quantity at 6 bar: 2.54 * 10> kg N, /kg hexane

Dissolved nitrogen quantity at 1 bar: 0.34 107> kg N, /kg hexane

Released nitrogen rate: 2.2 * 1072 kg N, /kg hexane = 2.2 kg N, /thexane

Hexane emission at saturation: 1.7 kg hexane/t of hexane wash

Atahexane wash rate of 5 t/h there will be 8.5 kg /h butane emitted from the hexane tank.
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Conclusion:
Absorption under pressure produces new emissions due to the escaping inert gas
that is released from the washing liquid and is loaded with organic vapour.

8.1.1.3 Equilibrium Calculation for Non-ideal Condensable Vapours
with y # 1

For non-ideal mixtures, for instance acetone/water, methanol/water, or ethanol/water, the
activity coefficient y is necessary, which is dependent on temperature and composition.
Generally, in absorption an activity coefficient y00 at infinite dilution is chosen.
The calculation of the activity coefficient y follows according to the calculation
models of Wilson or NRTL (see Chap. 2). For vapour-liquid equilibrium the fol-
lowing is valid:

yi:Voc*POi*Xi:K*xi K:Voo*POi

P tot P tot
Example 8.1.4: Water washing for acetone vapour in the air at 20 °C with
PtOt = 1 bal‘.

Vapour pressure of acetone at 20 °C : poac = 304.6 mbar
Activity coefficienty = 6.7

6.7 % 304.6
=———=204 i = 2.04 % x;
1000 Y o
Calculated equilibria:
X; 0.004 0.006 0.008 0.01 0.012
Vi 0.008 0.0122 0.0163 0.02 0.0245

8.1.1.4 Equilibrium Calculation Using Solubility Tables with Partial
Pressure

These solubility tables are used, for instance, for the design of water washes for
NH;, HCI, SO,, and also for acetone.
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Example 8.1.5: Water wash for acetone at 30 °C with Py, = 1 bar Tabulated
value: partial pressure P; = 14.1 mbar for 2 kg acetone in 100 kg water (2 weight%)

Gas concentration y; = % = % = 0.014 Molfr. aceton

Molar loading X = B * A]\ill_‘:;/ = 1% * % = 0.00619 kmol aceton/kmol water
Liquid concentration x; = 1280% = 0.006158 Molfr. aceton
Equilibrium  constans K = )yT - % —227

Example 8.1.6: Water washing for NH; from air at 30 °C and
Py, = 1.013 bar Tabulated value: partial pressure P; = 25.7 mbar for 2 kg NH; in
100 kg water (B = 0.02 kg/kg)

P, 257

Gas concentration y; = P =03~ 0.0254 NH;
. My 18
Molar loading X = B * " 0.02 * 7= 0.02118 kmol NHj/kmol Water
G
X 0.02118
Liquid tration x; = —— = = 0.0207 Molfr. NH
iquid concentration x TTX 102018 olfr 3
S yi 0.0254
Equilib tant K=—=—"--=1.224
quilibrium constan & 0.0207

8.1.1.5 Calculation of the Gas Solubility in a Liquid Using the Henry
Constant H

The Henry constant H is not constant but is a temperature dependent physical

property.
The Henry value rises with increasing temperature.

:Ptot_PV(

XG Molfr. Gas in Water)

xG*MG

=076 (kg Gas/kg Liquid
MFI*(I_XG)(g /kg Liquid)

S = ? * W (m® Gas/m’ Liquid)
G
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xc = molfraction of the gas in the liquid

P,y = total pressure (bar)

Py = vapour pressure of the liquid (bar)

Mg = mole weight of the gas

My = mole weight of the liquid

W = gas loading of the liquid (kg gas/kg liquid)
S = gas solubility (m® gas/m® liquid)

Example 8.1.7: Calculation of gas solubility for CO,, H,S, and Cl, in water at
25 °C

CO;, :  Pges = 1bar. Water vapour pressure Py = 0.032 bar.
Henry constant H = 1.650 bar.

1 —0.032

XGg = 1650 = 0.586 % 10~ Molfr. W = 1.43 g CO,/kg Water
H,S : Pges = 1bar.  Water vapour pressure Py = 0.032 bar.
H = 552 bar.

1 —0.032

X6 == 1.75 % 1073 Molfr. H,S W = 3.32 g H,S/kg Water
ClL : Pges = 1bar.  Water vapour pressure Py = 0.032 bar.
H = 605 bar.
1-0.032
XG = e = L6 1073 Molfr. Cl, W = 6.2 g Cl, /kg Water

8.1.2 Chemical Equilibrium [4, 5]

In chemical washes absorption is improved compared with physical washes because
the gas in the washing fluid to be absorbed is chemically bound, for instance by
hydrolysis or chemical reaction (Fig. 8.5).

The chemical equilibrium of a reaction is described by the mass efficiency law
(MWG) and the equilibrium constant K. A high K-value means that the forward
reaction dominates and the equilibrium is shifted to the product’s side.

Example: Dissociation of hydrochloric acid in water.
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HCl = H" + CI”

_HT<[Cr] 5
K =g =10

The K-value is very high. This means that HCI is nearly completely dissociated.

Since the vapour pressure of the ions is practically zero an absorption of HCI
with pure water is principally possible. However, this is only valid for low HCL
compositions in water.

The possible improvement by a chemical reaction depends on:

the chemical reaction: irreversible or reversible;
the reaction velocity k; and the reaction level;
the composition of the reactants and the pH value;

Purified air

A
G
= -
K
DP
NaOH
WT g j -" Cooling water
waso— @ |,
% |
|
|
|
B i < B Water
\/ with salt

Fig. 8.5 Caustic wash for exhaust air containing SO,
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the diffusion coefficient in the liquid phase Da;
the mass transfer coefficient in the liquid phase k;; and
the composition cpg in the liquid stream.

The mass transfer N, for an irreversible reaction to first order is calculated as
follows:

CAO \/M 2
Npo = kg * caj — * kmol/m~s
4 LEoA Losh\/M} tanh\/M( / )
D,
M= A>(2<k1
ki

Dy xk

Ha= VM = [

kg

The Hatta number Ha is defined as the ratio of the maximum reaction rate in the
film to the diffusion stream of the material component.

The improvement of the material transfer by the reaction is given by the
enhancement factor E.

H
E=_1¢
tanh Ha

Example 8.1.8: Calculation of the enhancement factor E for Cl,, SO,, and CO,
in water at 20 °C
ClL, in water: HOCI < OCl” + H*

ki=11s"" k=10"*m/s Dy =10"m?/s

pPaxk 1071l s
ki (10-4)
tanh \/M 0.78
Due to the dissociation of HOCI the absorption is ca. 34% better than with a pure

physical wash.
SO, in water: H,SO; «— HSO;- + H*

=134

ki =3.4%10°s"" k, =10"%m/s Dy =10""m?/s

107 % 3.4 % 10°
M= ﬁ = 340000 E = /340000 = 583
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Due to hydrolysis the absorption in the liquid phase is strongly accelerated and
the gas side resistance becomes the limiting factor.
CO, in water: H,CO; — HCO3- + H+

ki =0.02s7" kp=10"*m/s Dy =10"m?/s

1072 % 0.02
M= ﬁ =0.002 VM =v0.002 = 0.0447
00447 0.0447
" tanh 0.0447  0.04467

= 1.001

Due to the low reaction velocity no improvement exists.

The resistance for the mass transfer lies in the gas phase if, during the physical
absorption, the gas is very soluble with a low K-value, or, as part of the chemical
wash, the reaction is fast and irreversible:

NH;inH,O SO,inH,O SOjinAlkali HClinH,O H,SinH,0

For poorly soluble gases with large K-values or slowly reversible reactions the
main resistance lies in the liquid phase:

C02 in HzO C02 in NaOH C12 in HzO Ozil’l HzO H2 in Hzo

Under conditions where the composition of the dissolved gas is nearly zero,
because only ions are present which have no vapour pressure, very high K-values in
chemical washes result.

K=2n 1410

Xi
In a design using chemical equilibrium for the given mass balance it is important
to check how much non-ionised gas is dissolved in the liquid.

The partial pressure of the free gas is then determined from the concentration of
the free gas in the liquid and the Henry coefficient.

Example 8.1.9: NH; wash with aqueous nitric acid at 25 °C. y., = 0.005
molfraction NH; The following equilibrium holds:

[NH,' ]

—10
[NH3] = 5.75 % 1071 « T




8.1 Equilibria for the Design of Absorption and Desorption Columns 227

1000
p
100 ’/
— -
o
<
g 10 ///
1
® P
= L -
w
3 | ,/ |
= ™ =
= /
2 oot T
1= /
% / |
> 0001 4
e
0.0001
[ 7 8 9 10 1 12
pH value

Fig. 8.6 Vapour pressure of ammonia at 25 °C as a function of the pH value

From the mass balance it follows:

[NH;" ] = 0.0438 gmol/1
[H*] = 0.0304 gmol/1
0.0438

0.0304
After dividing by the molar density the composition in the liquid phase is:

[NH3] = 5.75 % 1010 % =8.28% 107" gmol/l

8.28 x 10710

51 =15 % 10~'2 Molfr. NH;

XNH3 =

From the concentration x and the Henry coefficient H of NHj; the partial pressure
of the free NHj is calculated:

pi = xnm3 * Hymz = 15 % 10712 % 1.27 = 19.09 % 10~ '? bar

This value is negligible.
Additionally, the equilibrium constant K can be determined:

_ Yen _ 0.005

_ 6
T 3xio o 033x10

K

In some mixtures the pH value has a large influence on the dissociation or the
partial pressure.

Figure 8.6 gives the partial pressure of ammonia in water, for an NH,, con-
centration of 0.05 gmol/l as a function of the pH value.

Remark Due to the reaction heat large heat tone can occur in the chemical wash.
The temperature rise should always be checked.
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8.2 Calculation of the Required Mass Transfer Units,
NTUgpg and NTUgy,, Using the Slope m
of the Equilibrium Line

In the region of low concentration the absorption and desorption equilibrium line is
straight, and the following calculation method holds for a linear equilibrium and
balance lines with a constant gas/liquid ratio in the column [6-9].

Determination of required transfer units NTUqg for the gas side mass
transfer in absorption:

In [(1= ) () 4+ 5]

NTUopg = T—s

Determination of the liquid side mass transfer units NTUqy, for desorption:

[+ (28) +

1
15

NTUqL, =

S = Strippingfaktor = m £

G = Gas loading (kmol/h)

L = Liquid loading (kmol/h)

m = Slope of the equilibrium line = Ay/Ax
vin = Gas inlet concentration (molfraction)
Yout = Gas outlet concentration (molfraction)
Xin = Liquid inlet concentration (molfraction)

Xout = Liquid outlet concentration (molfraction)

If the equilibrium line is a straight line, and goes through the origin, the slope
of the equilibrium line m equals the equilibrium factor K.
In most of the cases in the diluted region K = m.

Example 8.2.1: Calculation of the required gas side mass transfer units NTUg¢
for absorption. Gas inlet concentration y;, = 0.217

Required gas outlet composition o, = 0.0105

Washing fluid inlet composition x;, = 0

Slope of the equilibrium line m = 2
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Gas-liquid equilibrium: y =m *x =2 * x
Inlet gasrate G = 15.75 kmol/h Washing liquid rate L = 167 kmol /h

G 15.75

Stripping faktor S = m x = 2 % q67 = 0.188
NTUoq — In[(1 - 0.1881) * (()gﬁ%*_%) +0.188] 348

Example 8.2.2: Calculation of the required liquid side mass transfer units
NTUgy, for desorption Liquid inlet concentration x;, = 0.0218

Required liquid outlet concentration X, = 0.529 * 1074

Stripping gas inlet concentration y;, = 0

m=13 G =244%kmol/h L =222.5kmol/h

G 24.4 1
Stripping faktor S = m x* = 13 5= 1.4256 5= 0.7
In [(1-0.7) * (%525%) +0.7
NTUq = n [( )1* (0(.)5279*10 :) +0.7] —16.1

8.3 Calculation of the Required Mass Transfer Units
NTUgg or NTUg;, Using the Logarithmic Partial
Pressure or Concentration Difference

8.3.1 Required Gas Side Mass Transfer Units NTU ¢
Jor Absorption

in — Yout :Pin — Pout
Ayln APln

NTUqg = 2

Calculation of the logarithmic partial pressure difference APy,:

(Pin = Pi) = (Pou = Piu)

(Pu—Py,)
In ((Pom—P:m)

P;, = inlet partial pressure = y;, * Py
P, = outlet partial pressure = you * Piot

k £

— %
Pin = Yin Ptot
* *

— v %
Pout = Your * Prot

APy, =

%
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Calculation of the logarithmic concentration difference Ay,,:

(yin - y*in) - ()’out - yém)

"
In Yin—Yiy
Yout—Yaut

* *
Vi = M ¥ Xou + b Vout = M * Xin +b

Ay]n -

y?n = gas equilibrium composition to the liquid inlet concentration Xy = m* Xy
Your = gas equilibrium composition to the liquid outlet concentration x;, = m* x;,
Yout = gas outlet concentration (molfraction)

Calculation of the liquid outlet concentration x;:

Xout = Z * (yin 7y0ut) + Xin

Example 8.3.1.1: Calculation of NTUqgg using the logarithmic concentration
gradient Gas inlet concentration y;, = 0.217
Required gas outlet concentration y,,, = 0.0105

G =15.75kmol/h L=167kmol/h m=2 x, =0

15.75

e (0.217 — 0.0105) 4+ 0 = 0.019475 molfr.

G
Xout = z * (yin - yout) + Xin =

Vi = M Xou = 2 % 0.019475 = 0.03895 molfr.

Your = M * Xip = 2% 0 = O molfr.

(0.217 — 0.03895) — (0.0105 — 0)

Ay = In [L217-00385] = 0.05919
0.217 — 0.0105
NTUopg = ———— = — 348
oG 0.05919

Example 8.3.1.2: Calculation of NTUqg using the logarithmic partial pressure
gradient

Py, =0.217 * 1000 = 217 mbar Py = 0.0105 * 1000 = 10.5 mbar
P; = 0.03895 * 1000 = 38.95 mbar

(217 — 38.95) — (10.5 — 0)

APln - 11121170?5378'095 = 59.19
217 — 10.5
NTUopg = -~ —3.48
06 59.19

The results of Examples 8.3.1.1 and 8.3.1.2 are identical to the result of Example 8.2.1.



8.3 Calculation of the Required Mass Transfer Units NTUpg or NTUq ... 231

8.3.2 Calculation of the Liquid Side Mass Tranfer NTU g,
Jor Desorption

Calculation of the NTUgy, using the logarithmic concentration difference:

NTUgqp = %
In

Calculation of the logarithmic concentration difference:

e — (= 10) = (o = 3
n

Xin =X}
Xout *x:m
o _yout_b % _yin_b
in m out — m

Stripping gas outlet concentration y,:

L
Yout = E * (xin - xout) erm

Example 8.3.2.1: Calculation of NTUgy, using the logarithmic concentration
gradient

Liquid rate L = 222.5 kmol /h Liquid inlet concentration x;;, = 0.0218 molfr.
Stripping gasrate G = 24.4kmol/h  Stripping gas inlet concentration y;, = 0
Required liquid outlet composition xo, = 0.529 % 10~ *molfr.

Equilibrium factor m = 13

2225
You = ¥ (0.0218 — 0.529 + 10~*) = 0.1983 molfr.

ou A
i =22 =0 19383 — 0.015255 molfr.

0.0218 — 0.15255) — (0.529 % 1074 — 0
Ay, = ¢ . 022870(1 o ) _ 0.001348 molf.

In {2 G550
0.0218 — 0.529 % 10~
NTUq = = 16.1
ot 0.001348

The result is consistent with the result from Example 8.2.2.
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8.4 Calculation of the Required Theoretical Stages NT
for Absorption and Desorption

The calculation method is valid for linear equilibrium and operation lines with a
constant stripping factor. The required theoretical trays NT for absorption or des-
orption tasks are calculated in the following text.

8.4.1 Determination of the Theoretical Stages NT
for Absorption [9, 10]

The required number of theoretical trays NT for absorption is determined as
follows:

lg [(1—S) %M + 5]

NTaps = 12
s

Yin — M * Xip

G
Strippingfaktor S = m *x — M=
L Yout — M * Xjp

Example 8.4.1: Calculation of the required theoretical stages for absorption

Gas inletrate G = 15.75 kmol /h Gas inlet concentration y;, = 0.217 molfr.
Absorbent inletrate L = 167 kmol/h  Washing liquid loading x;;, = 0 molft.
Equilibrium constantm = 2

Required gas outlet concentration y,,; = 0.0105 molfr.

15.75 0217 — 0
— 2422 _ 0188 M=—"""" _ 2066
$=2% 167 0.0105 — 0
lg [(1 — 0.188) % 20.66 + 0.188
N = 210 )+ 20.66 +0.188] _
Ig 5788

Washing fluid outlet concentration:

15.75

167 * (0.217 — 0.0105) + 0 = 0.019475 molfr.

Xout = Z * (yin - yout) + Xein =



8.4 Calculation of the Required Theoretical Stages NT ... 233

8.4.2 Calculation of the Theoretical Stages NT
Jor Desorption

The required theoretical stages for desorption are determined as follows:

Ig [(1—1/8)«M+1/5]
IgS
_ Xin — Yin/m

B Xout — yin/m

NTpes =

S=mx*—
L

Example 8.4.2: Calculation of the theoretical stages for a stripper

Liquid inlet rate L = 222.5 kmol/h Liquid inlet concentration x.;, = 0.0218 molfr.

Stripping gas rate G = 24.4 kmol/h Stripping gas inlet concentration y.i, = 0

Slope of the equilibrium line m = 13

Required liquid outlet concentration x,,, = 0.529 * 10™* molfr.

G 24.4 1

= —=13x——=142 —=0.701

S m*L 3*222.5 56 0.70
0.0218 -0
= =412
0.529 %1074 -0
lg [(1 —0.701) x 4124+ 0.701]
NT = =13.6
lg 1.4256

8.5 Conversion of the Required Mass Transfer Units
NTUgpg and NTUgy, to the Required Number
of Theoretical Trays NT, and Vice Versa

The following is valid for the conversion from NTUq for absorption:

R _NTUOG_lnS
T TNT  s—1

InS  NT NT = NTUgg # >
>k = *
S—1 6" s

NTUOG = ROG * NT =
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Example 8.5.1: Conversion from NTUgpg to NT
S =0.188 NTUgg = 3.5

In0.188

Rog = ———— =12.
06 =gigg—1 2%
NTUog 3.5 S—1 0.188 — 1
NT = =" = 17=NTUpg #~—=35%—— =17
Rog _ 2.05 06 *Tns “n0.188
The conversion from NTUgqy, for desorption holds:
R _ NTUoL  Sx*InS
LT ONT  S—1
NTUoy = Rop * NT = 5108 NT = NTUqp % >
= sk — = *
oL — ok S—1 oL S %InsS
Example 8.5.2: Conversion from NT to NTUgy,
S=14 NT=13.6
1 14xInl.4
Rop =SS _Ldxinld 0
S—1 14-1
1 14xInl4
NTUqL = NT * SS* nlS —13.6 % 1:;7“1 — 16 = Ry, *NT = 1.177 % 13.6 = 16

8.6 Determination of the Required Packing Height Hp,

The required packing height for absorption or desorption tasks results from the
product of the required mass transfer units NTU with the NTU required packing
height HTU, or from the product of the required theoretical stages NT and the
required packing height HETP for a theoretical stage.

HPack = NT « HETP HPack = NTUOG * HTUOG HPack = NTUOL * HTUOL

First of all, the total packing heights HTUpg or HTUq, for the gas side and the
liquid side mass transfer have to be determined along with HETP values.

InS
HTUpc = HTUg + S « HTU, HETP = Sn 1 * HTUpg

HTU SxInS
G HETP = S* “1 « HTUg

HTUoL = HTU, +



8.6 Determination of the Required Packing Height Hp,. 235

HETP = required packing height for a theoretical stage (m packing height/NT)
HTUg = required packing height for a gas side mass transfer unit NTUpg
HTU,, = required packing height for a liquid side mass transfer unit NTUgp

Calculation of the required HTU and HETP values is shown in Chap. 10.
Example 8.6.1: Determination of the required packing height

NTUopg = 3.5 NT =1.7 NTUgL =0.66 S =0.188
HTUg =0.375m HTUL =0.71m HETP =1.05m

HTUopg = HTUG + S * HTU, = 0.375+0.188 % 0.71 = 0.508 m

1 1

0.188
InS 1n0.188

HETP = HTUps = ——°% 10,508 = 1.05
s—q1 MY = oqes — 1" m
SxInS 0.188 % In0.188

HETP = HTUyy, = o0 ¥ U288 5 7 = 1.05
s—q1 Yo 0188 —1 m

Hp,m = NTUOG * HTUOG =35%0.508 =1.78 m
HF,;” = NTUOL * HTUOL =0.66%x27=1.78m

8.7 Calculation of the Packing Height Using the Mass
Transfer Number Kg,

In chemical washes in packing columns using caustic solutions, acids, amines, or
water the required bed height is often determined using the empirical mass transfer
number kg,.

G(kmol/h) _ Gy/(kmol/hm?)

A(m?2) x APy, * kga m= APy, * kg, m)

Hpyex =

G = absorptive rate (kmol/h)

Gy, = absorptive loading (kmol/h m?)

A = column cross sectional area (m2)

APy, = logarithmic partial pressure gradients (bar)
kg,= mass transfer number (kmol/h m’ bar)

The mass transfer number kg, can be determined using the Sherwood and
Schmidt number.
The use of empirical values is recommended.
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For unknown systems the kg, value can be estimated using diffusion coefficients.

0.56
k _ k Dnew
Ga(new) — KGa(known) * Dinown

kGamew) = New mass transfer number

kGa(known) = known mass transfer number
D, = diffusion coefficient of the new system
Dynown = diffusion coefficient of the known system

With an increasing pressure gradient Apy, the kg, decreases, as it also does with
increasing reaction equilibrium.

Systems with high-temperature reactions have high kg, values, but the heating of
the liquid from the heat of the reaction increases the vapour pressure and reduces
the driving partial pressure gradient.

Example 8.7.1: 1000 mi/h air with 1 vol.% SO, are washed with aqueous
NaOH

Outlet concentration : 0.01 vol% Mso, = 64.1 P =1 bar

Yin = 0.01 molfr. yoy = 0.0001 molfr. kga = 384 kmol/h m? bar

Absorptive rate = 10 m3, = 0.446 kmol /h Column cross sectional area : 0.196 m?
Gm = 0.446/0.196 = 2.27 kmol /h m*

P, = 0.01 * 1000 = 10 mbar Py = 0.0001 % 1000 = 0.1 mbar
P* = 0 with chemical wash

10 — 0.1
APy, = ——5— = 2.15mbar = 0.00215 bar
lnm
2.27
Hpyk = 7o—————— = 2.75 m Packing

384 % 0.00215
Cross-check calculation with NTUpg and Hpog = 0.6 m packing:

in — Your _ 0.01 —0.001 46
AP, 000215 7
Hpaek = NTUog * Hog = 4.6 * 0.6 = 2.76 m Packing

NTUqg = 2
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8.8 Calculation of the Required Theoretical Stages
and the Concentrations on the Stages According
to Nguyen [11, 12]

This method is simple and fast and allows consideration of tray efficiency.

8.8.1 Determination of the Required Ideal Number of Trays
Niq with a Tray Efficiency of g = 1 for Absorption
First of all an operand o4 is determined:

You — A * (m * xin + B) 1
A-1 S mxG

0y =

y=mxx+B

G = gas rate (kmol/h)

L = liquid rate (kmol/h)

m = slope of the equilibrium line

B = ordinate section of the equilibrium line
ng = tray efficiency

237

Determination of the required ideal number of trays n;q with a tray effi-

ciency of g = 1:

Yin + %4
n ln [}'mu + ‘1/\:|
id =~ 1.
InA

Calculation of the compositions on the individual trays:

Yin + 04 __y—B
an — o4 xld_T

Yid =

Example 8.8.1.1: Cross-check of absorption Example 8.4.1

Yin = 0217 molfr.  you = 0.0105molfr.  xen=0 m =2  1/S=532

0.0105 —5.32%0
= = 0.002431
N 5301 0.00243
1 0.217 +0.002431
00105+0002431

s, = 1.69 theoretical stages
The results of Examples 8 4.1 and 8.8.1.1 are identical.
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Example 8.8.1.2: Calculation of the theoretical trays with np =1 for

absorption
Yin = 0.3molfr.  yy, = 0.03 molfr.
A=1.35 m=1
. 0.03 — 1.35% (1 «0+0.02)
4T 135—1
1n -0:3+0.00857
Ny = — Q0300857 _ ¢ g3

In

1.35

Required ideal number of trays is seven.
Calculation of the concentrations (molfr.) on the theoretical trays:

~0.3+0.00857

Trayl: y, = 1351

Tray2: y, =

1.352

Tray3: y;=

1.353

Tray 4 :
Tray 5 :
Tray 6 :
Tray 7 :

~0.3+0.00857

~0.3+0.00857

— 0.00857

0.22

—0.00857 = 0.160

—0.00857 = 0.1168

ye = 0.0843 x4
ys = 0.0602 x5
ve = 0.0424  xq
y7 = 0.0292 x;

X1

Xin = 0
B =10.02

= 0.00857

022002

1
~0.1607 — 0.02

1
x3 =0.1168 — 0.02 = 0.0968

0.2

X2 = 0.1407

0.0643
0.04
0.022
0.009

8.8.2 Calculation of the Required Real Number of Trays
Nyea: With a Tray Efficiency of nv < 1 for Absorption

First of all the operand f, is determined:

ba

Tty x(Eo0)

1

Nyeal =

Yin + o4
Yout + 0a

In f,

Calculation of the concentrations on individual trays:

Yreal =

Yin + o
n

A

— Ol



8.8 Calculation of the Required Theoretical Stages and the Concentrations ... 239

Example 8.8.2.1: Calculation of the theoretical trays with a tray efficiency
v = 0.5 for absorption Data as in Example 8.8.1.2:

1 In 0.3 +0.00857

— = 1.149 el = 0.03 +0.00857 __ 15
a 1405+ (2 — 1) el = i 1149

With a tray efficiency #y = 0.5 you arrive at a requirement of 15 actual
trays for absorption.
Calculation of the concentrations (molfr.) on the actual trays:

0.3 +0.00857

Trayl: y = %491 —0.00857 =026  x; =0.26—0.02 = 0.24
0.3 +0.00857

Tray2: y, = Jlrl—492 —0.00857 = 0.225  x, = 0.225 — 0.02 = 0.205

Tray3: y3=0.195 x3=0.175
Tray4: y4=0.168 x4 =0.148
Tray5: ys =0.1455 x5 =0.1255
Tray6: ys=0.125 x6=0.105
Tray7: y; =0.108 x7 =0.088
Tray 10 :  yj;o = 0.068 x;90 = 0.048
Tray 12:  y;2 = 0.0497 x5 = 0.0297
Tray 15: y;5 = 0.0298 x;5 = 0.0098

8.8.3 Determination of the Required Ideal Number of Trays
Niar with vy, = 1 for Desorption

First of all the operand oy is determined:

G Xout + %,
Xout — 7 * ()’in - B) In ,\f;:l.tr oL
T Y I
Z - n
Calculation of the concentrations on the trays:
Xout + o
XdL = ———— — 0L YidL = m * XigL + B

A)’l
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Example 8.8.3.1: Determination of the required theoretical trays for the data
from Example 8.4.2 .

0.529 « 104 — 244 4 0
- 5" _ 000124

=TT 0701 — 1
| 0:529107* +0.000124
n= 0‘(1?118;00‘0100124 = 13.6 theoretische Boden

The result is identical to that of Example 8.4.2.

Example 8.8.3.2: Calculation of the theoretical trays for desorption of x = 0.2
to x = 0.02 with a tray efficiency of 7, =1

Xein = 0.2 X5 =0.02 yn=0 m=1 A=11 B=0.02

G = 10kmol/h L = 11kmol/h n, =1
0.02 — 194 (0 — 0.02 In G20
oy = i ( 1 ) om Mgl = 7("1?“*1( 10'42) =6.27

1
Required theoretical trays with #; = 1 is 6.27.
Calculation of the concentrations (molfr.) on the trays:

Tray 0: x9 = % +0.42 =0.02 yo = 0.02+40.02 = 0.04

Tray 1: x; = W —(—0.42) =0.056 y; =1%0.056+0.02 =0.076
Tray 2: x = % +0.42 = 0.089 y2 = 0.089+0.02 = 0.109

Tray 3: x3 2%4—0.42:0.119 y3 =0.119+0.02 = 0.139

Tray 4: x4 = % +0.42 =0.146 v4 = 0.146 +0.02 = 0.166

Tray 5: x5 2%—1—0.42:0.171 ys =0.171+0.02 = 0.191

Tray 6: x¢ = % +0.42=0.194 ve = 0.214

Tray 7: x7 = w +0.42 =0.214 y7 = 0.234

1.17
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8.8.4 Calculation of the Number of the Required
Theoretical Trays with a Tray Efficiency of 0y, < 1
Jor Desorption

First of all some operands have to be determined:

_ My
Ny +Ax (1 —ny)

Br=1+n,*(A-1)

In

M

Xout + %1
Xin + 0

Calculation of the number of required trays n;, = T
npyp
Determination of the concentrations on individual trays:

X o Xout + 0L
real — 7
L

— oL Yreal = M % Xreal + B

Example 8.8.3.3: Calculation of the required number of trays for desorption
from x = 0.2 to x = 0.02 considering a tray efficiency of #y = 0.5 Data from
Example 8.8.3.2:

0.5
- — 0.476 — 140476 % (1.1 — 1) = 1.0476
=05 1.1+ (1-05) Pr=1+0476x( )
py 002+ (=0.42)
ny = _024(2042) _ 15 g5

In 1.0476
We arrive a requirement of 12.85 trays with a tray efficiency of , = 0.476.
Calculation of the concentrations on the trays:

Tray 0: xo = % +0.42 =0.02 yo =0.04  (bottom product)
Tray 1: x; = %_72142 — (—0.42) = 0.038 y1 =1%0.038+0.02 = 0.058
Tray 2: x; = % +0.42 = 0.0555 y2 = 0.0755

Tray 4: x4 = % +0.42 = 0.0878 y4 = 0.1079

Tray 8: x3 = % +0.42 =0.144 yvg = 0.164

Tray 12: x5 = % +0.42 =0.191 yi2 =0.211

Tray 13: x;3 = 0.02 - 0.42 +0.42 = 0.201 yi3 = 0.221 (feed at the top)

1.047613
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8.9 Graphical Determination of the Number of Stages
for Absorption and Desorption

For linear equilibrium and operating lines with a constant L/V ratio the required
theoretical number of trays can be very simply determined graphically.
Equilibrium equation: y = m * x + B for the equilibrium compositions.
Equation of the operating line of the absorption for real compositions in gas
and liquid:

yza*x+youl_6*xin

Vyin = gas inlet concentration (molfraction)
Your = gas outlet concentration (molfraction)
Xour = absorbent inlet loading (molfraction)
G = gas rate (kmol/h)

L = washing liquid rate (kmol/h)

Calculation of the bottoms concentration x,,; in the washing fluid during
absorption:

Xout = G/L * (yin_)’out) ~+ Xin
Equation of the operating line of desorption for the compositions in gas and

liquid:

yza*x+yin_5*xout

Xin = liquid inlet concentration (molfraction)
Xout = liquid outlet concentration (molfraction)
vin = Stripping gas inlet concentration (molfraction)

Calculation of the top concentration y,, of stripping gas whilst desorbing:

Yout = 5 * (xin - xoul) + Yin

Mass balance in the column:
(yin_yout) *G = (xout — xin) * L

While drawing equilibrium and operating lines some y and x values are
determined.
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Absorption
y = 1.35 * x + 0.03

Equilibrium

y = x + 0.02

Desorption
y = 1.1 * x — 0.022
Xou = 0.2 Xou=0.28

Yi= 0.3

=03 Ay

0.22 Vo =022

Xou = 0.2 4=
9.20 kL' You=0.198

&/ 5 Xin=02

Gas concentration (molfraction)
(=]
®
1
2
%

Stripper

o

You=0.03 g ¥ Xou= 0.02

0.00 T T T T T T T —
0,00 0.c4 0,08 0.12 0.16 0.20 0.24 0.28 0.32

Liquid concentration (molfraction)

Fig. 8.7 Graphical determination of the number of trays

In the linear region two points are required:
Absorption: top, y;, and X, bottom, y,, and x;,
Desorption: top, x;, and y,u; bottom, Xy, and y;,
Slope of the operating or balance line:

L _ Yin — Yout

G Xout — Xin

Figure 8.7 shows an example of the graphical determination of the number of
trays for absorption and desorption.

The equations for the equilibrium and both of the operating lines are given.

The required theoretical stages result from the stages between the equilibrium
and balance lines.
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For absorption we require 7 theoretical stages.

For desorption we require 7 theoretical stages.

By using a larger washing fluid rate the ratio L/G becomes larger and the balance
line for absorption becomes steeper.

Therefore, the number of required theoretical trays for absorption decreases.

By using a larger stripping gas rate the ratio L/G becomes smaller and the
balance line for desorption becomes shallower, so that fewer theoretical stages are
required for stripping out.

Example 8.9.1: Cross-checking the graphically determined number of trays in
Fig. 8.7 with the calculation method in Sect. 8.8.0 Absorption calculation
according to Sect. 8.8.1:

Yin =03 You =003 xp=0 A=135 m=1 B=002

~0.03-1.35%(1%0+0.02)

oy = 135 — 1 = 0.00857
In 0.3 +0.00857
Ny = — Q035000857 _ ¢ g3

In1.35
Required ideal number of trays is seven.
Desorption calculation according to Sect. 8.8.3:

Xin =02 xouu =002 y,=0 m=1 A=11 B=0.02

G =10kmol/h L= 11kmol/h #, =1

0.02 — 104 (0 — 0.02 n 002+ (£042)
o = il ) 042 py = 02T00R) _ 6o
1 Inl.1

1.1

Required ideal number of trays with »z = 1 is 6.27.
The calculated results according to Sect. 8.8 are consistent with the graphically
determined required numbers of trays for the absorption and desorption in Fig. 8.7.

Example 8.9.2: Graphical determination of the number of trays for absorption
with two different absorbent rates Gas inlet concentration y;, = 0.25 = 25 vol.%
Gas outlet concentration y,, = 0.03 = 3 vol.%
Washing liquid inlet concentration x;, = 0
Equilibrium: y =m *x = 0.9 * x

Example 8.9.2.1: Washing fluid rate L = 100 kmol/h
G = 100 kmol/h
L/G =1 = slope of the operating line
Equation of operating line a:
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0.40
Yin = 0.25 molfraction
0.35 A _ .
Yout = 0.03 molfraction
Operating line b
y=2x+0.03
0.30 1
=
2
°
2 025 I,
E
g Operating line a
> y=x+0,03
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= 0.20 -
2
= 1
]
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|
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Liquid concentration (molfraction)

Fig. 8.8 Graphical determination of the number of trays for absorption with two different
absorbent rates

L L
y:a*x+yout—a*xin =x+003-1%x0=x+0.03

From the graphical representation of equilibrium and balance lines in Fig. 8.8 a
requirement of about 5.2 separation stages for absorption results.
Calculation cross-check according to Sect. 8.4:

yin = 0.25 Yout = 0.03 Xp =0

L 0.25
S=ms==09%1=09 M=—""-833
"G * 0.003

le[(1—8) %M
Nt = 2l S)l* +]
op el -09)+833409]
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From the calculation there is a requirement for 5.22 theoretical trays.

Example 8.9.2.2: Washing fluid rate L = 200 kmol/h

G = 100 kmol/h

L/G = 2 = slope of the operating line

Operating line b: y =2 * x + 0.03

Figure 8.8 shows that the required number of trays reduces to two theoretical
trays with a doubling of the washing liquid rate.

Calculation cross-check according to Sect. 8.4:

G 100 0.25

N lel(1 —045) x8.33 +045)
1g1/0.45

According to the calculation two theoretical trays are required.

Example 8.9.3: Graphical determination of the number of trays for desorption
with different stripping gas rates Liquid inlet loading x;, = 0.1 = 10 mol%
Liquid outlet loading x,, = 0.01 = 1 mol%
Stripping gas inlet concentration y;, = 0

Example 8.9.3.1: Graphical determination of the number of trays Equilibrium
equation: y=m *x =2 *x

Stripping gasrate G = 100 kmol/h L = 100kmol/h

@ L/G =1 = slope of the operating line

Equation of operating line a:

L L
y:a*x—l—ym—E*xout:x—i—O—O.Ol =x—0.01

From the graphical representation in Fig. 8.9 a requirement of approximately 2.5
separation stages results.
This is consistent with the calculated required number of trays in Example
8.9.3.2.
) Striping gas rate G = 200 kmol /h L = 100kmol/h
L/G = 0.5 = slope of the operating line

Equation of operating line b : y = 0.5 * x—0.005

By doubling the stripping gas rate the separation stages required for stripping
are reduced from 2.5 to 1.5 trays.
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0.20

0.1 molfraction
0.01 molfraction

X, =
X =

out

0.14 Equilibrium line
' y=2%*x

0.06 Operatig line a

Gas concentration (molfraction)

0.04 7 1

0.02 A 2 Operating line b

y=0.5x—0,005

0.00 T T T T T T T T
0.0C * 0.02 0.03 0.04 0.05 0.06 0.07 0.08 0,09 *

0.01 Liquid concentration (molfraction) 0.10

Fig. 8.9 Graphical determination of the number of trays for desorption with different stripping
gas rates

The calculation of the number of trays in Example 8.9.3.2 gives the same result.

Example 8.9.3.2: Determination of the number of trays by calculation for a
desorption with two stripping gas rates

Xin = 0.1 molfr. Xout = 0.01 molfr. Vin = 0 molft.

Equilibrium: y = 2 % x
Stripping gas rate G = 100 kmol /h L/G=1

G 1 0.1
op lel(L = 1/5) <M+ 1/5]
Ig S
NT = Ig[(1 —0.5) * 10+ 0.5] _ 045

Ig2
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The result is consistent with the graphical determination of the number of
trays in Fig. 8.9.
Stripping gas rate G = 200 kmol/h L/G = 0.5

1

=0.25 M =10
S

S=m*%:2*2:4

lg [(1 —0.25) x 104 0.25]
Ig4

NT = =1.47

The result is identical to the graphical determination of the number of trays
in Fig. 8.9.

8.10 Procedure for Absorber and Stripper Design
for Linear Equilibrium and Operating Lines

8.10.1 Design of an Absorption Column

The requirements are as follows (Fig. 8.10):

1. Data collection: gas rates, inlet loading, and outlet loading.
2. Determination of the equation of equilibrium.

y=Kx*xx=

pi _xx*xpoi H _ Y *Poi*Xx
kx="—n—|

= = molfraction)
PID[ Pt()t Plot Pf()l

3. Determination of the maximum washing fluid loading in the equilibrium with
the concentration in the entering gas stream.

x =20 (molfr.) . A (kmol/kmol)

t =
o 1 - x:;ut

4. Calculation of the required minimum absorbent rate.
Iq-n‘ =G Yin  { out
mn —

X Xin

out

(kmol /h)

Actual washing liquid rate Ly ~ 1.5 * Ly,
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5. Checking of the temperature increase Af via the condensation or reaction heat Q.

m=—2  (c
L'real *Cp

0 = released heat (kJ/h) = m (kg/h) * r (kJ/kg)
¢, = specific heat capacity (kJ/kg K)

m = condensed quantity (kg/h)

L.,y = washing liquid rate (kg/h)

6. Calculation of the minimum absorbent rate for maximum temperature
increase Ar.

0

 Atxcp

(kg/h)

In high gas inlet concentrations, and low absorbent rates, severe heating can
occur!
This can deteriorate the absorption effect.

7. Calculation of the required transfer units NTUqg, or theoretical trays NT, for the
given problem.

Purified gas

]
1
[ |®| Absorbent
‘ g
1
]| Cold water |
PORY
Feed i A -
gas | K < 1
™ (r\l :f ) A~
SN |

3 Loaded absorbent

Fig. 8.10 Flow diagram of an absorption unit
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In[(1—8)*M+S] —
1—-S Yout — M * Xjp

Yin — M * Xjp

NTUog =

lg[(1—8)*xM+5]
lgé

NT = S=mx—
L

The required number of separation stages reduces with increasing washing liquid
rate.

A larger absorbent rate, with a low concentration of the absorptive, increases the
effort required during the cleaning of the wash medium.

Remark In the absorption of water soluble solvents in water the equilibrium line
is not linear. The K value rises both with increasing vapour pressure at higher
temperatures and increasing activity coefficients at lower concentrations of the
solvent in the liquid.

Example 8.10.1.1: Water wash for exhaust air containing methanol
1. Inlet conditions:

5000 m>/h air with a loading of 100 g/m3; methanol.
Inlet methanol concentration y;, = 0.07 molfraction.
Molar inlet loading = 0.075269 kmol methanol/kmol air.
Required outlet loading § = 150 mg/my,.

Outlet concentration y,, = 0.000105.

Molar outlet loading Y., = 0.000105 kmol/kmol.

Mass balance inlet:

4055 m3; /hinert gas = 5249 kg /h with 305 my; /h methanol vapour = 436 kg /h methanol

Methanol rate in the outlet = 0.6 kg /h Washed out methanol = 435.4kg/h

2. Equilibrium for a water wash at 30 °C:

Vapour pressure pg; = 218 mbar  Activity coefficienty = 1.89

1.89 %218
1013 0 y=04x%x
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3. Maximum washing liquid loading X, (kmol/kmol) in the equilibrium to the gas
inlet concentration:

Vin = 0.07 molefraction methanol

in 0.07
Xoy = yf =04 = 0.175 Molfr. methanol
. 0.175
Xout = m =0.212 kmOl/kmOl

4. Minimum absorbent rate for absorption with a wash water with x;, = 0.00013.

~_0.075269 — 0.000105 . 4055
T 0.212 — 0.00013 22.4

= 64.2 kmol/h Water

= 1155.2 kg water/h

Chosen:
Liea = 3011 kg/h wash water at 30 °C

5. Check the temperature increase of the condensed methanol (435.4 kg/h)

Released heat Q = mmethanol * 7 r = condensation heat = 1104 kJ /kg
0 =435.4 % 1104 = 480,680kJ/h

0 480680

At = =
Lxc;, 3011%x4.2

=38°C

The washing water heats up from around 38 °C to a flow temperature of 68 °C
and deteriorates the absorption, because m becomes greater. A temperature rise
around 10 °C is the maximum allowable.

6. Calculation of the minimum water rate for an allowable temperature rise At =
10 °C.

I— Q 480680
CAtxep 10%42

= 11445 kg/h Water

7. Calculation of the required transfer units and the required theoretical trays.

At 30 °C with L = 11,500 kg/h for a constant equilibrium line with y = 0.4 *
x at 30 °C.
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Stream feed KGMOL /HR
1 WATER .551
2 AIR 181.309
3 METHANOL 13.607
200.467
TEMPERATURE  20.0 C
FRACTION LIQUID 0.0170
AVERAGE MOL.WT. 28.86
Stream absorbent KGMOL /HR
1 WATER 638.346
638.346
TEMPERATURE 20.0 C
FRACTION LIQUID 1.0000

FREE WATER=
VOLUME

638.3 KGMOL/HR
11.52 CU.M/HR
11.51 CU.M/HR
HEAT CAPACITY 4.1834 K1/KG-C
SURFACE TENSION 73.82 DYNE/CM

Stream purified air

KGMOL/HR
1 WATER
2 AIR 130 535
3 METHANOL 003
185.022
TEMPERATURE  20.6 C
FRACTION LIQUID O. 0000
AVERAGE MOL.WT. 28.6

VOLUME  4515.56 Cu. M/HR
HEAT CAPACITY 1.0132 K)/KG-C
THERM.COND 0.02553 wATT/M-C

Stream loaded absorbent

KGMOL /HR
1 WATER 639.411
2 AIR 0.789
3 METHANOL 13.604
653.804
TEMPERATURE 28.5 C
FRACTION LIQUID 1.0000

AVERAGE MOL.wT. 18.32
VOLUME 12.15 Cu.M/HR
12.11 Cu.M/HR
HEAT CAPACITY 4.1447 K)/KG-C
SURFACE TENSION 69.20 DYNE/CM

STREAM SUMMARY

KG/HR Feed
1 WATER 100.00
2 AIR 5249.00
3 METHANOL 436.00

5785.00

8 Absorption and Stripping Columns

MOL FR. KG/HR WT.FR.
0.0277 100.00 0.0173
0.9044 5249.00 0.9073
0.0679 436.00 0.0754

5785.00
PRESSURE  1.0000 BARA
ENTHALPY 0.822 MMWATT

MOL FR. KG/HR WT.FR.

1.0000 11500.00 1.0000
11500.00

PRESSURE  1.0000 BARA

ENTHALPY  0.268 MMWATT

AVERAGE MOL.WT. 18.02

SPECIFIC GRAVITY 0. 9993 20 g cg

VISCOSITY 1.021 CEN?IPOISE
THERM.COND 0.59911 WATT/M-C

MOL FR. KG/HR WT.FR.
0.0242 80.79 0.0152
0.9757 5226.57 0.9848
0.155e-04 0.09 0.173e-04

5307.45
PRESSURE  1.0000 BARA
ENTHALPY  0.781 MMwATT
DENSITY  1.175 KG/M3

COMPRESSIBILITY 0.9993
VISCOSITY  0.01804 CENTIPOISE

MOL FR. KG/HR WT.FR
0.9780 11519.18 0.9617
0.121-02 22.83 0.191e-02
0.0208 435.91 0.0364

11977.92

PRESSURE 1.0000 BARA

ENTHALPY  0.309 MMwATT
SPECIFIC GRAVITY 0.9865 E 28.5 cg
9897 15.6 €

VISCOSITY 0.829 CENTIPOISE
THERM.COND 0.58071 WATT/M-C

Lean Absorbent Cleaned air
11500.00 80.79
5226.57

0.09

11500.00 5307.45

Fig. 8.11 Mass balance for the methanol wash with water in Example 8.10.1.1
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STAGE 4  TEMPERATURE = 20.6 C PRESSURE = 1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K WALUE
1 WATER 4.5 0.2424e-01 638.8 0.9987 0.0243
2 AIR 180.5 0.9758 0.8 0.1279e-02 762.7567
3 METHANOL 0.0 0.1549e-04 0.0 0.4235e-04 0.3657
TOTAL 185.0 KGMOL/HR 639.6 KGMOL/HR
5307. 5 KG/HR 11532.6 KG/HR
AVG.MOL.WT 28.7 18.
ENTHALPY 0.7807 MM WATT 0.2793 MM WATT
WVOL . FLOW 4515.3 CU.M/HR 11.56 CU.M/HR, SP.GR.=0.999
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0131 Ki1/KG-C 4.1763 KI/KG-C
VISCOSITY 0.01804 CENTIPOISE 0.997 CENTIPOISE
THERM. COND. 0.02553 WATT/M-C 0.59714 WATT/M-C
SURF.TENSION 73.70 DYNE/CM
STAGE 3  TEMPERATURE = 22.0 C PRESSURE = 1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K VALUE
1 WATER 4.9 0.2647e-01 6539.8 0.9983 0.0265
2 AIR 181.4 0.9734 0.8 0.1262e-02 771.5317
3 METHANOL 0.0 0.1608E-03 0.3 0.4090e-03 0.3930
TOTAL 186.3 KGMOL/HR 640.9 KGMOL/HR
5340 1 KG/HR 11557.8 KG/HR
AVG.MOL . WT 8.7 18.
ENTHALPY 0. ?919 MM WATT 0.2976 MM WATT
VOL . FLOW 4569.1 CU.M/HR 11.59 CU.M/HR, SP.GR.=0.998
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0146 K1/KG-C 4,1748 K1/KG-C
VISCOSITY 0.01808 CENTIPOISE 0.965 CENTIPOISE
THERM.COND. 0.02562 WATT/M-C 0.59877 WATT/M-C
SURF.TENSION 73.35 DYNE/CM
STAGE 2  TEMPERATURE = 25.0 € PRESSURE = 1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K VALUE
1 WATER 5.9 0.3162e-01 641.1 0.9956 0.0318
2 AIR 181.3 0.9670 0.8 0.1228e-02 787.3911
3 METHANOL 0.3 0.1413e-02 2.0 0.3122e-02 0.4525
TOTAL 187.5 KGMOL/HR 643.9 KGMOL/HR
5365.4 KG/HR 11637.4 KG/HR
AVG . MOL . WT 28. 18.
ENTHALPY 0.8103 MM WATT 0.3283 MM waTT
VOL . FLOW 4645.7 CU.M/HR 11.70 CU.M/HR, SP.GR.=0.996
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0182 K1/KG-C 4.1692 K1/KG-C
VISCOSITY 0.01816 CENTIPOISE 0.901 CENTIPOISE
THERM.COND. 0.02579 WATT/M-C 0.59939 WATT/M-C
SURF.TENSION 72.36 DYNE/CM
STAGE 1  TEMPERATURE = 28.5 C PRESSURE = 1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K WALUE
1 WATER 7.3 0.3811e-01 639.4 0.9780 0.0390
2 AIR 181.3 0.9513 0.8 0.1206E-02 788.7085
3 METHANOL 2.0 0.1056E-01 13.6 0.2081e-01 0.5076
TOTAL 190.6 KGMOL/HR 653.8 KGMOL/HR
5444.5 KG/HR 11977.9 KG/HR
AVG.MOL . WT 28.6 18.
ENTHALPY 0.8410 MM WATT 0.3089 MM WATT
VOL . FLOW 4776.1 CU.M/HR 12.15 CU.M/HR, SP.GR.=0.987
COMPRESSIBILITY 0.9992
HEAT CAPACITY 1.0259 KI/KG-C 4.1447 KI1/KG-C
VISCOSITY 0.01814 CENTIPOISE 0.829 CENTIPOISE
THERM. COND. 0.02590 wATT/M-C 0.58071 WATT/M-C
SURF.TENSION 69.20 DYNE/CM

Fig. 8.12 Compositions and equilibrium constant K on the four trays for the absorption of
methanol with water in Example 8.10.1.1
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T
H i H |
| Absorption at 30 °C |

Required transfer units NTU

15 |

10 +—

e ! |
|
Outlet concentration 50 mg/m? |

Outlet concentratimfl 150 mg/m?

3000 4000 5000 6000 T000 8000 5000 10000

‘Washing water rate (kg/h)

Fig. 8.13 Required transfer units NTUqg for the purification of exhaust air containing methanol
as a function of the wash water rate at a water temperature of 30 °C

Required mass transfer units NTU

Outlet concentration = 150 mg/m*

Absorption at 68 °C

11000 12000 13000 14000 15000 16000
Wash water rate (kg/h)

Fig. 8.14 Required transfer units NTUqg for the purification of exhaust air containing methanol
as a function of the wash water rate at a water temperature of 68 °C

_mxG _04%4055/22.4

S —
L 11500/18

=0.113

In[(1—8)*M+S] In[(1—0.113) % 13204 0.113]

Transfer units NTog = = =8

M =

1-S 1-0.113

Yein — M * Xy 0.07 — 0.4 %0.00013
Yaus — M * Xpin 0.000105 — 0.4 % 0.00013

= 1320
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Cooling
Purified air =10 000 m*h
r 3
Cooling
Ethanol 80%
75 kg/h
Feed Heating
10 000 m*h

with 60 kg/h

Ethanol R
r Cooling

N
Water with ethanol

Water

Fig. 8.15 Flow diagram of a water wash for exhaust air containing ethanol

1g[(1 — 0.113) 1320 +0.113]

1 —32
12513

Theoretical trays NT =

In Figs. 8.11 and 8.12 the results of the computer simulation with a variable
K value on the different trays are shown.

Tray 4: K = 0.3657 bei 20.6 °C

Tray 3: K = 0.393 bei 22 °C

Tray 2: K = 0.4525 bei 25 °C

Tray 1: K = 0.5076 bei 28.5 °C

The result scarcely differs from calculations by hand calculation K = 0.4.

Four theoretical stages are required.

In Figs. 8.13 and 8.14 the required transfer units for the cleaning of exhaust air
containing methanol on outlet loadings of 150 and 50 mg/my;, at wash water
temperatures of 30 °C and at 68 °C, are shown.

Recommendation:

It is preferably to use low washing liquid temperatures with the absorption.

Example 8.10.1.2: Water wash for exhaust air containing ethanol with frac-
tionation for the separation of the ethanol and for purification of the wash
water (Fig. 8.15)

Problem definition: see mass balance in Fig. 8.16

Equilibrium at 20 °C: m = 0.51

Inlet ethanol concentration y;, = 0.283 * 10~2 molfraction ethanol

Desired outlet concentration y,,, = 0.413*10~* molfraction ethanol

Washing liquid loading: 0.547 * 10™* molfraction ethanol in wash water
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Stream feed

KGMOL /HR
1 WATER 11.102
2 AIR 447.177
3 ETHANOL 1,302
459 581
TEMPERATURE  25.0 C
FRACTION LIQUID 0.0000

AVERAGE MOL.WT. 28.73
VOLUME 11384.76 CU.M/HR
HEAT CAPACITY 1.0151 KJ/KG-C
THERM.COND 0.02580 WATT/M-C

Stream absorbent

KGNOL /HR
1 WATER 555.084
3 ETHANOL 0.030
$55.114

TEMPERATURE  20.0 C

FRACTION LIQUID 1.0000

AVERAGE MOL.WT. 18.02

VOLUME 10,02 CU.M/HR
10.01 Cu.m/HR

HEAT CAPACITY 4,1832 K1/KG-C

SURFACE TENSION 73.82 DYNE/CM

Stream top KGMOL /HR
1 WATER 11.182
2 AIR 446,502
3 ETHANOL 0.019
457.703

TEMPERATURE 20.7 C

FRACTION LIQUID 0.0000
AVERAGE MOL.WT. 28.68

VOLUME 11175.42 Cu. N/Hlt
HEAT CAPACITY 1,0133 K3/KG-C
THERM.COND 0.02554 WATT/M-C

Stream bottoms

KGMOL /HR
1 WATER 554.999
2 AIR 0.706
3 ETHANOL 1.314
557.019
TEMPERATURE 22.6 C
FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 18.10
VOLUME 10.12 Cu.M/HR
10.11 CU.M/HR

HEAT CAPACITY 4.1669 K1/KG-C
SURFACE TENSION 72.80 DYNE/CM

STREAM SUMMARY

KG/HR Feed
abluft
1 WATER 200.00
2 AIR 12946.00
3 ETHANOL 60.00
13206.00

8 Absorption and Stripping Columns

MOL FR. KG/HR WT.FR.

0.0242 200.00 0.0151

0.9730 12946.00 0.9803

0.283e-02 60 0.454g-02
13206.00

PRESSURE  1.0000 BRARA

ENTHALPY  1.959 MMWATT

DENSITY  1.160 KG/M3

COMPRESSIBILITY 0.9994

VISCOSITY 0.01819 CENTIPOISE

MOL FR. KG/HR WT.FR.

0.9999 10000.00

0.547e-04 1.40 0.140£-03
10001.40

PRESSURE  1.0000 Bara

ENTHALPY  0.233 MwwaTT

SPECIFIC GRAVITY 0,9992 ( 20.0 cg
1.0000 {( 15.6 C

VISCOSITY 1.021 CENTIPOISE

THERM.COND 0.59899 WATT/M-C

MOL FR. KG/HR WT.FR.
0.0244 201.45 0.0153
0.9755 12926.46 0,9846
0.413e~04 0.87 0.664E-04

13128.78
PRESSURE  1.0000 BARA
ENTHALPY 1.932 MMWATT
DENSITY 1.175 KG/M3
COMPRESSIBILITY 0. 3
VISCOSITY 0.01804 CENTIPOYSE

MOL FR KG/HR WT.FR.
0.9964 9998.48 0.9920
0.127€-02 20.44 0.203e-02
0.236£-02 60.53 0.601£-02

10079.45
PRESSURE  1.0000 Bara
ENTHALPY 0,259 MMWATT
SPECIFIC GRAVITY 0.9967 22 6 C)
0.9981 5.6 ¢)
VISCOSITY 0.953 CENTIPOISE

THERM,.COND 0.59497 WATT/M-C

Absorbent Purified air
wasser Luft
10000.00 201.45
12926.46
1.40 0.87
10001.40 13128.78

Fig. 8.16 Mass balance for an ethanol wash (Example 8.10.1.2)
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="™1.0000 BARA

(A)STAGE 6 TEMPERATURE = 20.7 C  PRESSURE
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR _ MOL.FR KGMOL/HR  MOL.FR K VALUE
1 WATER 11.2 0.2443e-01 555.6 0.9986 0.0245
2 AIR 446.5 0.9756 0.7 0.1278€e-02 763.3166
3 ETHANOL 0.0 0.4133e-04 0.0 0.8088e-04 0.511
TOTAL 457 .7 KGMOL/HR 556.3 KGMOL/HR
13128.8 KG/HR 10031.3 KG/HR
AVG.MOL . WT 28.7 18.0
ENTHALPY 1.9325 MM WATT 0.2443 MM waTT
VOL . FLOW 11174.8 CU.M/HR 10.06 CU.M/HR, SP.GR.=0.998
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0133 KI/KG-C 4.1760 K1/KG-C
VISCOSITY 0.01804 CENTIPOISE 0.994 CENTIPOISE
THERM. COND . 0.02554 WATT/M-C 0.59721 WATT/mM-C
SURF . TENSION 73.67 DYNE/CM
STAGE 5  TEMPERATURE = 21.4 C PRESSURE = 1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR _ MOL.FR KGMOL/HR  MOL.FR K VALUE
1 WATER 11.7 0.2542e-01 556.0 0.9986 0.0255
2 AIR 447.2 0.9745 0.7 0.1270e-02 767.2106
3 ETHANOL 0.0 0.7306e-04 0.1 0.1381e-03 0.5289
TOTAL 458. 9 KGMOL /HR 556.8 KGMOL/HR
1315? KG/HR 10040 0 KG/HR
AVG . MOL . WT
ENTHALPY 1. 9439 MM WATT 0. 2513 MM WATT
VOL. FLOW 11228.7 CU.M/HR 10.07 CU.M/HR, SP.GR.=0.998
COMPRESSIBILITY 0.9993
HEAT CAPACLTY 1.0140 KJ/KG-C 4,1753 KI/KG-C
VISCOSITY 0.01806 CENTIPOISE 0.980 CENTIPOISE
THERM.COND. 0.02558 WATT/M-C 0.59804 waTT/M-C
SURF . TENSION 73.52 DYNE/CM
STAGE 4  TEMPERATURE = 21.9 C PRESSURE = 1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K VALUE
1 WATER 12.1 0.2631e-01 555 3 0.9985 0.0263
2 AIR 447.1 0.9734 0.7 0.1264€-02 770.3203
3 ETHANOL 0.1 0.1426€-03 0.1 0.2619e-03 0.5444
TOTAL 459.3 KGMOL/HR 557.2 KGMOL/HR
13164.9 KG/HR 10049.1 KG/HR
AVG.MOL ,WT 28.7 18.0
ENTHALPY 1.9514 M wATT 0.2581 MM WATT
VOL.FLOW 11260.9 CU.M/HR 10.08 cu.M/HR, SP.GR.=0.998
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0146 K1/KG-C 4.1745 KJ1/KG-C
VISCOSITY 0.01808 CENTIPOISE 0.967 CENTIPOISE
THERM. COND. 0.02561 WATT/M-C 0.59859 WATT/M-C
SURF . TENSION 73.38 DYNE/CM
STAGE 3  TEMPERATURE = 22.4 C PRESSURE = 1.0000 BarA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K VALUE
1 WATER 12.4 0. Z?OZE 01 556.5 0.9982 0.0271
2 AIR 447.1 0.9725 0.7 0.1259e-02 772.1137
3 ETHANOL 0.1 0.2927e-03 0.3 0.5264€-03 0.5561
TOTAL 459.7 KGMOL/HR 557.5 KGMOL/HR
31?2 5 KG/HR 10059.5 KG/HR
AVG.MOL .. WT 8.7 18.0
ENTHALPY 1. 95?8 MM WATT 0.2627 MM wWATT
VOL . FLOW 11287.7 Cu.M/HR 10.09 CU.M/HR, SP.GR.=0.998
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0151 KI/KG-C 4.1733 K1/KG-C
VISCOSITY 0.01809 CENTIPOISE 0.958 CENTIPOISE
THERM. COND . 0.02564 WATT/M-C 0.59866 WATT/M-C
SURF.TENSTON 73.23 DYNE/CM

Fig. 8.17 a Compositions and equilibrium constants on Tray 6 (at the fop) through to Tray 3, for
Example 8.10.1.2. b Compositions and equilibrium constants on Trays 2 and 1 (bottoms) for
Example 8.10.1.2
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(b)STAGE 2  TEMPERATURE = 22.6 C  PRESSURE =  1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K VALUE
1 WATER 12.6 0.2744€e-01 556.5 0.9976 0.0275
2 AIR 447.1 0.9717 0.7 0.1259e-02 771.5248
3 ETHANOL 0.3 0.6136e-03 0.6 0.1094€-02 0.5607
TOTAL 460.1 KGMOL/HR 557.8 KGMOL/HR
13182 9 KG/HR 10073.3 KG/HR
AVG.MOL.WT 18.1
ENTHALPY 9523 MM WATT 0.2641 MM WATT
VOL . FLOW 11306.2 cu. M/HR 10.11 CuU.M/HR, SP.GR.=0.997
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0155 KJ/KG-C 4,1712 K1/KG-C
VISCOSITY 0.01809 CENTIPOISE 0.952 CENTIPOISE
THERM. COND . 0.02565 WATT/M-C 0.59780 wATT/M-C
SURF.TENSION 73.06 DYNE/CM
STAGE 1 TEMPERATURE = 22.6 C PRESSURE =  1.0000 BARA
VAPOR FROM STAGE LIQUID FROM STAGE
KGMOL/HR  MOL.FR KGMOL/HR  MOL.FR K WALUE
1 WATER 12.6 O 2732e-01 555.0 0.9964 0.0274
2 AIR 447.1 0.9713 0.7 0.1268e-02 766.2169
3 ETHANOL 0.6 0 1302e-02 1.3 0.2359e-02 0.5519
TOTAL 460.3 KGMOL/HR 557.0 KGMOL/HR
13193 2 KG/HR 10079.4 KG/HR
AVG.MOL . WT 18.1
ENTHALPY 1, 963? MM WATT 0.2592 MM waTT
VOL. FLOW 11310.8 Cv.M/HR 10.12 CU.M/HR, SP.GR.=0.997
COMPRESSIBILITY 0.9993
HEAT CAPACITY 1.0159 KJ/KG-C 4.1669 KI/KG-C
VISCOSITY 0.01808 CENTIPOISE 0.953 CENTIPOISE
THERM . COND. 0.02564 WATT/M-C 0.59497 WATT/M-C
i SURF.TENSION 72.80 DYNE/CM
¥
«Fig. 8.17 (continued)
Calculations for a linear equilibrium line:
G 459.58
S=mx*x—=051%x—=0.422
L 555.1
g Yein = MK Xein 0.283 % 1072 — 0.51 % 0.547 x 10~* 209
" Yaus — M % Xein 0413 % 1074 — 0.51 % 0.547 104
1g[(1 —8) * M+5S] 1g((1 —0.422) % 209 4 0.422)
NT = : = i =557
Igg g5,
NTU In[(1 = 8)*M+S] In[(1—0.422) % 209 +0.422] 83
N 1-5 B 1-0.422 o

In Figs. 8.16 and 8.17 the results of the computer simulation, with variable
K values on the different trays, are given. The results are largely consistent with

hand calculations.

In both cases six theoretical trays are required.

Conclusion:

In the calculation with the constant equilibrium line, and in the computer sim-
ulation with variable K values, six theoretical stages for the absorption of the

ethanol are required.
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From the Fig. 8.17a, b it can be seen that the equilibrium constant on the
different trays changes because the temperature and the concentrations of the
ethanol in the liquid phase vary.

The vapour pressure increases with rising temperature. This causes the K value
to rise.

With decreasing ethanol concentration in the liquid phase the activity coefficient
rises.

8.10.2 Design of a Desorption/Stripper Column

1. Collection of data for the problem: liquid rates, inlet loadings and outlet load-
ings, and stripping medium (Fig. 8.18).
2. Determination of the equilibrium equation.

pi _xxpoi  H  yxpexx
kx ="

y=Kx*xx= = = —
Piot Py Piot Piot

3. Determination of the maximum gas composition y* from the stripping gas in the
equilibrium to the stripping gas entering the loaded washing liquid.

*
Vius = m * xin (Molfr.) Y Yout

oulzl_ *

(kmol /kmol)

4. Determination of the minimum stripping gas rate Gp;p.

Xin — X,
G = L# 32—

out

(kmol/h)

5. Checking the cooling by evaporation.

Ar— Q (kJ/h)
L (kg/h) * ¢ (kJ/kgK)

(°C)
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6. Calculation of the required transfer units NTUqy, or theoretical trays NT, for a
linear equilibrium line with a constant K value.

NTUq, — In[(1 —1/S)«*M+1/S5] v = Jin — Yin/m
l—l/S xout_yin/m
lg[(1 —1 M+1
r = Bl = 1/S) <M+ 1/S] S=mi-
Ig S L

Calculation of NTUq;, with a logarithmic concentration gradient:

Xout — Xin
NTUgq, = -2 0
Axln
Axp. — (xin - x?n) - (xOU'f B x:;ut)
n = (xm —x )
ln N m/
xoul*x:;ul)

Note:

When stripping water soluble solvents out of water with steam the equilibrium
constant K changes with the concentration and the temperature because the vapour
pressure and activity coefficient change.

Loaded stripping gas

Stripping
medium:

air or T\ 7 FCh
steam \ }

[
i
6 Steam
m.
|
}
®

Purified liquid
(&

Fig. 8.18 Flow diagram of a stripping column
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Example 8.10.2.1: Desorption of hexane from wash oil with steam

1. Data for the design

Inlet conditions : 6728 kg oil (M = 360) with 223 kg hexane (M = 86)

Bi, = 0.033 kg hexane/kg oil Xin = 0.1388 kmol hexane /kmol oil

Xin = 0.1218 molfraction hexane in the oil

Outlet conditions : Desorption to 0.1 weight % hexane in the oil (7 kg hexane)
Xout = 0.004 molfraction hexane in the oil

Xout = 0.00402 kmol hexane /kmol oil Bou = 0.00096 kg hexane /kg oil

2. Equilibrium at 120 °C and Pges = 1013 mbar POHexan = 3971 mbar
poi 3971
K = =——=23.093
Pges 1013

3. Maximum stripping gas loading in the equilibrium to the entering loaded oil

Xin = 0.1218  molfr. Viour = 3.93 % 0.1218 = 0.479 molfr.

47
vr =047 (918 kmol/kmol

out 1 —0.479
4. Determine minimum stripping steam rate G, (Vin = 0)

_ 6728 0.1383 —0.00402

i = = 2.74 kmol h =49.4kg/h
Gmin 360 F 09180 74 kmol steam/ 9.4kg/

Chosen:
360 kg/h steam

223 —17
B= 260 = 0.6 kg Hexan/kg Dampf
You = 0.1255 kmol Hexan/kmol Dampf

5. Cooling by evaporation of 216 kg hexane: Q = 216 * 333 = 72,000 kJ/h

72,000

=82l 5.1°C ¢r = 2.1kJ/kg K for washing media

At
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8 Absorption and Stripping Columns

 m=1.88at90°

-

Number of transfer units NTU,|

g
3
&
&
g
g
g

Stripping steam rate (kg/h)

Fig. 8.19 Required transfer units NTUq;, for the desorption of hexane from wash oil to a rest
loading of 100 mg/kg oil as function of the stripping steam rate

6. Calculation of the transfer units NTUqp

1 6728/360 0.1218 — 0
S T 00377 M =-——— 13045
S~ 3.93%360/18 0.004 — 0
In[(1 — 0.2377) % 30.45 +0.2377]
NTUo = —4.14
oL 1—0.2377

With the logarithmic concentration difference:

Xin=0.1218  xou =0.004  yu=0xx", =0 You=0.1255

0.1255 0.1115
w=—-——=~0.1115 = ——— =10.02839
You = 01255 + 1 fin = 7393
(0.1218 — 0.02839) — (0.004 — 0)
Axip = 1 (0-1218—0.02839) = 0.02838
N 10.004-0)
1218 — 0.004
NTUq — 21218 = 0004 g

0.02838

Figure 8.19 shows how the number of required transfer units reduces with
increasing stripping steam rate.
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8.11 Water Purification Air Stripper [13-16]

Air strippers are used for the purification of water contaminated with solvents.
The function of an air stripper for water purification can be seen in Fig. 8.20.
The water polluted with solvents is introduced at the top of the stripping column

and streams through the mass transfer units—trays or packings—from top to

bottom.

The air streaming from bottom to top in the countercurrent direction enters the
column in the bottom and functions as a carrier gas capturing the solvents from the
water.

The recycle air from the adsorber can be used in order to reduce the fresh air
requirement.

The stripping air is cooled down to the wet-bulb temperature as it streams
through the column because the air only carries water up to the saturation limit.
Cooling deteriorates the effectiveness of the stripper since the equilibrium factor
(m) reduces with decreasing temperature.

The stripping air, loaded with solvent that is streaming out on the top of the
column, is subsequently purified in an active carbon adsorber. In an adsorber plant
in which steam is used for the regeneration the condensate which is contaminated
with a solvent is fed back from the regeneration after the decanter for the solvent
separation in the stripping column.

Alternatively, the stripping air, loaded with the solvent, can be purified by
oxidation.

Due to the low solvent compositions in the water the design becomes simple:

. N L
Minimum stripping air rate G, = — Great = 10 * Gin
m

1 Xin 1
——xIn|(1 —-1/S -
1—1/5* 1'1( /)*Xout+s

Minimum transfer units for very large excess air rate

NTUqL =

X1
NTUOL ~ In—
X2

What is important for the required separation effort—number of trays and
stripping air rate—are the equilibrium and the required purification grade R.

_ Xout

R =

Xin

In Fig. 8.21 the number of required theoretical trays for R = 0.0001 is plotted as
a function of the stripping air rate for four solvents with different equilibrium
constants K = m.

From Fig. 8.21 the following relationships can be derived:

The higher the equilibrium constant K, the lower the required separation effort.
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Air

J- - 7 Steam
Polluted water I [ T T e
> O—) o= =0 &
A /_L£ 0
, 4 T
Mot
W S —
PN ~. | Adsorber
- Recycle air : : :
Y

Fresh air ’ T

F XL
i
o

Cleaned water L % Solvent

Fig. 8.20 Air stripper for water containing solvents

For instance, for trichloroethene with K = 650 only 4 theoretical stages and
2000 m>/h of stripping air are needed. For 1,2 dichloromethane with K = 61.2, on
the other hand, you need 10 trays and 5000 m>/h of stripping air.

The design follows for the component with the lowest equilibrium constant K.

If water soluble material is contained in the water, for instance acetone, the
equilibrium seriously deteriorates due to their mutual interaction.

Basically, the required number of theoretical trays reduces with increasing
stripping air rate. After falling below a critical stripping air rate the required number
of trays increases rapidly with the required purification level.

A low stripping air rate, with high solvent concentration, should be preferred in
order to reduce the effort for air purification in the adsorber.

Example 8.11.1: 1000 kg/h water (55.55 kmol/h) with 100 ppm solvent (100 g)
is to be purified to 5 ppm (5 g)

Trichlorethene with m = 650  Dichlormethane with m = 137.6

Gumin = % = 0.085 kmol/h  Gpn = % = 0.403 kmol/h
Gmin: 1.9 IIl?V/h Gmin=9m§,/h

Grea =104 1.9 =19m}/h  Gyeq = 10 %9 =90 m3,/h

Air loading C =9 = 5g/m}, Air loading C =35 = 1.05 g/mj,
NTUOL = ln% =3 NTUOL = lnlsﬂ =3
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Fig. 8.21 Required number
of theoretical trays for the 1 Trichlorethane K =650
stripping of different solvents / 2 1.1 Dichlorethane K =302
from water as a function of 13 - 3 Chloroform K= 188,5
the stn'pping air rate 4 1.2 Dichlorethane K=61.2
12 4
11 4
10 4
Z94
)
-
- 8 -
=
=T
-
=
4 o
3
21 Water rate = 100 t/h at 25 °C
y 4 Purification grade R = 0,0001
0 " 2000 4000 6000 | 8000 10000
Stripping air rate (m*/h)
Calculations for other stripping air rates:
Trichloroethene Dichloromethane
Stripping air NTU C Stripping air NTU C
(my/h) - (2/my) (m/h) - (g/mY)
2.1 11.1 45.5 8.9 22.4 10.6
2.4 7.7 39.7 9.3 15.3 10.2
3.0 5.6 31.5 10 10.6 9.4
4.2 44 224 11.6 7.5 8.2
5.8 3.9 16.4 13.5 6 7
7.7 3.6 12.3 154 5.3 6.2
38.6 3.1 2.5 38.6 3.6 2.5
77.2 3.05 1.2 77.2 32 1.2
Conclusion:

With a larger stripping air rate the required number of separation stages and the
solvent concentration C in the escaping stripping air are reduced.
The number of the required theoretical trays NT for a specific purification level

R is determined as follows:
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Clgfp+ (1 =%/9)]
R Y |
1/R-1
oy

for S # 1 n = Tray efficiency

NT for§ =1

In Fig. 8.22 the required number of theoretical trays for purification level R,
along with the tray efficiency, are plotted as a function of the stripping factor S.

Example 8.11.2: Required number of theoretical trays for stripping out tri-
chloroethene from water at 25 °C Equilibrium constant K = 650

Xin = 100 ppm = 0.0001 molfr. xgy = 0.0l ppm =1 * 10~ ¥ molfr.

L =17.514kmol/h G =47.14kmol/h 5 =0.6
0.01 m G 47.14
R=5=00001  §="""=650%c7=175

~ 1g[1/0.0001 + (1 — 1/0.0001)/1.75]
N 12[0.6 % (1.75 — 1) + 1]
The composition on the individual trays is calculated as follows:

NT

=225

S—1

X, =
Sx[npx(S—1)+1N—

* Xin Xp = Concentration on the tray n

Example 8.11.3: Calculation of the concentration on tray 15

n=1 §=1.75 x; = 100ppm (molar)

B 175 -1
175 % [1% (1.75 = 1) + 1!

Xis = * 100 = 0.0097 ppm (molar) = 1 * 10~® Molftr.

Conversion to weight-ppm:

Xm  Mim 1%10°8 131.4
k = *
1—x, 18 1—1%10"% 18

XGew = =7.3%107% = 0.073 weight ppm

The calculation of the concentration on the last bottom tray is very helpful if
different solvents must be stripped out from the water.

The column is initially designed for the component with the lowest equilibrium
constant K.

For this problem, a certain number NT of theoretical trays for the specific
purification level R, and the stripping factor S, of the component with the lowest
equilibrium value K follow.

Subsequently, the composition of the other components in the bottoms draw
with the given number of theoretical trays NT is determined.
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Fig. 8.22 Required
theoretical stages as a 26
function of the stripping
factor for different purification 24 4 1 R=0.001 #=1
grades R and efficiencies n 2 R=0001 7=05
22 1 3 R=00001 7 =1
E T 4 R=0,0001 7 =0.5
w
= 18
=
= 16
=
=]
2 14
S
L
s 12 —x‘
St
=]
w10 4
3
2
E 8-
z
64" 4
. 2
44w 3
1
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Stripping factor S=K * V/L

8.12 Steam Stripper [17-21]

8.12.1 Process Description

Steam strippers have the advantage that the vapour—solvent mixture exiting at the
top of the column can be condensed.

With the air stripper the exhaust air, containing the solvent, must be purified by
adsorption or burning.

Since a steam stripper operates under atmospheric conditions at 100 °C the
vapour pressure, and thus also the equilibrium constant K, is much higher than with
air stripping at 30 °C.

Due to the mostly high activity coefficients of solvents in water, even relatively
high boiling components such as toluene, xylene, fluorine, and anthracene can be
stripped out.

In Fig. 8.23 a simple steam stripper for a water soluble solvent is shown.

The polluted water is preheated to about 90 °C by heat exchange with the hot
purified water drawn at the bottom and is then fed to the column top.

The steam introduced to the column bottom heats the water, streaming down-
ward from the column top, to 100 °C. The steam which is not used in the column
for heating streams together with the stripped out solvents into the condenser, in
which the mixture is liquified.

The distillate of solvent and water should form two phases.



268 8 Absorption and Stripping Columns

V(:fhng

2z

Stripping steam

Polluted
water
Cleaned water

Fig. 8.23 Flow diagram of a steam stripper

The separation can then occur by decantation.

The large amount of purified water is drawn out from the bottom.

Water soluble solvents should be considered as non-ideal systems.

The vapour-liquid equilibrium is greatly determined by the activity coefficient
which strongly increases with a decreasing concentration of the solvent in water.

The separation behaviour strongly changes on different trays of a column.

In such cases the column design should be carried out with a computer program.

A typical example is an ethyl acetate stripper.

A small amount of ethyl acetate with an almost azeotropic composition is
stripped off from a large amount of water.

Example 8.12.1.1: Steam stripper design for stripping ethyl acetate from
water The mass balance is given in Fig. 8.26.

Chosen: Five theoretical trays for the stripping out of ethyl acetate

Feed: 4000 kg water/h with 0.04 weight% ethyl acetate

Desired purification of water <0.1 kg/h ethyl acetate

Result of the computer simulation:

Tray 1 2 3 4 5
Temperature (°C) 99.6 99.2 94 80.2 74.9

Xethyl acetate (MOIfr) | 0.41%¥107°  [0.68¥10™*  [0.92#107°  |0.57%107> | 0.12%10”"
Vethyl acette (MOl | 0.1%1072 0.17#10"1  |0.186 0.524 0.618
K-value 252 248 202 92 51

From Fig. 8.24 it follows that the equilibrium is non-linear.
Figure 8.25 shows the strong change in the equilibrium constant on the different
trays with different liquid compositions.
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Fig. 8.24 Vapour-liquid 0,7
equilibrium for an ethyl
acetate—water stripper

0,6

0,5

0,4

0,3

0,2

Vapor concentration (molfr. ethyl acetate)

0,1

Fig. 8.25 Equilibrium 300
constants for the ethyl
acetate—water stripper on
different trays
250

150

Equilibrium constant K

100

§0
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0 0,002 0,004 0,006 0,008 0,01 0,012

Liquid concentration (molfr. ethylacetate)

1 2 3 4 5
Tray number
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STREAM feed

KGMOL /HR
1 WATER 213.152
2 ETHYL ACETATE 1.816
214.968
TEMPERATURE  70.0 C
FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 18.61
VOLUME 4.11 CU.M/HR

4.02 CU.M/HR
HEAT CAPACITY 4.1059 KJ/KG-C
SURFACE TENSION 61.38 DYNE/CM

STREAM steam
KGMOL /HR
13.761

1 WATER

TEMPERATURE 150.0 C
FRACTION LIQUID 0.0000
AVERAGE MOL.WT. 18.02
VOLUME 239.62 CU.M/HR
HEAT CAPACITY 2.0674 KJ1/KG-C
THERM.COND 0.02926 WATT/M-C

STREAM bottom

KGMOL /HR
1 WATER 225.792
2 ETHYL ACETATE 0.001
225.793

TEMPERATURE  99.6 C
FRACTION LIQUID 1.0000
AVERAGE MOL.WT. 18.02
VOLUME 4.24 CU.M/HR

4,07 CU.M/HR
HEAT CAPACITY 4.2174 KJ/KG-C
SURFACE TENSION 58.29 DYNE/CM

STREAM top
KGMOL/HR
1 WATER 1.122
2 ETHYL ACETATE 1.815
2.936

TEMPERATURE  74.9 C
FRACTION LIQUID 0.0000
AVERAGE MOL.WT. 61.33
VOLUME 83.38 CU.M/HR
HEAT CAPACITY 1.4808 K1/KG-C
THERM.COND 0.01505 WATT/M-C

8 Absorption and Stripping Columns

MOL FR. KG/HR WT.FR.
0.9916 3840.00 0.9600
0.845€e-02 160.00 0.0400

4000.00
PRESSURE  1.0000 BARA
ENTHALPY  0.322 MMwWATT
SPECIFIC GRAVITY 0.9747 ( 70.0 Q)

0.9972 ( 15.6 C)
VISCOSITY 0.406 CENTIPOISE
THERM.COND 0.61807 WATT/M-C

MOL FR. KG/HR WT.FR.

1.0000 247.91 1.0000
247 .91

PRESSURE 2.000 BARA

ENTHALPY 0.191 MMWATT

DENSITY 1.03461 KG/M3
COMPRESSIBILITY 0.9899

VISCOSITY 0.01442 CENTIPOISE
MOL FR. KG/HR WT.FR.
1.0000 4067.70 1.0000
0.409€e-05 0.08 0.200e-04
4067.79

PRESSURE 1.0000 BARA

ENTHALPY 0.471 MMWATT

SPECIFIC GRAVITY 0.9598 ( 99.6 C)

1.0000 ¢ 15.6 O
VISCOSITY 0.281 CENTIPOISE
THERM.COND 0.67617 WATT/M-C

MOL FR. KG/HR WT.FR.
0.3820 20.21 0.1122
0.6180 159.90 0.8878

180.10
PRESSURE 1.0000 BARA
ENTHALPY 41315.1 wATT
DENSITY 2.160 KG/M3

COMPRESSIBILITY 0.9812
VISCOSITY  0.00975 CENTIPOISE

Fig. 8.26 Mass balance for an ethyl acetate—water stripper
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8.12.2 Steam Stripper for the Stripping Out
of Non-Water-Soluble Components from Water

Figure 8.27 shows the application of a steam stripper with reboiler for stripping out
non-water-soluble chlorinated hydrocarbons from water.

A steam stripper with reboiler has the advantage that the steam condensate does
not make contact with the waste water [23].

In the following text a simplified calculation of the required theoretical trays NT,
and the mass transfer units NTU, for a steam stripper are shown.

For low solubilities of non-water-soluble materials linear equilibrium, and
operating lines, result.

26 kg/h e

A = decanter

C = column

K = condenser

P1 =bottoms pump

P2 = feed pump

P3 = CKW-pump

V = Reboiler

WT = preheater

CKW = chlorinated
hydrocarbons

Hy0 @ 3000 kg
cHW < 0,1 mg/l
bow. 0.5 mg/l

i Rohwasser 0 : 5000 kg/h
A\ w0'c W - 10 kgh

Fig. 8.27 Steam stripper for the stripping out of chlorinated hydrocarbons from water
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1n[;i*(3—1)+1}
out _1
InS

n — Xout 1 _ Xout

Stripping efficiency f = ti

Required theoretical stages NT =

(S#1)

Xin Xin

S [ (5= 1) +1]
Required transfer units NTU = 1" In |+ S

Example 8.12.2.1: Determination of NT and NTU for desorption
S=1.75 xi =xr = 100mol ppm (feed) xou = xs = 1 mol ppm(bottom)

_ In[100/1 % (1.75 — 1) + 1]

NT —1=6.74
In1.75
Xin — Xout Xout 100 — 1 1

=—=1- = =1——=0.99

f Xin Xin 100 100
1.75 100 x0.75+1

T = — l —_— = .

NTU =575~ "{ 1.75 ] 88

Cross-check of the stripping efficiency:

SVt —§ 17577 — 175

= SN+1 _ 1 175774 _1 =099
Xs S—1 1.75 -1
— = = = 0.00999
xp SNt _1 1.7577% -1
Xp_ 1

= = 100
xs  0.00999

Calculation of the tray concentrations from top to bottom:

Tray 1:

S—1 1.75 -1
X1 :WTI*XF :W* 100 = 36.4 ppm
Tray 2:

1.75 -1
Xy = W* 100 = 17.2 ppm
Tray 3:

1.75 -1
X3 = 1753+ * 100 = 8.95 ppm
Tray 6.74::

1.75 -1

Xo74 = 175671 ] * 100 = 1 ppm
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Feed = 5,000 kg/h polluted water
Input concentration = 1,900 ppm nitrobenzene
Output concentration = 10 ppm nitrobenzene

Required NTU

500 600 700 800 800 1,000
Stripping steam rate (kg/h)

Fig. 8.28 With increasing stripping steam rate the number of required mass transfer units NTU
for steam stripping falls

028 Stripper for 5,000 kg/h water with
) 1,900 ppm nitrobenzene

Vapour concentration (mol%)
£-3
o

500 600 700 200 200 1,000

Stripping steam rate (kg/h)

Fig. 8.29 The concentration of the organic component in the exiting vapour at the top of the
column decreases with increasing stripping steam rate

In Figs. 8.28 and 8.29 the results of a stripping design for the stripping out of
nitrobenzene from water are given.

Conclusion from Figs. 8.28 and 8.29:

The more stripping steam the fewer separation stages are needed, however, a
larger stripping steam rate reduces the nitrobenzene composition in the distillate
which must lie over the solubility concentration for decanting.

8.12.3 Steam Stripping of Non-Water-Soluble Materials
with Water Phase Reflux

With the steam stripper shown in Fig. 8.30 the decanted water is returned as reflux
into the column.
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Condenser

.@: Cooling water

Reflux

Distillate

Stripping steam

Purified water

Fig. 8.30 Steam stripper for chlorinated hydrocarbons with a water reflux from the decanter

As a consequence of this an improvement in the stripping efficiency is achieved

(see Table 8.2).
Calculation of a steam stripper with reflux and tray efficiency » = 1:

LR Yorg [ Vow 1+ ¢, * (tx — 1)

R, =R
R, +1 r
Xin S 1 S
NTU = In k *
s—1° Lcom TS S
{ f*k*(S 1)]
-1
InS
f _ Xin — Xout —1_ Xout
Xin Xin
Control :
SN+l _ g

S = T s ke (1)
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¢, = specific heat capacity (Wh/kg K)

R = reflux ratio = reflux flow rate/distillate flow

R, = actual reflux flow rate considering the subcooled reflux

f = stripping efficiency

r = evaporation heat (Wh/kg)

S = Stripping factor = m*G/L

tx = top temperature (°C)

tg = reflux temperature (°C)

X = composition of the organic component in the water inlet (ppm)
Xout = composition of the organic component in the water outlet (ppm)
Yorg = activity coefficient of the organic phase in the organic phase (y = 1)
Yow = activity coefficient of the organic phase in water (y high)

Example 8.12.2: Steam stripper with and without reflux

§S=1.6585 R,=10 Xin = 200 ppm Xout = 1 ppm
Yorg = 1 Yow =300 m =16.6at100°C

1+ 10 1/300

With reflux R =10 & = = —0.0939
200 — 1
- —0.995
=20
1.6585  [200 0.6585 0.6585
NTU = —22% 4 1n |22 £ 0.0939 % 22 1 140,093 =53
0.6585 n{ p H0-0939 % esgs T 009 9*1.6585} ?
0.995%0.0939x%(1.6585—1
- ln[1.6585 n 930+(1. q e
- In 1.6585 o
Without reflux R=0 k=1
16585 [200 % 1 % 0.6585 0.6585
NTU = I 1 ~11.06
0.6585 " n{ I+16585 L TMF 1.6585}
1n[(200/1) * (1.6585 — 1) + 1]
NT = —1=2866
In 1.6585

Table 8.2 Stripping efficiency of different components with and without reflux

Component Equilibrium constant K Stripping efficienty (%)

R=0 R=10

S =0.05 S=0.1 S =0.05 S=0.1
Toluene 1133 99.99 100 100 100
Xylene 1202 99.99 100 100 100
Fluorene 49.3 96.02 99.35 100 100
Nitrobenzene 16.6 67.64 39.99 95.76 100
Anthracene 15 63.40 87.69 95 100
Phenol 2.03 10.14 20.16 49.67 68.83

S Specific stripping steam rate (kg Steam/kg water)
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Fig. 8.31 Steam stripper with rectification section and reflux

In Table 8.2 the calculation results for the different components with reflux
(R = 10) and without reflux (R = 0) are listed for different specific stripping steam
rates S in kg steam/kg waste water.

Conclusion:

The more volatile toluene and xylene can be easily stripped out.

With higher boiling nitrobenzene and anthracene more steam and reflux is
required.

A larger specific stripping steam rate S improves the stripping efficiency,
however, this is at the expense of a higher steam requirement.

A more effective separation of the organic components can be achieved using a
fractionator on top of the stripping section of the column as shown in Fig. 8.31.

In the fractionation section the organic components are gathered and the polluted
distillate is reduced. The considerably lower liquid rate in the fractionation section
of the column has to be considered in the fluid dynamic design.

The separation of the organic components works best if in the stripped out
distillate the solubility limit of the organic phase is exceeded and two phases form
in the decanter (Fig. 8.32).

The decanted organic phase is drawn out as distillate.

The overdistilled water with the solvable solvent goes back to the stripper and is
drawn out from the bottom of the column after cleaning.

The operation is shown in Fig. 8.32.

The decanter design is covered in Chap. 7.
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Fig. 8.32 Steam stripper with solvent recovery by phase separation

Example 8.12.3: Steam stripper with a decanter for the separation of
nitrobenzene from water

Data for nitrobenzene : M = 123  Solubility in water = 1.900 ppm

Activity coefficient at infinite dilution v, = 621

Vapour pressure at 100°C : Py = 27 mbar Boiling point Kp = 210.9 °C
Equilibrium constant K = 16.6 = y/x at 100°C

Inlet concentration x;;, = 1.460 ppm Required outlet concentration xo, = 1 ppm
Liquid flow L = 6.000kg/h = 277.8 kmol/h

Stripping steam flow G = 400 kg/h = 38.9 kmol /h

Absorptive inlet = 6.000 * 1.460 + 10° = 8.76 kg/h ~ distillate flow

1 400
=1-——=0. R~— ~45.
! 1460 0.9993 8.76 36

R, = 45.6 % H_W

Reflux rate Ryy = R, * D = 60.8 x 8.76 = 532.6 kg/h

=45.6+1.33=60.8
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Vapor rate G = (R, +1) * D = 61.8 x8.76 = 541.4 kg/h
L = 6000 + 532.6 = 6532.6 kg/h

541.4
S=16.6 «——=1.376
" 6532.6
1+60.8 % i
=—==0.0177
60.8+1
nl1.376 + 0.9993*(;,2)7;;%.37671)
NT = ‘ —1=748-1=6.48
In1.376
Cross-check calculation of f:
SNFL_§ 1.37674 — 1.376
f= = =0.9993
SNHL—S—kx(1—S) 137674 —1.376 — 0.0177 * (1 — 1.376)
Top concentration of nitrobenzene yg
 Xein ¥ F — B*xas 1460 % 6000 — 6532.6 % 1 8753467 16168 porm
K= G - 5414 T sal4 PP
f*F*Xein  0.9993 % 6000 % 1460
= xg = = = 16168
VK=K G 5414 PP

The nitrobenzene concentration in the overdistilled mixture of water and
nitrobenzene lies clearly over the solubility limit of 1900 ppm.

Two phases form in the decanter.

If the solubility limit is not exceeded in the stripped off distillate, and phase
separation in the decanter is not possible, then the process given in Fig. 8.33 can be
applied.

The steam stripper is equipped with a fractionator at the top and is operated with
reflux in order to enrich the solvent composition in the distillate, up to the point that
the solubility limit in the water phase is exceeded and two phases are formed in the
decanter.

The solvent can be drawn off.

Example 8.12.4: Water with 100 ppm nitrobenzene must be stripped down to a
residual content of 1 ppm. At a specific stripping steam use of 0.1 kg steam/kg
water the nitrobenzene concentration in the distillate is 1000 ppm The solu-
bility limit lies at 1900 ppm and a phase separation is therefore not possible.

With two rectification trays the composition can be increased to over 6000 ppm,
so that the solubility limit is exceeded and two phases form in the decanter.

For the recovery or the draw out of the solvent it is advantageous to operate the
phase separation in the decanter at low temperature because the solubility of the
organic solvents mostly increases with rising temperature.

The used stripping steam rate for the stripping out of the solvent should be
minimized.
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Fig. 8.33 Steam stripper with fractionator at the top and a decanter

A large amount of stripping steam dilutes the distillate drawn off from the top
and thus lowers the effectivity of the pollutant removal by decantation because the
dissolved part in the water goes back into the stripper.

Regarding the column design a lower liquid loading in the fractionation section
is to be considered.

The diameter in the fractionation section must be reduced (Fig. 8.34) or packing
cross-flow trays need to be used in the rectification section.

The control scheme for a waste water column is shown in Fig. 8.35.

8.13 Comparison of Air and Steam Strippers

Advantages of an air stripper:

For the stripping out only electricity is necessary for the functioning of the air
blower.

No lime precipitation by heating.

Cheap and corrosion resistant material.

Disadvantages of an air stripper:

The exiting solvent—air mixture is not condensable.

Due to the low equilibrium factor K the degree of purification is worse.

With high boiling components large amounts of air are required (see Fig. 8.36).

Post-cleaning of the exiting air by adsorption or burning.
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Fig. 8.34 Packing—steam stripper with a tray column as a fractionating extension
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Fig. 8.35 Control scheme of a waste water stripper with a fractionator extension

Due to steam desorption of the adsorber new pollutant mixtures are generated.

The high moisture content and the low solvent composition in the stripping air
disturb the adsorption and make the burning more expensive.

Advantages of a steam stripper:

Higher equilibrium factor m at 100 °C in the column = less stripping gas
(Fig. 8.36).

Adequate for high boiling components due to the high activity coefficient.
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Fig. 8.36 Required transfer Units NTU as a function of the stripping gas rate for the lowering of
the nitrobenzene concentration in water from 1900 to 10 ppm

The solvent—vapour mixture is condensable so that no extensive post-cleaning
by adsorption or burning is necessary.

With a decanter, solvent discharge is very easy.

Using fractionation extension and reflux the degree of purification can be
optimized.

Disadvantages of a steam stripper:

No linear equilibrium in water soluble solvents.

Steam and cooling water required.

Calcifications and salt precipitations possible.

8.14 Ammonia Stripper

An ammonia stripper is a column in which the water, fed to the column at the top,
flows downwards with the free ammonia being stripped out with steam in a
countercurrent fashion.

The purified water is drawn from the bottom of the column, having come from
the top—an ammonia—water concentrate.

Since only the strippable ammonia, i.e., free molecular ammonia but not the
ionogene chemically bound ammonia, can be drawn out of the water by steam
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stripping the water must be brought to a pH value of 10.4—11 before entering the
steam stripper.

Due to the temperature increase the dissociation equilibrium is additionally
shifted to the free NH3. The increase in pH value occurs with the use of caustic soda
or lime milk.

The caustic soda changes the pH value very quickly so that an inline mixer can
be used. In using lime milk a longer residence time is necessary due to the low
reaction velocity. The alcalizing solid materials, which should be removed before
entering the column, can be precipitated.

The flow diagram of an ammonia stripper with a rectification section is given in
Fig. 8.37.

The plant operates at atmospheric pressure. The water, containing ammonia from
the vessel B1, is preheated with the run-off hot water in the heat exchanger WT1;
alkalized by the addition of caustic soda; and then fed into the column K between
the stripping and rectification sections.

Cooling water

o Distfillate
with 25 % NH,
Rectification
> section
NaOH
B2 K
@ éﬂ M1 Stripping section
P2
Feed i
B1
P1 Stripping steam
£y [
\Z
:
-[ WT1 P2
Water with
20 mg/l NH,

Fig. 8.37 Flow diagram of an ammonia stripper
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In the stripping section the NHj concentration is lowered according to the
required purity specification, for instance from 1.5 g/l in the inlet to 20 mg/I in the
water outlet.

The stripping section therefore is used for water purification.

In the upper rectification section a rising of the ammonia concentration occurs,
for instance from 1.5 g/l to of 25% ammonia water which can be used for the
denitrification of flue gases.

The stripping steam supply can be directly fed as steam into the column or occur
indirectly by stripping steam generation in a reboiler. Since the evaporator becomes
blocked over time, by calcification and fouling, a direct steam supply is more
reliable. The condenser for the water vapour containing 25% ammonia and 75%
water must be configured as an integral condenser.

In a differential condenser the ammonia is strongly enriched and is therefore no
longer condensable with cooling water.

Ammonia stripper design

The required theoretical number of trays for water purification can be graphically
determined.

This is shown in Fig. 8.38a, b for two different stripping steam rates.

LY — SRS 0.014 | — L
(a) (b)
0.012 | 0012 -
~
= g
S om s am
g 2
= = e .
& E Equilibrium line
S Equilibrium line =
E  ooce = ome "
E £
= £
bl A
=) =
= 0,006 o 0,006 |
v <9
g ]
5 S
N =
= =
2 o004 - g 0004 |
= =
3 >
" Operating line
0.002 | B~ A 002 1 for L’V =8.34
| Operating line
| for L/V =5.56
0 —~ o — i
0 00002 0.0004 0.0006 0.0008 0.001 ] 0.0002 0.0004 0.0006 0.0008 0.001
Liquid concentration (molfraction) Liquid concentration (molfraction)

Fig. 8.38 Mcabe-Thiele diagram for the determination of the theoretical number of trays for an
ammonia stripper with different stripping steam rates
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Example 8.14.1: Determination of the number of trays needed for an ammonia
stripper using graphical and calculation methods Water inlet flow
L = 10,000 kg/h = 555.55 kmol/h

Inlet concentration: 0.001 molfr. NH;

Outlet concentration: 0.00005 molfr. NH;

(a) Stripping steam flow: 1800 kg/h = 100 kmol/h

Graphical determination of number of theoretical trays with Fig. 8.38a:

L 555.55
V= 100 5.56 Required theoretical stages ny = 2.9
Determination of the number of theoretical trays by calculation:
100
S=13 =234
*555.55
NT — In [200L + (2.34 — 1) + 1] 1—19
In2.34 '

With a stripping steam rate of 1800 kg/h = 100 kmol/h you need 2.9 theo-
retical trays.

(b) Stripping steam flow: 1200 kg/h steam = 66.66 kmol/h

Graphical determination of the number of theoretical trays with Fig. 8.38b:

L 55555
V= 6666 8.34 Required theoretical stages ny = 4.6

Determination of the number of theoretical trays by calculation:

Vv 66.66

= —=1 — = 1.
S m*L 3*555'55 56
mfEesonH] g ese- D1
NT = 1= 1=4.6
InS In1.56

For a stripping steam flow of 1200 kg/h = 66.66 kmol/h you need 4.6 theo-
retical trays.

The calculated results are largely consistent with the graphical determination of
the number of trays in Fig. 8.38a, b.

Figure 8.39 shows the optimization possibilities for ammonia strippers.

At low inlet compositions of 1-1.5 g/l NH; it is energetically unfavorable to
purify the water in a column to 20-50 mg/I and to produce 25% ammonia water at
the same time (Fig. 8.39a with 450 kg/h steam).

In such cases it is more sensible to install two columns in series.
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Fig. 8.39 Optimization possibilities for ammonia strippers

The first column is used as a stripper and produces 1% NH; water as distillate
which is enriched in the second column to 25% NH; (Fig. 8.39b with 400 kg/h
steam).

In Fig. 8.39¢ heating steam is saved by a vapour recompression process.

Because the vapour exiting at the top of the column contains only a little
ammonia, this water vapour can be used as heating steam in the reboiler of the
column after mechanical compression in order to produce stripping steam. The
required energy for this process is 100 kg/h steam and 16 kWh electricity.
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Fig. 8.40 Ammonia stripper for 99.5% NH;

Figure 8.40 shows a flow diagram of a plant used for the production of 99.5%
NH;.

In the first column the ammonia is driven out of the water at atmospheric
pressure, for instance from 1.4 g/l to 20 mg/l, producing a distillate of ammonia—
water.

The second column, used for enrichment to a highly concentrated ammonia,
must be operated under a pressure of 15-16 bar in order to condense the gaseous
ammonia with cooling water.

8.15 Sour Gas Stripper [22]

Sour gas strippers are used in refineries and petrochemical plants for the removal of
hydrogen sulfide and ammonia from wash waters of plants in which products are
treated with hydrogen, for instance for cracking or desulfurising (Fig. 8.41).

In addition, in coking plants the wash water from the gas wash in sour gas
strippers must be freed from H,S and NHj3

The stripped out gases are burned in a furnace

For the design of such a stripper the so-called “sour gas equilibrium model” is
used.
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Fig. 8.41 Sour gas washer and stripper in a coking plant

Figure 8.42 shows the flow diagram of a simple conventional sour gas stripper
utilising direct-steam feed-in.

The sour water is fed in at the top of the column. The water is warmed up using
stripping steam entering the bottom of the column and strips out the pollution
components H,S and NHs.

The vapours exiting the column top—consisting of water vapour, hydrogen
sulfide, and ammonia—proceed to thermal afterburning.

The simple process shown in Fig. 8.42 has the following disadvantages:

. A high heating steam requirement for the heating the sour water.

. Using direct-steam feed-in the waste water rate increases.

3. Because the stripping steam is not condensed out a large gas flow with much
water vapour streams into the TNV. This places strain on the thermal after-
burning and expends fuel.

DN =
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Fig. 8.42 Simple sour gas stripper

An optimized process for sour gas stripping is shown in Fig. 8.43 [22].

Advantages:

The feed is preheated with purified hot water drawn from the bottoms of the
column in order to save heating steam.

The stripping steam is generated indirectly in a reboiler with steam heating so
that the waste water flow rate is not increased by the condensed stripping steam.

The stripping steam exiting at the top of the column is largely condensed in an
air-cooled partial condenser so that the amount of gas that goes to the TNV is
reduced by a factor of 10.

A lot of fuel is saved for heating the waste steam from 100 to 800 °C.

The water condensed out of the partial condenser is separated from the gas in a
phase separator and goes back to the feed drum.
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Fig. 8.43 Optimized sour gas stripper

The following results table for a design illuminates the advantage of such an
optimized process:

Feed: 2000 kg/h sour water with 5 kg/h H,S and 6 kg/h NH;

Simple direct steam stripper with feed preheating:

Stripping steam flow: 400 kg/h

Waste water: 2121 kg/h water with 5.6 ppm H,S and 78.2 ppm NH;

Flue gas to the TNV: 413 m*/h: 277.7 kg/h H,O + 4.99 kg/h H,S + 5.93 kg/h
NH;

Optimized process with a reboiler and a partial condenser:

Heating steam flow: 400 kg/h

Waste water: 1977 kg/h water with 4 ppm H,S and 69 ppm NH;

Flue gas to the TNV: 45 m*/h: 22.9 kg/h H,O + 4.98 kg/h H,S + 5.77 kg/h
NH;

Due to the somewhat complicated equilibrium of H,O— H,S— NHj the design is
mostly carried out via computer.

Figure 8.44 shows the result of a computer calculation with the curves of the
concentration in the column.
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Fig. 8.44 Curve of the 1500

concentration of hydrogen

sulfide and ammonia on the 1400

column trays from top to 1300

bottom e
1200 +—

1100

1000

Liquid concentration on the trays mol-ppm)

-5¥8888388

Tray number from top

|4~ H28 ~8=NH3 |

In the highly diluted region the calculation can be carried out approximately
using the equilibrium constants for H,S and NH; in water.

Example 8.15.1: Calculation of the required theoretical trays for a sour gas
stripper

L = 127.4kmol/h V =22.2kmol/h
Xin = 1.318 ppm H,S  xou = 2ppmH,S X3, = 3.600 ppm NH3 X0y = 40 ppm NH;3

v 22

ln{%*(S*I)H} [ (279 — 1) +1
NT = L _p o In[5R( )41 Sg9

InS In2.79
22
NHy: S=12%—22-=20
300 S 1274 0

In[3% 4 (200 — 1)+ 1

N - L ( ) BN

In2.09
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Figure 8.45 shows an arrangement sketch for a sour gas stripper with a reboiler,
air-cooled partial condenser, phase separator, and feed preheater.
Figure 8.46 shows the bidding request sketch for the column with a reboiler.
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Fig. 8.45 Arrangement sketch for a sour gas stripper
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Fig. 8.46 Bidding request sketch for a column with a reboiler for a sour gas stripper
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Chapter 9
Fluid Dynamic Dimensioning of Trays
and Tray Efficiency

9.1 Fluid Dynamic Design Criteria

In the cross-stream trays the liquid flows horizontally over the tray and the vapour
flows vertically from the bottom to the top through the horizontally streaming
liquid.

In order to improve the contact between vapour and liquid, and to increase the
flexibility of the columns, sieve, valve, tunnel, or bubble cap trays are used.

The different types of trays are shown in the Figs. (9.1, 9.2, 9.3 and 9.4) [7].

In the fluid dynamic design the maximum allowable vapour loading and liquid
loading of the column is determined.

The vapour velocity should be chosen such that only a few droplets are entrained
to the next higher tray. A high droplet entrainment deteriorates the separation effect
and increases the flooding risk.

A high vapour flow velocity increases the pressure loss so that the boiling
temperatures in the bottoms are elevated.

A leaking at too low vapour flow velocity must be avoided because this reduces
the tray efficiency.

The down-flow velocity of the liquid in the downcomer to the tray below should
be low enough that sufficient residence time is available for the outgassing of the
liquid. and a flooding by the liquid buildup in the downcomer is avoided.

To check the design the pressure drops in the rectification section and the
stripping section are calculated because the vapour and liquid loadings are often
very different in the rectification and the stripping sections of the column, especially
in vacuum columns.

High vapour velocities in the risers of the bubble cap trays, in the holes of the
sieve trays, or in the valves of a valve tray, cause large dry pressure losses.

High liquid heights on the trays due to large submergences, weir heights, and
weir overflow heights cause large wet pressure losses.

© Springer International Publishing AG 2017 295
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Fig. 9.2 Tunnel cap tray column from Hoppe and Mittelstrass [7]
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Fig. 9.3 Sieve tray column from Hoppe and Mittelstrass [7]

Initial design remarks

As a first approach the allowable vapour velocity wp in the column can be deter-
mined using the loading factor F. The F value is dependent on the tray spacing, the
type of tray, and the pressure in the column.

F =wp *x \/py = 1.0 — 1.7 for tray columns

py = vapor density (kg/m’)
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Fig. 9.4 Valve tray column from Hoppe and Mittelstrass [7]

Recommended gas velocity: 80% of the maximum allowable flow velocity
Active area for the vapour flow: 80% of the column cross sectional area
Liquid down-flow cross section: 20% of the column cross sectional area
Free hole area ~ 8-16% of the active cross sectional area for the vapour
Weir height ~ 30-80 mm

Weir overflow height ~ 5-40 mm

Tray spacing ~ 400-600 mm.
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9.1.1 Required Flow Cross Section for the Vapour
Loading [1-7]

The required flow cross section results from the vapour rate and the allowable flow
velocity wp in the column. The flow velocity is dependent on the tray spacing. The
larger the tray spacing the fewer droplets will be entrained to the next tray above.

An increase in the tray spacing also increases the allowable flow velocity of the
vapour.

The maximum allowable flow velocity wp,.x is determined by the gas loading
factor Csg, which is a function of the flow parameter Fyy.

In Figs. 9.5 and 9.6; Tables 9.1 and 9.2 the gas loading factor Csg, according to
different models, is shown as a function of the flow parameter Fy y for different tray
spacings.

Py

L
IIV = — %k
G pl

Csg = f (FLv)

Using the gas loading factor Csg, the maximum allowable flow velocity wiy.x of
the vapour in the column is determined:

—0.2
Wmax = CSB * u * % (m/s)
Py o

o = surface tension (N/m)
G = vapour rate (kg/h)

L = liquid rate (kg/h)

pv = vapour density (kg/m®)
pr. = liquid density (kg/m®)

In practice 80-85% of the maximum flow velocity w,.x is used for the design of
the column as the allowable flow velocity wp for the vapour.

= 0.02\ *?
wp = 0.8 % wpax = 0.8 % Cgp * PrL=Pv * <> (m/s)
Pv o

Py

L
Flow Parameter F1y = — *
G PL

G = gas flow (kg/h)

L = liquid flow (kg/h)

pG = gas density (kg/m’)
pr. = liquid density (kg/m”).
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Fig. 9.5 Gas loading factor Csp according to Ward, Wankat, and Fair as a function of the flow
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9.6 Gas loading factor Csp according to Ward, Wankat, and Fair as a function of the flow

parameter Fyy for a tray spacing of 450 mm
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;l’able 961 Gas l(:ie}ding Tray spacing H (mm)
actors Cgp according to

Kessler and Wankat for 230 305 457 610 914
different tray spacings as a Fyy = 0.05 0.055 0.069 0.088 0.117 0.153

function of the flow parameter  Fyy = 0.10 | 0.05 0.062 [0.078 |0.104 [0.134
Fry Fiyv=02 0.042 0.052 0.064 0.083 0.106
Fiv=03 0.037 |0.046 |0.054 |0.07 0.088
Fiv=04 0.033 |0.041 |0.048 |0.061 |0.076
Fiv=05 0.03 0.037 0.043 0.054 0.067
Fiv=0.6 0.027 0.034 0.039 0.048 0.060
Fiyv=0.7 0.025 [0.032 |0.036 |0.044 |0.054
Fiv=038 0.024 [0.029 [0.033 |0.04 0.049
Fiv =09 0.022 0.028 0.031 0.037 0.045

Table 9.2 Gas loading H = 457 mm H = 610 mm

factors Csp according to . -
Ward, Kessler and Wankat, Ward | Kessler | Fair Ward | Kessler | Fair

and fair for different tray FLy =005 [0.098 [0.088 008 |0.122 [0.117 |0.111
spacings and flow parameters  Fry = 0.10 |0.095 |0.078 0.076 [0.117 |0.104 0.101
Fy=02 0.086 |0.064 0.064 | 0.104 |0.083 0.085
Fiy=03 0.075 |0.054 0.055 |0.089 |0.07 0.073
Fiv=05 0.057 |0.043 0.046 | 0.066 |0.054 0.055
Fiv=0.6 0.050 |0.039 0.040 | 0.057 |0.048 0.049
Fiyv=07 0.044 |0.036 0.037 | 0.051 |0.044 0.046
Fy=10 0.033 | 0.029 0.029 |0.037 |0.035 0.037

Example 9.1.1: Determination of the allowable vapour flow velocity wp

Reflux ratio R=4 L/G=4/5=0.38 py = 3.125 kg/m?
pL = 800 kg/m?  Flow parameter Fiy = 0.05 ¢ = 0.05 N/m

From Fig. 9.6, for a tray spacing H = 450 mm, the gas loading factors Csp are

taken for the flow parameter Fiy = 0.05.
According to Fair: Csg = 0.082

= 0.02\
WD:O.8*CSB>(< u* (—)
Pv g

/800 — 3.125 [0.02\ 2

According to Wankat and Kessler: Csg = 0.088

800 — 3.125 /0.02\ 2
=0.8%0.088 %/ — 4 (=Z) =135
o Bt N T (0.05) m/s
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The required column cross section Ap for the vapour flow is calculated for the
vapour flow rate V with an allowable flow velocity wp,.

V(m*/h)

Ap = ——1
® 73600 * wp

(m?)
The column diameter Dk results from the required flow cross section Ap for the

vapour flow rate and the required flow cross section Ap for the liquid (see
Sect. 9.1.3).

Example 9.1.2: Determination of the required column cross section Ap, for the
vapour flow

wp = 1.45 m/s Vapour flow G = 15.000 kg/h py = 3 kg/m’

G/py  15.000/3 1 ,
An = = — = U.
D= 3600smwy 3600 ‘145 006m

For a check of the allowable flow velocity of the vapour in the column the
comparable air velocity wy, can be used.

Most of the tray columns are operated with comparable air velocities of 1.4—
2.5 m/s based on the vapour cross section.

WL = Wp * p—V:wD* p—V:wD*0.9O9*1/pV
pair 1.21

WL

N

wp = 1.1 %

wy, = comparable air velocity (m/s)
pv = vapour density (kg/m®)
Pair = air density = 1.21 kg/m>.

Example 9.1.3: Calculation of the comparable air velocity for wp = 1.45 m/s

Vapor density py = 3.125 kg/m’
wr = wp * 0.909 % /py = 1.45%0.909 * v3.125 = 2.33 m/s

Cross-check:
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Example 9.1.4: Determination of the allowable vapour loading G (kg/h) at
different comparable air velocities wy,

pp = 0.08 kg/m? Ap = 1.77 m> = vapours cross sectional area

wy, = 1.5 m/s for a bubble cap tray

+/0.08
G = 3600 *0.08 x 5.8 1.77 = 2956 kg /h

wr, = 2.5 m/s for a sieve tray

~ V/0.08
G = 3600 % 0.08 9.7 % 1.77 = 4945 kg /h

The comparable air velocity is especially suitable for checking the flow velocity
in the holes of sieve trays.

Due to entrainment the upper comparable air velocity in the hole should be a
maximum of wy, = 16 m/s and because of weeping the lower flow velocity should
be wi, = 8 m/s.

Calculation of the maximum allowable flow velocity wi .« in sieve trays, based
on the active area of the vapour flow [6] for avoiding entrainment is:

0.25

> (Hl/S) Whole max = WK;ax (m/s)

2
W — 2.5 % (w
2

Py

Calculation of the minimum required flow velocity in the hole to avoid weeping
is:

1.25
Wholemin = 1.4 % \/ 0.37 % dyoje * g * (mpfm) (m/s)
\%

¢ = hole fraction of the tray

dyole = hole diameter (m)

o = surface tension (N/m)

Ap = pp — pv = density difference between liquid and vapour.
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Example 9.1.5: Calculation of the maximum and minimum flow velocity
¢ =0.1 dye =20 mm Ap =697 kg/m3 6 =0.03 N/m =30 dyn/cm

0.12 % 0.03 * 697 % 9.81
32

025
WK max = 2.5 * ( ) =1.72m/s

1.72
Whole max = o1 = 17.2 m/s

700 — 3\ 125
Wholemin = 1.4 * \/0.37 % 0.02 % 9.81 * ( 3 ) =113m/s

For other hole sizes (mm): d=20 d=10 d=5 d=2
Wholemin (m/s) 11.3 8 5.7 3.6

Example 9.1.6: Allowable vapour loading G (kg/h) in sieve trays

Vapour density py = 0.188kg/m’
Ap = 3.14 m? = vapour cross section of the column

Sieve tray with 16% free flow area Aj. in the holes
Angle = 0.16 % 3.14 = 0.5 m® = total cross sectional area of the holes

Upper hole velocity wy, = 16 m/s

L1116

wp =
P /0188
G = 3600 * 0.188 * 40.6 * 0.5 = 13739 kg /h

=40.6 m/s

Lower hole velocity w;, = 8 m/s

C 1.1%8

wp =
P /0188
G = 3600 + 0.188 + 20.3 * 0.5 = 6869 kg /h.

=20.3m/s
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9.1.2 Required Downcomer Cross Section
Jor the Liquid [1-7]

The required flow cross section Ag for the outflow of the liquid to the next lower
tray results from the given allowable flow velocity wg in the liquid downcomer
shown in Fig. 9.7.

— Ve 2
= (m
3600 * WEL

Af

016 |

Allowable flow veocity in the downcorner (m/s)

300 400 500 €00 700 800 900 1000

Density difference (kg/m®)
=4=H = 400 mm =l=H = 500 mm =dr=H = §00 mm

Fig. 9.7 Allowable flow velocity in the downcomer as a function of the tray spacing H and the
density difference Ap = pp, — pv for a foaming factor of 1
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Ar = required flow cross section for the liquid outflow (m?)
Vi = liquid loading (m*/h)
wgL, = allowable flow velocity in the downcomer (m/s).

Figure 9.7 shows that the allowable flow velocity in the downcomer increases
with increasing density difference Ap = pp — pv between a gas and a liquid, this is
because both phases separate better at larger density differences.

With foaming media the calculated downcomer velocity wg must be corrected
with a foaming factor.

Wricorr = foaming factor * wg (m/s)

Foaming factor
Non-foaming 1
Moderately foaming (oil absorber, amine + glycol regenerator) 0.8-0.9
Freon 0.9
Strongly foaming (absorber for amine + glycole) 0.7-0.75
Stable foamer 0.2

Alternatively, the allowable flow velocity in the downcomer for a foaming factor
of one can be calculated:

wg = 0.008  \/H * Ap (m/s)

H = tray spacing (m)
Ap = pL = pv (kg/m?).

Example 9.1.2.1: Calculation of the flow velocity in the downcomer
H =04m Ap=600kg/m®> Foaming factor = I
wg = 0.008 * V0.4 x 600 = 0.124 m/s

A larger tray spacing H increases the allowable velocity in the downcomer
because there is more time for the phase separation, in addition, the flooding risk is
reduced.

Checking the residence time for the phase separation in the downcomer.

The liquid Vg streaming out of the downcomer which is saturated with vapour
has a larger volume than the pure liquid Vg, this is because the liquid contains up to
about 60% vapour, i.e., gas.

The liquid flow Vg which is saturated with gas streaming down from the
downcomer is determined as follows:
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Vr

Vg = &
5706

= 1.67 % Vg (m*/h)

The residence time in the downcomer should be about 5 s based on the pure
liquid flow Vg without dissolved gases, or about 3 s based on the foaming gas
containing liquid V.

Example 9.1.2.2: Determination of the required downflow cross section and the
residence times in the downcomer

Ve=10m’/h H =04 m Density difference Ap = 400 kg/m’

From Fig. 9.7 we notice that the allowable flow velocity in the downcomer
WE = 0.101 m/s.
Calculation of the required downflow cross section for the liquid:

10

_ _ 2
= 36000101 02 m

Ar

Calculation of the residence time ¢, for the clear liquid Vg without dissolved

gases:
_ApxH _0.0275%0.4

th = = =3.96
AT TV 10/3600 >

Calculation of the residence time for the gas-saturated liquid Vs:

~0.0275 % 0.4

Vs =167%10=167m>/h 1, = =237
s i m/h i = 57 73600 °

In this case, the downcomer is chosen too small and is enlarged to 0.0413 m?.

After this adjustment the residence time for the clear liquid is 5.94 s and for the
vapour saturated liquid it is 3.6 s.

Normally, 10% of the column cross section is chosen for the liquid outflow and
10% for the liquid feed.

This gives the weir length Ly and the segment height Hg as:

Weir length Lw = 0.7267 * Dg
Segment height Hg = 0.1565 % Dg.

Example 9.1.2.3: Dimensioning of the downcomer, and the weir length Ly and
segment Height Hg for A = 10% of the column cross section

Column diameter Dg = 1m Column cross section Ay = 0.785 m?
Ar = 0.1%0.785 = 0.0785 m*> Ap = A — 2 * Ap = 0.785 — 2 % 0.0785 = 0.628 m®> = 80%
Weir length Ly = 0.7276 x 1 = 0.7276 m  Segment height Hs = 0.157 x 1 = 0.157 m
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Another aspect of the column design is the allowable weir loading Wy,
and the Weir overflow height h,,.
It should be anticipated that Wi, = 0.6 — 15 I/s m and Ay, = 540 mm.

Vi % 1000
= F P 1)
36005 Ly /5™

Ve 23
how = 2.83 % <L—) (mm)

W

L

Vi = liquid flow rate (m*/h)
Ly = weir length (m).

Example 9.1.2.4: Calculation of the weir loading and the weir overflow height

Lw = 03573 m Vg=10m’/h

10 * 1000 I
M =3600=0353 7 (E)

10 2/3

9.1.3 Required Column Diameter Dy

The total column cross sectional area A, results from the assumption that 10% of
the column area for the liquid outflow and the liquid inflow, i.e., in total 20% of the
column cross section for the liquid flow, is as follows:

A
Amt=AD+2*AF=ﬁ (m?)

[4
Column diameter Dg = {/— % A (m)
7

Example 9.1.2.5: Design of a tray

G =15500kg/h =5000m’°/h py =3.1kg/m® H = 045m A= 0.1 x Ay
L =14,000 kg/h =20m*/h = Vg p. =700 kg/m* L/G =0.9 Csg=0.08



9.1 Fluid Dynamic Design Criteria 309

— 700 — 3.1
wp = 0.8 * Csp * pFlpipD (m/s) = 0.8 % 0.08 ”T:O'96 m/s
D .

G(m’*/h 5000
Flow cross section for vapors Ap = 3 6&? */ W?) (m?) = 36007 10— 1.45 m?
Ap, 5 145

Required total flow cross section Ay = 08 (mz) =08 = 1.8 m?

4 4
Required column diameter Dx = {/—* Ages(m) = 4/—* 1.8 =1.5m
T n

Weir length Ly = 0.7267 « Dx = 0.7267 * 1.5 = 1.1 m
Segment height Hs = 0.1565 * Dg = 0.1565 « 1.5 = 0.23 m

Downflow cross section Ay = 0.1 *Ages(mz) =0.1%1.8=0.18 m?

o V(3 /h) % 1000 /1 20 % 1000
Weir loading W, = ——F—— | — | = —~——=5.051
e L = 73600« Ly \sm) 3600+ 1.1 [sm
2/3 2/3
. . Vi 20
Weir overflow height Ay, = 2.83 I (mm) = 2.83 % 1) = 19.6 mm
w .
Vi 20
Flow velocity in the downcomer wg = WZAF (m/s) = 6002018 0.03 m/s
ApxH 0.18 % 0.45
Residence time in the downcomer 75 = VF};;OO (s) = 20/:600 =145s.

9.1.4 Flooding and Weeping in a Tray Column

9.14.1 Flooding of a Column (Fig. 9.8)

If the height of the foaming liquid in the downcomer rises to the next tray above the
flooding of the column begins.
The essential influencing parameters on the flood conditions are:

Weir height hyw: 40-80 mm.

Weir overflow height Agy: 5-40 mm.

Pressure loss at the tray AP: 150-300 mm liquid height or 2—-3 mbar.
Liquid gradient on the tray A: 5-10 mm liquid height.

Pressure loss in the inlet slot for the liquid sp: 2-5 mm liquid height.
Foaming factor @ = 0.5-0.6 = 50-60% foaming proportion in the liquid.
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Fig. 9.8 Flooding of column H, = hy+ h,+ Ap .+ A+ hy (mm liquid height)

frays H,=80+10+ 150 + 0 + 3 =243 mm liquid height
Hypum =H,/ ® =243 /0.6 =486 mm liquid height
Recommended: H=2 * H, =2 * 243 = 486 mm

Chosen: H =500 mm

r Liquid
s I ol e
| A A A
ho 7 apour
// H = tray
Hy | AP, / spacing

]

&\\\\\\%\

A

Figure 9.8 shows how the height of the clear liquid Hp in the downcomer is
calculated and how a determination is made of the tray spacing.
Generally the tray spacing is chosen as H = 2 x Hp.

Hp, = height of the clear liquid in the downcomer.
Hpfoam = height of the foam in the downcomer.

In order to calculate Hy, the pressure loss of the tray APy, and the pressure loss
in the inlet slot hp are needed.

Calculation of the pressure loss in the inlet slot: ip = 140 * w3,

Wsior = flow velocity in the inlet slot (m/s).

Example 9.1.4.1: Determination of the pressure loss in the inlet slot

Lw=06m Hgy= 25mm Agy= Lw * Hgo = 0.015 m> = slot area
Ve =10 m*/h

10
3600 * 0.015
hp = 140 % w2 = 140 % 0.185% = 4.8 mm liquid height.

slot

=0.185m/s

Wslot =
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9.1.4.2 Weeping

If the vapor flow velocity is too low then weeping of the liquid occurs in sieve trays
and valve trays to the next lowest tray.

The tray efficiency falls.

In bubble cap trays with a riser a weeping is not possible.

The required minimum vapor flow velocity in the holes of a sieve tray can be
calculated as follows:

1.25
Whotemin = 1.4 % \/ 0.37 * dhote * g * (pr”V> (m/s)
A%

dyo1e = hole diameter (m)
Ap= pr. — py = density difference between the liquid and the vapour.

Alternatively, a similar minimum comparable air velocity of wi = 8-10 m/s in
the holes can be assumed.

1.1 % "L 8
Wholemin = 1. = .
VOV PV

Example 9.1.4.1: Determination of the minimum flow velocity in the sieve tray

Data : py = 3 kg/m® p; =700 kg/m’ dppe = 8 mm

700 — 3\ 125
Wholemin = 1.4 * \/0.37 * 0.008 * 9.81 * ( 3 ) =72m/s

0
Wholemin = 1.1 * — = 6.35 m/s

V3

The required minimum flow velocity for valve tray columns can be estimated
as follows:
V1 valve = flat valve tray:

Wimin = 0.0167 * HY « L (m/s)
Pv
P ———p —
s, Q L o N
S e R
]
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V4 valve = venturi valve tray:

T
Wanin = 0.0263 % H2O1S s [PL (/)
Pv

Hp = hw + how(mm FS)

Example 9.1.4.2: Determination of the minimum flow velocity in valve trays

Data: py = 3 kg/m® p; =700 kg/m® Hy = 45 mm FS

/700
V1 — valve: wiin = 0.0167 % 45%615 — =26 m/s

700
V4 — valve: wiin = 0.0263 % 45%613 « /T =4.1m/s

Example 9.1.4.3: Checking of a double-flow valve tray with regard to weeping

Column diameter Dg = 4.2 m with ny = 1782 V1 valves with flat arrangement
Weir length: external 2 X 2 = 4 m;in the middle 2 X 3.95 =79 m

Gas flow: G =9.5t/h = 10,275 m*/h  Gas density py = 0.9245 kg/m’
Liquid flow: 40 t/h =40 m*/h p, = 1000 kg/m’

Calculated weir overflow height and weir loadings:

External for Ly = 4 m: |l =129 mm W, =2.71/sm
In the middle for Ly =79 m: hy =83 mm W, =141/sm

Outflow velocity in the downcomer:
In the middle:w = 0.011 m/s External: w = 0.015 m/s

The tray is overdimensioned toward the liquid side.
The normal operating region of a ballast V1 valve is designed for a similar air
volume of 20-60 m’/h.
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Conversion of the vapour volume of G = 10,275 m>/h to a similar air volume VL
gives:

L 121
ny 1782

Gx /2 10275 * , /09245

VL= = 5.04 m’ /h per valve

An airflow of 5.04 m>/h is much too small compared with the required 20 m*/h
comparable air volume per valve!
Calculation of the minimum velocity for vapour in the valve:

_ 0 ' 1000
Wymin = 0.0167 x Hu0 « /ﬁ = 0.0167 % 42.9°615 « ~/0.9245 =55m/s
/ 1000
Alternative calculation: wy p;; = 0.158 * Pu_ 0.158 % {/——— =59 m/s
oy 0.9245

Required vapour flow Vy for a valve with d = 40 mm:

Vv = Wy min * Avendt * 3600 = 5.9 % 0.0013 * 3600 = 26.7 m® /h pro Ventil
Available vapour flow Vy per valve:

10275
W =gy =376 m? /h pro Ventil
Conclusion
The flow cross section for the vapour must be reduced by covering of valves.

9.1.5 Pressure Drop Calculations [1-7]

The pressure loss AP,y in the cross stream trays is subdivided into the dry pressure
loss APy, when flowing through a cap on a bubble cap tray, a hole in a sieve tray,
or a valve on a valve tray, and the liquid pressure loss AP};, from the liquid level on
the tray.

AP, tray — AP dry + AP lig (mm liquid height)

Bubble cap trays [3] Calculation of the dry pressure loss when flowing through
the riser and the cap:
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1% 2
APgy = 2745 K 5 —EY s =274 5 K+ —2Y & (7) (mm liquid)

PL — Pv oL — Pv K

K = pressure drop coefficient
V = vapour loading of the column (m?/s).

The pressure loss coefficient K depends on the quotient ring cross sectional area
between the riser and cap and the riser cross sectional area (K = f (fr/fx))

Jfk = cross sectional area of all risers on the tray (mz)

fxr = ring cross sectional area of all caps on the tray (m?)

wg = flow velocity of the vapour in the riser (m/s)

fi:l = K =0.65 fi:l.S = K =0.55
Jx Jx

The wet pressure loss APj;q on a bubble cap tray results from the open slot height
hg101, the slot seal or submergence hr, the weir overflow height A, and the liquid

gradient AF on the tray from inflow to outflow.
APiiq = hgou + ht + how + AF /2(mm liquid).

ht = slot seal = vertical distance between slot top edge and weir height Ay (mm
liquid)

how = weir overflow height (mm liquid)

AF = liquid gradient on the tray (mm liquid)

hgo = open slot height (mm liquid)

Vinax = maximum allowable vapour loading of the slots (m’/s)
V = actual vapour loading (m?/s)

The maximum allowable vapour loading of the bubble cap slots V.. is deter-
mined as follows:

Vmax = KS * Hslot * PPy * ASlOt (m3/s)
Pv v
Open slot height Ay = v * Hgoy (mm liquid)

max

Agor = slot cross sectional area of all caps (m?)

Hgoq = slot height (mm)

K for triangular slots: 1.2

K rectangular slots: 1.51

K for trapezoidal slots = f (Rg)

Rs = ratio of the upper slot width a to the bottom slot width b

Rs=a/b=6/13.9 = 043 — Kg = 1.38
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Bubble Cup

— 33—

[ 2

4 Prongs

Fig. 9.9 Bubble cup and riser

Example 9.1.5.1: Pressure loss calculation for a bubble cap tray with a
diameter of 1.48 m

Ao =172m> Ap=08%172=137m*> py= 3kg/m’ p =700 kg/m’
R=9 L/G=9/10=09 hr=5mm hy =15mm AF =10 mm

Vapour loading of the column V = 0.8 m’/s
Bubble cap tray with 95 caps according to Fig. 9.9:

16 slots  Slot height Hyoy = 18 mm hw =30 mm K = 0.47

6+13.9

Slot area Ay = 18 %16 %95 % 107 = 0.272 m?

Riser area fx = 0.045 % 0.785 % 95 = 0.151 m?

Vv 0.8
WK_E_W_SSHI/S

3
APgy =274 % K % pL”va *wp = 274 % 0.47 * " 5.32% = 15.6 mm liquid

Py V\? 3 0.8\’ .
APy, =274 x K * ﬁ x| —) =274 %0.47 % 67 * o5l = 15.6 mm liquid
L~ Pv K :
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- 697
Vinax = K * \/Hslm f PPV A = 1385 1/0.018 * #0272 = 0768 m’ /s
Pv

% 0.8
haor = —— % Hyg = —o— % 18 = 18.8 mm
for =y ¥ Hslot = (760 *

APjiq = hgot +hr +how + AF /2 = 18.8 45+ 15+ 10/2 = 43.8 mm liquid
APyay = APgry + APjiq = 15.6 +-43.8 = 59.4 mm liquid height = 4.1 mbar

Example 9.1.5.2: Pressure loss calculation for a bubble cap tray (Fig. 9.10)

Vapour loading V = 0.685 m3/s — Wriger = 4.54 m/s
py =3 kg/m* p_ =700 kg/m® hr=I1mm hy =10mm AF =8 mm
Slot area fyor = 0.272 m? Riser area Jx = 0.151 m?

K =06 Ks=138 AP;q=1+10+8/2 = 15mmliquid height

90 — —T .

APltotal i)

ol ‘ o ‘
70 -
60 -
50 +
40

30

20

Pressure loss per tray (mm liquid height)

10

2 3 4 5 6 7 8
Vapour velocity in the risers (m/s)

Fig. 9.10 Pressure losses in a bubble cap tray as a function of the flow velocity in the risers
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3 0.685\ >
APdry = 274" % 0.6 x @ * (m) = 14.6 mm 11qu1d height

/ 697
Vipax = 1.38 % 4/0.018 % =5 % 0.272 = 0.768 m/s

0.685 o
slot = 5762 * 18 = 16 mm liquid

APyray = 14.6 +16 + 15 = 45.6 mm liquid height

Sieve trays
The total pressure loss consists of the dry pressure loss when flowing through the
holes and the wet pressure loss through the liquid height on the trays.

Calculation of the dry pressure loss:

2
APyy = 4.72 % <W“—‘) «2Y (mmliquid)
sieve PL

The pressure loss coefficient Cg;eye 1S dependent on the hole diameter and the

tray thickness.
Practical calculations can be performed with Cgjeve = 0.2 bis 0.22.

Calculation of the wet pressure loss through the liquid level on the tray:
APjiq = hw + hoy (mm liquid height)
Example 9.1.5.3: Pressure loss calculation for a sieve tray

Whole = 6.85 m/s hw =20 mm  ho, = 4.3mm py = 3 kg/m’
pL = 700 kg/m’?

6.85\> 3 o .
= 19.6 mm liquid APjjq = 20 +4.3 = 24.3 mm liquid

APyy =472+ [ 222) w2
ay =47 *(0.22 700

Total Pressure drop AP,y = 19.6 +24.3 = 43.9 mm liquid = 3.07 mbar

Valve Trays
The total pressure loss consists of the dry pressure loss when streaming through the

holes and the wet pressure loss through the liquid height on the trays.
The dry pressure loss is different for the flat arranged V1 valves and the V4

venturi valves.
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Calculation of the dry pressure loss:

Flat valve: APy, = 224 % w2, * Z—V (mm liquid)
L

Venturi valve: APy = 122 % wi, * il (mm liquid)
p

L
Calculation of the wet pressure loss through the liquid level on the tray:
APiiq = hw + how(mm liquid height)

Example 9.1.5.4: Pressure loss calculation for valve trays
Data used here is the same as in Example 9.1.5.3.

AP]iq =24.3 mm FS

Flat valve: APy, = 224 x 6.85% x 73% = 45 mm liquid
AP,y = 45 +24.3 = 69.3 mm liquid height = 4.8 mbar
Venturi valve: APgy = 122 % 6.85% % 73% = 24.5 mm liquid
AP,y = 24.5424.3 = 48.8 mm liquid height = 3.4 mbar
Example 9.1.5.5: Hydraulic tray design for an atmospheric distillation
Dk=148m Agq=172m> Ap=08%1.72=137m> p, =3kg/m’
pL =700 kg/m* R =9

Ql =
=
+
S

3
Fiv =0.9 % “ﬁ =0.0589 Csg = 0.039
Wmax = 0.039 x \/6;2 =0.59 m/s

Gmax = 0.59 % 1.37 = 0.8 m* /s = 2910 m* /h = 8730 kg/h

Bubble cap tray:;fx = 0.151 m? hr= lmm hy = 12mm A = 4 mm
Sieve tray: hole area fioe = 0.1 m? how = 12 mm  Aw = 30 mm
Valve tray: hole area fho. = 0.15 m? how = 12 mm Ay = 30 mm
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Column velocity wp (m/s) 0.4 0.5 0.6 0.7 0.8
Vapour flow rate (m*/s) 0.548 0.685 0.822 0.959 1.096
Bubble cap tray wyjs; (m/s) 3.6 4.54 5.44 6.35 7.25
Sieve tray wpore (m/s) 5.48 6.85 8.22 9.59 11
Valve tray wyore (m/s) 3.65 4.56 5.48 6.39 7.3

Pressure drop per tray (mbar)

0.4

0.5

0.6

0.7
Vapour velocity in the column (m/s)
-~ Sieve tray =&—bubble cup -®-flat valve —#—Venturi valve

0.8

Fig. 9.11 Pressure loss of sieve, valve, and bubble cap trays as a function of the vapour flow

velocity in the column

The calculated pressure losses are given in Fig. 9.11.

Example 9.1.5.6: Hydraulic tray design for a vacuum column

Dx

pp= 765kg/m* R =3 L/G = 0.75

FLV = 0.75

Wmax = 0.064 x

0.055

——=0.006 Csg = 0.064

765

765 — 0.55
0.055

=7.55m/s*0.85 = 6.4 m/s

Gmax = 6.4 % 1.37 =8.8m’ /s

148m Ay =172m> Ap=08%172=137m*> py = 0.55 kg/m’
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Bubble cap tray : fx = 0.151 m> hr= 1l mm hy =43mm A =6 mm

Sieve tray :  hole area fi o, = 0.164 m? how =4.3mm hw = 20 mm
Valve tray :  hole area fi ocp = 0.15 m? how = 4.3mm hw = 20 mm
Column velocity wp (m/s) 6.42 5.47 4.38 2.9
Vapour flow rate (m*/s) 8.8 7.5 6 4

Bubble cap tray wijse, (m/s) 58.3 49.7 39.7 26.5

Sieve tray wpere (m/s) 53.6 45.7 36.5 24.3

Valve tray wyole (m/s) 44 37.5 30 20

Fig. 9.12 Pressure losses in 55
vacuum distillation with |
different trays as a function of
the vapour loading

Pressure drop per tray (mbar)

! | A | PSP | |
4 5 6 7 8 9

Vapours flow rate (m%s)

=B-Bubble cap =&—Sieve tray
=4—Flat valve =8—Venturi valve

The calculated pressure losses are given in Fig. 9.12.

A complete tray calculation should be performed with a computer program
because the determination of the pressure loss is somewhat tedious.

The suppliers of distillation trays possess such programs.

9.2 Efficiency of Cross Stream Trays

In Chaps. 3, 4, 5, 6, and 8 it was shown how to determine the required number of
theoretical trays Nyeor fOr a given separation.
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For the conversion to the number of the required practical trays Ny, the effi-
ciency Et of the distillation trays is needed.

o Niheor Nineor

E Nopae =
T Nprac prac ET

What are the essential influencing parameters on tray efficiency?

In Fig. 9.13 from Drickamer—Bradford [8] the strong dependence of tray effi-
ciency on the average molar viscosity of the liquid feed product at average column
temperature is shown.

When distilling the viscosities are low and the efficiency is high.

Fig. 9.13 Tray efficiency at 100
an average column
temperature as a function of
the molar average liquid
viscosity according
Drickamer—Bradford [8] 80 |

20 |

70 |

60 |

50

Tray efficiency (%)

40
30

20
10 |

o 02 04 06 08 1 12 14 16 18
Molar average liquid viscosity (mPas)

When absorbing the viscosity is higher and the tray efficiency is lower.

This relationship is also shown in Fig. 9.14 of Lockhart-Legget [8].

The tray efficiency Er is plotted on the ordinate above the product separation factor
o with the viscosity # (mPas) plotted on the abscissa.

The upper line is valid for the distillation and the lower line for the absorption.
On the lower abscissa for the absorption the calculation was performed with a K,
value for the high boiling washing fluid of K, = 0.1.
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Fig. 9.14 Tray efficiency Ep as a function of o * n according Lockhart-Legget [8]

Example 9.2.1: Determination of the tray efficiency from Fig. 9.14
Distillation: « = 1.2 #=02mPa ax*xy=12%x02=024 Er=70%
Absorption: oc:%:(%:%:5 n=2mPas axy=10 Er=30%
The tray efficiency is largely dependent on the dynamic viscosity n and the
relative volatility o according to the measurement of Drickamer—Bradford und
O’Connel.
The efficiency reduces with increasing separation factor because a larger material

quantity, due to the equilibrium, has to be transferred.
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The calculated tray efficiencies, as function of the product of the separation
factor * viscosity, using the approximation equations of O’Connel and Kessler and
Wankat, are given in Fig. 9.15.

Approximation equation according to O’Connel [1]:

Er = 0.492 % (5 % o)) "
Approximation equation according to Kessler and Wankat [2]:

Er = 0.52782 — 0.27511 % 1g(a i) + 0.0449 % (1g ot 1)

The mass transport from gas to liquid phase, and vice versa, occurs by diffusion,
e.g., in the gas phase up to the interface and further in the liquid phase.

During absorption, the mass transport occurs mainly from the gas to the liquid
phase.

When distilling, transport from the gas phase into the liquid phase, and from the
liquid phase into the gas phase, occurs at the same time.

The transport rate is dependent on:

(a) the interface or contact area;
(b) the turbulence of both phases; and
(c) the physical properties of viscosity, surface tension, and volatility.

With specifically chosen column internals—trays and packings—the contact
area and the turbulence can be improved.

An alternative method for the determination of the tray efficiency in the distil-
lation was suggested by Bakowski [9-11] (Fig. 9.16).

0.9 ==
S ——
0.75 \\\ E

0.65 \.\
—3

0.6
60 80 100 120 140 160 180 200
Equilibrium constant K x Mol weight M

~+=h=8cm, T=373K -~h=5cm, T=373K =&~h=8cm, T=423 K

>

v

Tray efficiency (fraction)

Fig. 9.16 Tray efficiency in distillation as a function of K * M
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ET = 1+ 3.7xKxM

hxpxT

K = y/x = equilibrium constant

M = mol weight

h = liquid height (cm)

T = average column temperature (°K)
p = liquid density (g/cm’)

With increasing mole weight the tray efficiency drops.

Larger molecules are more viscous and diffuse more slowly.

With a lowering liquid height on the tray the efficiency falls because less liquid
is available for mass transfer.

With increasing temperature the tray efficiency increases because the viscosity
reduces and the diffusion rate increases.

Within the column the efficiency changes because the vapour rates and liquid
rates change.

With an increasing V/L ratio the column efficiency increases.

For multi-component mixtures the efficiency is different for different components.

The column efficiency Ec,, is determined from the tray efficiency Er for a linear
operating line as follows:

i + e+ (5%~ 1)
A

K = y/x = equilibrium constant

L = liquid loading (kmol/h)
V = vapour loading (kmol/h)

From Fig. 9.17 it can be seen that the effective column efficiency Ec,, at V/L ratios
>1 is larger than the tray efficiency Et while at a V/L ratio <1 is less than the tray
efficiency.

Furthermore, it can be recognized that the light boiling components with higher
K values have a better efficiency.

In the rectification section of the column with V/L > 1 the efficiency is better

than Ey.
In the stripping section with V/L < 1 the column efficiency is worse than the tray

efficiency Er.
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Fig. 9.17 Column efficiency for a tray efficiency Er = 0.7 for different equilibrium factors as a
function of the V/L ratio

Practical experience gained whilst designing distillation plants for aliphatics, ole-
fins, paraffin hydrocarbons, aromatics, amines, methanol, isopropanol, nitrotoluene,
nitrodichlorbenzene, fatty acid, methyl ester, and fatty alcohols the authors consider a
VIL ratio of one is on the safe side with a column efficiency of 70-80% when distilling.

The required separation tasks were always achieved.

Often better product qualities were achieved.

The methods shown for the determination of tray efficiency are only valid for a
hydraulically well-designed tray without entrainment of droplets at too high vapour
velocities or weeping of liquid at too low vapour loadings.

The deterioration of the tray efficiency by entrainment at low tray spacings and
high vapour velocities is calculated as follows:

1
E =Fr*———
Tcorr T 147 ET
. L
r = Entrainment rate = —

AL = entrained liquid rate (kg/h)
L = total flow rate (kg/h)

Example 9.2.2: Deterioration of tray efficiency by entrainment

Er =07 r =0.1

ETcorr =07 0.65

X ———
1+0.1x0.7

Tray efficiency deteriorates by the entrainment rate » = 0.1 from 0.7 to 0.65.
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Example 9.2.3: Calculation of tray efficiency Et for a = 1.2 and # = 0.15 mPa

Acc. O’Connel  Er = 0.492 (1.2 % 0.15)"%*%=0.749
Acc. Wankat/Kessler

Er = 0.52782 — 0.27511 * 1g(1.2 % 0.15) +0.0449 * (Ig(1.2 % 0.15))*= 0.758

Example 9.2.4: Conversion from theoretical to practical trays
K=12 M=100 h =5cm T =120°C=393°K p=0.7 g/cm’
Number of theoretical trays Nyeor = 25

1 1

- 3K 3.7+1.2%100
1+ hxpxT 1+ 5%0.7%393
Ntheor o 25

Er  0.755

= 0.755

Er

= 33.

N prac —
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Chapter 10

Fluid Dynamic Design of Random
Packings and Structured Packings

and the Determination of the HTU/HETP
Values

In random packing and structured packing columns the material exchange occurs
between the upwards streaming gas or vapour and the downwards streaming liquid
in a countercurrent system.
Allowable vapour and liquid loadings and pressure losses have to be determined.
Moreover, it is important to be able to determine which packing height, for a
calculated number of transfer units NTU or theoretical stages NT, is required.

10.1 Random Packed Columns

The most important parameters for this design are listed here:

HTU value = required packing height for a mass transfer unit NTU

HETP value = required packing height for a theoretical stage NT

Flooding factor = percentage capacity utilization

Pressure loss of vapour or gas when streaming through the column (mbar/m
packing)

Required minimum sprinkling rate (m*/m?h)

Miscellaneous: support grids, distributors, collectors, and installability.

Design guidelines for random packed columns

Ratio of column diameter/packing diameter ~ 10 : 1

Gas loading factor F = w* \/p =2 — 2.5

w = gases flow velocity (m/s)

p = gas density (kg/m®)

Liquid loading: 4-80 m*/m? h

Recommended redistribution after 4-m packing height

Free-stream cross section of the distributor: >50% of the column cross section

© Springer International Publishing AG 2017 329
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DOI 10.1007/978-3-319-51688-2_10
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Free-stream cross section of the support grid: 80% of the column cross section
Pressure loss ~ 1-4 mbar/m, depending on the loading and type of packing.

A good liquid distribution is very important for efficiency [1]:

The authors recommend 100200 feeding points per m* with a uniform distri-
bution over the entire column cross section. The number of required droplet points
increases with increasing specific surface area of packing.

A good gas distribution at the inlet to the column improves effectiveness.

For a uniform gas distribution over the column cross section a minimum pres-
sure loss is required.

By installing modern high-performance packings in technical columns the fol-
lowing advantages are achievable:

High separation efficiency
Lower pressure loss
High throughput performance

The requirement in order to gain these advantages is a uniform gas and liquid
distribution in the column.

Specifically, you do not want large bottlenecks to occur at support grids or liquid
distributors for gas streaming (Fig. 10.1).

Dimensioning of a liquid distributor with the equation for the gravity outflow
is as follows

Liquid throughput V1,

Vi = 7639.62  n % d* * V/h (m? /h)

Required number of discharge tubes n
_ Vi

" 7639.62 % d? i

Required liquid height 4

e (e N
- \7639.62%d? xn

Vy. = liquid throughput through the hole distributor (m*/h)
d; = inner diameter of the discharge pipes (m)

h = head of the liquid above the discharge pipes (m)

n = number of discharge pipes with di




10.1 Random Packed Columns

Gas/Vapour Qutiet
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Fig. 10.1 Random packed column with internals according to Raschig and Jaeger
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Example 10.1.1: Design of a hole distributor

Vi=2m'/h d;=63mm h=170mm
2
n—
7639.62 * 0.0063% * 1/0.17

2 2
(7639.62 +0.0063 * 16) m

= 16 discharge tubes

For other liquid rates you will have other heads above the outflow pipes:

Liquid flow (m3/h) Heads (mm liquid height)
2 170
1.6 109
1.0 42.5
0.8 27.2

In Fig. 10.2 a hole distributor is shown.

Remark: If the head h is chosen too small a non-uniform liquid distribution over

the column cross section may occur.

Requirement for gas distribution:

In order to prevent the free jet of incoming gas, with a half angle of 12°, spreading
and directly hitting the support grid with the stream, you need to ensure there is

sufficient space H between the inlet nozzle and the support grid.
Horizontal inlet nozzle (Fig. 10.3):

When the free jet hits the opposite wall the flow velocity wg, should be lowered

to 15% of the nozzle inlet velocity wy,.
Therefore, the required flow path x results as follows:

Win 3xd _3*d_

20 x d
Wsir by o 0.15 ¥

d = nozzle diameter (m)

D = column diameter (m)

win = nozzle inlet velocity (m/s)
wsy = free jet-flow velocity (m/s)
x = required flow length (m)

At a distance x = 100 * d a free jet separates.
This free flow length is mostly not used in practical columns.
Therefore, a pre-distributor is installed, according to Fig. 10.4.
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Fig. 10.2 Hole distributor for a random packed column

Vertical gas inlet nozzle (Fig. 10.5):

The gas inlet stream expands as a free jet with a half angle of 12° in the column.
The free jet should expand over the column diameter D before hitting the support

grid.
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Fig. 10.3 Horizontal gas
inlet

Fig. 10.4 Pipe distributor

P—o“-ﬂw-—.
-

T Pipe
o distributor

On

o 4
J

The required height H for the free jet expansion results as follows:

D)2 D
S 1gl2° 2x0.213

=2.35%D (m)
By installing a gas pre-distributor the required height H is reduced (Fig. 10.6).

10.1.1 Calculation Methods for the Pressure Loss
in Random Packings [2-10]

The pressure loss in random packings is dependent on the gas and liquid loading.
With increasing gas velocity the pressure loss rises as it does with increasing

liquid loading.
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Fig. 10.5 Vertical gas inlet

Fig. 10.6 Pipe distributor

Pipe “ % %
distributor

A series of models for the pressure loss calculation exists which are listed in the
literature.

The different models give different results.

The authors recommend the use of a calculation program delivered by the
packing supplier.

In Fig. 10.7 the calculated pressure losses, as a function of the gas flow velocity
using different models for Pall rings sized at 50 mm, are shown.

It can be seen that with an increasing flow velocity the pressure loss rises
significantly and at higher liquid loading (70 m*/m* h) a higher pressure loss
occurs.
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Specific Pressure drop
(mbar/m)

0..6 D;? 0.8 0.9 1 1.1 1.2 1.3 1.4 1.5 1.6
Gas velocity (m/s)

—+—Schultes + 35 m*m2h =e=VFF + 35 m*/m? h =+ Billet + 35 m*m? h ===Billet + 70 m*¥m? h

Fig. 10.7 Pressure losses of Pall rings according to different models in the cold wash of air
containing gasoline vapour with cold gasoline at —20 °C

In Fig. 10.8 the pressure losses of different metallic random packings for the
water/air system at atmospheric pressure are plotted as a function of the gas
velocity.

Result:
For different packings very different pressure losses result.

The curves for VSP 40 and VSP 25 show that the pressure loss for smaller
random packings is higher.

iy
o

Specific Pressure drop (mbar/m)
(=] - nN w £ L4 o -4 o w

0.7 0.9 1.1 1.3 15 1.7 1.9 21 2.3
Gas velocity (m/s)
——Hiflow 50 —~Top 2 —— VSP 40 —@— Pallrings 50 —#—VSP 25

Fig. 10.8 Pressure losses of different metallic random packings for a water/air system as a
function of the gas velocity in the column
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Calculation procedure for pressure loss determination according to Billet and
Schultes [3]

Calculation of the dry pressure loss:

1—¢
Partikel diameter dp = 6 * ¢ (m)
a
1 2 1
Wall Factor — =1+ = % *ﬁ
K 3 1—¢ DK
wgaG * dp

Gas Reynolds number Reg = ﬁ
— &) *x Vg

64 1.8
Calculation P ter Vg = G — 4+ =
alculation Parameter g p * (ReG + Re%()g)
Gas Loading Factor F' = wg * 1/pg
1

AP F
Dry Pressureloss | — | = Wg * % * —* — (Pa/m)
H ]y & 2 K

Calculation of the pressure loss of sprinkled random packings:

lZ*nL*uL*a2>l/3

8*PL
ur, * pr,
Cl*]’]L

Holdup of the packing i, = <

Reynold number of the liquid Rey, =

R
Calculation Factor fs = exp <%)

e\ S
Calculation Parameter Wi, = Wg * fs * (6 L)
€

AP F? 1
(_) — WL T (Pa/m)
H /e (e—h) 2 K

a = packing surface area (m*/m>)
Cp = packing characteristic number
& = porosity of the packing

pG = gas density (kg/m’)

Dx = column diameter (m)

pr. = liquid density (kg/m®)

wg = gas velocity (m/s)

VG = gas viscosity (m?/s)

up, = liquid velocity (m/s)

nL = liquid viscosity (Pa)
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Example 10.1.1.1: Pressure loss calculation for 50-mm Pall rings according to
Billet and Schultes

a=112.6m>/m* ¢=0951 Cp = 0.763 Dx =05m

n. = 1 mPa vg = 15mm?/s pg = 1.5kg/m> p; = 780kg/m’
Liquid loading (m3/m2h) 6.87 6.87 6.87 13.74 13.74
Gas velocity (m/s) 0.6 1 1.4 1.4 1.6
dp (m) 0.00261 0.00261 0.00261 0.00261 0.00261
1/K 1.071 1.071 1.071 1.071 1.071
Reg 1990 3317 4643 4643 5206
Vg 0.7725 0.7327 0.7095 0.7095 0.7
F 0.735 1.22 1.71 1.71 1.96
uy, (m/s) 0.00972 0.00972 0.00972 0.0194 0.0194
hy, 0.0578 0.0578 0.0578 0.0728 0.0728
Rey. 67.3 67.3 67.3 134.6 134.6
fs 1.4 1.4 1.4 1.96 1.96
3 0.984 0.9339 0.9042 1.234 1.219
Apuary (mbar/m) 0.292 0.77 1.46 1.46 1.88
Apyer (mbar/m) 0.449 1.18 2.25 3.23 4.16

Figure 10.9 shows the result of a column calculation for a water wash for the
removal of ethanol from exhaust air using the Raschig Program.

10.1.2 Calculation of the HTU and HETP Values [8—-14]

The HTU value is the required packing height for a mass transfer unit NTU.

The required total packing height for a separation results from the product: NTU
* HTU.

The different models used to calculate HTU values are listed in the literature.

The following data are used in the calculation of the HTU values

Equilibrium constant K = y/x
Gas loading (kmol/h)

Liquid loading (kmol/h)
Schmidt number

Packing characteristic numbers

The required packing heights for the gas side mass transfer HT U, and the liquid
side mass transfer HTU|, are determined separately.

Figure 10.10 gives the HTU values calculated according to two models.

The required heights for the gas side mass transfer HTUg values decrease with
increasing liquid loading.
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Fig. 10.9 Calculation of a
water wash for exhaust air
containing ethanol using the
Raschig program [7]

Gas stream: Air with Ethanol vapors

Feed stream

Gas density

Mol weight
Viskosity

Inlet concentration
Outlet concentration
Temperature

Liqid Stream: Water
Volume stream

Liqid density

Mol weight

Viskosity

Surface tension

Inlet concentration
Outlet concentration
Temperature

Absorbend

Mol weight

Henry constant

Stripping Factor

Diffusion coefficient Gas
Diffusion coefficient Liquid

Column diameter
Sprinkling rate
Flood factor
Pressure Drop

NTUoL

HTUqL

NT

HETP

Packing height
Total Pressure Loss
Chosen

8000 kg/h
1,2 kg/m3
29

0,018 mPas
5000 mg/m3
100 mg/m?3
30°C

5 m3/h
1000 kg/m3
18

1 mPas

72 mN/m
0,0 mg/m3
6533 mg/l
22 °C

Ethanol

46

480 * 107
0,477

1,27 * 107 m¥s
1,23 * 10° m¥s

906 mm
7,8 m3/mzh
60 %

339

2,4 mbar/m packing

3

1,7m

4.4

1,16 m
5,1m
12,2 mbar
15 mbar

The required heights for the liquid side mass transfer HTUy, values increase with

increasing liquid loading.

The following material introduces some calculation models used to determine

HTU values.
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HTU-Calculation acc. Billet/Mackowiak

Gas Loading Factor F' = wg * \/pg
Mass Transfer Coefficient in the gas phase

B * apn = C % F" % uf + D&Y7 (1/s)

HTUg =
B * apn
Br * aph = Co * uf * Di(1/s)
ur,
HTU, =
BL * apn

Stripping factor § = K « ¢

HTUog = HTUg + S * HTU

InS
HETP = HTUqg * 3

Required Packing data: C, C, and the exponents m, n, q

HTU-Calculation acc. Fair/Bolles:

(m)

0.5
W (3) ()" () + 0.305
‘ -1 os]”
[4.L88 * (1, % 1000) ' (%(L)O) *(50438) ]
L = up, 3600 * pp.

Liu 0.15 - 0.5
HTU, = - — 0.305
L * Cy * <3.05) * (DL> * (m)

HTUg =

Required Packing Data: @, ¥, ¢, d, Cy, m, n
HTU-Calculation acc. Onda:

0.1 —0.05 0.2
oh g exp [—1.45 * (2)075*< L > * (MIZ‘ - a) * <—u12‘ * pL> ]
a g a* vy g oL *a

Bg * apu

HTUg =

0.33 0.7
=5.23 % & * s * We * i
da Dg axvg da
waG )
B * apn

DL da3 * g 0.33 u 0.67 apy _0.67 v 0.5 04
. = 0.051 (%) * < 5 * e *(7> * DL *(a * da)

a
ﬁL*aph:ﬁL*<ih>*a

HTU, =

Vi

a

o (m)

ﬁfaph
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Required packing data: da, ¢, a and the critical surface tension

a = packing surface (m*/m?)

apy, = phase contact area (mz/m3)

Dg = gas diffusion coefficient (m2/s)
Dy = liquid diffusion coefficient (mz/s)
Dg = column diameter (m)

da = packing diameter (m)

G = gas loading (kmol/h)

K = y/x = equilibrium constant

L = liquid loading (kmol/h)

uy, = liquid velocity (m/s)

wg = gas velocity (m/s)

nL. = dynamic liquid viscosity (Pa)

¢ = porosity of the packing (fraction)
vg = kinematic gas viscosity (m*/s)
pg = gas density (kg/m?)

pr. = liquid density (kg/m®)

o1, = surface tension (N/m).

0,8
F____________-—ﬂ__.—-—

E —
(=8
£ 0.6 —
E Ir""--—-—
= 0.5 e O
m
s E
I 0.4 L

0.3

20 25 30 35 40 45 50 55 60

Liquid Loading (m*m? h)

=#—HTUL acc. BillettMackowiak =@=HTUG acc. Billet/Mackowiak =#=HTUL acc. VFF ===HTUG acc. VFF

Fig. 10.10 Required heights for the gas side, and liquid side, mass transfer as a function of liquid
loading
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Example 10.1.2.1: Calculation of the HTU and the HETP Values for Metal
50-mm PALL Rings

Physical Data:

pg = 1.54kg/m’ pL. = 780kg/m> v6=7x10%m?/s v =1x10"°m?/s
Dg=7x10°%m?/s DL=1x10"m?/s o =0.03N/m

Dk =0.5m Ws = 0.6m/s up, = 35m®/m?h = 0.00972 m3/m?s = 0.00972 m/s
G = 22.5kmol/h L = 72.4kmol/h K =045

Calculation acc. Billet/Mackowiak for metal pallrings 50 mm:

Packing Data:
da=005m a=112.6m? € =10951

C=1904x10° m=0815 n=077 g=026 Co=188x10*

F=0.6xv154 =0.7446

Bg * apn = 1.904 x 10* % 0.7746°77 % 0.00972°%% x (7 x 107°) "= 1.61/s

)0.67
0.6
HTUg = T6= 0.375m

Bu* apy = 1.88 x 10*  0.00972%85 x (107°)*°= 0.0136

0.00972
HTU, = 00136 =0.71m
22.5
S =045x Y 0.1398
HTUoG = 0.375+0.1398  0.71 = 0.475m
In0.1398

Calculation acc. Fair/Bolles for metal pallrings 50 mm:
Packing Data:

da =0.05m Lyn =3m ¥ =140 @ =0.06 Cqp=1
m=1.24 n=0.6
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L = 0.00972 % 3600 * 780 = 27,294 kg/h

140 (2400) " (182) 4 (539) 40,305

HTUG _ 7x10-6 0.305 3.05 = 0.356 m
2238 4 (078 x 1073 5 1000)* '« (1900) ™25 (;903) ]
3 \%15 7106\ 3

HTUL = 0.09 x 1.0 % (m) * (W) x0.305 = 0.866 m

HTUpg = 0.356 +0.1398 % 0.866 = 0.477 m
In0.1398
HETP =0477 *+ ——— = 1.09
"0.1398 — 1 m

Calculation acc. Onda for metal Pallrings 50 mm:

Packing Data

da=005m €=0951 a=1126m>/m*> o.=0072N/m

a 0.072\"" 0.00972 \*!
a eXp[ 1'45*(0.03 “\112.6 x 10

0.00972 % 112.6\ > /0.00972 x 780\ *
9.81 0.03 % 112.6

9Ph _ 9426
a

7x 1070\ (7 x 10°60\"P 0.6 0T
fo =523~ ( 0.05 ) * (7 X 10—6) - (112.6*7 x 10—6) 005 PP

0.6
HTUg = ——==0.394m

1.523
0.33
10°° 0.05% % 9.81 0.00972 "% 0.67
=0.0051 # [—— | » [— s 9426)0°
L= 00051+ <0.05) * ( (10-6)° > * <112.6 X 1076) * (0.9426)
109\ " 05
s (—) * (112.6%0.05)*°= 0.001326
10-°
By * apn, = 0.0001326 x 0.9426 % 112.6 = 0.0141
0.00972
HTU, = =0.68
L= 0.0141 om
HTUog = 0.394 +0.1398 % 0.689 = 0.49 m
1n0.1398
HETP = 049 + ;= = 1.12m

The total height HTUpg or HTUp is determined, from both HTUg for the gas
side and HTU_ for the liquid side, whilst considering the gas side and liquid side
mass transfer resistances.
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G

HTUog = HTUG + 77 4« HTU; (m) (10.1)
HTUo, = HTU; + —2— « HTU 10.2
oL = L+m*G g (m) (10.2)

The packing height for a theoretical stage is called the HETP value.
The HETP values can be calculated from the HTUgg or the HTUq value.

InS
HETP = Sn -+ HTUog (m)

I
HETP — SS* nlS « HTUoy, (m)

_mx*xG

S
L

G = gas loading (kmol/h)
L = liquid loading (kmol/h)
m = y/x = slope of the equilibrium line

From the Eqs. (10.1) and (10.2) the following can be derived:
If the slope of the equation line m is small, for instance in absorbing, then the
HTUg determines to a great extent the HTUpg value.

The material transport is controlled by gas phase resistance.

If the slope of the equilibrium line m is high, for instance in stripping, then the
HTU,, value determines the height of HTUg .

The liquid phase resistance controls the material transfer.

Figure 10.11 plots the HTUgg values that are calculated according to different
models depending on the gas flow velocity in the column.

0.5 b

0.45 +

0.4 | e il I — E—1
1V /

S =1

HTUgg value (m packing)
o
S w ©
Kt W

0.6 0.7 0.8 0.9 1 1.1 1.2 1.3 1.4 1.5 1.6
Gas velocity (m/s)

=4=VFF 35 m*/m*h ==—0nda 35 m*m*h =dr—Schultes 35 m*m*h
==\VFF 70 m*m*h ==—=0Onda 70 m*m*h

Fig. 10.11 HTUgg values according to different models for 50-mm pall rings depending on the
gas velocity in the column
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Example 10.1.2.1: Calculation of HTUpg, HTUqy, and the HETP values.

G = 34kmol/h L = 500kmol/h HTUg =0.5m HTUL =0.3m

Calculation for the gas side with m = 0.3:

34
= 0.3 x——=0.0204
S 03>|<500 0.020

HTUpg = 0.5+ 0.0204 % 0.3 = 0.506 m

HETP = 0.506 * M =2.01lm

Calculation for the liquid side with m = 100

4
S=100*3—:6.8

500
1
HTUop = 0.3+ <= +0.5 = 0.37m
6.8x1n6.8

From the calculated values of HTUg and HTU the distribution of the mass
transfer resistance on the gas and liquid phases can be determined.

_ HTUg
PF = ¢« HTU,

Rpg > 1 — the gas phase resistance determines the mass transfer
Rpr < 1 — the liquid phase resistance controls the mass transfer.

Example 10.1.2.2: Which resistance determines the mass transfer?

(a) HTUg =0.5m HTUL, =0.3m S =0.0204 Rpr = 81.7

The gas side mass transfer is the determining factor.

The resistance for the mass transfer lies in the gas phase if in the absorption the
gases are reasonably soluble and are of minor m values or if in the chemical wash
the reactions are irreversibly fast.

Examples: NH; in H,O, SO, in H,0, SO, in alkali, HCl in H,O, and H,S in H,O.

(b) HTUg =05m  HTU,=03m S=68 Rpp=0245

The liquid phase resistance is the determining factor.
With poor soluble gases with large m values or slow reversible reactions the
main resistance lies in the liquid phase.
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Examples: CO, in H,O, CO, in NaOH, Cl, in H,0, O, in H,0, and H, in H,O.
The HTU values given in Figs. 10.10 and 10.11 were determined on the fol-
lowing basis data for a cold gasoline wash.

Gas data: air with gasoline vapour

Gas density pg = 1.54kg/m’ M =29
Gas viscosity vg = 7 mm?/s

Gas diffusion coefficient Dg = 7 X 107% m?/s
Schmidt number Scg = 1

Slope of equilibrium line m = 0.45

Liquid data: cold liquid gasoline

Liquid density p; = 780kg/m? M =174
Liquid viscosity v, = 1 mm?s

Liquid diffusion coefficient D; = 1 x 10~°
Surface tension o = 0.03 N/m

Schmidt number Scp, = 1000

Table 10.1-10.4 contains the HTU and HETP values calculated using different
models as a function of the liquid loading of the packings listed for a gas flow
velocity of 0.75 m/s (G = 28.2 kmol/h).

The HTU values increase with an increasing liquid loading of 41.4-144.9 kmol/h.
The HTUqgy = HTUpg values drop with increasing liquid loading u .
According to Schultes, Fair and Bolles, and Billet and Mackowiak the HETP
values fall with increasing liquid loading.

According to Onda the HETP values rise along with the liquid loading.

The deviations between the results according to the different models are substantial.
With a lower m value the differences become even larger, for instance, for
m = 0.1:

According to Schultes (m) According to Onda (m)
HTUog 0.215-0.124 0.458-0.437
HETP 0.62-0.499 1.32-1.75

The HETP values converted from the HTU values are given in Fig. 10.12.
HETP = required packing height for a theoretical stage.

Table 10.1 Calculation according to Schultes [12]

u. (m*/m? h) 20 30 40 50 60 70

HTU, (m) 0.381 0.425 0.459 0.486 0.513 0.533
HTUy (m) 0.189 0.161 0.143 0.130 0.122 0.114
HTUgy (m) 0.306 0.248 0.213 0.190 0.174 0.161
HETP (m) 0.521 0.495 0.472 0.454 0.442 0.430
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Table 10.2 Calculation according to Billet and Mackowiak [8]
up (m*/m? h) 20 30 40 50 60 70
HTUy, (m) 0.644 0.694 0.731 0.763 0.790 0.810
HTUy (m) 0.457 0.410 0.381 0.361 0.342 0.329
HTUgy (m) 0.655 0.552 0.493 0.455 0.423 0.400
HETP (m) 1.12 1.10 1.093 1.087 1.08 1.07
Table 10.3 Calculation according to Fair and Bolles [10]
ug (m*/m? h) 20 30 40 50 60 70
HTU; (m) 0.770 0.866 0.938 1.01 1.06 1.11
HTUy (m) 0.344 0.269 0.227 0.198 0.178 0.162
HTUgy (m) 0.452 0.390 0.358 0.339 0.326 0.317
HETP (m) 1.03 0.892 0.819 0.775 0.746 0.725
Table 10.4 Calculation according to Onda [9]
ug (m*/m? h) 20 30 40 50 60 70
HTU; (m) 0.545 0.613 0.712 0.720 0.761 0.800
HTUy (m) 0.421 0.421 0.421 0.421 0.421 0.421
HTUgy (m) 0.588 0.546 0.530 0.510 0.499 0.491
HETP (m) 1.00 1.09 1.17 1.22 1.27 1.31
1.4
‘ B Schultes #VFF B Onda

g 1.2 i

2

2 |

o 1

£
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S 0.8 |
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Fig. 10.12 Calculated HETP values according to different models for a cold gasoline wash
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Clearly, different HETP values result from the calculations using the different
models.

Figure 10.13 gives the HTUpg values which are calculated according to five
models as function of the liquid loading.

With increasing liquid loading HTUg values drop.

Figure 10.14 shows the influence of the gas flow velocity at two different liquid
loadings.
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Fig. 10.13 HTUqg values according to different models as a function of the liquid loading
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Fig. 10.14 HTUqg values according to different models with different liquid loadings as a
function of the gas velocity in the column
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With increasing gas velocity the HTUqg values rise whereas with higher liquid
loading the values reduce.

Figures 10.15 and 10.16 show the results of an optimization study for a steam
stripper for stripping out high boiling aromatic hydrocarbons from a waste water
stream.

Figure 10.15 shows that the HTUq values drop with increasing equilibrium
constant K.

Figure 10.16 shows the influence of the stripping steam rate and the liquid
loading on the

HTUgqg, the HTUg, and the HETP values.

e The HTUg;, value falls with increasing stripping steam rate and the HTUpg
value rises.

e With a liquid loading of 15 t/h the HTUpg value is lower than at 10 t/h.
The HTUq values are lower at a lower liquid rate.
At a higher liquid loading of 15 t/h the HETP value is a little lower than at
10 t/h.

Fig. 10.15 HTUgq, values as A
a function of the equilibrium 19 —

factor K 1

HTU,, Values

500 kg/h steam for 15 t/h water

[
% 200 kg/h steam for 5 t/h water

0 I I T ] T T I T T T
0 100 200 300 4CC 500 600 700 800 900 1000
Equilibrium constant k
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Fig. 10.16 HTU and HETP values as a function of the stripping steam rate for 10 t/h and 15 t/h
liquid loadings

A most important parameter in the determination of the HTU values is the
Schmidt number Sc which is defined as the quotient of the kinematic viscosity and
the diffusion coefficient.

Using the Schmidt number allows the HTU values to be converted to compa-
rable conditions.

Se=—t="1
D pxD
Gas side: Scg = Y6 __ Mo
DG Pg * DG
Liquid side Scp, = n__ M

DL_pL*DL
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For other components with other physical data the HTU values can be converted
using the Schmidt numbers for the gas and the liquid side.

HTUGZ = HTUGl *

CGl1

S
HTUp, = HTUL; # /2 (m)
Scri

D = diffusion coefficient (m*/s)

Dg = gas side diffusion coefficient (m?/s)

Dy, = liquid side diffusion coefficient (mz/s)

Scgi = gas side Schmidt number for the known HTUG, value
Sciz = schmidt number of the new component on the gas side
Scr1 = liquid side Schmidt number for the known HTUL,; value
Sci, = Schmidt number of the new component on the liquid side
n = dynamic viscosity (Pa)

v = kinematic viscosity (mz/s)

p = density (kg/m’)

In the following text some Schmidt numbers for absorptions in water are listed:

Temp. | vg Dg Scg VL Dy, Scr

(°C) (107 m%s) | (107° m%s) (107 m%s) | (10™° m%s)
Ammonia—air/water 20 15.1 23.8 0.633 | 1.03 1.72 598
Acetone—air/water 27 15.6 10.8 1.44 0.86 1.18 728
Methanol—air/water 27 15.6 16.5 0.95 0.86 1.44 597

Example 10.1.2.3: Conversion of the HTU values using the Schmidt number

(a) Gas side conversion:

HTUGI =0.5m SCGl =1
Data of the new component:
Vo2 =20 x10%m?/s  Dg, =47 x 10%m?/s

VG2 2% 107°
Dg, 4.7 x 1076

0.425
HTUC,2 =0.5x% T =0.326 m

SCG2 = =0.425
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(b) Liquid side conversion:

HTULl =04 SCLl = 1000
Data of the new component:

2 =07x10"°%m?/s D, =5x10"m?/s

0.7 x 107
Seta = — o5 = 233
233
HT =04 —— =0.1
U, =04 1000 0.19m

(c) Calculation of the HTUgg values and the HETP values for S = 0.2:

HTUOq@G; = HTUg; + S+ HTUL; =0.5+0.2%0.4 = 0.58m
HTUOq@g, = HTUg, + S * HTUp, = 0.3264+0.2 +0.19 = 0.36 m

InS In0.2
HETP; = HT =0. =1.1
1 UOGI*S—I 058*02_1 7m
InS In0.2
HETP, = HT =0. =0.72
2 UOGZ*S—I 036*02_1 0.72m

Diffusion coefficients (cm?/s) and Schmidt number of some vapour in air at 25 °C:

Gas |CO, |Methanol |Propanol |Benzene |Toluene | Chlorobenzene | Chlorotoluene
Dg (0.164 |0.159 0.1 0.088 0.084 0.073 0.065
Scg [0.94  [0.97 1.55 1.76 1.84 2.12 2.38

Figures 10.17 and 10.18 shows the Schmidt numbers of some components in
gases and liquids.

Figure 10.19 plots the diffusion coefficients according to the different models for
diffusion in gases at 1 bar [15].

The diffusion coefficient rises with rising temperature (Fig. 10.20) and
decreasing pressure (Fig. 10.21).

Figure 10.22 shows the diffusion coefficients in liquids as a function of the
temperature calculated using different models [16].

The diffusion coefficients for diffusion in liquids rise with increasing temperature
and decreasing viscosity (Fig. 10.23).

The dynamic viscosity of gases and vapour rises with temperature (Fig. 10.24).
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Fig. 10.19 Diffusion coefficients for the diffusion of ethane in hexane vapour according to
different models as a function of temperature
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Fig. 10.23 Diffusion coefficients of butane in liquid heptane as a function of liquid viscosity
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Fig. 10.24 Dynamic viscosity of some vapour as a function of temperature
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Fig. 10.25 Structured, /%\
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10.2 Columns with Structured Packing

Figure 10.25 shows a structured, packed column by the “Sulzer” Company.
Advantages of the structured packing:

Lower pressure losses.

Higher separation efficiencies than with trays.
Larger throughput capacity than with trays.
Wider operation range than with trays.

Lower liquid content, meaning lower “hold up”.

The most important design criteria are:

HETP values (m packing height per theoretical stage).
Pressure losses (mbar/m packing height).

Flood loading (% capacity utilization).

Spray rate (m> liquid/m? h).
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Design guideline for structured packings:

Gas loading factor F = 2-2.5.

Liquid loading: 1-100 m*/m?h.

Liquid distribution: 100-200 droplet points per m>.

Free streaming cross section at the distributors: >50% of the column cross section.
Free streaming cross section at the support grids: 80% of the column cross section.
Maximum packing height: 15-20 theoretical stages.

Redistribution in metal sheet structured packings after 4-5 m.

Redistribution in wire gauze packings after 5-7 m.

Construction height of a collector—distributor: depending on the column diameter.

Theoretical stages: approximately five theoretical stages in wire gauze packings;

Approximately 2.5 theoretical stages in sheet metal structured packings.

Gas distribution: by a pre-distribution, for instance in a chimney tray [1].

A poor liquid distribution and a non-uniform gas flow influence strongly, i.e.,
hinder, the separation efficiency.

The HETP values and the pressure losses are dependent on the gas and the liquid
loading and the physical data.

Disadvantages of structured packings:

High tolerance requirements and high costs.

Less suitable for dirty feed products.

Less suitable for multi-phase liquids.

Less suitable for columns with several side draws.

Ignition danger for explosive air—solvent mixtures on hot wire mesh.

Selection criteria:

e For vacuum distillation in which a high number of trays and a lower pressure
loss is required an expensive fabric structured packing should be chosen.

e For large throughput capacities and low pressure losses a sheet metal structured
packing can be used.

e For high liquid loadings in the stripping section random packings are very
suitable because the film thickness is smaller than on the sheet metal structured
packing.

In individual cases the design is based on the diagrams delivered by the vendor,
including the separation efficiency for test mixtures and the pressure loss curves.

Furthermore there are suppliers (Montz, Raschig, Sulzer) of calculation pro-
grams for hydraulic designs.

“Anstaupacking” is now under development in which two different package
sizes are installed [17] for the improvement of separation effectiveness.

In the smaller package the liquid is accumulated and a bubble layer is created.

Such optimization trials restrict flexibility.

Often however it is reasonable to vary the package sizes in the column if the hydraulic
conditions are very different, for instance in the rectification and stripping sections.
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Example 10.2.1: Separation of a binary mixture in a packed column
The required separation is specified in the following mass balance.

359

Component Feed F Distillate D Bottoms draw B
(kmol/h) (molfr.) (kmol/h) (molfr.) (kmol/h) (molfr.)

Light comp. 50 0.5 49.45 0.999 0.55 0.01

Heavy comp. 50 0.5 0.05 0.001 49.95 0.99
100 1.0 49.5 1.000 50.5 1.00

Relative volatility o0 = 1.2
Minimum reflux ratio:

Rinin = 9.98 at a liquid feed with bubble point temperature
Rin = 11 at a vapour feed with dew point temperature

Required number of theoretical stages at different reflux:

Liquid feed Vapour feed
R/Rinin Ny Ns Niot Ny Ns Niot
1.4 63.6 43.1 106.8 61.7 42 103.7
1.6 58.1 39.2 97.3 56.8 38.2 95
1.8 54.7 36.9 91.6 53.6 35.8 89.4
2.0 52.2 35.2 87.4 514 34.2 85.6
2.2 50.4 34 84.4 49.7 33 82.7
2.4 49 33 82 48.4 32.1 80.5
Column loading Liquid feed Vapour feed
Reflux ratio R 20 22
Distillate D (kmol/h) 49.5 49.5
Vapour flow Vy (kmol/h) 1040 1140
Liquid Ly (kmol/h) 990 1090
Vapour flow Vg (kmol/h) 1040 1040
Liquid Lg (kmol/h) 1090 1090
Bottoms draw B (kmol/h) 50.5 50.5
Vy = vapour flow in the rectification section (kmol/h)
Ng = stripping trays
Ly = liquid flow in the rectification section (kmol/h)
Ny = rectification trays

Vs = vapour flow in the stripping section (kmol/h)
Lg = liquid flow in the stripping section (kmol/h)
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Example 10.2.2: Column design for the liquid feed at bubble point
temperature

Rectification section:

pp =32kg/m®  p. =760kg/m* M = 100kg/kmol

104,000 m? /h
Vy = 1040 kmol/h = 1040 # 100 = 104,000 ke/h — 7“13/ = 32,500m’/h
3.2kg/m
99,000
Ly = 990kmol/h = 990 + 100 = 99,000 kg/h = — == = 130.3m’ /h

Calculation of the required column diameter D,.q for F = 2.2:

2.2
F:WD*\/p =22 WD :ﬁ: 1.22m/s
3
V() 32500

~ 3600  wp(m/s) 3600 * 1.22

req \/A*——\/74*—=306m

Checking the liquid loading Bj, of the structured packing:

Ly(m*/h)  130.3

B = =
FT T Am?) 7.4

=17.6m*/m’h
Stripping section:

pp =3.3kg/m®  p. =770kg/m* M = 120kg/kmol

124,800 m? /h
Vs = 1040 kmol/h = 1040 # 120 = 124,800 ke/h = 7"'3/ = 37,818 m’/h
3.3 kg/m’
130,000
= 1090 kmol/h = 1090 + 120 = 130,000 kg/h = ~—=2-= = 169.9m" /h

Calculation of the required column diameter D4 for F' = 2.2:

2.2
F =wp*+/pp = 2.2 wp = —— = 1.21m/s
b*vPp P33
’%
Vy(m° /h) 37818 — 8.68m?

73600*WD m/s) 3600 # 1.21

req—\/A*__\/868*—:33m
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Checking the liquid loading By, of the structured packing:

Ls(m?/h)  169.9 s
L= TAm)  ses | 6m/m

Conclusion: the stripping section requires a larger diameter than for the rectifica-
tion section.
Example 10.2.3: Column design for the vapour feed at dew point temperature

For a vapour feed to the column the vapour and liquid loadings in the rectification
section are larger than for the liquid feed.

114 3 /h
Vi = 1140 kmol/h = 1140 % 100 = 114,000 kg/h = Lms/ = 35,625m’/h
3.2kg/m
109,000
Ly = 1090 kmol/h = 1090 + 100 = 109,000 kg/h = — == = 142.4m’ /h

Calculation of the required column diameter D,y for F = 2.2:

22
F=wp*./pp =2.2 wp = ——= 1.22m/s
D 1% D e
Vy(m? /h) 35,625 ,
A= - —38.11
3600 * wp (m/s) 3600 * 1.22 =81m

req—\/A*_ \/811*——321m

Summary: For a vapour feed a larger column diameter is required in the rectifi-

cation section than for the liquid feed.
If different packings are used then different required column diameters and

different required packing heights for the trays result.




362

10 Fluid Dynamic Design of Random Packings and Structured Packings ...

Rectification:

Ny = 52 theoretical stages

Packing Dyeq (m) Hieq (m) F value HETP AP (mbar/m)
250 Y 3.2 20.8 2.2 2.5 1.9 (39.5 mbar)
250 X 2.8 26 2.7 2 1.6 (41.6 mbar)
350 Y 3.45 14.9 1.7 3.5 1.9 (28.3 mbar)
350 X 3.03 19.3 2.2 2.7 2 (38.6 mbar)
500 Y 3.78 13 1.4 4 2.1 (27.3 mbar)
500 X 3.32 17.3 1.9 3 2 (34.6 mbar)
BX 3.3 13 1.9 4 2.3 (29.9 mbar)

Stripping section:
Ng = 35 theoretical stages

Packing Deq (m) Hieq (m) F value HETP AP (mbar/m)
250 Y 3.34 14 2 2.5 2.1 (29.4 mbar)
250 X 2.9 17.5 2.7 2 1.8 (31.5 mbar)
350 Y 3.64 10 1.7 35 1.9 (19.0 mbar)
350 X 3.17 13 2.2 2.7 2 (26.0 mbar)
500 Y 4 8.75 1.4 4 2.1 (18.4 mbar)
500 X 35 11.7 1.8 3 2 (23.4 mbar)
BX 3.5 8.7 1.8 4 2.3 (20.0 mbar)
References

1.

2.
3.

b

10.

C. Stemich, L. Spiegel Charakterisierung und Quantifizierung der Verteilungsqualitit von
Gasstromungen, CIT 84, Nr. 1/2, 88-92 (2012)

M. Nitsche Auslegung von Fiillkorperkolonnen, Chemie-Technik 11, 115-119 (1982)

R. Billet, M. Schultes “Vorausberechnung des Druckverlustes in Zweiphasengegenstrom-
kolonnen”, in Beitrége zur Verfahrens- und Umwelttechnik, Ruhruniversitit Bochum (1991)
J. Mackowiak Fluid Dynamics of Packed Columns (Springer, Heidelberg 2010)

R. Billet Rectification under mild condition, Fat. Sci. Technol. 89, Nr. 9, 362-368 (1987)
J. Mackowiak, A. Meersmann Zur maximalen Belastbarkeit von Kolonnen mit modernen
Fiillkorpern und Packungen fiir Gas/Fliissigkeits-Systeme, CIT 63, Nr. 5, 503-506 (1991)
Programme der Fiillkorperlieferanten: Raschig, VFF, RVT

J. Mackowiak, R. Billet How to use the absorption data for the design of packed columns,
Fette, Seifen, Anstrichmittel Nr. 9, S. 349/358 (1986)

. K. Onda, H. Takeuchi, Y. Okumoto Mass transfer coefficients between gas and liquid phases

in packed columns, J. Chem. Eng. Jpn. 1(1), 56/62 (1968)
W.L. Bolles, J.R. Fair Improved mass-transfer model enhances packed-column design, Chem.
Eng. 89(Juli1982), 109/116



References 363

11.

12.

13.

14.

15.

16.

17.

R. Billet Fluiddynamik und Stoffiibertragung bei der Gegenstrom-Absorption in
Fiillkorperkolonnen, Chemie-Umwelt-Technik (1991)

M. Schultes, Predicting mass transfer in packed columns, in Beitrdge zur Verfahrenstechnik,
Ruhruniversitdit Bochum (1991)

R. Billet, M. Schultes Verfahrenstechnische Bewertung von modernen
Hochleistungs-fiillkdrpern fiir Stoffaustauschapparate, CIT 82, Nr. 10, 1693/1703 (2010)

R. Billet, M. Schultes Verfahrenstechnische Bewertung von modernen Hochleistungs-
fiillkorpern fiir Stoffaustauschapparate, CIT 82, Nr. 10, 1693-1703 (2010)

J.H. Weber Predict gas-phase diffusion coefficients, in Microcomputer Programs for
Chemical Engineers, ed. by D.J. Deutsch (McGraw-Hill, 1984)

J.H. Weber, Predict liquid-phase diffusion coefficients, in Microcomputer Programs for
Chemical Engineers, ed. by D.J. Deutsch (McGraw-Hill, 1984)

U. Brinkmann, B. Kaibel, M. Jodecke, J. Mackowiak, E.Y. Kenig Beschreibung der
Fluiddynamik von Anstaupackungen, CIT 84, Nr. 1/2, 36-45 (2012)



Chapter 11
Demister Design

X Gas outlet
Vertical
- - Countercurrent
Gas inlet
g
2
E z
Liquid Wgos < Wral
Horizontal
Gas inlet —p Gas outlet
Gos
) Gas - >
! — Weos

! T r t uc 4
\rrrs777777777/0

WEall
Liquid

© Springer International Publishing AG 2017
M. Nitsche and R. Gbadamosi, Practical Column Design Guide,
DOI 10.1007/978-3-319-51688-2_11

365



366 11 Demister Design

11.1 Why Use Demisters?

e To reducing material losses in absorbers, evaporators, and distillation columns,
e.g., for reducing glycol or amine losses in natural gas treatment.

e To improve product quality in distillation plants because contamination by
entrained droplets is eliminated.

e To avoiding corrosion in the downstream process units through corrosive liquid
droplets.

e To protect compressors against liquid droplets.
To reducing droplet emissions.
To relieve vacuum pumps.

11.2 Droplet Separation in Gravity, Wire Mesh,
and Lamella Separators

For droplet separation both vertical and horizontal separators can be used.
In vertically streamed separators the fall velocity wg,y of the droplets must be
larger than the upwards directed gas stream velocity wg.

WEall > WG
In this type of design 50-75% droplet fall velocity is used.
wg = 0.5bis 0.75 * wga

In horizontally streamed separators the fall or settling time g, for a falling
height h must be smaller than the residence time of the streaming gases 7. in the
separator.

h = gas height above the liquid in the separator (m)
L = separator length (m)

Wgan = fall velocity of droplets (m/s)

wg = flow velocity of the gas in the separator

To improve droplet separation at higher gas flow velocities separation aids are
used.
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The different types of demisters are listed in the following text with limiting
droplet size and pressure drop included.
Up to the limiting droplet diameter all droplets are completely separated.

Separator type Limit droplet (um) Pressure loss (mbar)
Gravity 300400 <1

Wire mesh 5-10 1-2

Vertical lamella separator 3040 1

Horizontal lamella separator 10-30 2-10

Microfibre 1-3 5-50

Spin vane separator 50-100 6-15

Zyclon 30-50 10-50

With the exception of microfibre separators the droplets are removed from the
gas stream by mechanically operating separators, for instance by gravitational and
centrifugal force or inertia.

The different separator mechanisms are shown in Fig. 11.1.

In the following text the most important parameters for separation rate A are
discussed.

Inertia separators

Sluggish droplets do not follow the gas stream around the barriers but rather they
cross the gas stream and hit the wires of the wire mesh separator or the wall of a
lamella separator. This enlarges the droplets. Larger droplets fall faster and are
separated more easily.

A=f K 0 * wg * d*
N 18 % ng * dg

A = separator efficiency
d = droplet diameter
drp = wire or fibre diameter
K = Cunningham factor (>15 u = 1)
wg = gas flow velocity
NG = gas viscosity
or = liquid density.
Droplet separation improves with increasing flow velocity, increasing dro-
plet diameter, and decreasing wire or fibre diameter.

A minimum velocity is required in order to activate the inertia effect.
On the other hand a maximum velocity must not be exceeded in order to avoid
the re-entrainment of the constructed, large droplets.
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Fig. 11.1 Separator mechanisms in demisters

Separation by contact and collision for large droplets

When flowing through narrow tunnels the droplets come into contact with the
surface area of the wires, fibres, or lamella plates and remain attached to them.
The separation rate A is dependent on the quotient droplet diameter d to fibre

diameter dy.
d
A=fl—
/ (dF>

Larger droplets and thinner wires or fibres improve the separation.
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Separation by diffusion for small droplets

Due to the larger diffusion velocity of the minimum droplets across the flow
direction a better contact with the fibres occurs.
The separation rate A is dependent on the ratio d/dr and the gas flow velocity.

d
A _f<WG *dp)

The separation improves with decreasing flow velocity and decreasing fibre
diameter.

Demister construction types

Wire mesh packets from wires with 0.1-0.28 mm diameters are mostly used.

The packages have a depth of 100-300 mm.

The wire mesh demister is an impingement separator. When streaming through
the wire mesh the gas must stream around a number of thin wires.

The heavy droplets cannot escape due to the inertia and they hit the wires. The
droplets build a film and flow downwards as large droplets.

The wire mesh demister is especially suitable for separation of small droplets in
the region of 5-10 pm.

In vertically streamed separators the allowable flow velocity is lower due to the
countercurrent flow of gas and liquid rather than with the horizontally streamed
wire meshes.

Lamella separators are advantageous for larger liquid loadings and in cases of
fouling risk.

Additionally, the gas throughput capacity is essentially higher than in wire mesh
separators which tend to flood at high liquid loadings and flow veloctites.

Droplet separation occurs by inertia because the droplets do not follow the gas
stream, instead they hit the plates when streaming through the wavy, zigzag lamella
packages.

In the vertically arranged lamella package the liquid runs off in the opposite
direction to the gas, in other words countercurrent downwards.

In the horizontally streamed lamella packages the liquid is collected with “hook
plates” and directed downwards.

Therefore, the gas capacity for a horizontal arrangement is greater because the
likelihood of re-entrainments is less.

Microfibre separators, with fibre diameters <0.02 mm, are used as diffusion or
inertia separators.

Due to the thinness of the fibres the small droplets are better separated in inertia
separators to droplet sizes of 1 pum.

In these separators gas and liquid streams horizontally through the fibre filter.

Vertically upward streaming is avoided. This is because due to the large specific
surface area in these separators flooding can easily occur.

In their use as inertia separators, higher flow velocities are required or are more
allowable than with diffusion separators.
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Cylindrical inertia separators: 1-2 m/s
Cylindrical diffusion separators: 0.05-0.2 m/s
Fibre mat, inertia separators: 2—3 m/s

With diffusion separators only low flow velocities are allowed, so large flow
cross sections must be installed.

11.2.1 Allowable Gas Flow Velocities

The allowable flow velocities w,y,y in demisters are calculated as follows:

Watow = K %[22 1 (m/s) (11.1)

9

The design velocity wges should lie at 75%: wges = 0.75 * Wajiow

The minimum flow velocity lies at 30%: Wy = 0.3 * wyjow

In the following text the equations for the determination of the allowable flow
velocity in different separators are listed [1-4].

Vertical gravity separator without internals, K ~ 0.033-0.05:

Wallow = 0.04%  [2B 1 (m/s) (11.1a)

2G

Vertical separator with wire mesh demister:

WWZM%M€&4(WQ (11.1b)
YG

Other K values are valid for other conditions:
In vacuum = K = 0.03-0.06
For plastic demister = K = 0.065

Horizontal separator with wire mesh, K ~ 0.12-0.15:

Wallow:0-15*1/%*l (Il’l/S) (lllc)
G

Horizontal gravity separator without internals, K = 0.108-0.122:

Wallow = 0.12 * ?—1@@ (11.1d)
G

The calculated flow velocity is valid for the free gas cross section above the
liquid.
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Vertically streamed lamella separator, K = 0.1-0.12:

Wallow = 0.12 * @ —1 (m/s)

9

Horizontally streamed lamella separator, K = 0.1-0.2:

Walow = 0.02 % ,/@ -1 (m/s)
e

Microfibre, inertia separator, K ~ 0.04-0.07:

Wallow = 0.06 * or (m/s)

(e}

Microfibre, fog separator for micro-droplets, K = 0.003—0.006.

Wattow = 0.006 %[22 1 (m/s)
¢

371

(11.1¢)

(11.1f)

(11.1g)

(11.1h)

Example 11.2.1.1: Calculation of the allowable flow velocities in different

separators at 1 bar.
Liquid density pg = 995 kg/m®
Gas density pg = 1.2 kg/m®
Vertical gravity separator (Eq. 11.1a):

1995
Watlow = 0.04 % 12~ 1 =0.04x28.78 =1.15m/s

Vertical separator with wire mesh (Eq. 11.1b):

1995
Wallow = 0.106 * E—l :305m/s

Horizontal gravity separator (Eq. 11.1d):

1995
Wallow = 0.12 % —1=2345 m/s

Horizontally streamed lamella separator (Eq. 11.1f):

1995
Wallow = 0.2 * ﬁ —1=15.75 m/s
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Microfibre, fog separator (Eq. 11.1h):

1995
Watlow = 0.006 * ﬁ —1=0.17 m/s

Example 11.2.1.2: Calculation of the allowable flow velocity at a lower gas
density in a vacuum
pp = 995kg/m*  pg = 0.1kg/m’

Vertical gravity separator (Eq. 11.1a):

995
Wallow = 0.04 * \/m —1=398m/s

Vertical separator with wire mesh (Eq. 11.1b):

1995
Wallow = 0.06 * m —1=5098 m/s

e Horizontal gravity separators permit higher gas flow velocities.
e Installation of a separator aids the gas capacity causing droplet separation to be
improved.

Conclusion

11.2.2 Liquid Capacity

The separator must have a liquid capacity which is chosen to match the problem
definition.

The required liquid capacity depends on the required residence time, for
instance for degassing, and depends on the quality of the installed level control.

The control valve must open fast when larger liquid rates occur impulsively.

The ky value of the valve must not be reduced by fouling or flash evaporation in
the valve.

In the design of the control valve both geometry and an expansion factor have to
be considered.

Required minimum residence times:

1-2 min for normal conditions

5-10 min for foaming materials

>15 min for liquid separations
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In horizontal separators the residence time is longer, and the liquid surface area
is larger, so that a better degasing occurs.
Errors caused by insufficient liquid withdrawal:

¢ Flooding of the gas inlet nozzle in vertical separators
e Gas cross sectional narrowing in horizontal separators.

11.3 Vertical Demisters

With vertical separators the droplet fall velocity must be higher than the upwards
directed flow velocity of the gases.

In Fig. 11.2 the calculated allowable flow velocities in a vacuum, as a function
of the gas density, are shown according to Eq. (11.1a) with K = 0.035 for gravity
separators and Eq. (11.1b) with K = 0.06 for separators with a demister.

Additionally, the fall velocities for the droplet sizes 400, 500, 700, and 800 p as
a function of the gas density, are plotted.

The calculation of the droplet fall velocity is covered in the Appendix at the end
of this chapter.

From the curves in Fig. 11.2 the following knowledge can be derived:

Fig. 11.2 Droplet fall 4;
velocities for four droplet
sizes and allowable flow
velocities in vertical demisters

9.0 4

1.0

Wallow and WFall for different droplet diameter (m/s)

)

0.0 T T T
0.3 0.2 0.1 0.0

Gas density [kg/m>]
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e With decreasing gas density the fall velocity and the allowable flow velocity in
the separator rises.

¢ In the design of gravity separators according to Eq. (11.1a) only droplets from a
diameter of 400-500 pum are precipitated.
Smaller droplets have a lower fall velocity and are entrained by the gas stream.

e With a wire mesh demister considerably higher flow velocities are allowed
because the droplets are enlarged by the coalescence effect of the wires.
A better droplet separation is achieved, and lower flow cross section or smaller
separator diameter is needed.

e A comparison of the allowable gas flow velocity for a demister, with the fall
velocities for different droplet sizes, shows that by using a demister the droplets
are enlarged to a diameter of approximately 700—-800 pm.

Liquid loading of vertical demisters

Vertical demisters are used for low liquid loading and short allowable liquid resi-
dence times f,.,, of 1-2 min.

D? * ;4 * h
fres :% (h) (11.2)
Fl

D = separator diameter (m)
hg = liquid height (m)
Vi = liquid loading (m*/h).

11.4 Horizontal Demisters

Horizontal demisters are preferably used if higher liquid loadings or sudden liquid
strokes occur.

For the droplet separation the residence time t,. of the gas in the separator must
be longer than the required falling time 7, of the droplets for a falling height h.

(11.3)

 fo * D? x /4 % 3600

WG (11.4)
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D = demister diameter (m)

L = demister length (m)

h = gas height in the demister (m)

fa = cross section part for the gas flow = Fg/Fys
F = cross section for gas flow (m?)

Fqes = total cross sectional area of the demister (m?)
Vg = gas loading (m>/h)

wg = gas flow velocity (m/s)

Warow = allowable flow velocity (m/s).

Example 11.4.1: Checking of a horizontal demister

D=1m L=3m h=05m Vg=4.000m’/h
Liquid density o, = 995 kg/m*> fg = 0.5
Gas density o5 = 1.2 kg/rn3 Gas viscosity n = 18 * 107° Pa

It is important to check whether the residence time is sufficient.

Available flow velocity wg:

B 4000
0.5 % 12 % 0.785 % 3600

wa =2.83m/s

Allowable flow velocity w,, according to Eq. (11.1d) for a horizontal

gravity demister:
1995
Wallow = 0.12 13 = 3.45m/s

The existing flow velocity wg is less than the allowable velocity wow-
Checking the residence time for L = 3 m.
First the droplet fall velocity must be calculated (see Appendix at the end of this

chapter).
wran = 0.3 m/s for droplets with dgyopiee = 100 pm

h 0.5
trall = =—=1.68
B ok 0.3 °
L 3
tes = — = —— = 1.06
ST 2.83 °

The residence time t, is less than the required falling time fgy;.
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The demister is enlarged from L = 3 m to L = 5 m in order to extend the resi-
dence time.

L=5m
5
=——=1.
tres 783 T7s

tes > tran The residence time is longer than the required falling time.

Figure 11.3 shows the falling or required settling periods for droplet sizes 100,
200, 300, 400, and 500 pm as function of the given droplet falling height in the
demister.

Conclusion:

The required settling periods of the droplets increases with decreasing droplet
diameter and increasing falling height.

Additionally, the residence times ?,.s for demister lengths L =3 mand L = 6 m
are plotted in Fig. 11.3.

The residence times were determined via the allowable flow velocity wajow
according to Eq. (11.1d).

Fig. 11.3 Droplet fall 'y
periods in a horizontal 20
demister as a function of the
falling height
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This makes it clear that in the design, according to Eq. (11.1d), droplets >
100 pm are separated if the separator is 6 m long.

For shorter demisters the allowable flow velocity must be corrected according
to the respective length of the demister.

L
Watow = 2% 0.2 2L 1 (m/s) (11.5)

6 96

Liquid loading

Horizontal demisters are preferably used for higher liquid loadings.
In the dimensioning the required residence time of the liquid 7. in the demister
has to be considered.

_fuxD*xLxn/4

res = i (h) (11.6)

D = demister diameter (m)

L = demister length (m)

fi. = cross sectional part of the liquid stream
Vy. = liquid loading (m*/h)

Example 11.4.2: Calculation of the liquid residence time in a demister

Vi=8m’/h L=4m D=1m fL =05

Sx12%x4%0.7
g = 22 *8 #0785 _ ) 196h = 11.8 min

In the dimensioning of the demister two criteria have to be considered: sufficient
droplet separation and required liquid residence time.

Therefore, both required diameters D for the gas flow and Dg for the liquid
capacity have to be determined.

Starting with the length to diameter ratio L: D = 3 the first estimates of the
required dimensions can be estimated according to the following equations.

Required diameter D¢ for the gas capacity

- Vo 1/2
S |fo * 3600 % waow * 1/4

L
Waitow = = #0.12 % [ 1
6 G

(11.7)
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Required diameter Dy, for the liquid capacity

Tres * VL 13
Dp = |— 11.8
fl [fL * 3 x 1/ 4] ( )
Example 11.4.3: Calculation of the diameter
L
Vi =4m’/h fes = 5 min. fL=05 523

on = 995kg/m’ og = 1.2kg/m*  fg =05
Vo =1000m*/h  wyy = 1.72m/sfor L= 3m

1 1/2
D = 000 =0.64m
0.50 * 3600 % 1.72 * 0.785

5/60x4 \'?
Dp=(—L"""_) =065
m <0.5 ¥ 3% 0.785) m

The determining factor is the liquid capacity —D = 0.656 m.
For the assumed ratio L/D = 3 the demister length results as follows:

L=3%xD=3%x0.656—=2m.

However, the assumed flow velocity of 1.72 m/s is valid for L = 3 m.
Using Eq. (11.5) the allowable gas velocity for L = 2 m can be determined.

L. Io; 2 . /995
allow — ko % 7—1: . ko ok 7—1:11
Wall fo 3 ,/pG 0.5 3 5 5m/s

Due to the lower allowable gas velocity of wyow = 1.15 m/s the diameter
increases according to Eq. (11.7):

Dg = 1000 1/2—078m
¢~ \0.5%3600%1.15%0.785)

Instead of the expensive diameter enlargement the demister length is increased to
L=3m.
Design: D =0.7m L=3m.
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Cross check calculation

B 1000
~ 0.5 %3600 % 0.72 % 0.785
Walow = 1.72m/sforL =3m = wg <Walow

wG =1.44m/s

Checking the residence time:

0.5%0.72%0.785 % 3

fres = : — 0.144h = 8.65 min
Vi 4
_ _ —20.8m/h
Y05« D2 s /4 0.5%0.72%0.785 m/
L
s = — = —> = 0.144h = 8.65 mi
© = W 208 min

The design is OK!

11.5 Selection Criteria and Dimensioning

Recommended design at atmospheric pressure:

Vertical gravity demister: K = 0.04 or 75% of the droplet falling velocity.

Horizontal gravity demister: K = 0.10.
Vertical wire mesh demister: K = 0.106.
Vertical lamella demister: K = 0.12.
Horizontal lamella demister: K = 0.2.
Horizontal wire mesh demister: K = 0.15.

Example 11.5.1: Design of a demister for V¢ = 1000 m*/h
0 = 1.2 kg/m* op = 995 kg/m* 55 =18 * 107° Pa

Vertical demister
(a) Gravity demister:

995 — 1.2
Wallow = 0.04 * T =1.15 m/s

Waes = 0.75 % 1.15 = 0.86m/s — D = 0.64 m

379
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(b) Design for 75% of the falling velocity of a 100 p droplet:

wear = 0.297m/s(see Appendix at the end of this chapter)
Waes = 0.75 * 0.297m/s = 0.22m/s — D = 1.26 m

(c) Design for 75% of the falling velocity of a 200 p droplet:

Wran = 0.65 m/s (see Appendix at the end of this chapter)

Waes = 0.75 * 0.65 = 0.487m/s—D = 0.85m

(d) Wire mesh demister:

Wallow = 0.106 * 28.77 = 3.05 m/s
Waes = 0.75 * 3.05 =2.28m/s —D=0.4m

(e) Vertical lamella demister:

Wallow = 0.12 * 2877 = 3.45m/s
Waes = 0.75 ¥ 345 =2.6m/s —D =0.37m

Horizontal demister

(a) Gravity demister:

Walow = 0.1 * 28.77 = 2.87m/s
Waes = 0.75 * 2.87 =2.16m/s
fo =0.5(50% gas cross section) —D =0.57m

(b) Horizontal lamella demister:

Walow = 0.2 * 28.77 = 5.77 m/s
Waes = 0.75 * 577 =4.3m/s
fo = 0.5(50% gas cross section) —D = 0.4m

(c) Horizontal wire mesh demister:

Walow = 0.15 * 28.77 =431 m/s
Waes = 0.75 * 431 =3.32m/s
f6 =05 —D=046m
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(d) Cross check of the settling time for a gravity demister:

wga = 0.165 * 0.75 = 0, 123 m/s for a 60 um droplet
D =0.6m Fallingheighth =0.3m wyow = 2.16 m/s
h 0.3 L 6
tpa =— =——=2.43 tes =—— =——=2.77
Rl = 0.123 > W 2.16 °

tres > tray—droplets > 60 pm will be separated!

Remark

In the design of horizontal demisters the flow cross section for the liquid flow
section must be subtracted from the total flow cross section.

Advantages of the gravity demisters

No plugging and flooding danger.
No demister installation costs.

Disadvantages of the gravity demisters

Small droplets are not separated.

In vertical demisters the allowable flow velocity is essentially lower than in
demisters with wire mesh or lamella internals.

Due to the low allowable flow velocity the demisters must have larger
diameters.

In pressure vessels the required wall thickness rises proportionally to the
diameter.

Thicker walls make the equipment significantly more expensive because of the
disproportionate weight increase.

Advantages of separator aids

In vertical separators less than 50% of the flow cross sectional area is needed
with a remarkably improved droplet separation. The required smaller separator
diameter reduces the costs of the equipment, especially at higher pressures.

In horizontal separators the gas capacity increases insignificantly in vertical
installations, however, the small droplets are separated. With horizontally
arranged lamella separators higher gas velocities are allowed.

Dimensioning of demisters [5]

Figure 11.4 shows what happens in the dimensioning of demisters in addition to the
calculated required flow cross sections.
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Fig. 11.4 Dimensioning of Gas
demisters *
: /_]_\
1
100-200 mm
HC:;
Hy
Gas —1# I:
Hj
7
He
i

I—.' Liquid

Hy ~ 0.4 * D (min. 300 mm)
H, ~ 0.7 * D (min. 300 mm)
Hy ~ 0.3 * D (min. 300 mm)
Hoas ~ 1.4 * D

Hn ~03-1m

Dimensioning of a vertical separator

Gas Gas

g il
/ s

)

Dimensioning of a horizontal separator

11.6 Droplet Separation at High Pressures [6]

A typical application for demisters operating in the high-pressure sector is the
separation of glycol droplets from natural gas at pressures of 80-200 bar.

A flow diagram of an LTS unit with cooling by Joule-Thomson release, for the
condensation of higher boiling hydrocarbons and water, is shown in Fig. 11.5.
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11.6 Droplet Separation at High Pressures [6]
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In order to avoid pluggages of hydrate formation glycol is dosed and is recov-
ered using demisters.

Often the separated liquid consisting of water, glycol, and hydrocarbons causes
problems due to foaming and formation of emulsions, leading to residence times of
20-30 min being required for the liquid.

The droplet fall velocities at pressures of 40—100 bar are listed in Table 11.1.
The falling velocities are calculated for the following physical data.

0 = 0.8 kg/my;, op = 850 kg/m* mg=15*10"°Pa

Tablg .11‘1 Droplet fall Droplet Falling velocities (m/s) at different pressures
velocities at different size (um) @0 bar) | (60 bar) | (80 bar) | (100 bar)
pressures
40 0.0391 0.0343 0.0312 0.0289
60 0.0622 0.0546 0.0497 0.0459
100 0.1110 0.0979 0.089 0.0824
200 0.246 0.216 0.197 0.182
300 0.391 0.344 0.312 0.289

The dimensioning of separators often is carried out with the so-called “practical
formula”, for instance according to Campbell’s “Gas Conditioning” [6] for gas
throughput.

Vertical separators:

P 1 273 —
0 =13564D% % — %%y [T 79G ()3 1y (11.9)
Py z T el
Horizontal separators:
P 1 273 —
0=3045+D% % — %% " [T 79G ()3 1y (11.10)
Pn z T QG

Q = gas capacity (mx/h)

P = operating pressure (bar)

PN = normal pressure = 1013 bar
z = compressibility

D = separator diameter (m)
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Fig. 11.6 Droplet falling !
velocity and allowable flow J
velocity as a function of the -
pressure in vertical separators 0.25 —
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Vertical separators

Figure 11.6 shows the falling velocities of droplets with 60, 100, 150, and 200 pm
diameters as a function of pressure.

—With increasing pressure the falling velocity of the droplets becomes
smaller!

In the same Fig. 11.6 the calculated allowable flow velocities wyy, for gravity
separators without demisters are drawn, calculated according Eq. (11.1) with
K =0.0335.

Conclusion: In this design only droplets >150 pm are separated.
Horizontal separators

The criterion for the droplet separation is a sufficient residence time for the gas so
that the droplets can settle down when flowing through the separator.

Figure 11.7 shows the required residence times for droplet sizes 20, 40, 60, and
100 um for different falling heights at 80 bar.

In addition, the effective residence time 7. when streaming through a 6 m long
separator is drawn in in Fig. 11.7 whereby the allowable flow velocity, according to
Eq. (11.1) with K = 0.108, has been calculated.
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Conclusion: Only droplets > 60 pm in a 6 m long horizontal separator are

separated!

In comparison to the vertical separator the gas capacity of the horizontal separator is
on the free gas cross sectional area higher.
Also, the droplet separation in a horizontal separator is better.
This shows the following comparison.

P = 80 bar Vertical separator Horizontal separator
Watlow (10/S) 0.121 0.392
Limiting droplet (pm) 150 60
Fig. 11.7 The required tlsec]
residence time for different
droplet sizes as a function of 50 Required time for a 20 um droplet
the falling heights in
horizontal separators w04
o
04
. Required time for a 40 pm droplet
a0
- Required time for 60 pm droplets
e —— Residence time for L= 6 m
10 4 ://’20& Required time for 100 i droplets

0-t= T T

500 600 00
300 00 50

000 dimml Separator diameter

500
700 800 himml Falling height

In horizontal separators the falling height can be considerably shortened by the

installation of parallel plates.

Thereby, the required falling time is reduced and the separation is improved.

h

WFall

TFall =

h = falling height (m)

The required plate spacing A4 is calculated from the available residence time

tavail as follows:
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Fig. 11.8 Required residence times for different droplet sizes and separator lengths as a function
of the falling height

hreq = tavail * WFall (m>

Figure 11.8 shows the residence times in a horizontal separator with 800 mm
diameter and fg = 0.804 for different separation lengths.

Additionally, the required droplet falling times for droplet sizes 20, 40, 60, 100
and 150 pm, as a function of the falling height h, are drawn in Fig. 11.8.

Using this figure the required falling height can be determined.

For instance, by installation of horizontal separation plates with 4 = 200 mm the
separator length can be shortened from 6 to 3 m.

Thereby, the limiting droplet size of 60 pm is reduced to 40 pm so that a better
droplet separation is achieved.

Recommended design at higher pressures.

Vertical separator

Gravity: K = 0.03 until 0.05 or 75% of the droplet falling velocity.
With wire mesh: K = 0.06.
With lamella separator: K = 0.10.

Horizontal separator

Gravity: K = 0.108.
With lamella separator: K = 0.15.
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Example 11.6.1: Design of a demister for 100,000 m3/h natural gas at 100 bar

Voperation = 435.75 m*/h g = 95.24 kg/m® g = 800 kg/m?

Vertical separator

(a) Gravity separator without internals:

800 — 95.24
Wallow = 0.03 * W = 0.0816 m/s

Waes = 0.75 *# 0.0816 = 0.0612 m/s —D = 1.59m

(b) Design for 75% of the falling velocity of a 100 p droplet:
First of all the falling velocities are calculated (see Appendix at the end of this
chapter).

Droplet size (pm) Droplet falling velocity (m/s)
50 0.0323
80 0.0553
90 0.0633
100 0.0714
115 0.0838
120 0.0880
150 0.1135
200 0.1570

Wear = 0.0714 m/s
Waes = 0.75 * 0.0714 = 0.0536 m/s —D =1.7m
(c) Wire mesh separator:
Wallow = 0.06 * 2.722 = 0.163 m/s
Waes = 0.75 ¥ 0.163 =0.122 m/s —D=1.12m
(d) Lamella separator:

Walow = 0.1 * 2.722 = 0.272 m/s
Waes = 0.75 * 0.272 =0.204 m/s —D =0.87m
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Horizontal separator with fg = 50% gas cross section

(a) Gravity separator:
Wallow = 0.108 * 2.722 = 0.2938 m/s wges = 0.75 * 0.2938 = 0.22m/s
fo = 0.5(50% gas cross section) —D = 1.18m
Checking:
Foes = 1.1m*  Fg =0.55m* Fp =0.55m’

435.75

= 055%3600 0.22 m/s Gas velocity

wa
(b) Horizontal lamella separator:

Wallow = 0.15 * 2.722 = 0.408 m/s  wges = 0.75 * 0.408 = 0.306 m/s
fc=05—=D=1m

(c) Check of the settling time for a gravity separator:

Wean = 0.0323 m/s for 50 um droplet  wges = 0.75 * 0.0323 = 0.0242

h=0.6m
0.6
Tpan = m =24.8s
L 6
Tres :W—G:m: 27.3s

The residence time is sufficient for the settling of a 50 p droplet!

(d) Reduction of the settling time by installation of parallel plates with
h =200 mm:

h=02m tgy = 0.2/0.0242 = 8.26's (50 pm droplet)

Allowable flow velocity at L = 3 m:

L 3

6= TFrall 826
f6=05 —D=0.66m

=0.36m/s

As a consequence of installation of a parallel plate package the diameter can be
reduced from 1.2 to 0.7 m and the length from 6 to 4 m!



390 11 Demister Design

11.7 Fog Separation in Fibre Filters or by Droplet
Enlargement

Fog is a disperse distribution of small liquid droplets in a gas phase.

The droplet sizes lie in the range 0.1-5 um. These small droplets cannot be
separated with normal wire mesh separators from the gas stream because the inertia
principle does not hold due to their lack of mass.

The small droplets occur during the shock-cooling of gases with condensation in
the gas phase or with chemical reactions in the gas phase to products whose dew
points are exceeded, for instance, sulfuric, phosphoric, and nitric acid.

Fog formation occurs during condensation of vapour containing inert gas at large
temperature differences between the cooling medium and the inert gas—vapour
mixture, for instance, when cooling solvent containing exhaust gas streams with
vaporizing liquid nitrogen.

The danger of fog formation increases with [7]:

— Lower cooling medium temperature.

— Increasing inlet partial pressure.

— Decreasing diffusion velocity or increasing mole weight.
— Increasing temperature conductivity.

11.7.1 Fog Separation in Fibre Filters

For the separation of very small droplets on fibres Brownian particle movement is
utilized, the back and forth movement of fine components by diffusion.

The diffusion velocity increases with decreasing particle size.

A small particle of 0.1 pm diameter moves 15 times as much as a 5 pm particle.

By strong diffusion the probability that the small droplets collide with a fibre
rises.

In order to give the particles sufficient time to diffuse to the fibres only small
flow velocities of 5-20 cm/s are allowed in diffusion separators.

The calculation of the allowable flow velocities follows, according to
Sect. 11.2.1, Eq. (11.1h).

With increasing flow velocity and increasing fibre diameter the droplet sepa-
ration deteriorates according to the diffusion principle.

When correctly designed, droplets up to 0.5 pum are separated.
Usually fibre filters in candle form are used as a diffusion separator (Fig. 11.9).
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Fig. 11.9 Fog separation in Gas Feed with droplets
fibre filters

3 === Purified Gas outlet

&> Liquid

When streaming through the microfibre tissues the separated liquid droplets in
the fibre package agglomerate and run out downwards.

11.7.2 Droplet Enlargement by Condensation

Very small droplets with diameters <0.5 pm must first of all be enlarged in order to
effect a separation.

Fig. 11.10 Droplet Purified Gas
enlargement by condensation
Gas feed

Demister
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The process is shown in Fig. 11.10.

First, the raw gas stream is saturated with water vapour, for instance in a pre-
ceding column.

The thinest water droplets are then injected into this wet saturated gas stream
which are unstably vaporized due to their high water vapour pressure at their bent
surface areas.

Thereby, zones form with oversaturated water vapour.

As soon as a fog droplet passes through the wet saturated zone, water vapour
condenses on the droplet and enlarges the diameter.

Next, the droplets which are enlarged by condensation stream through a coa-
lescence film and come out with droplet diameters >6 pum.

For the coalescence of small droplets wire mesh or fibre tissue is used, operated
under flooding conditions, meaning the droplets are entrained.

The droplets which are enlarged by condensation and coalescence are separated
from the gas stream using wire mesh and fibre filters.

Appendix: Calculation of the Falling Velocity of Droplets
in Air or Gas

First, the Archimedes number Ar, according to Formulas 11.11 and 11.11a, is
calculated and therefore by using Eqgs. (11.12a) and (11.12c) the Reynolds number
Re is determined.

The falling velocity for the different Reynolds number regions is calculated with
Formula 11.13a to 11.13c. Alternatively, the falling velocity can be calculated
using the Eq. 11.13d for Re >1.

1. Archimedes number Ar

a3 g —
G
Re? - —
ar = R o = pa) (11.11a)
Fr-pg
Fr = Froude number
2. Reynolds number Re
- d-
Re = Pl @G (11.12)
Ul¢;

Because the falling velocity is unknown the Reynolds number has to be
determined using the Archimedes number. The following relationships are
valid for different regions:
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3.1

3.2.

3.3.

34.

Ar

Ar<3.6 Re:l_S (11.12a)

Ar \ /14
3.6<Ar<83000 Re=|(—— (11.12b)

13.9
Ar > 83000 Re = 1.73 xVAr (11.12¢)
Falling velocity wgay,
Re - 7’]G

= 11.13
WFall d-pe (m/s) ( )

For the region Re < 0.2 Stoke’s Law is valid

d*(pr — pG) - & (m/s)

11.13

WFall =

In the region Re = 500 to Re = 150,000 the relationships of Newton are
valid

d - _
W) = 5.48 - M (m/s) (11.13b)
G

In the intermediate region 0.2 < Re < 500 the following equation is valid

o 4 d g.(pp— pg)
Yrall = \/3'c' o (m/s) (11.13¢)

C = 18.5/Re"®

Alternatively, for Re > 1

0.153 .goA71 P IRECN (p —p )0-714
Wrall = P o (m/s) (11.13d)

d = droplet diameter (m)

g = acceleration of gravity (9.81 m?/s)
ng = gas viscosity (mPa)

oG = gas density (kg/m’)

0 = liquid density (kg/m?)
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Example 1 d =0.1mm p; = 1.2kg/m® ng = 0.015mPa pp = 1.000 kg/m>
Checking of the falling velocity using Eq. (11.13c):

4 0.1-1073 9.81-(1000 — 1.2)
=4/=- - =0.32
Wl \/3 10.48 12 0-32m/s
C =18.5/2.575%6 = 10.48
0.6-1073)* . 9.81 - 1.2(1000 — 1.2
ar =t ) 2( ) _ 5226
(15-1076)
) 1/14
Re = <%> =2.575
2.575-15-107°
WEI = 0T 0310 0.32m/s

Example 2: Data as in Example 1, but pg = 0.1 kg/m’

Ar =4.359 Re=0.436

0.436-15-107¢

WEIL= 01102 - 0.1

=0.65m/s

Example 3: Data as in Example 1, but pg = 10 kg/m’

Ar =431.6 Re=11.64

11.64-15-10°°

— 0.17m/s
01 107,10 ~ 017/

WFall =

Conclusion Falling velocity increases with decreasing gas density (in a vacuum)!

Example 4: Check of Example 1 using Eq. (11.13d)

0.153 % 9.81°71 % 0.0001"143 % (1000 — 1.2)*7"
1.20:286 % (15 10_6)0.429

WFall =

WEall = 0.32 m/s
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Example 5: Check of Example 2 using Eq. (11.13¢)
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4 0.1-1073 9.81-(1000 —0.1)
— /= . =0.65
Wral \/3 30.44 0.1 m/s

c=18.5/0.436"° = 30.44

Example 6: Data as in Example 1, but d = 2 mm
2-10%)*.9.81-1.2(1000 — 1.2
Ar = ( ) (2 ) = 418,058
(15-10-9)
Re =1.73-v/418058 = 1118.6
15-10°6
WEall = 1118.6 - m = 7m/S
Check of the falling velocity using Eq. (11.13b):
0.002 - (1000 — 1.2
WFa_]]:5.48'\/ ( ):7m/s
1.2

Check of the Archimedes number using Eq. (11.11a):
Fr = Froude number
Table 11.2 pg = 1.2 kg/m® pg; = 995 kg/m*yg = 0.018 mPa
d (pm) Ar - Re — Wran (M/s)
100 36.1 1.977 0.297
200 288.9 8.73 0.65
300 974.9 20.82 1.04
400 2310.9 38.57 1.44
500 4513.5 62.22 1.87
600 7799.3 91.96 2.29
800 18,487.3 170.34 3.19
1000 36,108 274.8 4.12
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Table 11.3 pg = 0.1 kg/m® pp = 995 kg/m® 5g = 0.018 mPa

d (um) Ar — Re - Wean (/s)
100 3.01 0.167 0.6

200 24.1 1.48 1.33

300 81.3 3.53 2.1

400 192.7 6.54 29

500 376.5 10.55 3.79

600 650.7 15.55 4.67

800 1542 28.89 6.5

Fig. 11.11 Falling velocities
of water droplets in air rat

different gas densities

Results tables

Ar

Fr =

9.04

8.0+

7.0

6.0 4

5.0 1

4.0

Falling velocity (m/s)

3.0

Pn= 995 kg/m’
ng = 18*107% Pas

0.0
0.0

w2

d-g 0002981
1118.6 - (1000 — 1.2)

T
100

72

200 300 400 500 600
Droplet diameter (um)

= 24974

2497.4-1.2

See Tables 11.2 and 11.3; Fig. 11.11.

= 417013
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